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Abstract: This work focuses on thermodynamic analysis of the autothermal reforming of palm
empty fruit bunch (PEFB) bio-oil for the production of hydrogen and syngas. PEFB bio-oil
composition was simulated using bio-oil surrogates generated from a mixture of acetic acid, phenol,
levoglucosan, palmitic acid and furfural. A sensitivity analysis revealed that the hydrogen and syngas
yields were not sensitive to actual bio-oil composition, but were determined by a good match of
molar elemental composition between real bio-oil and surrogate mixture. The maximum hydrogen
yield obtained under constant reaction enthalpy and pressure was about 12 wt% at S/C = 1 and
increased to about 18 wt% at S/C = 4; both yields occurring at equivalence ratio @ of 0.31. The
possibility of generating syngas with varying H, and CO content using autothermal reforming was
analysed and application of this process to fuel cells and Fischer-Tropsch synthesis is discussed.
Using a novel simple modelling methodology, reaction mechanisms were proposed which were able
to account for equilibrium product distribution. It was evident that different combinations of
reactions could be used to obtain the same equilibrium product concentrations. One proposed
reaction mechanism, referred to as the ‘partial oxidation based mechanism’ involved the partial
oxidation reaction of the bio-oil to produce hydrogen, with the extent of steam reforming and water
gas shift reactions varying depending on the amount of oxygen used. Another proposed mechanism,
referred to as the ‘complete oxidation based mechanism’ was represented by thermal decomposition
of about 30% of bio-oil and hydrogen production obtained by decomposition, steam reforming, water
gas shift and carbon gasification reactions. The importance of these mechanisms in assisting in the
eventual choice of catalyst to be used in a real ATR of PEFB bio-oil process was discussed.
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synthesis gas; fuel cells

1. Introduction

The need to find alternative sources of energy to substitute fossil fuel has gained a lot of
attention with increased awareness in the role greenhouse gases play in global warming [1]. These
greenhouse gases, together with other pollutant gases, are produced during the combustion of fossil
fuel and include CO,, SO, and NOy [2]. Biomass, defined as biological material obtained from a
living or recently living organism, is being considered as a substitute to fossil fuel since it is
abundant and can be readily accessed and processed sustainably. Though the combustion of
biomass/biofuel generates COo, it is considered a near-neutral carbon process since the CO; released
during combustion is in part the same CO, absorbed by plants when synthesizing carbohydrates
during photosynthesis [3]. However, fossil CO, emissions may occur during soil conditioning by use
of synthetic fertilizers, and also during transportation and storage when using conventional vehicles
and equipment for biomass production and processing. One other major drawback with the use of
fossil fuel is that it is a finite source of energy and existing world reserves are known to be depleting
fast as a result of increase in world demand [2-5]. Due to its complex organic nature, biomass can
serve as feedstock, either directly or indirectly after processing, for the production of multiple
bio-based chemical products [6,7]. Biomass can be valorised by thermochemical conversion into
bio-oil which is a dark brown, polar, high-density and viscous organic liquid containing a complex
mixture of oxygenated compounds such as sugars, carboxylic acids, phenols, esters, ketones,
aldehydes and benzenoids [8-10]. Palm empty fruit bunch (PEFB) is obtained after oil extraction at
palm oil mills. It is estimated that for every tonne (t) of palm oil produced from a fresh fruit bunch,
approximately 1 t of PEFB is produced [11].

Bio-oil can be produced by fast/flash pyrolysis, slow pyrolysis and solvolysis of solid biomass
feedstock [12]. Pyrolysis is the thermal decomposition of biomass in the absence of oxygen (or in the
presence of a limited amount of oxygen) at temperatures ranging from 400 °C to 600 °C [13]. Many
studies have been carried out to understand the thermochemical conversion of biomass into bio-oil
(also called pyrolysis oil) with authors focusing on process parameters such as pre-treatment of
biomass, particle size of feedstock, reaction temperature, reactor type, choice of catalyst and reaction
time. Depending on process conditions and the presence or absence of catalyst, bio-oil yield from
PEFB can range from 30-70 wt% of the solid feedstock, with non-condensable gases and solid char
formed as co-products [14-17]. In a study carried out by Mantilla et al. [9], PEFB pyrolysis
experiments were conducted in a fixed-bed reactor at temperatures 460-600 °C, gas residence time
16-80 s and particle size <0.5 mm, as well as 0.5-1.4 mm. The maximum yield of bio-oil of 48.4 wt%
was obtained at a temperature 540 °C, gas residence time of 31 s and particle size <0.5 mm. Their
study concluded that temperature was the most significant parameter, of the three considered, in
determining the bio-oil yield. Abdullah et al. [18], studied the fast pyrolysis of PEFB using a
fluidised bed system for which the reactor temperature was varied from 400 to 600 °C, the residence
time between 0.79-1.32 s, and particle size diameters (with corresponding ash content) were
<150 pm (8.49%), 150-250 um (7.46%), 250-300 pm (6.70%) and 355-500 um (4.83%). They
obtained optimun bio-oil yields at a pyrolysis temperature of 450 °C, retention time of 1.02 s and for
the particle size 355-500 um with the lowest ash content. The somewhat high ash content of PEFB
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(rich in potassium) particularly reduces the yield in bio-oil resulting in the need for pre-treatment
options before pyrolysis. Abdullah & Gerhauser [14] were able to demonstrate that by washing
PEFB feedstock with distilled water before pyrolysis, the yield in bio-oil (organic phase) obtained
rose to 61.3 wt% which was significantly higher than that obtained for the unwashed PEFB of
34.7 wt%. Solvolysis, or hydrothermal liquefaction, is the use of highly pressurised solvent
(pressure > critical pressure of solvent) such as water, methanol, ethanol or mixture of water and
organic solvent to cause the decomposition of biomass to yield bio-oil at mild temperatures, usually
<400 °C [11,19]. A few studies have been carried out to determine the influence of different solvent
and catalyst on the production of bio-oil by solvolysis of PEFB. Akhtar et al. [20], investigated the
effect of different catalysts such as NaOH, KOH and K,CO3; on PEFB solvolysis with water as
solvent. The highest bio-oil yield of about 67 wt% was obtained with K,CO; catalyst with a
concentration of 1 M. Table 1 presents a summary of some selected PEFB bio-oil composition
published by various authors.

Table 1. Summary of PEFB bio-oil composition obtained in literature.

[15] [16] [18] [21] [22] [23]

Pyrolysis temperature (°C) 480 500 600
Reactor Fluidised  Fluidised Fluidised Kiln
Moisture 7.9 0 790 18.74 24.30 5.2
Proximate analysis (%)

Volatile matter 84.3

Fixed carbon 11.3

Ash 0.65 2.43 0.1

Solids
Ultimate analysis (%)
C 69.35 58.65 69.35 49.80 45.23 68.26
H 9.61 7.02 961  7.98 6.53 8.02
o) 20.02 30.14 20.02 40.29 47.03 21.57
N 0.74 2.74 0.74 1.93 85x10° 2.02
S <0.1 0.0611 0.03
H/C molar ratio 1.436 1.92 1.41
O/C molar ratio 0.39 0.61 0.24
HHV (MJ kg™) 36.06 24.9 36.06 21.41 19.8 31.44
LHV (MJ kg ) 18.4
TAN KOH (mg kg ™) 110 76 102.9
pH 3 3.6

The quality of bio-oil obtained depends on the type of biomass used and the severity of process
parameters such as temperature, gas residence time and heating rate [24]. Bio-oil can be directly used
as fuel in boilers or gas turbines or subsequently upgraded to produce automobile fuels and bulk
chemicals using several methods such as zeolite catalytic cracking, hydrogenation, and aqueous
phase processing [25].

Synthesis gas (syngas) can be produced from hydrocarbons by either reforming or partial
oxidation. The most widely used process is the steam reforming of methane carried out in tubular
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reactors. Steam reforming (SR) is an endothermic process causing it to be very energy intensive.
Reformers are designed to optimize heat exchange and recovery leading to huge capital
investments [26-28]. The SR of methane for example, is carried out at pressures of 1.4—4.0 MPa and
temperatures ranging between 750-900 °C [29]. A number of thermodynamic and experimental
studies have been performed on the SR of oxygenated organic compounds (oxygenates) in general
and bio-oil in particular [5,30-34]. The general equation for the SR of oxygenates is given by
reaction 1. This is an endothermic reaction and the amount of heat required depends on the value of
the coefficients n,m and k. More hydrogen is produced subsequently via the water gas shift (WGS)
reaction as CO reacts with water (reaction 2).

C,H,,0x + (n —k) H,0 » nCO+ (2n+m — 2k)/2H, 1
CO+H,0 S CO,+ H, AHSys = —41k]/mol of CO 2

It is noteworthy that, given its mild exothermicity, the WGS reaction is favoured at
temperatures well below those used for SR and so, if a single reactor is to be used under isothermal
conditions, an optimum temperature has to be selected for which both reactions combine to give
maximum hydrogen yield. Otherwise, maximum yields are obtained using separate reactors operated
at high and low temperatures respectively [35,36]. Partial oxidation (POX) involves the use of
sub-stoichiometric combustion oxygen to produced synthesis gas from hydrocarbons. It can be
operated either thermally or catalytically but the overall hydrogen yield is lower than that obtained
for SR due to the absence of steam as an extra source of hydrogen and because some hydrogen
oxidizes to form water [37]. POX is exothermic and can appear to produce syngas at a lower cost
since SR requires energy to sustain the endothermic SR reaction and generate steam [38]. The POX
of oxygenates is given in reaction 3. The amount of energy released by this reaction depends on the
particular oxygenated feedstock. The amount of oxygen used is very critical during POX as the use
of stoichiometric oxygen will lead to complete oxidation (COX-reaction 4).

C,H,,0, + (n/2—k/2)0, > (m/2)H, + nCO 3
CoH, 0, + (n+m/4 —k/2)0, - (m/2)H,0 + nCO, 4

Autothermal reforming (ATR) is a process that uses steam and oxygen to produce synthesis gas.
ATR reactors are designed to couple endothermic SR with exothermic POX so as to obtain a
thermoneutral (adiabatic) or slightly exothermic process [39-41]. This coupling helps to reduce the
overall cost of the synthesis gas produced compared to SR and also achieves a higher hydrogen yield
compared to pure POX process [42,43]. ATR systems in which both partial oxidation and steam
reforming reactions occur in a single catalytic bed are mostly useful for fuel cell applications. Those
which have a separate burner for complete oxidation (combustion zone) followed by a catalytic bed
for steam reforming are ideal for gas to liquid applications [44]. The overall reaction occurring
during the ATR of bio-oil (or any oxygenated fuel) can be written as shown in reaction 5 [45].

C,H,,0, + a0, + bH,0 - cH, + dCO + eCO, + fCH, 5

The stoichiometric coefficients c, d, e, and f depend on the amount of oxygen and steam (a and
b) and also on temperature and extent of side reactions [31]. Some important side reactions which
may occur together with SR, POX, WGS and COX include:
Decomposition:
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CoHnO0, — kCO + m/2H, + (n—k)C
Methanation of carbon:
C + 2H, & CH, AHYys = =75 kJ /mol of C

Boudouard reaction:

200 5 CO, + C AHZys = —86 kJ/mol of CO
Gasification:
C + H,0 & CO + H, AHYy = 131 kJ/mol of C
C+ %0, & CO AHSYyg = —110 kJ/mol of C

Methane dry reforming:
CH, + CO, & 2C0 + 2H, AHSyg = 247 kJ /mol of CH,

Unlike methane and other fossil fuels, the use of bio-oils as feedstock to generate hydrogen (or
synthesis gas) presents some tough challenges because of their very heterogeneous composition and
thermal instability [10,31,46]. The main challenge is the formation of coke due to dehydration and
polymerisation reactions which can be mitigated by using excess steam, bio-oil blending and
appropriate catalyst choice [38,47]. Czernik and French [37] performed ATR of oak, poplar and pine
bio-oils using 0.5% Pt/Al,O3 catalyst. They were able to produce 9-11 g of H, per 100 g of bio-oil
(corresponding to 70 to 83% of stoichiometric potential) while varying temperature 800-850 °C,
steam to carbon ratio 2.8-4.0 and oxygen to carbon ratio 0.9-1.1. Problems with volatility lead to the
11%-30% of bio-oil carbon forming deposits in the evaporator.

In order to optimise the ATR of bio-oil, it is important that the contributions of participating
reactions in determining equilibrium product concentrations are known, bearing in mind the
additional complexity stemming from using bio-oil as a feedstock. To the authors’ knowledge, no
work has been published on this aspect of bio-oil ATR reforming and this work is an attempt to
contribute to this knowledge gap.

2. Materials and Method
2.1. Bio-oil composition generation

Due to the enormous variability in chemical composition that exists among bio-oils produced
from different biomass sources [48], most thermodynamic equilibrium simulations have been carried
out with the use of model compounds to simulate bio-oil feedstock in SR, POX, and ATR studies.
Among these model compounds, acetic acid has received the most attention [49-51]. Other
compounds such as cresol, acetone and ethylene glycol have also been used [31,47,52]. Even when
the same biomass feedstock is used, variations in process parameters lead to different bio-oil
compositions. Sukiran et al. [21] studied the effects of pyrolysis temperatures, particle sizes and
heating rates on the yield of bio-oil from PEFB. They found significant differences in the bio-oil
obtained when these process parameters were varied in the following ranges: temperature
300-700 °C, heating rate 10100 °C min™*, particle size <90, 91-106, 107—125 and 126-250 pum.
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Using information from existing literature, the moisture free (mf) elemental compositions of
some PEFB bio-oils were determined. The results are summarized in Table 2. Mean elemental
compositions were determined excluding the results from [22] due to the low H/C ratio and high O/C
ratio reported.

Table 2. Moisture free (mf) PEFB bio-oil elemental composition (mole fractions).

Author C H O N H/C O/C

[22] 0.4099 0.4137 0.1730 0.0001  1.0092 0.4220
[21] 0.3575 0.5032 0.1274 0.0119 1.4076 0.3565
[16] 0.3506 0.5001 0.1353 0.0140 1.4262 0.3858
[18] 0.3780 0.5654  0.0531 0.0035  1.4955 0.1406
[23] 0.3983 0.5173 0.0743 0.0101 1.2988 0.1865
[15] 0.3774 0.5659 0.0531 0.0035  1.4995 0.1407
Mean Elemental composition 0.3724 0.5304 0.0886 1.4243 0.2381

The mean over five mf elemental compositions obtained for PEFB bio-oil was
Co.3724H0530400.0886 TOr which the nitrogen content was neglected. Acetic acid, phenol, levoglucosan,
palmitic acid and furfural were selected as representative compounds found in PEFB bio-oil, since
their presence in PEFB bio-oil has been repeatedly detected in significant amounts via GC-MS
semi-quantitative analyses [9,53,54]. Other authors have performed thermodynamic analysis of
complex mixtures by using mixtures of simpler compounds with the same molar elemental
compositions. Zin et al. [55] used mixtures of acetic acid, levoglucosan, vanillin and furanone to
perform the thermodynamic analysis of pine bio-oil aqueous fraction steam reforming. Hanika et
al. [56] used a mixture of glucose, vanillin, n-butyl-stearate, methionine and tri-ethyl-phosphate as
representative compounds to simulate the partial oxidation of rape meal. Table 3 gives the physical
properties of acetic acid, phenol, levoglucosan, palmitic acid and furfural.

Table 3. Physical properties of model compounds found in PEFB bio-oil.

Properties Acetic Phenol Levoglucosan Palmitic acid Furfural
acid

Molecular formula CoH405 CeHeO CeH1005 C16H320, CsH40,

Heat of formation (gas) —433 -95 —730 —149.6

(kJ/mol)

Heat of combustion (liquid) —874 —3058 (solid) —2832 (solid) —9977 —2339

(kJ/mol)

Melting point (K) 289 314 455 336 237

Boiling point (K) 391 455 657 624 435

Flash point (K) 313 352 459 386 335

Density (g cm ™) 1.043 1.0545@45 °C  1.688 0.8527@62 °C  1.155

Using the Solver function in Microsoft® Office Excel 2013 (MS Excel), it was possible to
generate five PEFB bio-oil surrogates with similar elemental composition by considering different
mixtures of the five representative compounds mentioned above. The Solver function has been
demonstrated by other authors to be a very versatile and useful tool in performing chemical
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engineering calculation [57,58]. The bio-oil surrogates were numbered BOS1-5. The relative error on
the elemental composition for the different surrogates was less than 2% when compared to the mean
elemental composition (see Table 4).

Table 4. Model PEFB bio-oils obtained using different combinations of acetic acid,
phenol, levoglucosan, palmitic acid and furfural. Target composition:

Co.3724H0.530400 088s.

BOS1 BOS2 BOS3 BOS4 BOS5
Name mol (%) mol (%) mol (%) mol (%) mol (%)
Acetic acid 12.2 23.2 0.0 0.3 0.0
Phenol 35.1 45.2 36.0 65.3 12.2
Levoglucosan 2.2 0.3 8.6 16.4 0.0
Palmitic acid 20.0 16.3 21.6 17.5 25.5
Furfural 30.5 15.0 33.8 0.5 62.2
TOTAL 100.0 100.0 100.0 100.0 100.0
C 0.3724 0.3724 0.3724 0.3724 0.3740
H 0.5390* 0.5390* 0.5372 0.5390* 0.5374*
@) 0.0886 0.0886 0.0904* 0.0886 0.0886
Maximum relative error* (%) 1.6 1.6 2 1.3 1.3

* For a given surrogate, only the maximum elemental relative error, when compared to the average value, is shown. For
BOS1, 2, 4 and 5, error shown for H, for BOS3, error shown for O.

2.2. Solution method of CEA

Chemical Equilibrium with Applications (CEA) software developed by National Aeronautics
and Space Administration (NASA) was used to perform thermodynamic equilibrium simulations.
The software determines the equilibrium properties of a reaction mixture by using the Gibbs
free-energy-minimisation method based on a known pool of reactant and species, and user defined
initial composition, temperature and pressure [59]. This method takes into consideration the fact that
the total Gibbs free energy of a reacting system reaches a minimum at equilibrium when varying the
mixture composition at constant pressure and temperature.

For a given mixture with a number K of species, the Gibbs free energy can be written as:

G= Z%(zl “ini 6

where G is the Gibbs free energy, u; is the chemical potential of species i and n; the number of
moles of species i. The condition of equilibrium is the minimisation of G. In order to find the n; that
minimize the value of G, it is necessary that the values of n; satisfy certain constraints, one of which
is the elemental mass balance given by

K [o R
i=1 ajini - b] =0 7

or
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bj— b =0 G=1,....M) 8

where a;; are the number of gram atoms of element j per gram mole of species i and b} is the
number of gram atoms of element j in the reaction mixture.
Using Lagrangian multipliers, G can be written as

where A; are Lagrangian multipliers and g the Gibbs free energy per gram of reaction mixture.
Based on these equations, the condition for equilibrium can be expressed as:

G = XX, nAG? + RT XX njlny; + RT XX n;InP 10

where AG? is the standard Gibbs free energy of formation of species i, R is the universal gas
constant, T is the tmperature in Kelvin, y; is the mole fraction of species i, and P is the total
pressure.

The thermodynamic state for which the equilibrium composition is determined has to be
specified by two intensive properties which, in principle, can be any combination of: temperature (T),
pressure (P), specific enthalpy (h), specific entropy (s) and specific volume (v). In CEA, the “tp”
setting is used for constant temperature and pressure processes, and the “hp” setting is used for
constant pressure and enthalpy (adiabatic) processes. To solve equation 10, an iteration procedure is
used with the Newton-Raphson method applied to solve for corrections to the initial estimates for
composition, n;, Lagrangian multipliers, moles of gaseous species and (when required) temperature,
T [59].

All inputs into the CEA software were based on a bio-oil feedstock carbon number of 1500
(user-chosen arbitrarily). This carbon number was also used to calculate the amount of water and
oxygen needed for ATR based on the desired steam to carbon ratio (S/C) and amount of oxygen
expressed as the equivalence ratio, @, as used to describe oxy-combustion processes (actual O, to
fuel molar ratio divided by stoichiometric combustion O, to fuel molar ratio). All temperatures were
entered in Kelvin (K) and pressures in atmosphere (atm).

Thermodynamic simulation executed in CEA generates an output file containing all relevant
thermodynamic properties and an equilibrium composition in mole fractions. To obtain the molar
yields of equilibrium products, the mole fractions were converted to moles using a carbon balance.
The total number of moles at equilibrium was determined using equation 11.

total moles = L 11
i=1 Ci%i
where n, is the initial (input) moles of carbon in the feed which in this case is equal to the chosen
carbon number of 1500, j is the number of carbon containing species at equilibrium, and ¢; and X;
are the carbon number and mole fraction respectively of the species i considered. Once the total
moles of equilibrium species was determined, the equilibrium yields n; of each species present
were calculated using equation 12.

n; = x; X total moles 12
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For each set of process condition considered, the overall performance was evaluated using
critical factors such as hydrogen yield (Yy,, in wt% of the mf feed), and the percentage selectivity (X;)
to CH,4, CO and CO;, (see equations 13-16).

__ mass of Hpat equilibrium

YH2 " initial mass of bio—oil x 100 13
XCH4 - total molesn:)(;l:lsl :Zrcbl-(l); products X100 14
XCO - total molesrzszlsc(;frf)gn products x 100 15
Xcoz _ moles of CO, 100 16

total moles of all carbon products

2.3. Modelling the global reactions of bio-oil ATR

It has been established in existing literature that several reactions are involved when biofuels (or
organic fuels in general) undergo reforming to produce H, or syngas [10,60-62]. In order to
eventually optimise the ATR of bio-oil, it is helpful to devise a tool that can be used to predict the
contribution of the different participating reactions. The CEA software determines equilibrium
composition by applying numerical techniques which are independent of the actual reaction
mechanisms taking place. To determine possible reaction mechanisms, different sets of reactions
where proposed and then tested to see how well they could fit the equilibrium yields obtained using
CEA. Mechanism testing was performed algebraically using the Solver function in MS Excel. A
mechanism was accepted as correct if predicted equilibrium concentrations with the proposed
mechanism were close to actual equilibrium concentrations for all species with a relative percent
error less than or equal to 1%.

As an example, suppose we propose a mechanism for ATR of bio-oil for which only three
reactions, POX, SR, and WGS are assumed to occur. The following equations can be written for
BOS1:

Co.3724Ho 5390 00,0886 + 0.14190, — 0.3724C0 + 0.2695H,
Co.3724Ho.539000.0886 + 0.2838H,0 — 0.3724C0 + 0.5533H,
CO + H, - CO, + H,

Let the moles of BOS1 (ngps;) consumed by POX and SR reactions be npoy and ngg
respectively; and ny,;s the moles of carbon monoxide (CO) consumed by the WGS reaction. The
general material balance equation for a particular species can be written as:

Input + Generation — Consumption = Qutput + Accumulation 17

Given that the calculations are performed for a system at equilibrium there is no accumulation
term and the other terms will depend on the particular chemical species considered. Applying
equation 17 to our example, we can write the following equations to predict equilibrium
concentration (in moles) of the chemical compounds involved:
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Neo = 0.3724nppx + 0.3724ng, — nyygs 18
Nco, = Nwgs 19
ny, = 0.2695np0x + 0.5533n5g + nyygs 20
Npos1 = Npox T Nsr 21

The number of predicted chemical species has to be equal to the number of equations in order
for system to produce a unique solution. This system consisting of 4 equations and 4 unknowns is
entered in Excel such that

0.3724 0.3724 -1 Npox Nco
0 0 1 ner | = Nco,
0.2695 0.5533 1 n Ny,
1 1 0 wes Nposi1

By substituting random values for npoyx, ngg, and nygs it is possible to generate estimated
equilibrium yields of CO, CO, and H, corresponding to an input moles of bio-oil (i.e.
Nco,Nco, N, aNd Mposy ). These calculated values are then compared to the actual (desired)
equilibrium concentration values and an error between both sets of values calculated. A solution is
accepted if the errors for each species are below 1%, and the combined sum of errors is also below 5%.

Using the ATR equilibrium data generated by the CEA software, different combinations of
reactions shown in Table 5 where tested using the methodology described above. Any number of the
reactions given in Table 5 can occur during ATR of bio-oil. An acceptable mechanism should be
able to account for all chemical species present at equilibrium and must contain equations which
account for the following processes: bio-oil degradation, oxygen consumption, steam consumption,
carbon formation, methane formation, carbon removal and methane removal.

Table 5. List of all reactions considered during bio-oil ATR mechanism modelling.

Name Abbreviation  Reaction
1  Partial oxidation POX CnHmOk+(n—k)/20,—>nCO+m/2H,
2  Complete oxidation COX CnHmOk+(n+m/4—k/2)O,—~>nCO,+m/2H,0
3 Steam reforming SR CnHmOk+(n—k)H,O—nCO+(2n+m—2k)/2H,
4 Decomposition DEC CnHmOk—kCO+m/2H; +(n—k)C
5  Water gas shift* WGS CO+H,0-~COz+H;
6 Boudouard reaction BO-RX 2CO—-CO,+C
7 Methanation of C MEN C(s+2H,—>CH,
8  Carbon gasification 1 C-GS1 C(stH.0—>CO+H,
9  Carbon gasification 2 C-GS2 C() +0.50,—CO
10 Methane steam reforming ME-SR CH;+H,0—>CO+3H;
11 Carbon monoxide oxidation =~ CO-OX CO+0.50,—»CO0O,
12 Hydrogen oxidation H-OX H2+0.50,—H,0

* The reverse of the water gas shift reaction (R-WGS) was used in some cases
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3. Results and Discussions
3.1. Sensitivity analysis and product distribution

The influence of bio-oil chemical composition on hydrogen yield was investigated. ATR was
performed on the five bio-oil surrogates considered in this study by varying S/C ratio and amount of
oxygen. The amount of oxygen used during ATR was expressed in terms of the equivalence ratio, @,
which in this case was defined as the ratio of actual moles of oxygen/moles of carbon present in the
reaction mixture to the stoichiometric moles of oxygen/moles of carbon needed for complete
oxidation (COX) of the bio-oil feedstock. This is written mathematically as

_ Actual moles of 0, /moles ofcarbon in bio—oil 29

" Stoichiometric moles of Oy,needed for COX/moles ofcarbon in bio—oil

The equivalence ratio was preferred over the more traditional O,/C ratio because it highlights
the relative amount of oxygen in the system and indicates how far off the system is from complete
oxidation (combustion). By dividing the moles of oxygen needed for the stoichiometric partial
oxidation of the bio-oil with that needed for its stoichiometric complete oxidation (see reaction 3
and 4) we can define the special value of equivalence ratio for stoichiometric partial oxidation, ®p,x
(equation 23).

=

n—

Stoichiometric moles of O;needed for POX/moles of carbon in bio—oil __

23

Dpox =

NEIN
N | &

Stoichiometric moles of O,needed for COX /moles ofcarbon in bio—oil - n+

®pox Was equal to 0.31 for all five bio-oil surrogates. Other equivalence ratios used in this study
were obtained by considering 50%, 150%, and 200% of this value. Therefore for a given S/C ratio,
the equivalence ratio considered were @ = 0.15, 0.31 (®pox), 46, and 0.61 (corresponding to molar
0,/C 0f 0.19, 0.38, 0.57, and 0.76).

For all five bio-oil surrogates, equilibrium hydrogen yield and product concentrations were
similar for all ATR equilibrium conditions examined. The maximum standard error obtained when
comparing mean hydrogen yields from all five bio-oil surrogates was 0.324, corresponding to a
percent error of 3.1%. This was obtained for S/C ratio = 4 and @ = 0.15 (Figure 1). This implies
that equilibrium product distribution is insensitive to exact bio-oil composition. The minimal
variations in mean hydrogen yield observed were due to the slight difference in elemental
composition among the bio-oil surrogate mixtures.

The bio-oil surrogate mixtures all undergo similar reactions when subjected to the same
oxidizing conditions. Zin et al. [55] also found that chemical equilibrium products from the SR of
different mixtures of simulated aqueous fraction of pine bio-oil were the same. Table 6 shows mean
equilibrium temperatures and their standard deviations obtained during the ATR of the five bio-oil
surrogate mixtures. The equilibrium temperatures are almost equal for similar conditions of steam
and oxygen with the maximum percent error of 1.6% obtained for S/C =1 and & = 0.30. This
provided further evidence that ATR proceeds with a similar mechanism for all bio-oil surrogates and
the equilibrium product composition depends on the final equilibrium (exit) temperature.
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Equivalence ratio, @ Equivalence ratio, @ Equivalence ratio, @ Equivalence ratio, @
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Figure 1. Mean hydrogen yield (BOS1-5) and standard error for &(0.15-0.61) and
SIC (1-4).

Table 6. Mean temperatures (K) and standard deviations obtained during ATR of
the five bio-oil surrogates (BOS1-5) considered in this study.

Equivalence ratio, @ S/C =1 SIC=2 SIC=3 SIC=4
&, =0.15 874 +4 804 +4 755 +4 715+4
®, ~0.31 1204 + 19 1043 +£13 942 + 10 871+7
®; ~0.46 1963 + 19 1587 + 14 1370 + 11 1225+9
®, =0.61 2521 +12 2079 + 13 1773 £ 11 1566 + 9

At constant S/C ratio, increasing the amount of oxygen (equivalence ratio) causes the
exothermic oxidation reaction to become more favourable leading to an overall increase in the
temperature of the system. On the other hand, increasing S/C ratio at constant @ reduces the
equilibrium temperature due to the high heat capacity of water which absorbs some of the
surrounding heat without causing a temperature increase.

Figure 2a shows the influence of the S/C ratio on the equilibrium hydrogen yield for the ATR of
BOS2. BOS2 was used to discuss all remaining results because its composition is more realistic
when compared to that of bio-oils found in published literature. As expected, the amount of
equilibrium hydrogen increased with increase in S/C ratio. The maximum hydrogen yield obtained
was about 12 wt% at S/C = 1 and increased to about 18wt% at S/C = 4. This was due primarily to
increase in water gas shift reaction which shifts to the right (towards forming more products) as more
steam is introduced in the system.

For all S/C ratios, the maximum hydrogen yield was obtained at values of @ close to ®p,x
(0.31) that is, when the amount of oxygen in the system was close to that needed for stoichiometric
partial oxidation. A closer look (Figure 2b) reveals that at low S/C ratios (1 and 2), the maximum
hydrogen yields occurred at equivalence ratio lower than ®p,x (@ = 0.27) but attained this value
at S/IC = 4. &, is therefore an important parameter that can be used to determine the amount of
oxygen to use during ATR in order to achieve maximum hydrogen yield.
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3.2. Selectivity to carbon containing products

The influence of S/C ratio and amount of oxygen on the selectivity to carbon containing
products is shown in Figure 3. Overall, as more steam is added, the product gas becomes
increasingly rich in CO,. In Figure 3a, solid carbon (in the form of graphite), CH4, COzand CO are
all present at the lowest equivalence ratio considered in this study. The presence of carbon and
methane is an indication of possible bio-oil thermal decomposition and Boudouard reaction. Both
reactions are known to occur under oxidant deficient conditions [47]. As more oxygen is added,
carbon and CH, essentially become negligible and CO remains as the major product.

The decrease in carbon and CH, concentrations observed between ¢ = 0.15 and 0.30
(Figure 3a) is due to carbon gasification and methane steam reforming respectively (reaction 8 and 10
on Table 5). Both reactions directly contribute in increasing the H, concentration and CO selectivity.
The high CO content indicates that virtually no water gas shift reaction takes place under this process
condition. The decrease in CO, concentration that occurs between @ = 0.3 and 0.45 is due to the
reverse water gas shift reaction which become favorable at high temperatures (1204-1963 K). The
slight increase in CO, observed @ > 0.45 is due to the bio-oil undergoing combustion (complete
oxidation) producing CO, and H,0. The same trends as just explained hold for Figure 3b—d. The main
difference being that as the S/C ratio is increased to 2, 3, and 4 respectively, the water gas shift reaction
becomes increasingly prominent, converting most of the CO in the system to CO..

3.3. Synthesis gas composition

Hydrogen or synthesis gas can be used as a primary feedstock in fuel cells or as feed for
downstream chemical synthesis. Depending on the end use of the synthesis gas produced, the ATR
process can be operated by choosing appropriate values for S/C ratio and amount of oxygen (&) to
give a desired synthesis gas composition [63].
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3.3.1.  Fuel cell feed

Fuel cells are electrochemical devices which convert the chemical energy of a chemical reaction
directly into electrical and thermal energy [64]. Generally speaking, there are five types of hydrogen
fuel cells divided into two main categories: low-temperature fuel cells and high-temperature fuel
cells. The low-temperature fuel cells such as polymer electrolyte membrane fuel cell (PEMFC),
alkaline fuel cell (AFC), and phosphoric acid fuel cell (PAFC) operate at temperatures ranging
between 370-473 K and use hydrogen as their only fuel source with very little tolerance for CO
(<20 ppm for PEMFC) [43,65]. For such fuel cells, the output gas from an autothermal reformer will
have to be purified and all CO,, CO and unreacted feedstock removed to give an essentially pure
hydrogen stream. To reduce the cost of the downstream purification, the ATR process will have to be
operated under conditions of maximum hydrogen vyield for a given S/C ratio and amount of oxygen
(see Figure 2). Purification can then be achieved by using CO; absorbent, pressure swing adsorption
systems and catalytic preferential oxidation [43,66].

The high-temperature fuel cells include molten carbonate fuel cell (MCFC) and sulphur oxide
fuel cell (SOFC). These fuel cells operate at much higher temperatures ranging between 923-1273 K
and show more flexibility in feedstock and catalyst requirements [64]. For these fuel cells, hydrogen
competes with CO and even CH, as fuel source making the combined H,+CO from ATR an
important parameter. Figure 4 shows the influence of @ and S/C ratio on total H,+CO yield.
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The maximum total H,+CO reduces as the S/C ratio is increased from 1 to 4. This happens
because the formation of CH4 becomes favorable at high S/C ratios and @ < ®@p,x (Figure 3). In
the absence of methanation, the total H,+CO remains the same (& > 0.33) due the equal mole to
mole ratio between H, and CO as one mole of CO converted to CO, via the water gas shift reaction
gives one mole of Hy. Irrespective of the S/C ratio chosen, optimal yield for H,+CO is obtained at
equivalence ratio approximately equal to @p .

3.3.2.  Chemical synthesis feed

Synthesis gas is an important intermediate in the production of several important chemicals such
as methanol, dimethyl ether (DME), ammonia and liquid fuels (via gas-to-liquid ‘GTL’ processes).
These processes rely either on direct combination of reactants or Fischer-Tropsch (FT) chemistry and
have different requirements in the amounts of H,, CO and CO; in synthesis gas. A key parameter for
such processes is the H,/CO ratio whose variation for the ATR of PEFB is shown in Figure 5.
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Figure 5. Plot of S/C ratio versus H,/CO ratio at different values of @ during ATR
of BOS2. Equilibrium simulation carried out at 1 atm. The maximum H,/CO ratio
shown is 10.
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Gas-to-liquid (GTL) Fischer-Tropsch processes for which only H, and CO are reactants require
a Hy/CO = 2 [36,67]. The synthesis gas in this case can be produced from an autothermal reformer
operating with a S/C ratio between 1 and 2 and @ < @®p,,x (Figure 5). Synthesis of higher alcohols
require H,/CO = 1 [35]. In this case ATR can be performed at a low S/C ratio (S/C < 1) and
equivalence ratio slightly larger than the value required for stoichiometric partial oxidation, that is,
@ > @pyx SO as to avoid any carbon formation (Figure 3a). Hp, CO and CO, are all reactants in
methanol, dimethyl ether and high temperature Fischer-Tropsch synthesis [68]. For such processes,
the synthesis gas is made to have the same stoichiometry as the final product with its composition
expressed as shown in equation 24.

__ Hy—-CO,

= 24
C0+CO,

M is called the module and is equal to 2 for methanol and dimethyl ether synthesis [35,68]. For ATR,
this value of M can only be obtained either by addition of H, or removal of CO,. For BOS2 used in
this study, the maximum value of M was 0.7 obtained at @ = @,y for all S/C ratios examined.
The explanations given in this section are simplified and meant to serve as a guide only. The
eventual choice in process parameters will depend on other important factors like process scale and
amount of product recycle [35,69].

3.4. Reaction mechanism

The advantage of using the Gibbs minimization energy is that a very large pool of chemical
species is used to determine eventual equilibrium composition. The alternative will be to assume the
prevailing reactions under the given process conditions and then use their equilibrium constants to
determine equilibrium concentrations. The limitation of the latter is that fewer numbers of reactions
and potential products are considered, compared to the number of species used by the Gibbs
minimization method. Two main types of mechanisms were successful in accounting for equilibrium
species obtained by the CEA software in the ATR of PEFB bio-oil. The results presented are those
obtained from using BOS2 as feedstock. Similar results were obtained for all five bio-oil surrogates
considered in this study. All reactions in this section are identified using the reaction nomenclature
introduced in Table 5.

3.4.1. Partial oxidation (POX) based mechanism

The reactions considered for this mechanism were: bio-oil partial oxidation (POX), bio-oil steam
reforming (SR), water gas shift (WGS), Boudouard reaction (BO-RX), methanation of carbon
(MEN), carbon gasification (C-GS1 and C-GS2), methane steam reforming (ME-SR), hydrogen
oxidation (H-OX) and carbon monoxide oxidation (CO-OX). These reactions were used to fit
equilibrium results obtained at S/C = 1-4 and ¢ = 0.31 and 0.46. Not all reactions were involved at
the same time for a given process condition. With a relative error less than 0.1% on individual molar
production rates, it was impossible to distinguish between the mechanism-predicted and the
equilibrium (‘actual’) values of H, yield as shown in Figure 6.

The contribution to hydrogen production by participating reactions for the POX based
mechanism is shown in Figure 7. By way of this mechanism, hydrogen production was primarily
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from POX, WGS and carbon gasification (C-GS1) at @ = 0.31 and by POX and SR at @ = 0.46.
The implication of this mechanism is that under low oxygen content (@ < @), the bio-oil
completely undergoes POX and that more hydrogen is produced by the water gas shift reaction with
no significant contribution from SR. Further production of hydrogen is achieved by the gasification
of all solid carbon formed. Meanwhile at the intermediate @ = 0.46 (>®px), POX and SR were the
only hydrogen producing reactions.
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Figure 6. Comparing actual equilibrium hydrogen yield with predicted yield using
POX based mechanism.
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For this mechanism, no significant hydrogen consumption occurred as methanation of carbon
(MEN) was virtually zero. In the case of S/IC =1 and @ = 0.46, H-OX and reverse WGS (R-WGS)
where responsible for H, consumption. Figure 8 shows how the amount of steam and oxygen
influenced the bio-oil consuming reactions.
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Figure 8. Influence of S/C ratio and oxygen on Bio-oil consuming reactions.

Table 7 gives a summary of the different reactions that dominate in the POX based mechanism
at various temperature ranges. This table provides valuable information for the eventual choice of
catalyst. For ATR carried out at temperature below 1100 K, the catalyst should be very selective to
POX and WGS. High temperatures typical of low S/C ratios and high oxygen content (@ > ®p,x)
should be avoided since they can lead to catalyst degradation.

Table 7. Summary of POX based mechanism based on temperature range. Only
reactions which contribute to equilibrium products are included.

T<1100K 1200 < T < 1600 K T>1800 K

Steam content  S/C > 2 2<S/C<4 SIC<?2

Oxygen content @ < @py D > Dppy D > Dppyx

Reaction Catalytic Catalytic and Homogenous

condition homogenous

Reactions POX, WGS, BO-RX, POX, SR, C-GS2 POX, SR, R-WGS, H-OX,
MEN, C-GS1 CO-OX CO-OX

Based on this mechanism, it can be said that at @ < @px, SR reactions are minimal and the
choice of catalyst should be based on the prevailing POX, WGS and C-GS1 reactions.

3.4.2. Complete oxidation (COX) based mechanism

Another mechanism was validated for which complete oxidation (COX) was the dominant
oxygen-consuming reaction. There was a near perfect agreement between the predicted hydrogen
concentration and actual equilibrium hydrogen yield (Figure 9). The reactions considered for this
mechanism were bio-oil thermal decomposition (DEC), bio-oil complete oxidation (COX), bio-oil
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steam reforming (SR), WGS, reverse water gas shift (R-WGS), methane steam reforming (ME-SR),

methanation of carbon (MEN), carbon gasification (C-GS1 and C-GS2), and hydrogen oxidation
(H-OX), as shown in Figure 10.
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Figure 9. Plots of predicted hydrogen and actual equilibrium hydrogen showing near
match with maximum relative error of 0.1% for the COX based mechanism.
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Figure 10. Percentage contribution to hydrogen production by participating
reactions for the COX based mechanism (autothermal temperatures given in the
figure for each S/C).

At @ = 0.31, hydrogen production stemmed from DEC, SR, WGS and C-CG1. As expected
more hydrogen was produced from WGS as the S/C ratio was increased from 1 to 4. A similar trend
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was observed at @ = 0.46 except for the fact that there was no C-GS1 reaction. Carbon formed at the
higher equivalence ratio is removed via reaction with oxygen (C-GS2).

For this mechanism, bio-oil was consumed almost in the same proportion among COX, SR and
DEC independently of the amount of oxygen, as illustrated in Figure 11.
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Figure 11. Influence of S/C ratio and oxygen on Bio-oil consuming reactions.

This mechanism relies on gas phase decomposition and combustion which occur significantly at
all ATR conditions examined. Table 8 gives a summary of the different reactions that dominate in
the COX based mechanism at various temperature ranges. A suitable catalyst for this mechanism will
have to be very selective for COX, DEC, SR and C-GS1, as well as offering high thermal stability,
although at high @, all reactions are expected to become homogeneous (non-catalytic) due to high
autothermal temperatures.

Table 8. Summary of different COX mechanism based on temperature range. Only
reactions which contribute to equilibrium products are included.

T<1100K 1200 < T < 1600 K T>1800 K
Steam content SIC>2 2<S/IC<3 SIC<2
Oxygen content ® < Dppy D > Pppy D > Dpoy
Reaction condition Catalytic and Catalytic and Homogenous
condition homogenous homogenous
Reactions COX, DEC, SR, COX, DEC, SR, COX, DEC, SR,
WGS, C-GS1, C-GS1 R-WGS, C-GS2,
H-OX

3.4.3.  Comments on mechanisms
The POX and COX based mechanisms discussed above highlight the fact that there may be
several routes leading to the formation of the desired H, and CO products autothermally. Such

schemes are typical for systems where several reaction equilibria occur simultaneously [70]. For the
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POX based mechanism to be realistic it has to be completely catalytic. An appropriate choice of
catalyst can lead to the suppression of undesirable side reactions and products like carbon (coke).
The COX based mechanism relies on homogenous oxidation and decomposition. Thermal
decomposition accounts for about 30% of the bio-oil consumption and this can prove challenging to
manage due to excessive carbon (coke) formation on reactor walls and catalyst and can be difficult to
completely eliminate by gasification (depending on type of carbon formed). In addition, it might be
necessary to operate under conditions of @ > &,y in order to compensate for heat loss and feed
preheating (sensible heat) [71].

4. Conclusion

This work demonstrates that ATR is, in theory, a viable process for the production of
hydrogen-rich syngas from bio-oil. Using bio-oil surrogate mixtures with different compositions, it
was established that hydrogen yield and concentration of other equilibrium products were insensitive
to actual chemical composition. The molar elemental composition proved to be the determining
factor for equilibrium hydrogen and syngas yield. The possibility of generating syngas with different
H, and CO compositions by varying the S/C ratio and the equivalence ratio makes ATR of bio-oil a
feasible option for applications like fuel cells and chemical synthesis. Mechanisms were proposed to
account for equilibrium product yields. A POX based mechanism was proposed in which H; was
produced from POX, SR and WGS. For this POX based mechanism, ATR can be viewed as partial
oxidation combined with WGS instead of the more traditional notion of exothermic oxidation
coupled with endothermic SR. Another mechanism validated was the COX based mechanism in
which thermal decomposition accounted for about 30% of bio-oil consumption with hydrogen
production assured by decomposition to carbon, steam reforming, water gas shift and carbon
gasification reactions.

The equilibrium calculations performed in this study do not take into consideration the kinetic
aspects of the reactions involved and could prove unrealistic in real ATR reactors [72]. The proposed
mechanisms can only occur when equilibrium is attained for example working at low space velocities
and high catalytic activity. Future work should therefore focus on kinetic studies and the influence of
other process parameters like pressure and space velocity.
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