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Modelling of Chemical Process Plant

2.1 Introduction

A chemical plant involves the following basic operations, or stages:

(a) raw-material handling and preparation

(b) the chemical reaction itself

“and (c) the separation of the various saleable products from one another
and from the waste products.

In practice, however, the three operations may not take place separately.
The rate of a chemical reaction, for instance, may be determined not so much
by chemical kinetics as by the mechanical process of mixing the reagents
(the reacting components) within the reactor if these are not freely
miscible. Fluid and solid mechanics may therefore dominate even the chemi-
cal reaction stage (b) of production in some instances. In other situations,
thermodynamics may play the dominant role in the reactor since the velocity
of chemical reaction is often highly temperature-dependent and furthermore,
large quantities of heat can be generated or absorbed in the course of the
reaction, Thermal considerations are obviously of paramount importance in
such cases, Conversely, the separation stage (c), although frequently
involving the thermodynamic process of distillation or perhaps the fluid
mechanical process of solvent extraction may nevertheless be affected by
the continuing reaction of unused reagents within the separation vessel
after these have left the reactor proper.

As a final example of the difficulty of categorising real life opera-
tions we sﬁould also note that even the preparation stage (a) may also
involve more than just the grading and premixing of reagents: as in the case of

preparing sinter feeds for the blast furnace where mechanical
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transportation and combustion take place simultaneously.

The isolation of three sequential stages in chemical production is
therefore only an idealising concept. Likewise the basic physical and
chemical phenomena (or processes) invélved, viz.

(i) mass transfer

(i1) Theat transfer
and (iii) chemical change
do mot take place completely separately and cannot in general be associated
uniquely with any of the three production stages (a), (b) or (c). It is
neyertheless essential to studyidealised systems dominated by single
isolated processes to acquire insight into their behaviour before proceeding
to large scale simulation or pilot plant studies of systems involving all
three phenomena operating in parallel because of the risk of error rom

auman, numerical or instrumentation sources) and the often unmanageable

number of degrees of freedom otherwise presented by full-scale process
simulation.

This chapter therefore sets out to show how idealised unit processes
might be modelled analytically so that expected approximate solutions may
be generated against which full-scale system simulations can be tested.

Setting up the process equations

Process equations are formulated from fairly elementary concepts of physi-

¢al and chemiecal dynamic balance and equilibrium. Three system examples
are considered here each dominated by a different process from the list

(i), (ii), (iii) (above). We consider first an elementary, liquid/liquid
head exchanger ~of the counterflow type.

Heat—exchanger example

The system is illustrated diagramatically in Fig. 2.1. The two liquids
flow in opposite directions parallel to one another at mass rates Wl and W2

and separated by a heat-conducting interface which will be assumed to have
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negligible thermal capacitance or resistance. The outer shell is
assumed to be perfectly insulating. For modelling purposes the process
is first imagined to be subdivided into N cells each of length 6hfand all
identical except that cells 1 and N have atypical conditions pertaining at
their left-and right-hand boundaries respectively. (These are the process
boundary conditions to be discussed later). Within each cell conditions
are assumed to be completely homogeneous either side the interface so that
the temperatures of the two fluids 1 and 2 within cell n may be represanted
by the single variables el(n,t) and Bz(n,t) respectively. The functions
Bl(h;t) and 62(h;t), where h' denotes a general distance from the left-~hand
process boundary, are therefore approximated initially by spatially discrete-
functions Gl(n,t) and Bz(n,t), n=1,2 ...N, which undergo step-changes at
each cell boundary. This is an example of the use of the "stirred-tank
concept" employed in process modelling : each cell being thought of as a
discrete tank the contents of which are thoroughly mixed.

Tﬁere being no chemical change in this process, it is now necessary
merely to draw up an inventbry of the material and heat entering and leaving
each cell (or tank) compartment, any imbalance between inflow and outflow
being equated to a rate of build-up of material or heat within the
compartment. The material balance is trivial in this example (if the
fluids are assumed to be incompressible, of constant density and completely
filling the cells at all times) yielding merely the result that Wl and W2
are functions of time only and invariant in h'. ‘The heat balance for the
system is more complicated however and, for fluids 1 and 2 in cell n, may
be written

S, e A §B' d 6, (n,t)/dt = WS, {6, (n=1,£) - 0

1
T
Sh' d Bz(n,t)/dt = W,8, {82(n+1,t) --‘Bé(n,t)} <=6 qtn,t)

P (n,t)} + &4 (n,t)

Sy Py Ay

where the suffixes apply to the associated fluids and compartments, S
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denotes specific heat, p fluid density and A the cross—sectional area of
the flow passage. §q(n,t) is the rate of heat flow across the interface
from liquid 2 to liquid 1 and is proportionally dependent upon the tem—
perature difference between the liquids and the interface wall and also
upon the interface arean dSh' (where d is the interface tube diametepr.

The major resistance to heat flow is provided by thin boundary layers of
near—-stationary liquid, lining both sides of the interface, the thicknesses
of which are found to decrease with flow-rate. In fact it is found that

; 3 ; & =0
this resistance is proportional to W 8 so that:

8q(n,t) = k1 T d W?'8{6i(n,t) - el(n,t)} SH
0.8 :
= k2 T d W2 {Sé(n,t) - Bi(n,t)} Sh'

Where kl and k2 are constant coefficients of heat transfer, 6, denotes
interface temperature, and may be eliminated from the two equations above
to give

Ck, ke, d'(wlwz')o"s{ez(n,t) - Gl(n,t)}ﬁh'

i)
5@(1‘1 t) =
AL 8 0.8
klw‘g * kW,

Given the constant parameters of the system and input functions

(2.2)

W, (t), Wé(t),el(o;t) and 82(N,t) equation 2.1 and 2.2 are suitably
expressed for computer simulation of the system provided a value for N
can be specified for solutions of the desired accuracy. For analytical
solution however we require a much more compact model representation.

Now the true temperature functionswill be continuous in time and space
between the boundaries (at h' = 0 and L' in this case) and will therefore

be governed by Taylor series so that

. 36, (n,t) v 828 (n,t)(GHUZ 4 higher powers of Sh']
1 Sh 1 1
Bl(n,t) =y (o=1,E) = e 2t fomnae o
‘ (3n")
and 9 2
30, (n,t) ;8 ez(n,t)@h')

85{n+l,t) = 8,(n,t) = ~——rr 6h' +2 —eere + higher powers of ¢6h'

“ 2 oh Z (ah')2

(2.3)




and as Sh'is made progressively smaller for a given length L' of process,
i.e. as N, (= L'/¢h') is made progressively larger, the approximate discrete
temperature functions governed by (2.1) and the continuous functions governed

by (2.3) will tend to equality so that we are justified in substituting (2.3)

in (2.1) if 6h'+ 0, yielding: .
; : = W8
e 98y, ... e 964 ) kky md (W W)™ (8, = 0)
1P1™1 3¢ 1°1 “on' 0.8 . 0.8
My 2¥2
and ge0s< hl < L (2.4)
0.8
k
AT L R e T MMt P
2% 5% 2°2 3R" | ;0.8 . 0.8
1% 2% /

Later in the chapter we shall consider further a symmetrically built

and operated process, l.e. one 1n whlch‘A1 = A2 = A, k1= k2 = k, S1 = S2 = 5,
Py =Py = P operated under the nominal working condition
Wl = W2 =W (2.5)

under which circumstances (2.4) simplifies to the normalised form

]

391/31 —ael/ah + 6, - 61

2

h-8_+8
80.,/2 ) * 0

(2.6.)

30 /3
o101

where T and h denote normalised time and distance, given by

T

t/T
i 2,77
h

]

h'/L
where 2
28 pA/f(km d wp's)

n
(2.8)
28 W2k d)

T

L
n

]

It is interesting to note that base time T is the time for either fluid
to travel base distance L that in turn has an important physical signi-

ficance which will become apparent later.




Binary distillation column

(a) Packed type

Distillation columns too are counterflow processes like the heat
exchanger discussed above and can exhibit similarities in their behavioural
characteristics. There are, however, important differences in their com-
parative behaviour resulting largely from the very different boundary con-
ditions which apply in the two cases. These will be examined later but for
the moment we shall concentrate on the development of the system's partial
differential equations (p.d.e's) which will be found to closely resemble
those of the heat exchanger. The system is illustrated by Figs. 2.2,
which shows the two—stage constructuion of columnms, involving two sections:
the rectifier and the stripping section, and 2.3 which illustrates a concep-
tual cell of the rectifier, again assumed to be thoroughly mixed. Vapour
and liquid streams flow past one another 'as shown at rates denoted by V and
L moles* p.u. time, the streams being composed of mixtures of the two COm=
ponents to be separated by the column. X denotes the mole*-fraction (com-
position) 6f the more-volatile- (lighter-) component in the liquid mixture
and Y that in the vapour stream. Primes are associated with the variables
in the stripping section and suffixes s and r associated with the flow-rates
denote stripping-section and rectifier quantities respectively. As Fig. 2.2
shows, boiling mixture is fed into the column between stages, the liquid
entering at flow rate F, , composition Z and the vapour at flow rate Fv’
composition z. Products are withdrawn from the process at top and bottom,
i.e. from the accumulator and reboiler at rates Vr - Lr ang LS = VS and at
composition X(N + 1) , Y'(-M-1) respectively. The object of the distillation

One mole of an element or compound has a weight numerically equal

to the molecular weight expressed in the chosen system of units,
e.g., one mole of water in S,I. units weighs 2 + 16 = 18 kg.
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is to make X(N+1) as close to unity as possible and Y'(-M-1) close to zero
at as high a throughput as possible and with a minimum energy utilisation
i.e. with minimum recirculation flow. (Economic factors clearly determine
the optimum compromise between these éonflicting requirements).

Column sections of the "packed type" are deliberately filled with
solid, pourous packing material to produce a spatial distribution of com~
position through the columm so again necessitating consideration of an
infinitessimal cell illustrated in Fig. 2.3. Within each cell evaporation
and condensation occur and under adiabatic conditions, if the two compo-
Nentg have equal molecular latent heats, each mole condensing, of whatever
component; causes another to ;vaporate. If only latent heats are consi-
dered therefore, (sensible heat changes being assumed negligible by
comparison), the heat-balance for each cell is trivial and merely constrains
the flow rates; Vr, VS, Lr and L, to be spatially invariant, (as in the
heat exchanger considered earlier but for different reasons).

In this process, unlike the heat-exchanger, it is the material-balance

which produces the significant dynamic effects. If H_, Hrl’ H  and HS

v sV 2

denote the fixed molar capacitance p.u. length of the rectifier and stripping
section for vapour and liquid respectively, then material-balances for the
lighter component taken on elementary slices of the two sections produce

the following differential equations

Eg
vy dt

~

(n,t) sh' =V [T(n-1,£) = ¥Y(n,t)} + k. {Ye(n,t) - Y(n,t)Fsh!

dX(n,t)

et = L {X(a,e) - X(,6)} - k(Y (n,t) - Y(n,£)}6h'

p (2.9)

H;§E§%(“’t)ahr = V¥ (@-1,8) = ¥ (n,0)} + k(X' (n,t) - X! (n,e)}on’

and n< = 1

o3 -g-f:—(' @, ). o L {X' (+1,8) = X' (n,0)} = k{X' (a,8) = X! (n,t)}sh')

(2.10)
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where kr and ks are constant coefficients of evaporation and suffix e'
indicates equilibrium quantities. The terms involving these quantities
Tabove) represent the net rate of evaporation of the lighter component
i.e. the cross—flow from the liquid to the vapour phase which. ceases in
situations where neighbouring liquid and vapour mixtures are in so~called
"thermodynamiec equilibrium" with one another. For ideal mixtures,

(those obeying Dalton's and Rayoult's Laws), the equilibrium relationship

(1)

may be shown .’ to be

B =Y, (1-X/ {x(1 - Y )} (2.11)
where Y is the composition of a vapour in equilibrium with a liquid of
composition X, and, in terms of stripping section quantities:

Bo=Y'(1-x)/ X Q- ¥l (2.12)
where Xé is the composition of a liquid mixture with which vapour of
composition Y' would produce equilibrium. The parameter B is nearly con-—
stant for a given ideal mixture and is termed the "relative volatility"
of the mixture.

A typical equilibrium curve is sketched in Fig. 2.4 from which the

symmetry about the - 45° 1ine should be noted. B is greater than unity
but the smaller its value the closer the curve approaches the + 45° line
(i,e. the smaller the difference between the vapour and liquid compositions
of equilibrium mixtures and the more difficult the distillation). For
convenience of subsequent dynamic analysis, the curve is usually approxi-
mated(z) by two linear relationships, (one for the rectifier and the other
for the stripping section), these being

gl =T =1 ~X (2.13)
and dXé = Y | (2.14)
where the straight-line slopes are constrained thus;

g > o >l (2+15)

so that, eliminating X and Y' using (2.13) and (2.14), we obtain
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Hrv %%(n,t)éh'= V_{Y(-1,t) - Y(n,t)} + k_ {Y_(n,t) - Y(n,t)}sh'

n>1
dYe(n,t)Gh'
T = oL {Y_(n+l,t) - Ye(nst)} =k {Y_ (n,t) - Y(n,t)}sh’
(2.16)
and
dx' '
HSR E%'(n,t)ah = LS{X'(H+1’t) = K' (n 6)} - kS{X'(n,t) - Xe'(n,t)}
' n<-1
dXé sh'
— = i .- - |l 1 Rl T
oley 3t aV_ {X!(a-1,£) = X! (n,t)} + k(X' (n,£) - X[(n,t)]
(2.17)

We therefore have. situations pertaining in the two column sections very
similar in mathematical stfudture to those applying within the heat-
exchanger (c.f. equations(2.1) and(2.2)) so that applying Taylor's theorem
and letting 8h' + 0, as before, yields the p.d.e's

= -V_ 3Y/3h’ -
H_ 9Y/3t = -V, 3Y/%h' + k (Y, - V)

h' > 0 {2.18)

= L ,_.
aH , 3Y /at=ol, 3Y /oh' - k (T, Y)

H v = T U vyt
og 3% /ot L aX'/oh' +k_(X] X ) h' < 0 (2.19)
1 A L ' - U !
oH 09X /ot oV, aX!/ ah' - k (X - X')
again very similar to those for the heat-exchanger.

If we again confine attention to a symmetrical plant, i.e. ome in

which
uHr =H =H
LR _ (2.20)
H = gH = ¢ H
v sV
k =k =k
T 8

where ¢ is a constant, and operated under the nominal working conditions

Vr = aLr = Ls = aVS =V (2.21)

then normalising the p.d.e's(Z.lB)and(2.19)yie1ds the simplified system:

c 3¥/3r = ~8Y/oh + Y - ¥
, h>0 (2:22)

8Y_ /ot=203Y /sh - Y + Y
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It

3X' /3t = 3X'/ph + X - X!
]

s =B (2:23)e

i ; P t = .! L]
CBXE/BT axe/ah X+ X

where 1 and h denote normalised time and distance, being given by

T = t/Tn (2.24)
- hi

h h /Ln (2.25)

where Tn = H/k (2.26)

and Ln = V/k (2.27)

Again the base distance/time ratio (Ln/Tn) = liquid velocity so that Tn is
the time for the liquid to travel base distance T_.n (the significance of
which emerges later). The vapour/liquid capacitance ratio ¢ will usually be
<< 1.0 but in later analysis will be set at unity in the interests of ease
of solution.

(b) Tray-type column

Industrial scale column sections are more usually physically segmented
by the deliberate inclusion of barriers or "trays" holding constant volumes
of liquid which cascades down the column from tray to tray. The vapour
forces its way up through the trays by lifting so called "bubble-caps"
wﬁich act as non-return valves. With this construction a discretely
changing spatial distribution of composition is achieved and our hitherto
conceptual cells now acquire a definite physical significance. With this
type of column it is generally assumed that the liquid and vapour above any
given tray are in continuous equilibrium with one another and vapour
capacitance is either neglected or lumped with the liquid capacitance. Hrv
and HSv are therefore put to zero in (2.9) and (2.10) and kr and ks made
infinite so that

Ye(n,t) = Y,t) o n2l
and Xé (n,t) =%@,t) , ax%l (2.28)

yielding general tray equations




o, FEBept = gL {¥@1) - Y(,0)} + v, {¥@-1,t) = Y(,6)} ©  n> 1
and (2.29)
s, F@OM L X @) - X (,0) 4oV, (K @Le) - X @,0) n< -1

S¢h' here, of course, denotes the actual finite length of column between trays.
Together with the boundary conditions, yet to be considered, numerical solu-
tion may therefore be undertaken at this stage with the advantage over the
heat-exchanger and packed-column that the total number of cells (trays in

this case) is prespecified. For analytical solution aowever a p.d.e. repre-
sentation is again preferable and is a permissible approximation when the
column comprises a large number of trays: as is normally the case with indus-
trial scale systems separating difficult mixtures. It is assumed that the
discrete composition profiles may be closely approximated by spatially
continuous functions so again permitting the use of the Taylor series to

eliminate dependent variables other than Y(n,t) and X'(n,t), giving
(oL +V.) .2

Y i Y Y 1.
O"HI‘R §-t— ‘(@Lr Vr)'ﬁi e Pl . 2 &h s h' > 0
(an")
and (2.30)
. . L 4+ aV ) 2
‘aX'“_ _ X! ( s S 3 X' v V
sp 3t Ly ~ o¥y) 5n' © 2 g 8R° 5 BT <O

(3n")
ignoring higher powers of 6h'.

Under the symmetrical operating conditions (2.20) and (2.21), the
system therefore reduces to the normalised form

3Y/3t = 32¥(3h)> ; h >0

2 2 (2.31)
9X'/9t= 9"X"'/(dh) R h <0
: - = 1
where again T = t/Tn and h = h /Ln
but the base time and distance are now given by
Tn = H6h'/V ]
(2.32)
and L_ = ¢h'
n

The fundamental differences between the p.d.e's for packed—-and tray-columns
give rise to important differences in the dynamic behaviour as will be

demonstrated later.
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- It should be emphasised that our treatment of columns has been
confined to a consideration of composition dynamics. Columns are of
course subject also to variations in internal pressure and in the levels
of the end vessels, all of which interact with and are affected by the
composition variations. 7The foregoing analysis has however, assumed that
these variables can be closely regulated, which is generally the case but
for a thorough investigation of these faster dynamics the reader is refer-

(3). 1)

red to the text of Rademaker et al Judson King( provides an excel-

lent detailed coverage of steady-state column design.

2,2.3 The Tubular Chemical Reactor

Having demonstrated similarities (and differences) between the mathe-
matical structure of ideal heat—, mass—-transfer processes, we now examine
the influence of chemical-change on process dynamics in situations where
chemical kinetics dominate other factors. Mass—transfer will be seen to

? play an important role easily embraced by the analysis. Thermal effects,
through often crucial, are more difficult to include and temperatures will
therefore be regarded as perfectly regulated in our investigation of the
"tubular" (spatially-distributed) reactor. Uncontrolled temperature
variations will, however, be examined afterwards in a consideration of

the continuous stirred—tank reactor described by a lumped parameter model.

We consider the simple liquid reaction in which reagents A and B
react together to form the single product C. For generality we will initially
consider the reaction to be of the reversible type permitting C to decompose

back into A and B. The stoichiometric equation for the reaction is

therefore

A+Bzx 2C (2+33)
indicating that one mole of A reacts with one mole of B to form two moles
of C and vice versa. (In practice the situation can be much more compli-
cated involving gaseous' and solid materials, intermediate products,

several reactions taking place sequentially and in parallel, and the
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influence of catalysts etc., but the overall mechanism can often be
constructed from a conceptual network of elementary systems of the sort
examined . here).

Because of equation(ZBB)we must now account for a new phenomenon in
our basic concepts of dynamic balance: that of one type of materiél
(mixture A and B in this case) changing into another type (here, product
C). We therefore become involved with rates of chemical reaction which

(4)

are found from the kinetic theory of gasses, and experimentally, to be

governed by equations of the type

I

r

. =k, [A%[B]" ' (2.34)

It

and k, [c]” €2:35)

rab

where r, denotes the rate of generation of C(and r that of A and B)

ab

expressed in molés: p.u. volume of mixture p.u. time, and the square

brackets indicate concentrations of the appropriate substance expressed

in moles per unit volume of the overall mixture. The velocity coefficients

kl and k2 are, for ideal gasses, functions only of absolute temperature
@ taking the form

ky = a; exp (- Bbl/B) » ky = a, exp(“ﬁbz/a) (2.36)
(where ays eblTa2 and Bbz are constants) and are frequently assumed to be
nearly so for ' reactions involving liquids and other none-ideal materials.
The indices a, B and y in (2.34) and (2.35)are usually small integers (or
their reciprocals) generally determined experimentally.

Considering now the tubular reactor, a short section of which is
illustrated in Fig, 2.5, then for conceptual cell n of length &h' and
volume 8V we may write down a material balance for any one of the three
component substances A B or C, taking account of the fact that components
can now change from one to another, within the cell considered, at rates

governed by equations of the type (2.34) and (2.35). Choosing C, the

material balance for this substance may be written
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sv & gé“’t) = F{[C(a-1,8)] - [C(n,0)]} + 8V{k, [A(n,t)]*[B(n,t)]"
-k, [€n,t)]"} (2.37)
where F is the volumetric flow-rate of mixture through the reactor.

Now if one mole of A,B or C occupy identical volumes, i.e. if the
substances are iﬂﬁi&} then the molar densitylom of the overall mixture will
be unchanged throughout, i.e.

TR EA(n,ti] + [B(n,ti] + [@(n,tij = a constant (2.38)
and if reagents are fed in stoichiometric proportions (equal portions in
this example) then

[A(n,t)]

so that  [A(n,t)]

]

[B(n,t)] (2.39)
[B@,t)] = 0.5{p - [C(n,t)]} (2.40)

permitting (2.37) to be expressed in terms of C only. The resulting
differential equation becomes
v AL@OL g [e1,0] - [Cta,0)])
+ 8V {kyp /2 (kg /2+ k,) [Cln,t)]) (2.41)
if the reaction is of first-order with respect to [C], i.e. if
20 =28=v=1.0 (2.42)
Alternatively, the composition of C could be expressed in terms of its
mole~fraction, X, rather than [C], the number of moles p.u. volumejsince
p, ¥ = [C] (2.43)
equation (2.41) thus becoming.
av-‘-i-x-a(-‘%‘-z—t-)— = F{X(n-1,£) ~ X(n,0)} + 6V{k; /2 = (k; £2+k,)X(n,t)}
(2.44)
from which we deduce, in a manner similar to that used for the previous

examples, the p.d.e

8X/0t = -(F/a)dX/3h' + (k /2 + k,) {kj /(ky + 2k))- X} (2.45)

where, a, is the cross—sectional area of the reactor tube.













































































































