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A B S T R A C T   

Steam methane reforming (SMR) is the dominant process for hydrogen production, which produce large amount 
of carbon dioxide (CO2) as a by-product. To address concerns about carbon emissions, there is an increasing focus 
on blue hydrogen to mitigate carbon emissions during hydrogen production. However, the commercialization of 
blue hydrogen production (BHP) is hindered by the challenges of high cost and energy consumption. This study 
proposes a new configuration to address these challenges, which is characterized by: (a) the use of piperazine 
(PZ) as a solvent, which has a high CO2 absorption efficiency; (b) a more efficient heat exchange configuration 
which recovers the waste exergy from flue gas; (c) the advanced flash stripper (AFS) was adopted to reduce the 
capital cost due to its simpler stripper configuration. In addition, the technical and economic performance of the 
proposed energy and cost-saving blue hydrogen production (ECSB) process is investigated and compared with 
the standard SMR process. The detailed models of the SMR process and the post-combustion carbon capture 
(PCC) process were developed and integrated in Aspen plus® V11. The results of the technical analysis showed 
that the ECSB process with 30 wt.% PZ achieves a 36.3 % reduction in energy penalty when compared to the 
standard process with 30 wt.% Monoethanolamine (MEA). The results of the economic analysis showed that the 
lowest levelized cost of blue hydrogen (LCBH) was achieved by the ECSB process with 30 wt.% PZ. Compared to 
the BHP process with 30 wt.% MEA, the LCBH was reduced by 19.7 %.   

1. Introduction 

Global hydrogen (H2) production from fossil fuels was around 90 
million tonnes in 2020, which resulted in 900 million tonnes of carbon 
dioxide (CO2) emissions (Strategy, 2020). Greenhouse gas emissions are 
exacerbating global warming. According to the report from the Inter-
governmental Panel on Climate Change (IPCC), it is crucial to limit the 
rise in temperature to 1.5 ◦C and reach a state of net-zero CO2 emissions 
before 2050 (Zhongming et al., 2019). As the global hydrogen demand 
increases, it is important to consider reducing carbon emissions from 
hydrogen production. 

Currently, around 95 % of hydrogen is produced from fossil fuels, 
with nearly 50 % of H2 produced through natural gas reforming (IEA 
2021). Steam methane reforming (SMR) is the most widely used tech-
nology for hydrogen production. This technology converts methane and 
steam to H2 and CO2 in a fixed-bed reactor with a Ni-based catalyst 
under high temperature and pressure (Faheem et al., 2021). However, 
for every tonne of H2 produced by the SMR process, 7–9 tonnes of CO2 

are released into the atmosphere (Soltani et al., 2014). The hydrogen so 
produced is often referred to as “grey hydrogen” (Khan et al., 2021). To 
reduce the greenhouse gas emissions from grey hydrogen, the concept of 
“blue hydrogen” and “green hydrogen” are increasingly attracting 
attention. 

Blue hydrogen is grey hydrogen combined with carbon capture and 
storage (CCS). This mitigates the environmental impact as large 
amounts of CO2 emissions are captured from the SMR unit (Howarth and 
Jacobson, 2021). Green hydrogen is H2 produce from water electrolysis. 
The whole process is powered by renewable energy and only produces 
hydrogen and oxygen (de Fátima Palhares et al., 2018). In the long term, 
green hydrogen may be the final option for net-zero emissions. However, 
due to the high cost of green hydrogen, the deployment of blue hydrogen 
production (BHP) could be an important option in the short term. In a 
standard BHP plant, CO2 can be captured from 3 different locations: (a) 
the syngas stream before the H2 separation unit; (b) the tail gas after the 
H2 separation unit; and (c) the flue gas from the furnace (Collodi et al., 
2017). Physical adsorption is often used to capture CO2 from the syngas 
stream and tail gas, due to the high partial pressure of CO2 here. 
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Chemical absorption is the most suitable method to capture CO2 from 
flue gas since the low pressure of the flue gas. As of 2022, there are three 
commercial-scale blue hydrogen facilities worldwide, operated by Air 
Products, Shell and Nutrien (Power et al., 2018; IEA 2018; Terrien et al., 
2014). These existing commercial-scale blue hydrogen plants capture 
CO2 from the syngas stream with physical adsorption or absorption 
technologies. 

Currently, many studies on BHP investigated the carbon capture 
from syngas stream and tail gas. Antonini et al. (Antonini et al., 2021) 
presented an optimized design of a PCC plant using MDEA to capture 
CO2 from syngas stream of an SMR plant. Papalas et al. (Papalas et al., 
2020) designed a SMR process coupled with Ca-Ni chemical looping to 
capture CO2 from syngas. Pellegrini et al. (Pellegrini et al., 2020) 
investigated a carbon capture process to remove CO2 from PSA tail gas 
within an SMR plant. However, a main drawback of these studies are 
only 35–60 % of the carbon emissions in the whole process can be 
captured, since the CO2 from the flue gas is emitted into the atmosphere 
(Howarth and Jacobson, 2021; Roussanaly et al., 2020). To achieve 
complete decarbonization of the process, it is important to consider the 
capture of CO2 from the flue gas. 

Khan et al. (Khan et al., 2021), Roussanaly et al. (Roussanaly et al., 
2020), Capocelli et al. (Capocelli et al., 2019) and Subraveti et al. 
(Subraveti et al., 2021) investigated the carbon capture from flue gas in 
BHP. However, the high cost of adding the post-combustion carbon 
capture (PCC) unit hinders the application in BHP. The research of Khan 
et al. (Khan et al., 2021) showed the increase in the capital cost is 
estimated $116.64 million and the increase of operating cost is esti-
mated $28.3 million/year, when adding a Monoethanolamine (MEA)--
based PCC plant to a standalone SMR plant with a capacity of 200 
tonne/day of H2. The studies of Roussanaly et al. (Roussanaly et al., 
2020) and Subraveti et al. (Subraveti et al., 2021) showed the CO2 
avoided costs of MEA-based PCC technology used in BHP is around 
67–77 $/tCO2. In addition, more steam is needed to power the carbon 
capture process, due to the high energy consumption of solvent regen-
eration. This increase in energy consumption is defined as the energy 

penalty. Howarth and Jacobson (Howarth and Jacobson, 2021) pointed 
out that the high energy penalty is an important challenge of BHP. An 
additional increase in energy costs of 39 % was estimated when 
capturing CO2 from the flue gas. 

Currently, the main methods to reduce the energy penalty are 
applying new solvents and new process configurations (Otitoju et al., 
2021). Different solvents have been investigated in the PCC process 
(Mandal and Bandyopadhyay, 2005; Zhang et al., 2002; Rayer et al., 
2012; Rinker et al., 1996; Edali et al., 2009; Derks et al., 2006). The 
Piperazine (PZ) solvent shows a better energy performance than other 
solvent, due to its high second-order CO2 absorption rate constant (k2) 
and low activation energy (Ea) (Liang et al., 2015). Compared to MEA, 
PZ has a higher k2 and a lower Ea value. As a result, the solvent circu-
lation rate of PZ is lower when capturing the same amount of CO2, which 
means that PZ has lower energy requirements during solvent regenera-
tion process. The experimental studies reported by Van Wagener (Van 
Wagener et al., 2013), Rochelle and Plaza (Plaza and Rochelle, 2011) 
showed that the use of PZ instead of MEA can reduce the energy re-
quirements of the PCC process by 10–20 %.Several new configurations 
have been proposed to reduce energy requirements, such as absorber 
inter-cooling, stripper inter-heating, exhaust gas recirculation, 2-stage 
flash configuration and advanced flash stripper (AFS) (Van Wagener 
et al., 2013; Gao et al., 2019; Diego et al., 2018; Rezazadeh et al., 2017; 
Li et al., 2016). Amongst them, the use of AFS in the PCC process not 
only reduces energy consumption, but also achieves a cost reduction of 
around 22 % (Otitoju et al., 2021). 

However, the study of BHP is currently in a fragmented state. Most 
studies only focus on the hydrogen production or carbon capture pro-
cess. There is a significant research gap in process design and integration 
due to the lack of research with a holistic perspective. Several studies on 
exergy analysis of the SMR process showed the exergy efficiencies is 
around 62 %-78 % (Dilmac and Ozkan, 2008; Chen et al., 2012; Simpson 
and Lutz, 2007). The wasted exergy from SMR process is potential to be 
used in PCC process. In this work, a detailed techno-economic analysis 
(TEA) of commercial-scale BHP was carried out through modelling and 

Nomenclature 

a Order of reaction 
Ci Total molar concentration (mol/m3) 
Ea activation energies (kJ/mol) 
i Interest rate 
K Equilibrium constants 
k2 Second-order CO2 absorption rate constants (m3/kmol s) 
n Project life 
P0 Standard temperature (bar) 
R Universal gas constant (kJ/kmol K) 
r reaction rate (m3/kmol s) 
T Temperature (K) 
T0 Standard temperature ( ◦C) 
Abbreviations 
AC Additional costs 
ACC Annual capital cost 
AFS Advanced flash stripper 
APEA Aspen Economic Process Analyzer® 
BHP Blue hydrogen production 
CAPEX Capital expenditure 
CCS Carbon capture and storage 
DEC Direct equipment cost 
DFC Direct field cost 
ECSB Energy and cost-saving blue hydrogen production 
Elec-NRTL Electrolyte Non-Random-Two-Liquid 

EPC Engineering procurement and construction 
GPDC Generalised pressure drop correlation 
HTS High-temperature water gas shift 
IC Installation cost 
IEA International Energy Agency 
IPCC Intergovernmental Panel on Climate Change 
LCBH Levelized cost of blue hydrogen 
LCH Levelized cost of hydrogen 
MEA Monoethanolamine 
O&M Operating and maintenance 
OC Owner’s cost 
OPEX Operational expenditure 
PC Project contingency 
PCC Post-combustion capture 
PENG-ROB Peng Robinson equation of state 
PSA Pressure swing adsorption 
PZ Piperazine 
RK Redich-Kwong 
SMR Steam methane reforming 
TAC Total annual costs 
TEA Technical and economic analysis 
TEC Total equipment cost 
TIC Total indirect cost 
TPC Total plant cost 
WGS Water-gas shift  
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simulation. It proposed an energy and cost-saving configuration, which 
is characterized by: (a) The high absorption efficiency piperazine (PZ) 
solvent was used to absorb CO2; (b) An energy-saving configuration was 
designed to recover the waste exergy in the flue gas for heating the 
solvent regeneration process; (c) The AFS configuration was adopted to 
reduce the capital cost of the stripper because it does not have a 
condenser and a reboiler. 

2. Methods 

2.1. Process description 

A standard BHP process is showed in Fig. 1. It consists of a SMR 
process and a PCC process. Natural gas is pre-heated by flue gas and split 
as fuel and feedstock. The fuel is combusted in burner to provide the heat 
for the whole system. The feedstock is blended with recycled H2 from a 

Fig. 1. Diagram of standard BHP process.  

Fig. 2. Diagram of the ECSB process.  
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pressure swing adsorption (PSA) unit in a desulfurization system, where 
sulphur components are absorbed in a ZnO bed to prevent catalyst 
poisoning. The treated feedstock is mixed with high pressure steam in a 
pre-reformer to convert heavier hydrocarbons (ethane, propane, etc.) to 
methane. Pre-reformer is a fixed-bed reactor with a Ni-based catalyst, 
which is responsible for reducing the coking and sintering in the 
following steps. The product gas from the pre-reformer is then sent to the 
main reformer to produce syngas at high temperature and pressure. A 
water gas shift (WGS) reactor is used to convert steam and CO to H2 and 
CO2. The shifted syngas is purified in a PSA unit. Around 87 % of the H2 
is separated and the tail gas is sent to the burner as fuel. High pressure 
steam is generated by recovering the heat from syngas and flue gas. The 
cooled flue gas is sent to the PCC plant. The CO2 is separated by the CO2- 
lean solvent in the absorber through counter-current contact, yielding 
the CO2-rich solvent. The scrubbed gas is then released from top of the 
absorber. The CO2-rich solvent is heated by the regenerated CO2-lean 
solvent from the stripper, and then pumped to the stripper. In the 
stripper, the CO2 is separated from rich solvent at 110 ◦C-140 ◦C and 
discharged from the top of the stripper. 

Fig. 2 shows the configuration of the ECSB design. The same 
configuration of SMR process is adopted while the wasted exergy in the 
flue gas is recovered to heat the solvent regeneration process. In addi-
tion, the AFS was adopted in the PCC process. The rich solvent from the 
absorber is split into a cold-rich bypass and a warm-rich bypass. The 
cold-rich bypass is heated by the hot vapour from top of stripper and sent 
to the top of the stripper after being mixed with part of warm-rich 
bypass. The rest rich solvent is heated by regenerated lean solvent, 
flue gas and steam heater before being fed to the flash tank at the bottom 
of the stripper. The steam heater and the flash tank functioned as the 
reboiler in the standard stripper. 

2.2. SMR system 

2.2.1. SMR model development and simulation procedure 
A steady-state SMR process was modelled and simulated in Aspen 

Plus® V11. The Peng Robinson equation of state (PENG-ROB) was used 
for simulation as it was adopted for non-polar compounds such as CO2, 
CH4, H2 and N2. The flowsheet of the SMR plant in Aspen Plus® V11 was 
shown in Fig. 3. 

Natural gas and high pressure steam enters the main reformer after 
being pressurized and heated. The steam to carbon (S/C) ratio is close to 
2.7. Two heater exchange blocks are used to simulate temperature 
changes of the flue gas and main reformer inlet flow. The main reformer 

is simulated as a Gibbs reactor. The main reactions (1) and (2) are 
equilibrium-limited and highly endothermic. 
CH4 + H2O↔CO+ 3H2, ΔH0

298 = 206 kJ
/

mol (1)  

CH4 + 2H2O↔CO2 + 4H2, ΔH0
298 = 164.9 kJ

/

mol (2) 
The syngas is sent to the WGS reactors after cooling to 320 ◦C. The 

stoichiometric reactor is used to simulate WGS reactor for correcting the 
methane conversion rate. The reaction involved is: 
CO+ H2O↔CO2 + H2, ΔH0

298 = −41.1 kJ
/

mol (3) 
In the PSA unit, pure H2 is separated from the shifted syngas. The 

PSA tail gas is combusted with natural gas in the burner to provide heat 
for the system. The burner is simulated as a Gibbs reactor. 

The commercial-scale SMR plant is simulated to produce 200 tH2/ 
day. The specifications of main blocks in the model are shown in Table 1. 

Fig. 3. The flowsheet of the commercial scale SMR plant in Aspen Plus® V11.  

Table 1 
The specifications of main blocks (Collodi et al., 2017).  

Block Main specifications Value 
Main reformer Temperature ( ◦C) 907  

Pressure (bar)  28 
WGS Temperature ( ◦C) 412 

Pressure (bar) 27.7 
Burner Temperature ( ◦C) 950  

Pressure (bar)  1.034  

Table 2 
IEA data (Collodi et al., 2017) versus model predictions for SMR plant 
performance.  

Parameter IEA data Model 
prediction 

Relative deviation 
(%) 

CH4 conversion rate (%) 84.6 86.5 2.25 
H2 production (kg/h) 8994 8914 0.89 
Flue gas mass flow rate (kg/h) 257,698 259,584 0.73 
CO2 molar concentration in flue 

gas (%) 
21.23 20.67 2.64   

Syngas molar flow rate 
(kmol/h)   

8370.3   8396.2   0.31  
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2.2.2. SMR model validation 
The commercial-scale SMR process was validated with data from the 

International Energy Agency (IEA) report (Collodi et al., 2017). This 
report includes 6 cases of a commercial-scale SMR plant producing 100, 
000 m3 of H2 per day without and with CCS. Among them, the Base Case 
was selected for the validation as it describes the key processes of a 
standard SMR plant in detail. In this case, the natural gas consumption is 
around 27 tonne/h, where 85.8 % of the natural gas is used as feedstock 
the rest is used as fuel. The requirement of high pressure steam in the 
process is around 86 tonne/h. 

The results of the steady-state model validation for methane con-
version rate, hydrogen production, flue gas mass flow rate, syngas molar 
flow rate and CO2 molar concentration in flue gas are shown in Table 2. 
The differences between model predictions and IEA data are generally 
within 5 %. The good agreement shows that the steady-state model 
satisfactorily predicts the SMR plant performance. 

2.3. PCC system 

2.3.1. PCC model development 
The rate-based models for MEA-based and PZ-based PCC processes 

were developed in Aspen Plus® V11. The electrolyte Non-Random-Two- 
Liquid (Elec-NRTL) model was chosen for liquid properties and the 
Redlich-Kwong (RK) equation of state was used for vapour properties. 
The chemistry of CO2 absorption with aqueous MEA and PZ is described 
by both equilibrium and rate-based reactions. 

The equilibrium reactions are defined as (Otitoju et al., 2021; 
Ermatchkov et al., 2006; Canepa et al., 2013) 
2H2O↔H3O

+ + OH− (4)  

H2O+ HCO−
3 ↔H3O

+ + CO2−
3 (5)  

H2O+MEAH+ ↔H3O
+ +MEA (6)  

H2O+ PZH+ ↔H3O
+ + PZ (7)  

H2O+ H+PZCOO− ↔H3O
+ + PZCOO− (8) 

The temperature-dependent equilibrium constants Keq is modelled as 

In
(

Keq

)

= A+
B

T
+ C⋅In(T) + DT (9) 

The rate-based reactions are defined as 
CO2 + OH−→HCO−

3 (10)  

HCO−
3 →CO2 + OH− (11)  

MEA+ H2O+ CO2→H3O
+ +MEACOO− (12)  

H3O
+ +MEACOO−→MEA+ H2O+ CO2 (13)  

PZ + H2O+ CO2→H3O
+ + PZCOO− (14)  

H3O
+ + PZCOO−→PZ + H2O+ CO2 (15)  

PZCOO− + H2O+ CO2→H3O
+ + PZ(COO−)2 (16)  

H3O
+ + PZ(COO−)2→PZCOO− + H2O+ CO2 (17) 

The kinetic expression is defined as 

r = KTnexp

(

−
Ea

RT

)

∏

N

i=1

C
aij
i (18) 

The values of the parameter for the equilibrium and the rate-based 
reactions are given in Tables 3 and 4 (Canepa et al., 2013; Posey and 
Rochelle, 1997; Hetzer et al., 1968; Ermatchkov et al., 2003; Pinsent 
et al., 1956; Bishnoi and Rochelle, 2000). 

Relevant correlations for predicting the thermophysical properties of 
the liquid and vapour phases were shown in Table 5. 

2.3.2. PCC model validation 
The MEA-based and PZ-based PCC models were validated by com-

parison with pilot scale measurements. The MEA-based PCC model was 
validated with the experiment data from the Tarong PCC pilot plant in 

Table 3 
The parameters for the equilibrium and the rate-based reactions.  

Equation no. A B C D 
4 132.889 -13,455.9 -22.4773 0 
5 216.049 -12,431.7 -35.4819 0 
6 -3.03832 -7008.357 0 -0.0031348 
8 18.135 3814.4 0 -0.0151 
9 14.042 3443.1 0 0  

Table 4 
Kinetic parameter for the rate-controlled reactions.  

Equation no. K Ea (J/mol) 
10 4.32 e + 13 55,380.82 
11 2.38 e + 17 123,105.18 
12 4.77 e + 11 41,239.04 
13 2.18 e + 18 59,098.51 
14 7.41 e + 10 33,567.91 
15 7.94 e + 21 65,837.09 
16 3.62 e + 10 33,567.91 
17 5.56 e + 25 768,226.73  

Table 5 
Relevant correlations for predicting the thermo-physical properties.  

Thermo-physical properties Relevant correlations Source 
Vapour mixture viscosity Chapman-Enskog-Brokaw 

model 
(Bird et al., 2007) 

Viscosity of the liquid mixture Jones-Dole electrolyte 
model 

(Horvath, 1985) 

Vapour phase binary diffusion 
coefficients 

Chapman-Enskog and 
Wilke-Lee models 

(Wilke and Chang, 
1955) 

Liquid binary coefficient 
calculations 

Wilke-Change model (Wilke and Chang, 
1955) 

Thermal conductivity of the 
vapour mixture 

Wassiljewa-Mason-Saxena 
model 

(Plus, 2008) 

Thermal conductivity of the 
liquid mixture 

Riedel correlation (Plus, 2008) 

Mixture surface tension Hakim-Steinberg-Stiel 
model 

(Horvath, 1985) 

Mass transfer and interfacial 
area 

Bravo et al. (1985) 
correlation 

(Bravo et al., 1985) 

Heat transfer coefficient Chilton-Colburn analogy (Chilton and 
Colburn, 1934) 

Liquid holdup Bravo et al. 1992 
correlation 

(Bravo et al., 1992)  

Table 6 
The main specifications of the MEA-based and PZ-based PCC pilot plant (Plaza 
and Rochelle, 2011; Li et al., 2016; Van Wagener, 2011).   

Main specifications value 
MEA-based PCC plant Condenser temperature ( ◦C) 17 

L/G ratio (mol/mol) 3.27 
Solvent circulation rate (kg/h) 1636.2 
Stripper top pressure (bar) 2 
Lean loading (molCO2/molMEA) 0.283 

PZ-based PCC plant Condenser temperature ( ◦C) 14.9 
L/G ratio 5.5 
Solvent circulation rate (kg/h) 3744 
Stripper top pressure (bar) 1.38 
Lean loading (molCO2/molPZ) 0.285  
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Queensland, Australia (Li et al., 2016). The MEA solvent with a con-
centration range of 24–34 wt.%, was used in the test of 22 cases. The flue 
gas contained 11.1–13.5 vol% carbon dioxide. The absorber had a 
diameter of 0.35 m and consisted of four 1.784 m sections packed with 
Mellapak M250X. The stripper had a diameter of 0.25 m and consisted of 
two 3.584 m sections packed with Mellapak M350X. 

The PZ-based PCC model was validated against experimental data 
from University of Texas at Austin (Plaza and Rochelle, 2011; Van 
Wagener, 2011). The PZ solvent, with a concentration range of 28–44 
wt.%, was used in the test of 14 cases. The flue gas contained 12 vol% 
CO2. The absorber and stripper had a diameter of 0.427 m and consisted 
of two 3.05 m sections packed with Mellapak 2 X. The key operating 
parameters of the MEA-based and PZ-based PCC pilot plant are included 
in Table 6. 

The results of MEA-based and PZ-based PCC model predictions 

against experimental data for absorber temperature profile are shown in 
Figs. 4 and 5. The MEA-based and PZ-based PCC model validation results 
of rich loading, capture level, reboiler temperature and heat duty are 
shown in Tables 7 and 8. It can be concluded that the MEA-based and PZ- 
based PCC models satisfactorily predicted the experimental results as 
deviations are within ±10 %. 

2.3.3. Model scale-up 
The MEA-based and PZ-based PCC models were scaled up to capture 

90 % of CO2 from the commercial-scale SMR plant. The mass flow rate of 
the flue gas from the SMR plant are 72.1 kg/s, which consists of N2 (61 
mol%), CO2 (20.7 mol%), H2O (17.5 mol%), O2 (0.8 mol%). The solvent 
circulation rate was estimated by the approach proposed by Agbonghae 
et al. (Agbonghae et al., 2014). It calculated the solvent circulation rate 

Fig. 4. Model validation for absorber temperature profile of MEA-based PCC model.  

Fig. 5. Model validation for absorber temperature profile of PZ-based PCC model.  

Table 7 
Model validation for MEA-based PCC plant performance.  

Parameter Experiment Simulation Relative deviation 
(%) 

Rich loading (molCO2/ 
molAlk) 

0.492 0.486 1.42 

CO2 removal (%) 84.45 80.04 5.22 
CO2 product purity (vol%) 99.5 99.6 0.1 
Reboiler duty (MJ/kg CO2) 4.11 4.25 3.41  

Table 8 
Model validation for PZ-based PCC plant performance.  

Parameter Experiment Simulation Relative deviation 
(%) 

Rich loading (molCO2/ 
molAlk) 

0.384 0.383 0.26 

CO2 removal (%) 85.9 81.2 5.47 
CO2 rate (kg/s) 0.033 0.034 3.03 
Rich flowrate (kg/s) 1.10 1.10 0 
Reboiler duty (MJ/kg CO2) 130.6 127.0 2.76  
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based on the solvent absorption capacity that obtained from pilot plant. 
The diameter of columns was calculated by the generalised pressure 
drop correlation (GPDC) method (Sinnott, 2005). This method first 
calculates the flow parameters which is the ratio of the liquid to gas 
entering the packed column. Then, a modified gas load can be obtained 
from the generalised pressure drop correlation. Finally, the column 
diameter can be calculated based on the gas mass flow rate per unit 
cross-sectional area. Other parameters were obtained from pilot plant 
simulation. The values of the column diameter and height used to 
simulate the commercial-scale PCC process are shown in Table 9. The 
simulation of MEA-based and PZ-based PCC process at commercial scale 
were carried out in Aspen Plus® V11. The performance of 
commercial-scale PCC processes is shown in Table 10 and the flowsheet 

of a commercial-scale solvent-based PCC plant is shown in Fig. 6. 

2.4. Process integration and energy and cost-saving configuration design 

The standard configuration of commercial-scale SMR process inte-
grated with PCC process was developed in Aspen Plus® V11. The 
flowsheet of the standard configuration is shown in Fig. 7. In the stan-
dard configuration, the flue gas is usually cooled down to 40–50 ◦C 
before entering the PCC process, since high temperature will increase 
the solvent losses by evaporation. The flue gas cooling system is 
modelled as a heater block (GASCOOLE). To reduce the energy penalty 
of solvent regeneration in the PCC process, the energy and cost-saving 
configuration was designed. The wasted exergy from the flue gas 
stream in the SMR process was used to heat the rest rich solvent in the 
PCC process by a heat exchanger which represented by two heater 
blocks (HEAT9–1 and HEAT9–2) connected by a heat stream (QEX). 
The AFS configuration was adopted to reduce the capital cost of the 
stripper because it does not have a condenser and a reboiler. The 
flowsheet of energy and cost-saving configuration developed in Aspen 
Plus® V11 was shown in Fig. 8. 

2.5. Technical and economic evaluation 

2.5.1. Energy performance evaluation 
The energy performance of different solvents in a standalone PCC 

plant was evaluated at first. The duty of heat for reboiler, cooling for 
condenser and electricity for pumps was unified into the ratio repre-
senting the energy required in gigajoules (GJ) per tonne of CO2. This 
presents the energy consumption on a similar basis and helps in deter-
mine the best solvent selection. 

Then, the energy performance of commercial-scale BHP using 
different solvents and configurations was investigated. The SMR process 
without carbon capture was evaluated as a benchmark. The energy 
consumption of different units in BHP was unified to equivalent work. 
The increase of total energy consumption was defined as the energy 
penalty, which was calculated by Eq. (19): 

Energy penalty=

(

Energy demand with PCC−Energy demand without PCC

Energy demand without PCC

)

∗100

(19)  

2.5.2. Economic performance evaluation 
The economic analysis of the BHP was performed using the Aspen 

Table 9 
Dimensions of columns for commercial-scale PCC plant.   

Parameters Value 
MEA-based PCC plant Absorber column diameter (m) 8.9 

Absorber packing height (m) 10 
Absorber packing type Mellapak M250X 
Stripper column diameter (m) 7.2 
Stripper packing height (m) 10 
Stripper packing type Mellapak M350X 

PZ-based PCC plant Absorber column diameter (m) 7.8 
Absorber packing height (m) 10 
Absorber packing type Mellapak 2X 
Stripper column diameter (m) 6.5 
Stripper packing height (m) 10 
Stripper packing type Mellapak 2X  

Table 10 
The performance of MEA-based and PZ-based PCC plant at commercial scale.   

Parameters Value 
MEA-based PCC plant Solvent circulation rate (kg/s) 516 

Lean loading (molCO2/molMEA) 0.283 
Capture level (%) 90 
MEA concentration (wt.%) 30 % 
Absorber pressure (bar) 1.1 
Stripper pressure (bar) 2.4 

PZ-based PCC plant Solvent circulation rate (kg/s) 250–475 
Lean loading (molCO2/molPZ) 0.287 
Capture level (%) 90 
PZ concentration (wt.%) 30–44 
Absorber pressure (bar) 1.1 
Stripper pressure (bar) 1.8  

Fig. 6. The flowsheet of commercial-scale solvent-based PCC plant in Aspen Plus® V11.  
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Economic Process Analyzer® (APEA) based on the detailed process 
flowsheet shown in Figs. 6 and 7. The developed models were exported 
to APEA and then each unit was sized and calculated according to 
relevant design codes. APEA calculates the direct costs of BHP process 
equipment such as the fixed-bed reactors, furnace, PSA, heat ex-
changers, compressors, pumps, and columns. The process stream pipes 
and splitters are not represented as project components. The capital 
expenditure (CAPEX) is calculated with the direct equipment cost (DEC). 
The operational expenditure (OPEX) includes fixed annual operating 
and maintenance (O&M) costs and variable O&M costs. The fixed O&M 
costs were assumed as 3 % of the CAPEX (Luo, 2016), which includes 
operating labour costs, maintenance cost, overhead charges etc. The 
variable O&M costs include natural gas, steam, solvent consumption, 
and utility costs. The solvent loss value of 1.5 kg/tCO2 was chosen for 
MEA (Otitoju et al., 2021; Lepaumier et al., 2011) and 0.05 kg/tCO2 was 
chosen for PZ (Manzolini et al., 2015). The prices of the consumables 
and utilities are shown in Table 11. 

The total annual costs (TAC) include annual capital costs (ACC) and 
annual O&M costs. The ACC was calculated by Eq. (20) (Karimi et al., 
2011),where n is the project life and i is the interest rate. Based on the 
general project lifetime and interest rate in hydrogen production, n = 25 
and i = 10 % are assumed to ensure that the analysis accurately reflected 
the costs and benefits (Collodi et al., 2017). 

ACC =
CAPEX

[(1 + i)n − 1]/i(1 + i)n
(20)  

3. Results and discussion 

3.1. Energy performance results 

Table 12 shows the contributions of heat duty, cooling duty and 
electric duty to the energy performance of different solvents. The values 
of duty were normalized by the tonnes of CO2 captured. The heat duty is 
contributed by reboiler while the electric duty is contributed by pumps. 
The 30 wt.% MEA has the highest heat duty of 4.286 GJ/tCO2 and 
electric duty of 7.255 MJ/tCO2. Comparing to the PCC process using 30, 
38 and 44 wt.% PZ, the PCC process using 30 wt.% MEA has a higher 
energy penalty on solvent regeneration. In addition, when the lean 
loading of PZ is low, the energy consumption of carbon capture increases 
with the increase of PZ concentration. This result was also observed in 
the research by Gaspar et al. (Gaspar et al., 2016). 

The cooling energy consumption is comprised of the flue gas cooling 
duty (from GASCOOLE), regenerated solvent cooling duty (from 
COOLER) and condenser duty of the stripper (from STRIPPER). The 
highest cooling duty of 4.72 GJ/tCO2 achieved by the PCC process using 
30 wt.% MEA. The PCC process using PZ achieved 8 %, 19 % and 29 % 
reduction in cooling duty when the PZ concentration increase from 30 to 
44 wt.%. The regenerated solvent cooling (COOLER) is the main factor 
leading to the change of cooling duty. The reduction of solvent circu-
lation rate results in the reduction of regenerated solvent cooling duty, 
which leads to the cooling duty to decrease. 

Fig. 9 shows the energy performance of commercial-scale BHP using 
different solvents and configurations. It is evident that alterations in 
both solvent and configuration result in variations in the total energy 

Fig. 7. The flowsheet of standard BHP in Aspen Plus® V11.  
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consumption of BHP. Their contributions to the change in total energy 
consumption are nearly equal. The use of PZ solvent and ECSB config-
uration significantly reduces the energy penalty associated with the PCC 
process but has little impact on the SMR process. Among them, the use of 

30 wt.% PZ achieved the largest reduction in energy penalty. This 
finding is consistent with the performance of different solvents in a 
standalone PCC plant. 

The detailed energy required to operate each of the units is listed in 
Table 13. The total energy consumption of the SMR process without 
carbon capture is 154.61 MW of which 95.9% is used for the heating the 
reactors. The integration of the PCC process slightly increases the energy 
demand of the SMR process, primarily reflected in the increase of energy 
consumption by the air blower. This stems from the fact that all the 
energy required by the PCC process is provided by the furnace in the 
SMR process. Therefore, additional natural gas is burned to produce 
more steam, which is used to power the solvent regeneration process. 
This leads to an increase in flue gas flowrate. Thus, more energy was 
required by air blower for sending more flue gas into the absorber. 
Among the use of different solvents and configurations, the highest 
energy penalty of 59.32% is obtained in the BHP with 30 wt.% MEA, 
which is mainly caused by the high energy demand for solvent regen-
eration. The use of 30 wt.% PZ significantly reduces the energy penalty 
caused by solvent regeneration. The new configuration further reduces 
the energy penalty caused by the carbon capture process. The lowest 
total energy consumption of BHP process is achieved by ECSB with 30 
wt.% PZ. Compared with BHP with 30 wt.% MEA, the energy penalty is 
reduced by 36.35 %. 

3.2. Economic evaluation results 

The DEC obtained from the APEA is shown in Table 14. The SMR 
process without carbon capture was evaluated as a baseline. The 

Fig. 8. The flowsheet of ECSB in Aspen Plus® V11.  

Table 11 
The reference prices of consumables and utilities in February 
2023 (IEA 2021; Otitoju et al., 2021; TRADING ECONOMICS 
2023).  

Item value 
Natural gas price ($/mmbtu) 3.64 
Electricity price ($/kW) 0.406 
Make-up water cost ($/tonne) 3 
Make-up MEA cost ($/tonne) 1500 
Make-up PZ cost ($/tonne) 8000  

Table 12 
The energy performance of PCC with different solvents.  

Concentrations Heat duty 
(GJ/tCO2) 

Cooling duty 
(GJ/tCO2) 

Electric duty 
(MJ/tCO2) 

Total 
duty 
(GJ/ 
tCO2) 

30 wt.% MEA 4.286 4.720 7.255 9.013 
30 wt.% PZ 3.280 4.341 3.363 7.625 
38 wt.% PZ 3.885 3.778 3.378 7.668 
44 wt.% PZ 4.276 3.348 1.707 7.625  
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economic performance of the BHP process using different solvents was 
compared with that of ECSB process. Table 15 shows the CAPEX of the 
SMR process without and with a carbon capture process. The economic 

performance of BHP with different solvents and configurations are 
evaluated. The CAPEX of the standard SMR process with the capacity of 
200 tH2/day is $111.5 million. The integration of PCC process with 30 

Fig. 9. Energy performance of commercial-scale BHP using different solvents and configurations.  

Table 13 
Detailed energy required to operate each of the units in BHP.   

SMR without carbon capture BHP with 30 wt.% MEA BHP with 
30 wt.% PZ 

BHP with 
38 wt.% PZ 

BHP with 
44 wt.% PZ 

ECSB with 
30 wt.% PZ 

ECSB with 
38 wt.% PZ 

Hydrogen production        
Natural gas compressor (MW) 4.93 4.93 4.93 4.93 4.93 4.93 4.93 
Reactors heating (MW) 148.34 148.34 148.34 148.34 148.34 148.34 148.34 
Air blower (MW) 1.34 1.49 1.46 1.48 1.49 1.44 1.45 
Carbon capture        
Flue gas blower (MW) N/A 2.09 2.03 2.07 2.09 2.01 2.03 
Solvent pump (MW) N/A 0.18 0.077 0.072 0.039 0.055 0.052 
Solvent regeneration (MW) N/A 89.30 66.50 80.50 88.60 56.22 64.99 
Total energy consumption (MW) 154.61 246.33 223.33 237.39 245.49 212.99 221.79 
Energy penalty (%) N/A 59.32 44.45 53.54 58.78 37.76 43.45  

Table 14 
The DEC of commercial-scale BHP process with different configurations.   

SMR without carbon capture BHP with 
30 wt.% MEA 

BHP with 
30 wt.% PZ 

BHP with 
38 wt.% PZ 

BHP with 
44 wt.% PZ 

ECSB with 
30 wt.% PZ 

ECSB with 
38 wt.% PZ 

Reactors (Million $) 5.05 5.05 5.05 5.05 5.05 5.05 5.05 
PSA (Million $) 0.22 0.22 0.22 0.22 0.22 0.22 0.22 
Furnace (Million $) 23.74 28.62 27.38 28.14 28.54 26.82 27.29 
Heat exchangers (Million $) 0.38 4.44 3.48 2.80 1.47 1.83 1.75 
Coolers (Million $) 0.40 1.70 1.09 1.05 1.05 0.96 1.05 
Compressors (Million $) 14.52 17.50 16.74 17.21 17.46 16.40 16.69 
Pumps (Million $) N/A 0.76 0.48 0.45 0.27 0.47 0.44 
Columns (Million $) N/A 12.55 8.99 11.36 14.10 7.31 7.42 
DEC (Million $) 44.30 70.82 63.42 66.27 68.15 59.04 59.92  

Table 15 
The CAPEX of commercial-scale BHP process with different configurations.   

SMR without carbon 
capture (Million $) 

BHP with 30 wt.% 
MEA (Million $) 

BHP with 30 wt.% 
PZ (Million $) 

BHP with 38 wt.% 
PZ (Million $) 

BHP with 44 wt.% 
PZ (Million $) 

ECSB with 
30 wt.% PZ 
(Million $) 

ECSB with 
38 wt.% PZ 
(Million $) 

DEC 44.30 70.82 63.42 66.27 68.15 59.04 59.92 
Total indirect cost (TIC) 8.86 14.16 12.68 13.25 13.63 11.81 11.98 
Direct field cost (DFC) 53.16 84.99 76.10 79.53 81.78 70.85 71.90 
Engineering procurement 

and construction (EPC) 
67.51 107.94 96.65 101.00 103.86 89.98 91.32 

Additional costs (AC) 13.29 21.25 19.02 19.88 20.45 17.71 17.98 
Installation cost (IC) 80.80 129.18 115.67 120.88 124.31 107.69 109.29 
Project contingency (PC) 16.16 25.84 23.13 24.18 24.86 21.54 21.86 
Total plant cost (TPC) 96.96 155.02 138.80 145.06 149.17 129.23 131.15 
Owner’s cost (OC) 14.54 23.25 20.82 21.76 22.38 19.39 19.67 
CAPEX 111.50 178.27 159.63 166.82 171.55 148.62 150.82  
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wt.% MEA significantly increases the CAPEX by 59.9 %. Compared to 
the BHP process with 30 wt.% MEA, the use of 30–44 wt.% PZ reduces 
the CAPEX by 3.8 %-10.5 %. This is because PZ has a higher CO2 ab-
sorption capacity than MEA, so PZ can achieve 90 % CO2 capture with a 
lower solvent circulation rate. This results in smaller absorbers and 
strippers being required. The ECSB process further reduces the CAPEX 
by around 16 %, which achieved by the DEC reduction in the stripper. 
This configuration adopted AFS to replace the standard stripper. In the 
standard stripper the hot CO2 vapour is cooled by a condenser at the top 
of the column while the CO2-rich solvent is heated by a reboiler at the 
bottom of the column. In AFS, the wasted exergy in the hot CO2 vapour is 
recovered to heat the cold rich bypass. Thus, a smaller sized condenser is 
required by AFS compared to the standard stripper. Also, the wasted 
exergy in flue gas is recovered to heat the CO2 rich solvent. Therefore, a 
small steam heater is required to instead of the standard reboiler. This 
results in a reduction in cost of 33.8 % for stripper. 

The TAC, levelized cost of H2 (LCH) and CO2 avoidance cost (CAC) 
are shown in Table 16. The TAC of the standard SMR process without 
carbon capture is $73.43 million/yr, while the LCH is around 1126 
$/tH2. These results are consistent with current cost of producing 
hydrogen from natural gas (1000–3000 $/tH2) (Massarweh et al., 2023). 
The economic performance of 44 wt.% PZ is unsatisfactory, as it results 
in the highest values for TAC, levelized cost of blue hydrogen (LCBH) 
and CAC. Although, the energy performance of 44 wt.% PZ is better than 
that of 30 wt.% MEA, the variable O&M costs of 44 wt.% PZ is slightly 
higher than that of 30 wt.% MEA. In simulation, we found that the high 
PZ loss at high concentration is the main reason for the variable O&M 
increase. The LCBH and CAC of BHP process with 30 wt.% MEA are 1725 
$/tH2 and 56 $/tCO2. These results closely align with the findings of Khan 
et al. (Khan et al., 2021) and Roussanaly et al. (Roussanaly et al., 2020). 
Khan et al. simulated a SMR plant with a capacity of 200 t/H2 integrated 
with a PCC plant using MEA. The LCH was estimated to be between 1411 
and 1917 $/tH2. Meanwhile, Roussanaly et al. simulated a SMR plant 

with a capacity of 450 t/H2 integrated with a PCC plant using MEA. The 
LCH and CAC were estimated at 1884 $/tH2 and 67 $/tCO2. The lowest 
LCBH of around 1389 $/tH2 and lowest CAC of around 33 $/tH2 are 
achieved by the ECSB process with 30 wt.% PZ. Compared to the BHP 
process with 30 wt.% MEA, the LCBH and CAC are reduced by 19.7 % 
and 47.9 % respectively. 

Fig. 10 shows the TAC of commercial-scale BHP with different sol-
vents and configurations. It can be seen that the main contribution to the 
changes of TAC is the variation in the annual O&M costs. The use of 30 
wt.% PZ solvents and energy and cost-saving configuration in BHP has 
clear advantages in reducing TAC, which resulting in the reduction of 
LCBH and CAC. 

4. Conclusions 

With the highly increase of global hydrogen demand, the deploy-
ment of commercial-scale BHP is becoming important for reducing 
carbon emission from hydrogen production. The technical and economic 
performance of BHP was investigated through modelling and simula-
tion. In this study, steady-state models for an SMR process and PCC 
process were developed in Aspen plus® V11. The SMR process was 
validated at commercial scale with data from the IEA. The PCC model 
was validated at pilot scale with experimental data from the literature 
and then scaled up to process the flue gas from the SMR plant. 

Technical analysis was performed to evaluate the energy perfor-
mance of commercial-scale BHP process. The results showed that the 
highest energy penalty of 59.32 % was obtained in BHP with 30 wt.% 
MEA. The least total energy consumption of 213 MW was achieved by 
ECSB with 30 wt.% PZ. Compared with BHP with 30 wt.% MEA, it 
reduced the energy penalty by 36.35 %. 

The economic analysis was performed in APEA. The results showed 
that the CAPEX and TAC of the SMR process without carbon capture are 
$111.5 million and $73.4 million/yr respectively. The highest CAPEX 

Table 16 
The economic performance of commercial-scale BHP process with different configurations.   

SMR without carbon 
capture 

BHP with 30 wt.% 
MEA 

BHP with 30 wt. 
% PZ 

BHP with 38 wt. 
% PZ 

BHP with 44 wt. 
% PZ 

ECSB with 30 wt. 
% PZ 

ECSB with 38 wt. 
% PZ 

CAPEX (Million $) 111.50 178.27 159.63 166.82 171.55 148.62 150.82 
ACC (Million $/yr) 12.28 19.64 17.59 18.38 18.90 16.37 16.62 
Fixed O&M costs (Million 

$/yr) 
7.55 3.99 2.86 3.24 3.51 2.15 2.23 

Variable O&M costs 
(Million $/yr) 

53.60 88.92 82.10 86.54 96.82 71.81 73.20 

TAC (Million $/yr) 73.43 112.55 102.55 108.16 119.23 90.34 92.04 
LCH ($/tH2) 1125.15 1724.62 1571.32 1657.35 1826.97 1384.28 1410.32 
CAC ($/tCO2) N/A 55.67 40.92 47.49 62.12 29.00 31.34          

Fig. 10. TAC of commercial-scale BHP using different solvents and configurations.  
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increase of 60 % and TAC increase of 53 % were achieved by BHP 
process with 30 wt.% MEA. The least CAPEX increase of 33 % and TAC 
increase of 23 % were achieved by ECSB process with 30 wt.% PZ. 

As the first detailed study on TEA of commercial-scale BHP process, 
this paper provided insights into the energy and cost requirements 
associated with this process. These findings hold significance for poli-
cymakers contemplating the commercial-scale implementation of BHP. 
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