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Abstract:  

Rotating packed beds can reduce the equipment size and costs in solvent-based carbon capture. 

However, difficulties are encountered when modelling rotating packed beds , due to turbulent 

fluid flows inside rotating packed beds  and the cross-sectional area of mass transfer unit that 

change with radius. This study aims to develop a validated dynamic model of an rotating 

packed bed absorber and to carry out process analysis through steady state and dynamic 

simulations. Innovatively, the dynamic model was developed based on surface renewal theory 

for mass transfer. The model can calculate distributed mass transfer coefficients and other key 

variables related with absorption performance. Experiments were carried out and new 

experimental data for rotating packed bed absorber under realistic operating conditions were 

obtained for model validation. Process analysis about the effects of key operational variables 

such as rotating speed, liquid-gas ratio and solvent concentration on absorption performance 

was performed with benchmark MEA solvent. It was found that the optimal MEA 

concentration is around 70wt%. Dynamic simulation results reveal that the RPB absorber has 

fast responses for process changes. This new distributed dynamic model and the insights 

obtained through process simulation will promote rotating packed bed technology towards its 

industrial deployment in large scale carbon capture processes.  

Keywords: Post-combustion carbon capture, Process intensification, Rotating packed bed, 

Surface renewal theory, Process modelling and simulation, Process analysis 
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1 Introduction  

1.1 Background  

World Energy Outlook 2017 [1] recommends that carbon capture and storage (CCS) should be 

deployed very rapidly to achieve the target of limiting average global temperature increase to 

2°C in 2050. Solvent-based carbon capture is considered the most promising technology to 

capture CO2 emitted from industrial processes [2]. However, CCS requires massive capital 

investment, and incurs a high energy penalty (known as ‘parasitic load’) during operation [3, 

4]. This could create significant increments in the cost of electricity for end-users and impedes 

its industrial deployment.  

One potential solution is to use process intensification (PI) technology to achieve significant 

reduction of the capital cost. Rotating packed bed (RPB) [5] is typical PI equipment and could 

be used for the absorber and the stripper in post-combustion carbon capture (PCC) processes 

[6]. By introducing a high centrifugal force field, RPBs enable significantly intensified mass-

transfer and higher flooding limits [6], which leads to dramatic reductions in the equipment 

size [7]. Other advantages of RPBs include short residence time and compatibility with high 

viscous solvents. These features make RPB technology a great choice for solvent-based carbon 

capture. 

1.2 Previous studies  

The effect of gravity on absorption performance of gas liquid contact mass transfer process 

was observed by Podbielniak [8]. Van Krevelen and Hoftijzer [9] first proposed a 

dimensionless correlation for liquid-phase mass transfer coefficients in packed columns, which 

highlighted the importance of the gravitational acceleration in determining the nature of the 

liquid flow inside the packing. Early work[10, 11] developed mass transfer correlations based 

on experimental approaches. These correlations gave an exponent between 1/6 and 1/3 for the 

gravity term. Vivian, Brian [12] experimentally determined volumetric mass transfer rates ( 
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kLαe) that varied with the centrifugal force to a power of 0.41-0.48,with larger values at lower 

liquid flow rates. Ramshaw and Mallinson [5] demonstrated liquid phase volumetric mass 

transfer coefficients (kLαe) in RPBs were 27- 44 times greater than in a stationary column. 

RPBs are also capable of using high-viscosity solvents, giving them another advantage over 

stationary columns. In the study by Jassim, Rochelle [13], aqueous monoethanolamine (MEA) 

solutions with different MEA mass concentrations of 30 wt%, 55 wt%, 75 wt% and 100 wt% 

were used to achieve intensified absorption of CO2 using RPBs. However, in order to achieve 

90% carbon capture level for the pilot scale rig, two key manipulated operating variables were 

set extremely, including L/G ratios in range of 10-20 kg/kg and CO2 lean loadings in range of 

0.05-0.1 mol CO2/mol MEA. 

To encourage industrial deployment, reliable prediction models for RPBs are required to do 

process analysis, process scale-up, feasibility studies and engineering design. Attempts to 

propose specific mass transfer correlations for RPBs started with Tung and Mah [14]. In their 

study, the liquid-side mass transfer coefficients for RPBs were derived based on penetration 

mass transfer theory for conventional stationary packed columns, by replacing the gravity with 

centrifugal acceleration. Instead of direct use of the correlations for stationary packed columns, 

Munjal, Dudukovć [15] attempted to derive the calculation method for the average interfacial 

area of the RPB. Oko, Wang [16] revealed that Tung and Mah [14] correlation has best 

prediction accuracy for liquid-side mass transfer coefficient. Oko, Wang [16] also found that, 

in terms of prediction of effective interfacial area,  Luo’s correlation[17] is more accurate than 

Onda’s correction[18] by comparing the calculation results with experimental data from Luo, 

Chu [17]. However, the system conditions should be examined when using Luo’s correlation 

because key parameters in Luo’s correlation were regressed by assuming that Hatta number[19] ≫ 1 during experimental data processing.  
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Limited by the research tools, most of previous researches focused on improving predictions 

of the key parameters related with the mass transfer. More recent efforts have investigated 

system performance of RPBs by developing the models in Aspen Plus® and gPROMS® [7, 20]. 

Joel, Wang [7] proposed modifying the Radfrac block in Aspen Plus® for conventional 

stationary cylinder packed column to simulate RPBs, by setting an equivalent diameter and 

user-defined mass transfer correlations coded as Fortran subroutines. In one recent study by 

Borhani, Oko [20], a first principle steady state rate-based RPB model for the absorber was 

developed based on two-films theory in gPROMS®. Using those models, process simulations 

have been carried out to investigate the effects of different rotor speeds, L/G ratios and other 

key variables on the absorption efficiency of RPBs. 

1.3 Motivation for this study 

Research efforts have been taken on RPBs by the major research groups as summarised in 

Wang, Joel [6].  There are also some RPBs operating commercially, for example in the sulphide 

removal process. However, the design of RPBs still relies on the calculations for height of mass 

transfer unit (HTU) and the numbers of mass transfer units (NTU) based on gas-side overall 

mass transfer coefficient. Most studies have focused on improvement of mass transfer 

correlations and there are few publications working on the process simulation of RPB systems. 

Compared with conventional packed columns, there are several research gaps in modelling of 

RPBs that impede their commercial deployment as a sustainable technology.  
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Figure 1. Visual picture of liquid distribution inside an RPB rig33, Copyright (1996), with 

permission from Elsevier 

The underpinning principle of RPBs is the turbulent flow caused by the centrifugal force, 1-2 

orders of magnitude larger than Earth’s gravitational force, which intensifies the mass transfer 

inside RPBs. Burns and Ramshaw [21] conducted a visual study of an RPB and observed 

droplet flow patterns at designed operational ranges (refer to Fig. 1). However, the methods 

used to describe mass transfer inside RPBs in previous studies are based on film theories, such 

as two-films theory and penetration theory, which assume that there exists stagnant “films” 

between liquid and vapour phases inside the packing. This presupposition has obvious 

shortcomings and does not reflect the real physical conditions inside RPBs observed 

empirically. With film theories, interphase mass transfer happens solely by molecular diffusion 

through “films” regardless of significant convective mass transfer caused by turbulent flows 

inside PRBs. In this situation, the mass transfer rate calculated based on films theories may be 

underestimated. Surface renewal theory[22], in contrast, considers mass transfer both by 

molecular diffusion and convective mass transfer caused by bulk movement and mixing. So, 

surface renewal theory is physically more accurate than films theories for describing mass 

transfer inside RPBs.  
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Figure 2. Sketches of the mass transfer units of (a) a stationary cylinder packed column and 

(b) an RPB  

Another prominent difference between RPBs and stationary columns is that the cross-sectional 

area of the mass transfer unit inside RPBs changes along radial direction[23]. The ratio of 

equivalent cross-sectional area at outer side and inner side of RPBs is  o  i⁄  (Figure 2) with 

values in a range of 3 – 5 for current pilot scale plants. This results in significant differences in 

vapour and liquid loads per volume of mass transfer unit along the radial direction. At the same 

time, the centrifugal acceleration also varies greatly along the radial direction. The calculations 

of key mass transfer coefficients and other variables for RPB design are highly non-linear 

associated with these variables. And more, there are operating envelops for mass transfer inside 

packed bed. With too low or too high vapour and liquid load, the mass transfer performance 

decays significantly. In this situation, using mean or average methods to calculate those 

variables could not reflect the mass transfer phenomenon inside RPBs. 

Because of above two gaps at methodology level, previous studies modelling RPBs are on the 

margin of the goal. Although the experimental approach is still the main scientific way to 

investigate RPBs, it has several limitations. RPB is a rotating equipment, with rotating speed 

range of 300 – 1,500 rpm, which results in a high operating cost and potential safety risk (high 

kinetic energy). At the same time, the scale-up effect is so significant because of 

aforementioned features of RPBs. For existing RPB test rigs, the size is still too small to draw 

conclusions about the design of full-scale systems for solvent-based carbon capture based 

directly on experiments. There are no clear directions for scale-up of this process towards its 

industrial scale deployment. A reliable model is keenly required, to discover the insights about 

RPBs, not only for the mass transfer phenomenon but also for the scale-up options and then 

the process design of industry-scale RPB plants.  
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1.4 Aim and novel contribution 

This study aims to develop a novel dynamic model of an RPB absorber and carry out steady 

state and dynamic simulations for RPBs in the context of MEA-based carbon capture process. 

To implement this study, the model is developed for MEA-CO2-H2O system using gPROMS 

ModelBuilder®[24]. The prediction of CO2 solubility in aqueous MEA solution based on 

Statistical Associating Fluid Theory-Variable Range (SAFT-VR)[25] equation of state (EOS) 

was validated with new experimental data.  

Four novel features can be claimed for the model developed in this study: (1) the model uses 

surface renewal theory[22] to describe the mass transfer, consistent with the observed turbulent 

fluid flows inside RPBs; (2) the model is a distributed model with varied cross-sectional area 

for RPBs, which enables the predictions of distributed parameters such as mass transfer 

coefficients, vapour and liquid loads, temperature and pressure profiles inside RPBs; (3) the 

model is a dynamic process model, which can be used to investigate both steady state (for 

techno-economical evaluation) and dynamic behaviours (for integration with upstream 

processes); and (4) new experimental data with realistic operating conditions were used for 

model validation, which provides more confidence for the model applied in industrial 

applications. With these novel features, the simulation studies using this model discover some 

insights for RPBs. They demonstrate a large variation in key parameters along radial direction, 

fast dynamic response, and an optimum range of MEA concentration in solvent. Those findings 

could guide the design of large-scale pilot plant and even industrial-scale RPBs to promote this 

technology, which has great potential for low cost carbon capture. 

2 Thermodynamic model prediction and validation 

2.1 SAFT-VR EOS 

In this study, SAFT-VR[25] EOS is used to model the thermodynamic properties of MEA-

H2O-CO2 mixture. Mac Dowell, Samsatli [26] well explained the considerations and 

advantages of using SAFT-VR for modeling of solvent-based carbon capture process. SAFT-
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VR provides a molecular-based physical approach to model the chemical equilibrium of the 

chemistry system, which implicitly express reaction products. In this way, equilibrium 

reactions are considered in this study. However, even with equilibrium reaction, the model 

using chemical method, such as e-NRTL, requires to explicitly state all the reactions in the 

system. Moreover, the enhancement factor [19], E, is required in the film theory based models 

to reflect the effect of reactions on mass transfer. For both of these tasks, extensive and reliable 

experimental data is required to describe the reactions. Those data are difficult to obtain, 

especially for novel solvent and solvent blend. However, using SAFT method only require 

vapour–liquid equilibrium data to develop the model so that the amount of experimental data 

required was greatly reduced compared with the chemical approaches [26, 27].  

The SAFT-VR parameters of pure components and the binary interaction parameters of MEA-

H2O-CO2 mixture can referred to the recent study by Brand, Graham [27].  
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2.2 Validation of CO2 solubility prediction  

 

(Note: the rectangle area in each subfigure indicates typical industrial application scenarios 

with CO2 partial pressure in the range of 0.45-12 kPa and the CO2 loading in the solvents of 

0.2 - 0.6 mol CO2/mol MEA.) 

Figure 3. CO2 partial pressure as function of CO2 loading with 15 wt%, 30 wt%, 45 wt% and 

60 wt% MEA solvent  

The experimental data of CO2 partial pressure and/or total pressure of vapour phase at different 

CO2 loading in MEA aqueous solution were compared with model predictions. In this study, 

the experimental data from Aronu, Gondal [28] were chosen for validation purposes. These 

data cover a wider range of MEA concentrations, temperatures and pressures in comparison to 

other published sources. The validation results are displayed in Fig. 3.  It can be seen that there 

are some deviations between model predictions and experimental data and they become more 
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significant in the range of low CO2 partial pressure. However, the degree of the deviations of 

VLE predicted by SAFT-VR in this study is similar as those predicted by e-NRTL model by 

comparing with the validation results from e-NRTL thermodynamic model in the study by Luo 

and Wang [29]. 

It is necessary to examine the uncertainties from thermodynamic modelling using SAFT-VR 

in the context of CO2 capture processes. The typical CO2 mole concentration in gas phase is in 

the range from 0.45% (near the gas outlet of absorber with 90% carbon capture level for the 

flue gas from natural gas fired power plants) to around 12% (near the gas inlet of flue gas from 

coal fired power plants), which indicates CO2 partial pressure in the range of 0.45-12 kPa at 

atmosphere pressure operating condition for the RPB absorber. At the same time, the CO2 

loading in the solvents is normally in the range of 0.2 - 0.6 mol CO2/mol MEA (between CO2 

loading in lean solvent and saturated CO2 concentration in liquid). The absolute percentage 

errors (APE) of the points within above operating range were calculated and shown in Table 1. 

It shows that the mean APEs (MAPE) for all cases are less than 5% and the maximum APE is 

11.36% for the point at low partial pressure in 60wt% MEA concentration case. 

Table 1. Errors of CO2 solubility prediction in the context of CO2 capture processes 

MEA concentration in lean solvent (wt%) MAPE Maximum APE 

15 4.54% 6.33% 

30 3.66% 9.72% 

45 3.53% 6.47% 

60 2.80% 11.36% 

3 Development of dynamic process model of the RPB absorber 

The model development of the RPB absorber in the intensified MEA-based carbon capture 

process was implemented in gPROMS® ModelBuilder[24]. gPROMS® ModelBuilder offers 
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substantial flexibility for coding equations to model novel processes, and it has SAFT-VR EOS 

embedded for the thermodynamic modelling of the MEA-H2O-CO2 system.  

3.1 Distributed model with varied cross-sectional area 

In the newly developed dynamic process model of the RPB, all the variables could be presented 

in three domains of axial, radial position and time (𝑥 = x(𝑧   𝑡)). In gPROMS ModelBuilder®, 

all the variables that are declared within a model are automatically assumed to be functions of 

time. The other two distribution domains (in this case the axial and radial 

domains, z and r respectively) have to be specified explicitly for the variables. For the RPB rig 

modelled in this study, the feeding positions of the flue gas are located in the outside periphery 

and the feeding positions of the solvent are located in the inside periphery. Inside the packing, 

liquid and vapour fluids flow counter-currently along radial direction (Seen in Figure 4). In this 

situation, it is reasonable to assume that the vapour and liquid are evenly distributed at axial 

directions. Thus, only the radial domain was explicitly specified in the variables.  

       

          (a)                                                               (b) 

Figure 4. (a) Sketch of the RPB and (b) Sketch of distributed domain of the packing bed 

The following assumptions have been made in modelling this RPB:  

 The vapour and liquid distributions are even along axial direction of the packing.   

 The liquid bulk and vapour bulk are assumed to be well-mixed. 

 Heat loss from the wall of the RPB absorber was neglected due to the small size and 

modest temperature of the RPB absorber. 

 o  i

ω
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 There is no holdup for the vapour phase.  

 The gas side mass transfer resistance is neglected. 

 Coriolis and gravitational force may be neglected as these forces are of lesser magnitude 

than the centrifugal force. 

3.2 Mass and energy conservations  

The governing equations of  mass and energy conservations for the RPB absorber were derived 

from Lawal, Wang [30]. The mass balance for the liquid phase and the vapour phase are 

presented in Eqs (1) and (2) respectively. 𝑑𝑀𝐿  𝑑𝑡 = − (  −   ) ∙ 𝐴 𝜕𝐹𝐿  𝜕 +  𝐼𝑃  ∙ 𝑀𝑊 ∙  𝑃 ∙ 𝜑 (1) 

0 = − (  −   ) ∙ 𝐴 𝜕𝐹𝑉  𝜕 +  𝐼𝑃  ∙ 𝑀𝑊 ∙  𝑃 ∙ 𝜑 (2) 

Where, 𝑑𝑀𝐿   is the change of mass holdup in liquid phase of component 𝑖, with respect to time; 

𝜕𝐹𝐿 𝑖𝜕  is the differential change of the component mass flow along the radial dimension of the 

RPB packing;   𝐼𝑃  , is the estimated interphase molar fluxes of each component, which are 

determined using surface renewal theory as described in Section 3.3; A is the area of mass 

transfer unit (𝑚 );  𝑃 is specific surface area of the packing (𝑚−1); 𝑀𝑊  is molecular weight 

of component 𝑖 ( ∙ 𝑚𝑜𝑙−1); φ is effective interfacial area ratio. 

The energy balance equations for the liquid phase and the vapour phase are presented in Eqs 

(3) and (4) respectively. 𝑑𝑈𝑑𝑡 = − (  −   ) ∙ 𝐴 𝜕𝐹𝐿 𝐻𝜕 +  𝑃 ∙ 𝜑(𝐻𝐿    𝑑 + 𝐻𝐿    𝑣 + 𝐻𝑎𝑏𝑠) (3) 

0 = − (  −   ) ∙ 𝐴 𝜕𝐹𝑉 𝐻𝜕 +  𝑃 ∙ 𝜑(𝐻𝑉    𝑑 + 𝐻𝑉    𝑣) (4) 

𝐻𝑎𝑏𝑠 =  𝐼𝑃    𝐶𝑂2 ∙ ℎ𝑎𝑏𝑠 (5) 
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Where, 
𝑑𝑈𝑑  is the change in energy holdup with respect to time; 

𝜕𝐹𝐿 𝐻𝜕  is the differential change 

of ‘energy flow’ along the radius of the RPB absorber; the liquid heat fluxes at gas-liquid 

interface including conduction, 𝐻𝐿    𝑑 , convection, 𝐻𝐿    𝑣  as well as the heat flux due to 

chemical absorption of CO2, 𝐻𝑎𝑏𝑠. The specific heat of absorption, ℎ𝑎𝑏𝑠  (J/mol), is estimated 

as a function of temperature and CO2 loading based on expressions in literature[31], presented 

in Eq. (6).  

ℎ𝑎𝑏𝑠 = 𝑅 (− 4 8 − ( 09 554𝛼 𝑇 ) − (680088 𝛼𝑇 ) + 3 670.0 𝛼) (6) 

Where, R is the gas constant with a value of 8.314 (𝐽 ∙ 𝐾−1 ∙ 𝑚𝑜𝑙−1); 𝛼 is the CO2 loading in 

liquid phase (𝑚𝑜𝑙 𝐶𝑂 / 𝑚𝑜𝑙 𝑀𝐸𝐴); T is the temperature of liquid phase (𝐾);  
3.3 Interphase mass transfer based on surface renewal theory 

Considering the turbulent flow inside RPBs, this study applied surface renewal theory [22] to 

describe the interphase mass transfer. Surface renewal theory regards the liquid as two regions: 

a large well-mixed bulk and an interfacial region that is exposed to the gas for different lengths 

of time and is renewed rapidly (see in Fig. 5). 

 

Figure 5. Sketch of interphase mass transfer based on surface renewal theory, adapted from 

Cussler [32] 

At a macro level, the interphase mass transfer rate based on surface renewal has the same 

formula with the film-based models, which is presented in Eq. (7).   𝐼𝑃  = 𝑘𝐿  (𝑐𝐼𝐹  ∗ − 𝑐𝐿  ) (7) 



14 

 

Interphase molar flux of component    𝐼𝑃     is determined based on the liquid mass transfer 

coefficient 𝑘𝐿(𝑚 ∙ 𝑠−1) , effective interfacial area   (𝑚−1) and the difference between the 

interfacial liquid-side saturated concentration 𝑐𝐼𝐹  ∗  (𝑚𝑜𝑙 ∙ 𝑚−3) and bulk liquid concentration 𝑐𝐿   (𝑚𝑜𝑙 ∙ 𝑚−3)  of component 𝑖  [32]. It should be noted that the interfacial liquid-side 

saturated concentration 𝑐𝐼𝐹  ∗  already takes both chemical reactions and physical solubility into 

account for this reactive absorption process as SAFT-VR EOS was applied. Otherwise, if e-

NRTL or another thermodynamic model is chosen, the interfacial liquid-side saturated 

concentration 𝑐𝐼𝐹   will be calculated only considering the physical phase equilibrium by 

Henry’s Law. In this situation, an enhancement factor [13] needs to be added to include the 

impact of the reaction to the mass transfer. So the application of SAFT-VR EOS significantly 

simplifies the calculations, especially for newly developed solvent or blend solvents.  

The mass transfer coefficient in Eq. (7) can be calculated by Eq. (8). Detailed derivation can 

refer to the study by Shen, Xu [33].  𝑘𝐿 = ( + 𝑠) (√ 𝑠 𝑒 𝑓(𝑠𝑡)0.5 + 𝑒−𝑠 √ ( 𝑡)⁄ ) (8) 

Where   is the diffusivity of CO2 in the solvent (𝑚 ∙ 𝑠−1), calculated by using N2O analogy 

method given by Versteeg and van Swaaij [34]; 𝑠 is surface renewal frequency (𝑠−1) and t is 

gas-liquid contact time (𝑠). 𝑒 𝑓 is the error function. 

The  surface renewal frequency s  was calculated by Eq. (9), cited from the study on rotating 

discs by Deng and Dai [35]. In their study, the surface renewal in a rotating disk was 

investigated including main factors for both low and high viscosity systems by using 

computational fluid dynamics. A correlation equation was presented in expression of the liquid 

phase Reynold Number and Froude Number, which considers effects of viscosity and velocity 

in the context of turbulent flows in centrifugal force field. More details can refer to the 

publication by Deng and Dai [35].  



15 

 

𝑠 =  𝛽 (    0 )−0.1 (𝜌𝐿   𝜇𝐿 )0.39 (9) 

Where   is rotating speed of the RPB motor (𝑠−1); 𝛽 is a parameter with a value of 0.235 in 

this study;   is equivalent radius of the mass transfer unit (𝑚);   is the angular velocity of the 

mass transfer unit (  𝑑 ∙ 𝑠−1);  0 is the standard earth gravity acceleration constant with a fix 

value of 9.807 (𝑚 ∙ 𝑠− ), 𝜌𝐿 is liquid density (𝑘 ∙ 𝑚−3); 𝜇𝐿 is liquid dynamic viscosity (𝑘 ∙𝑠−1 ∙ 𝑚−1). 
The gas-liquid contact time, t , can be calculated based on the liquid holdup and the fluid 

velocities [36] by Eqs. (10) and (11). 

𝜀𝐿 = 0.039 (    0 )−0.5 ( 𝐿 0)0.6 (𝑣𝐿𝑣0)0.   (10) 

𝑡 = 𝜀𝐿 𝐿 ∆  
(11) 

Where 𝜀𝐿  is the liquid holdup ratio,  𝐿  is the superfical liquid velocity (𝑚 ∙ 𝑠−1);  0 is the 

characteristic superficial velocity with a fix value of 0.0  (𝑚 ∙ 𝑠−1); ν is kinematic viscosity 

of liquid (𝑚 ∙ 𝑠−1); νo is the characteristic kinematic viscosity with a fixed value of  × 0−6(𝑚 ∙ 𝑠−1); ∆  is the difference of the radius  (𝑚) (refer to Fig. 4(b)). 

3.4 The effective interfacial area 

For gas liquid interfacial area inside stationary packed column, Onda’s correlation [18] is 

commonly used. Differed from stationary packed column, RPB can be operated at the different 

rotating speed. The superficial liquid velocity inside RPB changes at the different rotating 

speed, which should affect the gas-liquid interfacial area inside RPB. At the same time, the 

specific liquid load varies significantly in the radial direction inside RPB, especially for the 

small size RPBs which have large values for  o  i⁄ . Even when the liquid loads in the inner side 

of the packed bed are within the operation envelope, the liquid loads in outer side of packing 

may become too low to wet the packing well.  
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Considering above reasons, a distribution factor 𝛾  was added to the original Onda’s 

correlation[18] for the calculation of effective gas liquid interfacial area (seen in Eq. (12)).  

   𝑃 = 𝛾( − exp (− .45 (𝜎 𝜎 )0.75 ( 𝐿𝜌𝐿 𝑃𝜇𝐿)0.1 ( 𝐿  𝑃  )−0.05 ( 𝐿 𝜌𝐿𝜎 𝑃 )0. )) (12) 

Where, the distribution factor 𝛾 is expressed in Eq. (13).  

𝛾 =  ∙   𝑏 ( − exp (−(  𝑆𝐿𝐿 𝑀𝑊𝑅) )) 
(13) 

The first part of the expression,  ∙   𝑏, for the distribution factor (Eq. (12)) accounts for the 

effect of centrifugal acceleration. The second part of distribution factor,  − exp (−( 𝐿𝑆𝐿𝐿𝐿𝑀𝑊𝑅) ), 

accounts for the effect of liquid load for packing wetting.  𝑀𝑊𝑅 (𝑚 ∙ 𝑠−1)  is the minimum 

wetting rate for the liquid load. This depends on packing material and types, according to the 

expression in Eq.(14), taken from Kister, Haas [37]. 

 𝑀𝑊𝑅 = 𝛿 ( 96.86 𝑃 )0.5 (14) 

Where, δ is the minimum wetting rate for different materials of the packing used in RPBs. Its 

value can be found in Table 1 in Appendix A.   𝑆𝐿𝐿 (𝑚 ∙ 𝑠−1)  is the specific liquid load, which 

is the volumetric velocity of liquid per surface area of the packing, calculated by Eq. (15). 

 𝑆𝐿𝐿 =   𝑃 𝑃 
(15) 

Where, L is liquid volume flow rate (𝑚3 ∙ 𝑠− ) ;  𝑃  is the volume of the packing of the 

separation unit (𝑚3). 
Three parameters,   𝑏 and 𝑐, in Eq. (13) were regressed in this study based on 10 experimental 

cases (Day1_1 to Day1_10 experiment case in Table 2 in Appendix A). The regression was 

implemented by Least Squares method in Excel with Generalized Reduced Gradient (GRG) 

nonlinear solver considering that this is a smooth nonlinear problem. After regression,   𝑏 and 𝑐 get the values of 30.7, -0.631 and 0.2 respectively in this study.  
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4 Model validation with experimental data 

4.1 Experimental rig and analytical method 

The process flow diagram of the experimental rig is shown in Figure 6. A synthetic flue gas 

was produced at 12vol% CO2(g), 12 l/s flowrate, a temperature of 40°C and saturated humidity. 

Gas premixing is achieved using two gas mass flow controllers, mixing pure CO2 from a 

cylinder with a main supply of compressed air. A bubble column humidifier controls 

temperature and humidity for the synthetic flue gas. The MEA solution was stored in a feed 

tank, pre-heated to 40°C and preloaded to α = 0.2mol CO2 /mol MEA. This mimics conditions 

for lean MEA returning from a typical stripping operation. The MEA is delivered into the centre 

of the RPB using a gear pump and flowrates are measured using a Coriolis flowmeter. Figure 

7 shows the RPB rotor. The RPB rig has a packed bed with an outer diameter of 0.28 m and an 

internal diameter of 0.08 m. It has a radial packed depth of 0.10 m (i.e. 0.14 m – 0.04 m, 

equivalent to the height of the packed bed in a conventional absorber column). The packing 

used in the RPB absorber is Expamet stainless steel mesh, it has a specific surface area of 663 

m2/m3 and a void fraction of 0.801. The orientation of the rotor axis is horizontal. The RPB 

absorber can be rotated at speeds of 300 – 1000 rpm. The lean MEA solution enters the RPB 

via a liquid distributor onto the inner side of the packing. CO2/air mixture enters the RPB casing 

from the outer side of the packing.  

The performance of the experimental RPB was determined from measurements of CO2 gas 

concentrations at the inlet and outlet of the RPB. This used two CO2 gas analysers Geotech 

G100, supplied by QED Environmental Systems Ltd., shown as AI in Figure 6. Liquid samples 

were also tested to close the mass balance. The lean solvent was sampled immediately before 

the experiment, and the liquid outlet was sampled for each experimental data point. The 

samples were analysed using a direct titration method based on Chang [38].  
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Figure 6. Process flow diagram of the pilot plant  

 

Figure 7. The RPB rig and packing material 

The test campaign used 33, 42, 62 wt% MEA solvent to absorb CO2 from the flue gas with a 

flow rate of 53 kg/h and CO2 concentration of 12.0 mol%. The solvent flow rate varied from 

105.5 to 317.5 kg/hr and the rotating speeds of the RPB rig were set at 300, 650, 1000 rpm 

respectively. 

4.2 Results from steady state model validation 

The experimental data for model validation include the inputs and measurements for all 65 

experiment cases (refer to Table 2 in Appendix B). Fig. 8 presented validation results between 
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experimental data and model predictions on CO2 mole fraction in gas outlet and on the 

temperature of liquid outlet. It can be seen that the model predictions are in very good 

agreement with the experimental data and most of the errors are around 5%. For predictions of 

CO2 mole fraction in gas outlet, the largest deviations are from four data points for 62 wt% 

MEA at 1000 rpm rotating speed and at 5.5 L/G ratio, these have errors around 10.0%. It was 

also noticed that, in most case, the model predictions of liquid outlet temperature are lower 

than experimental measurements. One reason may be that the model does not consider the heat 

generated by pressure loss from the fluids and mechanical friction of the rotation movement. 

 

(a)                                                                     (b) 

Figure 8. Validation results by comparing (a) the CO2 concentration in gas outlet, and (b) the 

temperature of liquid outlet 

5 Process analysis of RPB absorber at pilot plant scale 

Using the validated model, steady state and dynamic process simulations were carried out for 

a RPB at the pilot plant scale with same equipment size as the experiment rig and consistent 

operating conditions with the test campaign, including (1) CO2 lean loading in the range of 0.2-

0.25 mol CO2/mol MEA; (2) L/G ratio in the range of 2-6 kg/kg; and (3) rotating speed in the 

range of 300 – 1450 rpm. 
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It should be noticed that the CO2 capture levels were not push to 90% in the case setups in this 

section considering current research level about RPBs. There are two approaches to push CO2 

capture level to 90%. The first approach is to use extreme operating conditions, such as high 

L/G ratio and low CO2 loading. However, that will lead to high energy demands and are not 

consistent with the industrial applications. The process analysis under these extreme operating 

conditions may weaken the effects of other variables. The second approach is to increase the 

height of the packed bed. However, there are few studies on that for RPBs. The scale-up effect 

could be very significant by simply increasing the height of the packing in RPBs because of 

the geometric structure of the equipment. It is hard to evaluate the uncertainties at this stage. 

5.1 The Base Case  

The base case was set up at the pilot plant scale and the inputs and operating conditions are 

presented in Table 2.   

Table 2. Inputs and operating conditions of the base case  

Description Value 

Flow rate of flue gas (kg/h) 61.2 

Composition of flue gas (mass fraction) CO2:0.209; H2O:0.042; N2:0.748  

Flue gas temperature (oC) 40.0 

Flow rate of lean solvent (kg/h) 244.8 

MEA concentration in lean solvent (wt%) 50.0 

CO2 loading in lean solvent (mol CO2/mol MEA) 0.2 

Lean solvent temperature (oC) 35.0 

Rotating speed (rpm) 650 

Operating pressure of the RPB absorber (bar) 1.0 
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Figure 9. Process simulation results: (a) CO2 concentration profiles in vapour and liquid 

phases along radial direction, and (b) temperature profiles for vapour and liquid phases along 

radial direction. 

As the radial depth of the packed bed inside this RPB is only 0.10m (equivalent to the height 

of packed bed in a stationary column), the CO2 capture level is around 15.72%.  Fig. 9 (a) 

shows that the changes in CO2 concentrations are slow in both phases, which means that the 

driving force for CO2 mass transfer does not change too much. Fig. 9 (b) illustrates that the 

liquid temperature sharply from inner side to outer side of the RPB whilst the vapour 

temperature does not change too much. The vapour temperature at outer side is decided by the 

gas feeding temperature (40 C° in this case) and the temperature of inner side of RPB is 

dominated by the liquid feeding temperature (35 C° in this case). In this situation, there usually 

is an obvious temperature bulge inside stationary CO2 absorbers. However, the equivalent 

height of the packed bed is only 10cm in this RPB. The results reflect that heat transfer between 

vapour and liquid phases are not effective in such short flow path and contact time.  

Fig.10 (a) shows change of the centrifugal acceleration in proportion to the radius, which has 

large impacts on mass transfer relevant parameters. Fig.10(b) indicates that the effective 

interfacial area ratio varies significantly along radial direction inside the RPB absorber. One 

reason may be that the liquid load changes as a result of varying cross-sectional area, and it 
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may be in a good operating point in the inner side of the packing but could decrease to a value 

lower than the minimum wetted rate near the outer side. Fig.10(c) illustrates the increase in 

surface renewal frequency from inner side to outer side of the packing. The centrifugal 

acceleration promotes fluid turbulence, which accelerates the surface renewal. Fig.10(d) 

depicts the liquid mass transfer coefficients along radial direction inside the RPB absorber.  

 

Figure 10. Parameters inside the RPB for base case by process simulation: (a) centrifugal 

acceleration, (b) effective interfacial area ratio, (c) surface renewal frequency, and (d) liquid 

mass transfer coefficient 

5.2 Case studies through steady state simulation 

5.2.1 The effect of rotating speed  

Based on the underpinning principle of RPBs, the rotating speed of the motor should have a 

big impact on absorption performance. In this case study, the rotor speed was varied from 

300 rpm to 1450 rpm with other inputs the same as the base case. The aim of this case study is 
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to understand the relationship between rotating speed and CO2 absorption performance of the 

RPB absorber. 

 

Figure 11. CO2 capture level in function with rotating speed 

Fig.11 presents the effect of varying rotor speed on CO2 capture level for 50 wt% MEA 

concentration in the solvent. The results show that CO2 capture level rises with increase in rotor 

speed from 300rpm to around 1450rpm. Its trend becomes a little flat at the high rotating speed. 

It is a result of nonlinear interaction of many variables. Four key variables were plotted in Fig. 

12 to tentatively explain the reason. With increasing rotating speed, the centrifugal acceleration 

increases significantly (seen in Fig.12 (a)). This causes higher surface renewal frequency (seen 

in Fig.12 (b)) resulting in higher liquid mass transfer coefficient (seen in Fig.12 (c)). However, 

centrifugal accelerations inside the RPB absorber are as high as 100-350 times Earth’s gravity 

at rotating speeds of 1150-1450 rpm. In this situation, the liquid has lower hold-up and 

therefore less residence time. As a result, the effective interfacial area ratio decreases at the 

high rotating speed (seen in Fig.12 (d)). That may be the reason why the increase rate of CO2 

capture level diminishes at the high rotating speed. 

Moreover, it can be found that   ∝    −0.533 and 𝑘𝐿 ∝    0.74 at the inner side of RPB whilst   ∝   −0.5 6 and 𝑘𝐿 ∝    0.783 at the outer side of RPB. Thus, the volumetric liquid mass 

transfer coefficient 𝑘𝐿  ∝    0. 07 at the inner side of RPB and 𝑘𝐿  ∝    0. 57 at the outer 

side of RPB. The proportionality exponents are lower than the study by Vivian, Brian [12] 
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(𝑘𝐿  ∝    0.41−048) and close to the predictions by Chen, Lin [39] (𝑘𝐿  ∝   0. 9)  and 

Munjal, Duduković [40] (𝑘𝐿  ∝   0.315−0.373). They also falls in the range of 1/6 -1/3 by the 

theoretical studies[10, 11].  

 

                                (a)                                                                   (b) 

 

                                      (c)                                                                    (d) 

Figure 12. Mass transfer relevant parameters inside the RPB absorber (a) centrifugal 

acceleration, (b) surface renewal frequency, (c) liquid mass transfer coefficient, and (d) 

effective interaction area ratio 
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other inputs consistent with the base case, to investigate the effect of L/G ratio on the 

performance of the RPB absorber. 

 

Figure 13. CO2 capture level in function with L/G ratio in mass 
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Figure 14. Mass transfer relevant parameters inside the RPB absorber (a) temperature of liquid 

phase, (b) liquid mass transfer coefficient, (c) CO2 loading in liquid phase, and (d) effective 

interfacial area ratio 

Fig.13 shows that CO2 capture level increases with increase of L/G ratio from 2 to 6 kg/kg. 

The liquid temperature profile goes down with the increase of L/G ratio ((see Fig.14(a)) due to 

higher liquid mass flow, which then results in high viscosity. However, higher flow rate of the 

liquid may enhance the fluid turbulence. Under the coactions of these two factors, the surface 

renewal frequency decreases slightly with higher L/G ratio. Higher flow rate of liquid phase 

also shortens the liquid-gas contact time. As a result, liquid mass transfer coefficient increases 

slightly at high L/G ratios (see Fig.14(b)). Two other major contributors are from changing of 

CO2 loading and the effective interfacial area. The increments of CO2 loading in the liquid 

shown in Fig.14(c) are not such big because the capture levels are only around 12-20%. If the 

carbon capture level increases to 90%, CO2 loading will have more significant impact to the 

absorption performance. Another effect of higher liquid flow rate is the increasing of effective 

interfacial area (see Fig.14(d)), which benefits the overall capture efficiency. 

5.2.3 The Effect of MEA concentration in solvent 

Increased MEA concentration in the solvent leads to higher capture levels but greater tendency 

for equipment corrosion. A good understanding is needed firstly to explore the optimal range 

of MEA concentration based on absorption performance of RPBs. In this case study, MEA 

concentration in the lean solvent was varied from 30 wt% to 80 wt% whilst the flow rate of the 

lean solvent is kept at 244.8kg/h and other inputs are consistent with the base case.  
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Figure 15. CO2 capture level in function with MEA concentration in lean solvent 

Fig.15 shows that CO2 capture level increase with the increase of MEA concentration from 

30wt% and then reach an optimal point nearby 70wt%. This outcome is consistent with the 

experimental results. Looking back to Fig.8(a) in Section 4.2, the improvement of CO2 

absorption efficiency from 33wt% MEA solvent to 42wt% MEA solvent is more significant 

than from 42wt% MEA solvent to 62wt% MEA solvent. In the experimental study by Jassim, 

Rochelle [13], it is also noticed that the CO2 efficiency decays for higher MEA concentration 

(≥70wt%) solvent cases.  
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(c)                                                                             (d) 

Figure 16. Mass transfer relevant parameters inside the RPB absorber (a) saturated CO2 

concentration at liquid side interface, (b) liquid viscosity, (c) surface renewal frequency, and 

(d) liquid mass transfer coefficient 

Fig.16 examines the values of key parameters along radial direction. It can be seen that the 

saturated CO2 concentration at the liquid-side interface for 80 wt% MEA case is much higher 

than 30 wt% (see Fig.16 (a)). Higher MEA concentration cases have higher viscosities (see 

Fig.16 (b)) which leads to lower surface renewal frequencies (see Fig.16 (c)). As a result, the 

liquid mass transfer coefficients decrease for higher MEA concentration cases (see Fig.16 (d)). 

The effective interfacial area slightly also decreases at higher MEA concentration cases, due 

to the increased viscosity of the solvent. 

However, other features of the solvent such as foaming, degradation and causticity may change 

with the increasement of MEA concentration. More studies on this point are meaningful and 

required for PRB’s industry scale applications. 

 

5.3 Case studies through dynamic simulation 

The two case studies below explore the dynamic behaviours of the RPB absorber. These 

replicate typical operations when connected to a power plant. 
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5.3.1 Decrease of the flow rate of the flue gas 

In this case, the flow rate of the flue gas decreases from the load of the base case (100%) to 

50% load. There are two possible operation strategies: either keeping same flow rate of the lean 

solvent or decreasing the flow rate of the lean solvent from 100% to 50% correspondingly. So 

two operating scenarios were set up for the case study as follows (also illustrated in Fig.17).  

•Scenario-A: Change of the flow rate of the flue gas without changing lean MEA flow rate. 

•Scenario-B: Change of the flow rate of the flue gas with corresponding change in the flow 

rate of the lean solvent. 

 

Figure 17. Sketch of changing the flow rates of the flue gas and the lean solvent  

Fig. 18 displayed the capture level changing with time for these two scenarios. It is certain that 

the capture level increases for Scenario-A because keeping same flow rate of lean solvent 

means L/G ratio increase significantly, which improves the absorption efficiency. In Scenario-

B, the liquid and vapour loads per volume of packing actually decrease to 50% although L/G 

ratio was kept constant. That leads to lower fluid turbulence, resulting in a slight decrease in 

the liquid mass transfer coefficient. The effective interfacial area ratios also decrease but its 

decreasing amplitude is much less than 50%. As an overall result, the capture level still slightly 

increases with same L/G ratio.  
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Figure 18. Capture level changes with time 

According to the above discussions, one preferable operation strategy for decrease of the flue-

gas (for example as power plants switch to low-load operation) is to decrease the flow rate of 

lean solvent (Scenario-B) for cost saving purpose. 

5.3.2 Increasing the flow rate of lean solvent  

This case study explored the dynamic performance of increasing the lean solvent flow rate to 

improve the carbon capture level. Considering short residence time of the liquid inside the RPB 

absorber that results from small liquid holdup in the pilot-scale rig, the total length of the 

simulation time is 6 seconds. The flow rate of the lean solvent was ramped from 50% to 100% 

and then to 150% of the base case, with disturbances introduced at 2 second intervals.  

 

Figure 19. Capture level changes with time when increasing lean solvent flow rate 

0 10 20 30 40 50 60 70 80 90 100

10

15

20

25

30

35

C
O

2
 C

a
p
tu

re
 l
e
v
e

l 
(%

)

Time (s)

 Capture level in Scenario-A

 Capture level in Scenario-B

0 1 2 3 4 5 6
5

10

15

20

25

 Capture level

 Flow rate of lean solvent

Time (s)

C
a

p
tu

re
 l
e
v
e

l 
(%

)

0.04

0.08

0.12

0.16

0.20

 F
lo

w
 r

a
te

 o
f 
le

a
n
 s

o
lv

e
n

t 
(k

g
/s

)



31 

 

Fig.19 illustrated the capture level changing with the increase of the lean solvent flow rate. The 

response time of the system is around 1 seconds before becoming stable, which indicates the 

RPB absorber has a very fast response time to process disturbance. That is consistent with the 

experimental observations related with RPB dynamics during the experiments originally 

designed for study on liquid hold-up inside RPB by Keyvani and Gardner [41] and Burns, Jamil 

[36].  Compared with static packed column, RPB has smaller equipment size and less liquid 

hold-up. These two features result in much low total liquid hold-up in RPB, which leads to its 

fast dynamic. This fast dynamic response is a great advantage for PCC to equip with upstream 

processes such as gas turbine power plants. 

6 Conclusions  

This paper presents the development of a novel dynamic model of the RPB absorber for an 

intensified MEA-based carbon capture process. The RPB absorber model was developed based 

on surface renewal theory for mass transfer. SAFT-VR EOS was used for the thermodynamic 

model. The model can predict the distributed mass transfer coefficients and other parameters. 

The steady state model validation results showed good agreements between model predictions 

and experimental data for 33, 42% and 62% MEA solvents cases. This provides great 

confidence in this model as an effective tool for research and design of RPB processes. 

Process analysis was performed for the base case initially, to explore the parameters relevant 

to mass transfer. Case studies were carried out through both steady state and dynamic 

simulations, using the validated model to investigate the impact of different rotating speeds, 

L/G ratios and MEA concentrations on the mass transfer performance. The results show that 

the mass transfer coefficients will increase significantly from inner side to outer side of the 

RPB absorber whilst the effective interfacial area ratio between liquid and gas reduces with 

increase of rotating speed of RPBs. The optimal point of MEA concentration is around 70wt%, 

higher than conventional stationary column. Dynamic simulation of decreasing of the flue gas 

flowrate, and increasing the lean solvent flow rate, were performed respectively. Simulation 
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results reveal that the RPB absorber has fast responses, which is a great advantage when carbon 

capture plant is applied to power plants requiring fast dynamics such as natural gas-fired 

combined cycle power plants. 
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