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Abstract 

Rotating packed bed (RPB) system has applications in CO2 removal using chemical solvents which can 

reduce the size about ten times compared to common packed bed (PB) system. In this study, RPB 

stripper using monoethanolamine (MEA) solution is modelled in gPROMS® software. The model has 

been validated using experimental data from literature and show good agreement. In addition to stripper 

modelling and validation, the process analysis is accomplished in this study by assessing the influence 

of four parameters namely rotor speed, reboiler temperature, flow rate of rich liquid, and pressure on 

desorption efficiency and desorption energy.  
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Nomenclature 𝑎𝑔𝑙  Gas − liquid interfacial area (m2 m3⁄ ) 𝐶𝑖 Molar concentration of component i in liquid phase (kmol/m3) 𝐸𝑖 The enhancement factor of component i 𝐹 The flow rate of the liquid stream leaving the stripper (kmol/s) 𝐹𝑔 The molar flow rate of the gas phase in RPB (kmol/s) 𝐹𝑙 The molar flow rate of the liquid phase in RPB (kmol/s) 𝐻𝐹  Liquid enthalpy entering the reboiler (kJ/mol) 𝐻𝐿  Liquid enthalpy leaving the reboiler (kJ/mol) 𝐻𝑉  Vapor enthalpy leaving the reboiler (kJ/mol) ℎ𝑔𝑙 Heat transfer coefficient (W/(m2. K)) 𝐻𝑒𝑙,𝑖 Henry’s constant of component i in liquid solution (kPa.m3/kmol) ℎ𝑜𝑢𝑡 The wall heat transfer coefficient of stripper 𝑘𝑔,𝑖 Mass transfer coefficient of component i in the gas phase (m/s)  𝐾𝑔,𝑖 Overall mass transfer coefficient of gas for component i (kmol/(m2. kPa. s)) 𝐾𝑒𝑞  Equilibrium reaction constants 
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𝑘𝑙,𝑖 The mass transfer coefficient of component i in the liquid phase (m/s)  𝑘𝑜𝑏𝑠 Observed reaction rate constant based (1/s) 𝐾˗value𝑖  Vapor-liquid equilibrium ratio 𝐿 The flow rate of liquid stream leaving the reboiler (lean MEA liquid stream) (kmol/s) 𝑁𝑖 Molar flux of component i (kmol/(m2.s)) 𝑃𝑖  The partial pressure of component i in the bulk gas (kPa) 𝑃𝑖∗ Equilibrium partial pressure of component i corresponding to its concentration  in the bulk liquid (kPa) 𝑃𝑚𝑜𝑡𝑜𝑟  The motor power (kW) 𝑄𝑙  Volumetric flow rate of liquid phase (l/min) 𝑄𝑟𝑒𝑏  Heat duty of reboiler (kW) 𝑞𝑔 Heat transfer flux in gas phase (W/m2) 𝑞𝑙 Heat transfer flux in liquid phase (W/m2) 𝑞𝑙𝑙𝑜𝑠𝑠 Heat loss from liquid phase to ambient 𝑅𝑖  The inner radius of RPB (m) 𝑅𝑜 The outer radius of RPB (m) 𝑅𝑔 Universal gas constant (kPa.m3/(kmol. K)) 𝑇𝑎𝑚𝑏  The ambient temperature (K) 𝑇𝑔 Gas phase temperature (K) 𝑇𝑔,0 Gas phase temperature in the inlet (K) 𝑇𝑙  Liquid phase temperature (K) 𝑇𝑙,0 Liquid phase temperature in the inlet (K) 𝑉 The flow rate of vapour stream leaving the reboiler (kmol/s) 𝑥𝑖  The mole fraction of component i in the liquid phase  𝑥0 The mole fraction of component i in the inlet liquid phase (initial mole fraction) 𝑦𝑖  The mole fraction of component i in the gas phase  𝑦0 The mole fraction of component i in the inlet gas phase (initial mole fraction) 𝑧𝑖  The mole fraction of component i in the inlet to reboiler 

Z The axial height of the packing (m) 
Greek Symbols  𝛼𝐶𝑂2  CO2 loading (mol CO2/mol MEA) 𝜀 The porosity of packing (m3/m3) 𝜀𝐿 Liquid hold-up ∆𝐻𝐷𝑒𝑠  The heat of desorption of CO2 (J/kmol) ∆𝐻𝑣𝑎𝑝 The heat of vaporization of H2O (J/kmol) 

 

Abbreviations 

 

AARD Average absolute relative deviation 

ARD Average relative deviation 

CFDM Centred finite difference method 

GA Genetic algorithm 

GJ Gigajoule 

MLR Multiple linear regression 

PB Packed bed 

RPB Rotating packed bed 

VLE Vapor liquid equilibrium  
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1 Introduction 

1.1 Background 

Global warming is a very serious problem and anthropogenic CO2 emission is one of the biggest 

contributors to this phenomena [1]. Most of the CO2 are emitted from different industries. For instances, 

coal combustion in a 500 MWe coal-fired power plant produces 8000-10000 tons of CO2 per day while 

a similar capacity natural gas combined cycle power plant produces about 4000 tons of CO2 per day. 

Through carbon capture and storage (CCS), the CO2 emitted from these sources can be prevented from 

entering the atmosphere. CO2 separation in carbon capture process can be achieved through different 

technologies: absorption, adsorption, membrane, and cryogenic among others. Among these 

technologies, absorption in which a liquid solution (solvent) is used to capture CO2 from the gas stream 

is the most matured and commercially-ready option. Different solvents categorized as chemical, 

physical and chemical-physical are applied in absorption processes [2]. Among these solvents, amines 

which are chemical solvents with monoethanolamine (MEA) as a typical example are the commonest 

options for gas stream applications with low CO2 partial pressure e.g. power plant flue gases. MEA is 

well researched in literature and is considered to be the benchmark solvent in this process.  

The CO2 absorption process contains different unit operations which one of the most important and key 

units is the stripper. This unit, which is also well-known as regenerator or desorber, regenerates the 

solvent by using the maximum energy that is required in the CO2 capture system. It should be noted 

that about 60% of the required energy in CO2 capture process using absorption is utilized to regenerate 

the solvent and this high energy consumption has been considered a big obstacle for solvent-based 

technology [3]. Three important strategies have been used to decrease the energy requirement of stripper 

(a) development of new solvents or improvement of existing solvents by adding other solvents (solvent 

mixtures) [4]; (b) improvement of the process (e.g. by increasing mass and heat transfer by using RPB) 

[5], membrane [6] or changing the process configuration [7]); (c) optimization of operating parameters 

of the process (e.g. CO2 loading and solvent concentration) [8]. 

In order to assess the impact of different operating conditions on the process configuration and solvent 

type, the stripper model development is necessary. A validated and trustable stripper model can be used 



4 

 

for optimization, scale up, process analysis, configuration analysis and finding the best operating 

parameters. The insight from the assessment also will be useful for solvent development, process design 

and development. This will also improve the understanding of the stripper operation and inspire energy-

saving designs to reduce the energy penalty of the process. Finally, it will support commercial-scale 

stripper design and development [9]. In the stripper, CO2 strips form the solvent and the solvent can be 

recycled to the absorber. When the partial pressure of CO2 in the gas phase is smaller than the 

equilibrium partial pressure of CO2 in the rich solution, the desorption phenomena happens. When MEA 

is the solvent, the typical reboiler temperature changes from 110 to 120 oC and it is recommended avoid 

liquid temperatures more than 120 oC in the stripper column due to solvent degradation issue [10]. The 

required heat for the stripper (desorption heat duty) is provided by steam in the reboiler and can be 

estimated as the contribution of three terms: 

(i) The heat of desorption to reverse the chemical reactions between the solvent and CO2 (heat 

of reaction) and breaking the chemical bonds between CO2 and solvent and drive out the 

CO2 from the liquid (heat of dissolution). 

(ii) Latent heat of vaporization to produce steam to decrease the solubility of the CO2 in the 

solution and the partial pressure of CO2 in the gas phase. 

(iii) Sensible heat to heat up the rich amine solution for the solvent desorption in the stripper 

column.  

Oxemann and Kather [11] described the importance of accounting all three contributors in the overall 

desorption heat duty. They reported that in many solvent screening studies the authors considered only 

one contributor (heat of desorption) to select the solvent and neglected the two other contributors. This 

assumption will result in a misguiding conclusion. The temperature of reboiler will also determine the 

CO2 loading in the lean MEA liquid stream that will affect the CO2 absorption in the absorber column. 

Therefore, the temperature of reboiler is a key operational constraint that must be controlled properly 

[10].  

Despite the importance of stripper in the CO2 capture process, there are a few numbers of experimental 

studies available in the literature. The performance of MEA and DEA solutions is compared 

experimentally by considering different stripping conditions in a lab pilot plan packed bed [12]. The 
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authors investigated the relationship between regeneration energy and operation conditions of the 

stripper. They suggested two methods to decrease the heat duty of reboiler the first one is the application 

of proper solvent flow rate and also proper lean loading and the second one is the application of higher 

concentrations of solvents up to a certain level. They also reported that the performance of rich/lean 

heat exchanger has a great effect on the reboiler heat duty. In another experimental study, the energy 

requirement for CO2 capture using MEA and MEA-MDEA solutions was examined [13]. They 

examined the effect of different parameters on the energy consumption of the packed bed system. 

In addition to experimental studies, different stripper model studies are presented for packed beds (PBs) 

[14, 15]. According to literature, modelling of the stripper is more complex in comparison with the 

absorber. In addition to the stripper column model, the model of reboiler and in some cases the 

condenser are required as well. One of the first stripper modelling studies is presented by Weiland et 

al. [16]. The authors mentioned that for stripper the chemical reactions should be considered as 

reversible reactions and hence chemical thermodynamics come in the stripping calculations [16]. The 

authors also mentioned that in desorption, the mass transfer resistances in both gas and liquid phases 

have equal importance. This is unlike the absorption process which liquid phase resistance, is 

predominant mainly. Mores et al. [15] optimized the operating conditions (pressures, temperatures and 

flow-rates) and dimensions (diameter and height) of the MEA desorption unit using nonlinear 

programming (NLP) mathematical model in GAMS. The authors used the equilibrium stage approach 

by using Murphree efficiency. Khalilpour and Abbas [17] explained in detail that the most critical and 

important parameters in stripper are reboiler pressure and temperature and gas stream flow rate in the 

column. They described different constraint required for design and modelling of the stripper. Li and 

Keener [18] reviewed different studies on stripper using a different type of solvents. The authors 

compared and discussed the implementation of different solvents, the recently established methods, the 

addition of acids, membrane equipment, and dual alkali method with the usual heating process. In 

addition to mentioned stripper modelling studies, there are some studies that focused on the process 

configuration for stripper [7, 19].  

The energy consumption in the stripper can be reduced through process improvement. Process 

intensification (PI) is a typical technology for process improvement and has been applied successfully 
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in different areas. Among all the PI technologies studied, rotating packed bed (RPB) proves to be the 

most suitable for intensified carbon capture process due to its scalability and some researchers have 

successfully used RPB instead of PB for CO2 capture applications [20]. It has also been used in other 

gas-liquid processes such as H2S absorption [21], liquid-liquid processes such as liquid liquid extraction 

[22] and also in solid-liquid processes such as adsorption. As mentioned in the previous study [23], 

utilizing RPBs can increase the mass transfer rate significantly which leads to substantial size and 

weight reduction of the equipment. In addition, RPBs can reduce the energy consumption due to lower 

solvent inventory compared to PBs. In RPBs, stronger solvent concentration are mainly used and this 

contributes to lower solvent circulation rate. In MEA case, the stronger solution has lower heat capacity 

and water fraction which contributes to overall lower sensible heat duty [24]. 

 The RPBs also showed a wider flooding limit. The wider flooding limit is mainly due to centrifugal 

forces, which allows for higher L/G ratio without flooding. This is also the main reason for the reduced 

size of the RPB-stripper. Furthermore, the RPBs are appropriate for short contact time instances because 

of the reduced packing volume of the RPBs. It was also reported that the RPB has better self-cleaning 

and avoidance of blocking in comparison with PBs. Similar to PB, RPB can be utilized as both absorber 

and stripper [20]. The total cost of the RPB-based process is expected to be lower. Joel [25] showed 

that the total cost of RPB-based solvent CO2 capture for capture from an NGCC power plant is about 

€61/tCO2 compared to about €65/tCO2 for the PB-based technology. 

1.2 Review of previous studies on RPB stripper modelling 

Even for PBs, the number of studies performed for the modelling of the stripper is considerably less 

than the number of studies done for the absorber. In the case of RPB stripper, there is only one study 

which is performed by Joel et al. [26]. The authors utilized ASPEN PLUS® in combination with 

FORTRAN®. They used visual FORTRAN® as subroutines and inserted the mass transfer coefficients 

equations for liquid and gas phases, heat transfer coefficient, and hydrodynamic parameters appropriate 

for RPB system. They dynamically linked FORTRAN® with ASPEN PLUS®. They used two sets of 

experimental data to validate their model. The data presented by Jassim et al. [27] and data of Cheng et 

al. [5] are used to validate their model. After the validation of the model, they performed process 
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analysis. Furthermore, the authors compared the RPB and PB stripper models under the same process 

conditions and reported a volume reduction of 9.691. Therefore, the current study is the first process 

modelling of RPB stripper using equation-oriented approach. In this approach, all the governing 

equations of the system are considered by the researcher and the related models to predict physical 

properties can be selected according to the system. Therefore, using the approach help the researcher to 

understand the effect of different parameters clearly and change them easily to achieve the appropriate 

results [28].  

1.3 Novel contributions of the study 

This is the first equation-oriented distributed steady state rate-based model on RPB stripper system 

developed in gPROMS®. Four novelty of this study are: (a) a steady state first principle rate-based 

model for RPB stripper via equation-oriented approach was developed and fulfilled in gPROMS®. The 

model is validated using the data from literature [5, 27]; (b) experimental data of partial pressure of CO2 

from literature are correlated using regression method and the correlation utilized to calculate the partial 

pressure of CO2 and heat of desorption in the RPB stripper; (c) the K-value required in reboiler 

calculations is constructed using data from Aspen Plus and using GA-MLR method; (d) the process 

analysis done to realize the influence of different operating parameters on the modelling results and the 

results are compared with the process analysis reported by Cheng et al. [5] and also Joel et al. [26]. 

Different and inclusive conditions of changing rotor speed, reboiler temperature, rich liquid flow rate, 

and pressure are considered in these analyses. 

2 Model development 

In order to develop the steady-state RPB stripper model, some assumptions have been considered as 

follow: 

 The gas phase is ideal and contains CO2, H2O, and N2  

 The liquid phase consists of CO2, H2O, MEA, and ionic species namely HCO3−, CO32−, OH−, H3O+, MEAH+, and MEACOO− 

 The model accounted only mass transfer flux of CO2, H2O, N2, and MEA 
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 Fluid flows in radial direction 

 There is no any end effect in the RPB stripper and all the reactions happen in the liquid film 

 The phases contact to each other counter currently 

 The specified rich loading is achievable from the absorber (the absorber was not modelled in 

this study) 

 The reboiler is in vapor-liquid equilibrium  

In continue of this section the main elements of RPB stripper model are presented in great detail. It 

should be noted that, due to the high-temperature difference between stripper and ambient, heat losses 

are also taken into account.  

2.1 Equations for stripper 

In the RPB the radial direction is considered as the direction of concentration change for the 

components. The mass and heat balances (the governing equations) for both phases can be written as 

follow [24]: ∂(Fgyi)∂r = aglNi (2πrz)         B. C. : {at r = Ro ∶  yi = y0        at r = Ri  ∶  ∂(Fgyi)∂r = 0 (1) 

∂(Flxi)∂r = aglNi(2πrz)           B. C. : {at r = Ri  ∶  xi = x0         at r = Ro ∶  ∂(Flxi)∂r = 0  (2) 

∂(FgCpgTg)∂r = aglqg(2πrz)   B. C. : {at r = Ro ∶  Tg = Tg,0               at r = Ri  ∶  ∂(FgCpgTg)∂r = 0  (3) 

∂(FlCplTl)∂r = aglql(2πrz)     B. C. : {at r = Ri ∶  Tl = Tl,0               at r = Ro  ∶  ∂(FlCplTl)∂r = 0  (4) 

2.2 Equations for reboiler 

The most important part of a stripper unit is reboiler that provides the required heat for desorption. The 

reboiler model in this study represented as a single equilibrium steady-state stage. The reboiler 

equations are flash calculation as follow [29]: F = L + V (5) 
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ziF = xiL + yiV (6) 

∑xi = 1,∑yi = 1 
(7) 

K˗valuei = yixi (8) 

FHF + Qreb = LHL + VHV (9) 

F is the flow rate of the liquid stream leaving the stripper and is the inlet to the reboiler. L is the flow 

rate of the liquid stream leaving the reboiler (lean MEA liquid stream). V is the flow rate of the vapor 

stream leaving the reboiler and is the inlet to the bottom of the stripper. HF and HL are liquid enthalpies 

entering and leaving the reboiler. HV is the vapor enthalpy leaving the reboiler and Qreb is the heat duty 

of reboiler. K-values are values to calculate the VLE which is required for reboiler. The K-values data 

are collected from Aspen Plus® by considering a range of mole fraction and temperatures. In order to 

find the best parameters effective on the K-values, the genetic algorithm in combination with multiple 

linear regression (GA-MLR) is used to develop a regression model for K-values in Matlab (see section 

2.6).  

2.3 Mass and heat rate equations 

The two-film theory has wide applications in modelling CO2 absorption and desorption in different 

types of absorbers and strippers when describing the mass transfer between two liquid and gas phases. 

This theory offers simpler mathematical equations and also a considerable number of mass transfer 

coefficient correlations were developed based on this theory. In the current study, the following mass 

transfer flux is considered [30]: Ni = Kg,i(Pi − Pi∗) (10) 

where Pi and Pi∗ (kPa) are the partial pressure of component i in the gas phase and the equilibrium partial 

pressure of component 𝑖 in the bulk liquid, respectively. Kg,i is the overall mass transfer coefficients of 

component i based on the gas phase that is estimated by the subsequent equation [30]: 1Kg,i = RgTgkg,i + Hel,iEikl,i (11) 
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where kg,i and kl,i are the gas and liquid side mass transfer coefficient of component i, respectively. 

The effect of chemical reaction in the system on the mass transfer is considered utilizing the 

enhancement factor (Ei). Hel,i is Henry's constant for insoluble gases in the liquid phase. In the liquid 

phase for solvents namely water and monoethanolamine, the resistance to mass transfer is insignificant. 

Therefore, the following mass transfer rate equations are used in the modelling of RPB stripper [30]: 

NMEA = kg,MEARgTg (PMEA − PMEA∗ ) (12) 

NH2O = kg,H2ORgTg (PH2O − PH2O∗ ) (13) 

NCO2 = 1RgTgkg,CO2 + Hel,CO2ECO2kl,CO2 (PCO2 − PCO2∗ ) 
(14) 

In Eq. (12)-(14), the multiplication of mole fraction in the gas phase and the total pressure of gas phase 

(P) result in Pi values and the VLE calculations (Section 2.5) provide Pi∗ values. The heat transfer rate 

can be written as [31]: qg = hgl(Tl − Tg) (15) ql = hgl(Tl − Tg) + ∆HDesNCO2 + ∆HvapNH2O + qlloss (16) 

where hgl is the heat transfer coefficient, Tl and Tg are the temperature of the liquid and gas phase, 

respectively. ∆HDes is the heat of desorption of CO2, ∆Hvap is the heat of vaporization of H2O. The heat 

loss in the stripper is calculate based on the temperature difference between liquid temperature and 

ambient temperature [10]:  qlloss = hout(Tl − Tamb) (17) 

where hout is the heat transfer coefficient of the wall of stripper and Tamb is the ambient temperature.  

2.4 Effects of chemical reactions on the model 

When the rate-based modelling approach is considered, the influence of chemical reactions should be 

accounted for in the main governing equations of the system.  
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2.4.1 Chemical reactions 

When CO2 absorbs in the MEA aqueous solution, the following reactions may occur. These reactions 

are considered by different researchers as dominated reactions [32]: 

2H2O Keq,1↔  H3O+ + OH− (18) 

CO2 + 2H2OKeq,2↔  H3O+ + HCO3− (19) 

HCO3− + H2OKeq,3↔  H3O+ + CO32− 
(20) 

MEAH+ + H2OKeq,4↔  H3O+ +MEA 
(21) 

MEACOO− +H2O Keq,5↔  MEA + HCO3− 
(22) 

where Keq is equilibrium constants. It was assumed that these reactions reached equilibrium. In this 

study, reactions (18) to (22) are utilized in VLE and speciation calculation (section 2.5). In addition to 

above-mentioned reactions, the following overall reaction can also be considered [33]: CO2 + 2MEA ⇄ MEACOO− +MEAH+ (23) 

Reaction (23) is interpreted using two important mechanisms namely zwitterion and termolecular in the 

literature. Based on these two well-known mechanisms, two different types of kinetic model can be 

considered for the reaction between CO2 and MEA. The details about these kinetic models that have an 

important effect on the result of the model are presented in Borhani et al. [23]. 

2.4.2 Enhancement factor 

In order to account the chemical reactions in the rate-based stripper model, there are two main ways. 

The first is the consideration of mass transfer with equilibrium reaction which this approached used by 

many researchers. In this method, is assumed that the mass transfer in the stripper is accompanied by 

an equilibrium reversible (instantaneous) reaction. Consequently, there is a chemical equilibrium 

throughout the liquid phase [34]. On the other hand, the second method is the combination of mass 

transfer and the reaction kinetic in the liquid boundary layer. It must be mentioned that the second 

method is used by a few researchers [14]. Enhancement factor is a parameter to include the chemical 

reaction into the mass transfer rate equations. Therefore, based on the two above mentioned ways of 

accounting chemical reactions, two type of enhancement factors can be used in the stripper modeling.  
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Tobiesen et al. [35] explained that the reaction kinetics of desorption is different from the absorption 

due to the high temperature of the desorption process. Astarita and Savage [34] gave details about 

desorption by having equilibrium reversible reactions and presented a comprehensive analytical 

solution for the film model and numerical solution of penetration model. Therefore, in the stripper, 

Tobiesen et al. [35] assumed that there is mass transfer with a reversible instantaneous reaction at 

equilibrium for CO2 and MEA.  

However, Oyenekan and Rochelle [14] and Mores et al. [15] utilized the kinetic reaction to calculate 

the enhancement factor for stripper modelling. In this study, the second approach has been used. As it 

was shown in our previous study the following relation is utilized to evaluate the enhancement factor:  

EStripper = √kobsDl,CO2  kl,CO2  (24) 

where kobs is the observed reaction rate constant which is calculated based on reaction (23). Dl,CO2 is 

diffusivity of CO2 in the lean MEA solution and kl,CO2 is the mass transfer coefficient of CO2 in lean 

MEA solution. In this study, the kobs defined in the previous study [23] have been used.  

2.5 Equilibrium calculations 

These calculations include vapour-liquid equilibrium (VLE) calculations and speciation equilibrium 

calculations (chemical equilibrium calculations). 

2.5.1 Chemical equilibrium 

In this study, the following equations are utilized to calculate the chemical equilibrium which is well-

known as speciation calculation. The constants value in the right side of the equations are extracted 

from [36] and [37]: 

Keq,1 = γOH− ∙ γH3O+ ∙ COH− ∙ CH3O+ = exp (140.932 − 13445.9Tl − 22.4773 lnTl) (25) 

Keq,2 = γHCO3− ∙ γH3O+γCO2 ∙ CHCO3− ∙ CH3O+CCO2 = exp (235.482 − 12092.1Tl − 36.7816 lnTl) (26) 

Keq,3 = γCO32− ∙ γH3O+γHCO3− ∙ CCO32− ∙ CH3O+CHCO3− = exp (220.067 − 12431.7Tl − 35.4819 lnTl) (27) 
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Keq,4 = γMEA ∙ γH3O+γMEAH+ ∙ CMEA ∙ CH3O+CMEAH+ = exp (6.6942 − 3090.83Tl ) (28) 

Keq,5 = γMEA ∙ γHCO3−γMEACOO− ∙ CMEA ∙ CHCO3−CMEACOO− = exp (−3.3636 − 5851.11Tl ) (29) 

The overall material balances of MEA and CO2 are as follow: C0,MEA = CMEACOO− + CMEAH+ + CMEA (30) αCO2 ∙ C0,MEA = CMEACOO− + CHCO3− + CCO32− + CCO2 (31) 

The electroneutrality balance is as follow: CMEAH+ + CH3O+ = CMEACOO− + CHCO3− + 2CCO32− + COH− (32) C0,MEA is the total concentration (molarity) of MEA, αCO2 is CO2 loading. To perform chemical 

equilibrium calculation equations (25)-(32) (eight equations and eight variables) must be solved 

simultaneously to have the values of components concentration. The activity coefficients are calculated 

using the Wilson model. 

2.5.2 Vapour-liquid equilibrium 

In order to calculate the equilibrium partial pressure of CO2, the empirical equations are utilized in this 

study. This method is reported in the literature [14]. Therefore, the experimental data [38] presented for 

30, 45, and 60 wt% MEA solution that is in the concentration range of validation data are used to 

develop an empirical model to predict the equilibrium partial pressure of CO2. Two different range of 

temperature is considered for the regression models. Therefore, the equilibrium partial pressure of CO2 

and the heat of desorption of CO2 is calculated as follow: 

PCO2∗ = exp (A + BαCO2 + CT ln(αCO2) + DT + EαCO22T2 + FαCO2T2 + GαCO2T ) (33) 

Table 1: The range of temperature and constants of equation (33) obtained by regression   

 Temperature Range (°C) A B C D E F G 

30 wt% 

40 < T < 80 38.98 58.8 0.006047 -12552 3712041 6363042 -42340 80 < T < 120 34.30 -0.2 -0.00693 -16103 -380551 3704515 0 

45 wt% 

40 < T < 80 31 -52 0.006919 -9806 4046219 -7661695 36214 80 < T < 120 54.29 -23.08 0.00873 -17790 3544895 1841414 0 

60 wt% 40 < T < 80 42.24 -53 0.00728 -13546 4080073 -5113524 29182 
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80 < T < 120 137.2 -111.5 0.0618 -31177 12455987 510661 0 

The coefficient of determination for all the regression models is higher than 0.90. Sakwattanapong et 

al. [39] discussed the importance of heat of absorption/desorption and reported that using constant 

values for heat of absorption/desorption will lead to inaccurate results. Therefore, using the regression 

model for the partial pressure of CO2 and Gibbs-Helmholtz equation, the heat of desorption can also be 

calculated: 

∆HDesR = [∂ ln PCO2∗∂ (1T) ]P = C ln(αCO2)T2 − D − 2EαCO22T − 2FαCO2T − GαCO2 (34) 

Typical values of equilibrium partial pressure of CO2 and heat of desorption calculated using equations 

(33) and (34) are illustrated in Table 2. As mentioned before the experimental data of equilibrium partial 

pressure of CO2 are extracted from Aronu et al. [38]. It was tried to select the points that their CO2 

loadings are near to 0.4. 

Table 2: Typical values of the equilibrium partial pressure of CO2 and the heat of desorption of CO2 

(experimental data from Aronu et al. [38]) 

Concentration T (°C) αCO2  Pred. PCO2∗  (kPa) Exp. PCO2∗  (kPa) ∆HDes (kJ/mol) 

30 wt% 

40 0.467 1.79 1.83 66.43 

60 0.428 2.50 2.79 85.15 

80 0.398 8.80 8.30 97.53 

100 0.409 44.70 42.19 69.20 

120 0.432 228.10 229.46 69.19 

45 wt% 

40 0.404 0.16 0.17 89.18 

60 0.392 1.20 1.42 82.37 

80 0.389 4.95 4.50 75.90 

100 0.445 96.83 96.88 114.23 

120 0.426 248.74 250.64 97.80 

60 wt% 

40 0.394 0.19 0.15 90.37 

60 0.424 3.24 3.03 81.35 

80 0.404 9.19 9.04 80.51 

100 0.386 30.64 30.94 167.72 

120 0.398 184.56 185.39 167.15 
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2.6 Methods for calculation of different parameters required for the modelling 

The list of the methods and correlations that used in the current study to calculate the required physical 

properties and other parameters are illustrated in Table 3 and proper details about these correlations and 

methods can be found in Borhani et al. [23]. 

Table 3: Physical properties and other parameters used in the RPB stripper model 

Property Reference 

Gas Viscosity Multiflash package in gPROMS 

Liquid Viscosity [40] 

Gas density Multiflash package in gPROMS 

Liquid density [40] and [41] 

Gas heat capacity [10] 

Liquid heat capacity [42] 

Gas side mass transfer [43] 

Liquid side mass transfer [44] 

Interfacial area [43] 

Henry’s constant [45] 

Liquid diffusivity Chilton and Colburn Analogy 

Gas diffusivity [46] 

Thermal conductivity Multiflash package in gPROMS 

Pressure drop [47] 

Liquid holdup [48] 

Heat transfer coefficient [49] 

Vapor pressure [10] 

Activity coefficient Wilson model [50] 

 

As mentioned in Section 2.2, K-values are calculated using GA-MLR model and the regression 

constants are illustrated in Table 4. The genetic algorithm (GA) was used for the selection of the best 

parameters (feature selection) and functional form, by optimising with respect to the RQK fitness 

function [51], a constrained multi-criteria fitness function based on leave-one-out cross-validation 

variance (QLoo2 ) and four simultaneous constraints [52]. This ensures that the final model is valid and 

has a good predictive capability, with limited correlation between the descriptors [52]. It should be 

noted that this correlation is applicable in a similar study on CO2 capture using MEA. The general 

equation of K-values is as follow: 
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K − value = exp(A + B xCO2 +C xH2O +D xMEA + E ln T + F ln P + G xCO2xMEA+ H ln T xCO2xH2O + I xMEAxH2O + J ln P xCO2xH2O) (35) 

Table 4: Constants of equation (35) obtained by regression 

 A B C D E F G H I J 

CO2 144.19 -3.38 0 -16.3 -22.99 0.97 3.34 168.98 -1800.99 -24.33 

H2O -32.1 34.3 -32.2 -32.9 10.878 -0.8658 0 0.412 0  

MEA -161 45 41 38 19.728 -1.2434 0 0 2.56  

2.7 Implementation in gPROMS® 

The gPROMS® Model Builder V4.2 is applied to implement the model. Similar to our previous study, 

the SRADAU solver based on Second-order Centred Finite Difference Method (CFDM) discretization 

method is used to solve the above-mentioned equations.  

3 Model results and validation 

The advantages of using MEA as solvent are its high CO2 reactivity, high absorption capacity and low 

molecular weight and disadvantages of this solvent are the high heat of reaction and therefore high 

required energy for desorption [19]. Solvent concentration has an important effect on energy 

consumption in the stripper. It must be mentioned that the concentration of amine has a significant effect 

on desorption energy consumption in the stripper [5]. It is mean that by higher concentrations of amine 

the energy consumption could be reduced. In addition to RPB absorption experimental data presented 

by Jassim [27], the authors also performed experiments on desorption of CO2 in the RPB stripper using 

MEA solution. In addition, Cheng et al. [5] presented desorption experimental data for 30 wt.% MEA 

solution. Therefore, these two sets of experimental data have been used in this study to validate the RPB 

stripper model. In addition, Cheng et al. [5] performed an experimental process analysis and 

investigated the impacts of rotational speed, liquid flow rate, reboiler temperature, and pressure on 

desorption efficiency and desorption energy. In Table 5, the specifications of RPB strippers from the 

two mentioned studies are presented. In addition, Table 6 shows the process conditions applied as inputs 

of the RPB stripper model. To have a better understanding of the model results, absolute relative 

deviation (ARD%) between experimental and predicted values of lean loading and reboiler duty is 

considered: 
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ARD% = |XExp − XPreXExp | × 100 (36) 

where X is either lean loading or reboiler duty.  

Table 5: Specifications of the RPB stripper 

Parameter [27] [5] 

Rotor speed (rpm) 600, 800, 1000 600, 900, 1200, 1500 

RPB Diameter (m) 0.398 (OD), 0.156 (ID) 0.160 (OD), 0.076 (ID) 

Packing Porosity (m3/m3) 0.76 0.96 

Packing type Expanded stainless steel small mesh Stainless wire mesh 

Packing height (m) 0.025 0.020 

Total surface area (at) (m2/m3) 2132 803 
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Table 6: Input to the RPB stripper model. 

Jassim et al. [27]   

 Rotor Speed  Flow rate  Pressure  Temperature (˚C) Rich MEA CO2 

loading 

Rich liquid wt.% 

No rpm  liquid (l/min) steam (kmol/h)  atm  Reboiler Rich amine  H2O CO2 MEA 

1 800  36.8 11.1  1  94 68 0.4052 54.117 10.383 35.5 

2 800  21.3 14.4  1  104 70 0.3456 61.536 7.664 30.8 

3 600  30.2 13.9  1  118 58.9 0.4372 21.607 18.793 59.6 

4 600  21.1 13.9  1  95.6 56.9 0.4305 26.491 17.409 56.1 

5 1000  21.1 13.9  1  130.6 57.2 0.4217 25.142 17.458 57.4 

6 1000  10.2 14.4  1  113 58.4 0.4028 32.895 15.105 52 

Cheng et al. [5]  

 Rotor Speed  Flow rate  Pressure  Temperature (˚C) Rich MEA CO2 

loading 
Reboiler duty (kW) 

No rpm  liquid (l/min) steam (g/min)  atm  Reboiler Rich amine 

    CO2 H2O        

1 900  0.4 5.5 1.0  2  105 92.4 0.4840 0.62 

2 900  0.4 9.3 2.6  2  110 98.7 0.4840 0.80 

3 900  0.4 11.7 3.6  2  115 102.3 0.4840 0.90 

4 900  0.4 16.5 7.2  2  120 108.5 0.4840 1.24 

5 900  0.4 21.9 28.2  2  125 118.2 0.4840 2.01 
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The reboiler heat duty has an inverse relation to the lean CO2 loading, in which by increasing the lean 

CO2 loading the heat duty will decrease [39]. This important point can be found in the experimental 

data presented by Cheng et al. [5] for example when the lean CO2 loading is 0.4180 the reboiler duty is 

0.62 kW and when the lean CO2 loading is 0.2040 the reboiler duty is 2.01 kW.  

Table 7: Comparison of experimental data with the results of the model 

  Lean MEA CO2 loading  Heat duty of reboiler (kW)  

Jassim et al. [27]       

No Rotor Speed (RPM) Experimental  Prediction ARD% Experimental  Prediction ARD% 

1 800 0.3983 0.3924 1.4813 NA - - 

2 800 0.3285 0.3159 3.8356 NA - - 

3 600 0.4237 0.4093 3.3986 NA - - 

4 600 0.4082 0.3845 5.8060 NA - - 

5 1000 0.4027 0.4234 5.1403 NA - - 

6 1000 0.3336 0.3153 5.4856 NA - - 

Cheng et al. [5]       

No Rotor Speed (RPM) Experimental Prediction ARD% Experimental  Prediction ARD% 

1 900 0.4180 0.4122 1.3876 0.6200 0.6394 3.1290 

2 900 0.3700 0.3558 3.8378 0.8000 0.8120 1.5000 

3 900 0.3400 0.3278 3.5882 0.9000 1.0089 12.1000 

4 900 0.2710 0.2594 4.2804 1.2400 1.2820 3.3871 

5 900 0.2040 0.1986 2.6471 2.0100 2.2100 9.9502 

 

The experimental and predicted CO2 loading in the lean MEA stream is compared in Table 7 for selected 

runs of two sets of experimental data. The comparison discloses that there is a good agreement between 

the experimental and predicted values. ARD% between the experimental and predicted CO2 loading in 

lean MEA stream is in the range of 1.4813 to 5.8060 for data presented by Jassim et al. [27] and 1.3876 

to 4.2804 for data presented by Cheng et al. [5]. As can be seen, the errors of the results are acceptable 

in engineering applications. Jassim et al. [27] did not present any data for heat duty of reboiler but 

Cheng et al. [5] presented these data. As can be seen in Table 6, the ARD% between the experimental 

and predicted heat duty of reboiler changed from 1.5 to 12. It must be mentioned that the result is in the 

range of study performed by Joel et al. (2017) as well. 
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4 Process analysis 

In Section 3, it is shown that the model results have a proper agreement with the reported experimental 

data and hence the developed model can be used to investigate the behavior of the system by changing 

some variables. It should be noted that the validated model is utilized to perform the process analysis. 

By changing a parameter and fixing the other parameters the response of the model is examined. Two 

factors are utilized to examine the effect of changing variables. Desorption efficiency which 

characterises the amount of CO2 existing in a stripped solution (ranges from 20 to 60% typically) can 

be calculated using the following relations [5]: 

Desorption efficiency = (1 − lean CO2 loading rich CO2 loading) × 100 (37) 

The desorption energy which represents the amount of required energy to desorb one ton of CO2 can be 

calculated using reboiler duty [5]: 

Desorption energy = Heat duty of reboilermass of CO2 desorbed (38) 

As in RPB stripper in this study, we have a motor, the energy consumption by the motor should be 

accounted [53]: Pmotor = 1.2 + 0.1833 × 10−7ρlRo2ω2Ql  (39) 

where Pmotor is motor power (kW), ρl is the density of liquid phase (kg/m3), Ro is the outer radius of 

RPB (m), ω is angular velocity (rad/s), and Ql is the volumetric flow rate of lean MEA solution (l/min). 

Therefore, another desorption energy by accounting motor power is considered in the study [26]: 

Desorption energy = Reboiler duty + 2.5 × Pmotormass of CO2 desorbed  (40) 

The motor power is multiplied by 2.5 which is thermal efficiency in conversion of thermal heat to the 

electricity. In this study, a comprehensive process analysis is considered. The effect of rotor speed, 

reboiler temperature, rich liquid flow rate, and pressure on desorption energy and desorption efficiency 

is examined. These parameters are selected based on the parameters investigated by Cheng et al. [5] in 

their experimental study. The RPB stripper utilized to perform the process analysis is same as 

characteristics described by Jassim et al. [27] in Table 5.  
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4.1 Effect of rotor speed 

Rotor speed plays an important role in rotating packed be system and hence this parameters should be 

analysed in modelling of RPB stripper. The effect of rotor speed on desorption efficiency and desorption 

energy are shown in Figure 1. The MEA concentration for this process analysis is 30 and 50 wt%, the 

reboiler temperature is 120 oC and the liquid flow rate is 18 l/min. As can be seen in 1000 RPM there 

is a maximum and after that, desorption efficiency is decreased. The rotor speed varied from 400 to 

1200 rpm. It can be shown that the desorption efficiency is 32.9% at 400 rpm and 42.4 at 1200 rpm for 

30 wt%. This parameter for 50 wt% changes from 20% at 400 rpm to 37.8% at 1200 rpm. Maximum 

desorption energy was observed at a rotor speed of 1000 rpm. It should be noted that the same trend 

and behaviour was reported by Cheng et al. [5] but the result is somehow different with the result of 

Joel et al. [26] for the effect of rotor speed on desorption efficiency. In this study, the desorption 

efficiency is reached to a maximum and then reduced but as is reported by Joel et al. [26] by increasing 

the rotor speed the desorption efficiency is increased. In the case of desorption energy, same trend and 

behaviour are illustrated in the work of Joel et al. [26]. The rotor speed and centrifugal force created 

small liquid droplets and consequently increase the mass and heat transfer area and hence the mass and 

heat transfer coefficients can be increased [23]. It must be mentioned that higher speeds can have a 

negative impact on the mass and heat transfer which is due to the reduction of the contact time between 

phases. Therefore, it is anticipated that there is an optimal rotor speed for the RPB stripper operation. 

The desorption energy is 7.1 GJ/ ton CO2 at 400 rpm and 4 GJ/ ton CO2 at 1200 rpm for 50 wt% solution. 

This parameter is 6.9 GJ/ ton CO2 at 400 rpm and 2.8 GJ/ ton CO2 at 1200 rpm for 30 wt%. It is 

interesting that for 50 wt% there is a minimum of desorption energy at about 1000 rpm but the 

desorption energy for 30 wt% is almost constant for a big range of rotor speed from 950 to 1200 rpm. 
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Figure 1: Effect of rotor speed on (a) desorption efficiency and (b) desorption energy of 30 and 50 

wt% MEA solutions. 

4.2 Effect of reboiler temperature 

Another important and critical parameter for any type of stripper is the temperature of the reboiler. This 

parameter has an important effect on the energy consumption of the system. The effect of reboiler 

temperature on desorption efficiency and desorption energy for the 30 and 50 wt% MEA solutions is 

presented in Figure 2. The reboiler temperature is changed from 105 to 125 oC. More temperatures are 

avoided due to their bad effect on the solvent in the aspect of degradation. It can be seen from Figure 2 

(a) that the desorption efficiency increased when increasing the reboiler temperature for both 

concentrations. The same behaviour is reported by Cheng et al. [5] and also Joel et al. [26].  
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Figure 2: Effect of reboiler temperature on the (a) desorption efficiency and (b) desorption energy of 

30 and 50 wt% MEA solutions. 

On the other hand, the desorption energy decreased from 105 to 120 oC and then increased with further 

increases in the reboiler temperature. This trend also reported by Cheng et al. [5]. As the temperature 

was increased from 105 to 120 oC, the vapour pressures were increased and as a result, the rate of 

transfer of CO2 and water from the liquid phase to the gas phase were increased. However, the 

vaporisation rate of water was higher than that of CO2. Hence, a large amount of heat energy input will 

be consumed in the vaporisation of water. Therefore, the required energy for CO2 desorption will start 

to increase as the reboiler temperature is raised beyond 120 oC. 
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4.3 Effect of rich liquid flow rate 

The flow rate of the rich liquid is very important in analysing the strippers. This parameter is effective 

on the amount of stripped CO2 from the stripper. It has also relevant to the reboiler duty. The effect of 

the rich liquid flow rate on the desorption efficiency and desorption energy is presented in Figure 3 for 

30 and 50 wt%. The rich liquid flow rate altered from 10 to 30 l/min by 5 increments.  

 

 

Figure 3: Effect of rich liquid flow rate on the (a) desorption efficiency and (b) desorption energy of 

30 and 50 wt% MEA solutions. 

By increasing the rich liquid flow rate from 10 to 30 l/min, desorption efficiency is decreased from 

48.5% to 43.7% for 50 wt% and 41.1% to 30.2% for 30 wt%. Instead, desorption energy is increased 
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from 2.6 to 5.2 GJ/ ton CO2 for 50 wt% and from 3.2 to 5.7 GJ/ ton CO2 for 30 wt%. Although by 

increasing the liquid flow rate the mass and heat transfer coefficients and also the area of transfer will 

be increased but in another aspect, the contact time will be decreased by using higher liquid flow rates. 

This can justify why such behaviour is observed in Figure 3. In analysing this parameter by Joel et al. 

[26] they used a constant rich MEA loading and therefore, the desorption efficiency for all the cases 

became constant. The trend of showed diagram in Figure 3 is in complete agreement with the analysis 

of this parameter by Cheng et al. [5]. However, they reported the results for one concentration of MEA. 

4.4 Effect of pressure 

Different researchers reported the sensitivity of stripper to the pressure [18]. This operating parameter 

can play an important role in the stripper unit. The effect of pressure on the desorption efficiency and 

the desorption energy of 30 and 50 wt% MEA solutions are illustrated in Figure 4. The pressure is 

changed from 1.2 to 2 atm by using a liquid flow rate of 20 l/min at 120 oC. By increasing the pressure 

from 1.2 to 2 atm, desorption efficiency and desorption energy decreased monotonically. However, the 

decrease of desorption efficiency for 50 wt% is more than 30 wt% MEA solution. 
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Figure 4: Effect of pressure on the (a) desorption efficiency and (b) desorption energy of 30 and 50 

wt% MEA solutions. 

There is a different trend for desorption energy which is related to the concentration of MEA. The result 

of desorption energy for 30 wt% confirms the discussion performed by Chen et al. [5]. They showed 

that for 30 wt% in the range of 2 to 2.5 atm the stripper works in good condition in the aspect of 

desorption efficiency and desorption energy. It must be mentioned that this process analysis was not 

reported by Joel et al. [26]. 

5  Conclusion 

A detailed first principle distributed rate-based steady-state model for RPB stripper is developed and 

implemented in the gPROMS® model builder. Regression models are developed and utilized to 

calculate equilibrium partial pressure of CO2, the heat of desorption of CO2 and K-values. The 

developed model is validated using experimental data in the literature and showed good agreement. The 

concentration MEA solution in the study varied between 30-60 wt%. The ARD% between experimental 

and prediction values of CO2 loading in lean MEA solution is in the range of 1.4813 to 5.8060 for data 

presented by Jassim et al. [27] and 1.3876 to 4.2804 for data presented by Cheng et al. [5]. The ARD% 

between the experimental and predicted heat duty of reboiler changed from 1.5 to 12 for data presented 

by Cheng et al. [5]. The AARD % for prediction of CO2 loading in lean MEA stream presented by 

Jassim et al. [27] and Cheng et al. [5] is 4.19% and 3.14%, respectively. The AARD% for heat duty of 
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reboiler is 6.01%. Comprehensive process analysis performed on the validated model by considering 

different scenarios. Four parameters were varied to perform process analysis. The effect of rotor speed, 

reboiler temperature, rich liquid flow rate, and pressure on desorption energy and desorption efficiency 

is examined. The process analysis shows that by increasing the reboiler temperature desorption energy 

decrease to about 120 oC and after that this parameter increase. Modelling of the stripper system can 

provide insight into the desorption phenomena and result in optimal design. 
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