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Abstract

A novel Advanced Cryogenic Carbon Capture (A3C) process is being developed ustustdwat
high intensity heat transfer to achieve high.G@pture efficiencies with a much reduced energy
consumption and process equipment size. These characteristics, along with thef i@ityroduct
and absence of process chemicals, offer the potential for application acrose afraagtors. This
work presents a techno-economic evaluation for applications ranging from 3&%wol. CO;
content. The A3C process is evaluated against an amine-basedaptdre process for three
applications; an oil-fired boiler, a combined cycle gas turbine (CCGT) and a hipgesling plant.
The A3C process has shown a modest life cost advantage over the mature MEA tediondlugy
larger selected applications, and substantially lower costs in the smaller biptieatiap. Enhanced
energy recovery and optimization offer significant opportunities for further tiedaan cost.

Keywords: low temperature; carbon capture; anti-sublimation; desublimation; cryogesviatize
1. Introduction

Current advances in existing and emerging Capture and storage (CCS) technologies are mostly
driven by the need for reductions in the energy penalty and costs of CCS to make éttractive for
commercial deployment. Amongst these technologies, low temperatures€p@ration has been
considered as an option for capturing £&@m process gas streams. This process relies on phase
change, thus separating the Cftom the gas in the form of liquid or solid (Berstad et al., 2013)
Unlike amine-based processes, these low temperature systems avoid the use of abhsantwents
and deliver a high-purity dry GGstream as product. Despite these advantages, low temperature CO
separation is often considered to be a highly-energy consuming alternative, mairdtltiedoling
duty required (Berstad et al., 2013; Tuinier et al., 2011a). Desublimation mecegmrate CQas a
solid frost at conditions below the sublimation temperature (195 K at 1 bara).QzkeoSt is then
warmed to sublimation conditions to releageure CO; stream for reuse or storage. Unlike cryogenic
processes that separate 4®the form of a liquid, desublimation systems avoid energy-intensive raw
gas compression stages by operating at close to atmospheric pressure. Moreovematiesubl
processes can achieve £€apture ratios of virtually 100% and remove both water ang €0s
avoiding the need for product drying stages (Berstad et al., 2013; Clodic andsy@002; Tuinier et
al., 2010). Effective integration with a refrigeration system or low-cost smidce to meet the need
for cooling is essential for the competitiveness of these processes (Tuinier et al., 2011a).

Research groups from the Ecole de Mines de Paris (Clodic et al., 2005a; CloWimusaed, 2002;
Clodic et al., 2005b; Clodic et al., 2011), Eindhoven University of Technology (Twinhar, 2011a;
Tuinier et al., 2010; Tuinier et al., 2011b), Brigham Young University (Buat.e2009) and Tianjin
University (Song et al., 2017) have investigated the concept of desublimatiG@fseparation and
proposed novel configurations. Clodic et al. proposed a cryogenic system that usesmtiefrig
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cascade for COseparation. This process requires water removal prior to thec&@dure stage to
avoid issues related to ice formation. Then the {S@eposited as a frost layer on the surface of a low
temperature frosting evaporator (Clodic et al., 2005a; Clodic and Younes, 20f#¢vet, this
hinders heat transfer as the £@yer is deposited, thus reducing process efficiency (Tuinier et al.,
2010). Advanced configurations using packed beds have been developed to overcome this issue
(Tuinier et al., 2011a; Tuinier et al., 2010; Tuinier et al., 2011b). These systersspzaate both
water and C®on the packing surface, without the need for additional drying stages. They ede bas
on a cycle of bed cooling, G@apture and sublimation processes. The flue gas is fed to a chilled bed,
where the water contained in the flue gas condenses, the flue gas coolfudbemand the C®
desublimation process begins (Tuinier et al., 2011a). Once thed€XDblimation front reaches the
last part of the bed, the cycle steps to sublimation by feeding a wasnst@@m through the bed
Finally, the bed is cooled down with a low temperature gas prior to a new cydeswblimation
Both the freezing evaporator and packed bed systems require periodic switching betweapt@®,
sublimation and bed cooling conditions. The use of multiple parallel beds permits saebggsto
operate continuously (Tuinier et al., 2011a; Tuinier et al., 2@\ ever, the energy consumption of
these processes is high, necessitating the availability of a low cosocote:, such as the evaporation
of liquefied natural gas (Tuinier et al., 2011a). Indeed Tuinier et al. (2011dydeddhat the use of
external refrigeration for such a process for carbon capture on a power pladtoansume its entire
power output. Song et al. (2012), proposed the use of Stirling cowlepsovide the cooling
requirement for condensing moisture, desublimation of &@ maintaining storage conditions of the
dry ice (Song et al., 2017).

In applications where biogas is purified and converted to bio-LNG at low tatopes, low-
temperature distillation and desublimation processes can be applied (Pekégaln 2018). The
separation of C@is necessary prior to liquefaction of methane, with the separation andatitioef
processes being closely integrated in the cases considered by Pellegrini et al.T{20Eg)ditional
carbon dioxide removal processes identified are based on low temperature distiagi@vated
pressures.

This paper presents a novel cryogenic process aimed at reducing the energy consundomts
of CO, separation. The A3C process described in this paper is subject to a WdCqatent
application (Willson, 2016). The process overcomes some limitations of previmgeniy systems
by using a moving bed of metallic beads as a heat transfer medium and fros saptare. This
achieves intensive heat transfer while avoiding the adverse effects of fnestvgleposition. The
process eliminates the need for multiple beds and associated switching laff&saanuch reduced
energy consumption and process equipment size. This work details the process concept aed evaluat
its performance and life cost for a range of process gases containing from 3% to 35%wvol. C

2. The A3C Separation Process

The A3C separation process has two stages, each with a circulating packed-beahrof diameter
metallic beads. These are a cooling-drying step,aaD@, separation step, as shown in figure 1. The
guenched raw gases are cooled conventionally to 274K to condense most of theapater Whe
residual water content is removed as frost in the cold end of the firsatingubacked bed, where the
water ice deposition is typically 0.1% of the bed mass flow rate. By cotirky4 K, the water
content of the gas is reduced to below 50 ppb. The frost bearing bed is oatrigidthe raw gas
stream, warmed slightly to melt the ice and transferred to a section whaveds in counterflow to
the lean gas leaving the desublimation step in the core process. The warm mdssttied and
cooled by the cold dry lean gas stream. Supplementary refrigeration compensateseimotrad of
the carbon dioxide from the lean gas. The cold bed is returned at a low temperah@eaw gas
section.
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Fig. 1. Outline of the two stages of the ABD; separation process. Temperatures refer to the oil-fired boiler atiquic

The cold dry gas is passed into a second circulating packed bed cascade of siigitatodthe
cooler-drier. In the desublimer, it flows counter to a colder bed, so th&@@hén the gas stream
deposits as a frost on the bed material. The lowest gas temperature, around 150Kgnsta@hos
correspond to th€0; saturation temperature at the desired residual content. The bed tber @€
frost to the gas inlet end of the bed and through a gas lock into the suli@atexchanger where it
is warmed to about 200K to recover 186, by sublimation. The mass flow of G@ost is typically

around 1% of the bed mass flow rate. The frost-bed is then cooled in the refripexhtmbler to the
desired inlet temperature.

The A3C CQ separation process has many analogous features to distillation. The desublimation
stage has a temperature gradient from lower at the top to higherattiiva with conditions selected
so that the vapour pressure of the desubliming bottom product is in eguailivith its partial
pressure in the gas phase. The gases flow upwards in intimate contact allittgasfream of colder
solid phase, carried on a reflux of cold inert bed material. The reflux of bed material is cooled, as in an
overhead condenser and the bottom product is recovered by sublimation with heating. Thess analogi
are reflected in identical heat, mass and continuity equations to those for a icoralatistillation
column replacing enthalpies of vapourisation with enthalpies of sublimation.
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Fig. 2 Q-T Diagram for the A3C separation process for an oil-fired boildicagipn.



Figure 2 illustrates the Q-T diagram of the A3C separation procesas Wik-fired boiler application
(12.18%vol CQin the flue gas). It shows the variation of temperature and energy ofeéhgasland
the circulating beds, as they are cyclically heated and cooled. The raw gasn@lie first cooled
and ice is captured as frost on the cooler-drier bed (orange line). Thendgass further cooled by
the core bed (grey line) to the point where 90% ofGke is desublimed. As it flows beyond the gas
inlet the circulating bed of the cooler-drier is heated further to evaporatenkdensed water. From
its lowest temperature the core bed is first warmed by the desublimatitre agficoming CQ@
Separated from the inlet gases, the bed is then warmed further with heat teyeittedefrigeration
system. When its temperature reaches 195K thgi€8ublimed off the bed, with a small overshoot
in temperature to ensure complete sublimation. The bed is then cooled by refrigematetarh to
the desublimer.

The A3C refrigeration system uses conventional refrigeration components but it is unubaalit
provides cooling to a low temperature (around 150 K for the oil-fired boile} aaserejects heat at
two higher temperatures, to the sublimer at 180-205 K and to ambient conditions at 200A3p@n
modelling confirms that this refrigeration configuration achieves a cagffiof performance (COP)

of significantly over unity compared with a conventional cascade refrigeraticansyghich would
achieve a COP of around 0.4 for coolitgthe same lower temperature (Berstad et al., 2013;
Davidson, 2007; Podtcherniaev et al., 2002). This refrigeration system contributes stootiggty
energy efficiency of the A3C process.

2.1.A3C Modelling and analysis

Deriving data for benchmarking the A3C process against an absorption-based catboa ca
process required the modelling of the process behaviour and energy performanognaggeli
engineering of the process equipment and the costing of the equipment. Each ofejeseas
repeated for the selected applications; an oil-fired boiler, a combined cyclelgas {(CCGT) and a
biogas upgrading plant.

Modelling the thermodynamic behavior of the A3C process in Asperf Pitesented several
challenges. The capture of €&t atmospheric pressure and low temperatures necessitates the process
gas to be cooled down to the sublimation temperature, which is set by thepgraessare of the CO
(Clodic et al., 2005a). Hence one of the challenges was to find a way to n¢pinesghase equilibria
behaviour. In the A3C process, there is a phase change between gasgand €idCO;, and vice
versa. The function library of Aspen Plusnly includes the RGibbs block to handle vapour-solid
equilibria calculations, while differentiating between solid and gas€@isHeat and mass transfer
effects are not evaluated inidghblock, asit only simulates the phase equilibria and calculates the
energy change taking place in the process gas stream for a defined temperatuee Thang
progressiveCO, desublimation in the moving bed was therefore represented by small sieps, ea
frosting over a small temperature range (an average of typically 4 K), rsimithe approach of
Schach et al. (2011). The number of steps affects the accuracy of representatiorerdrgye
consumption of the progressive process. Ten equal temperature steps were foundetjubte dy
Schach et al. (2011), but in this study five steps were found to achieve adequate aé@prarcy.
Plug® provides no blocks for modelling heat and mass transfer between a moving solidi o @s
so an analogous representation had to be developed. In this work, the solid bed \sastegbby a
liquid, with the direct contact heat exchange in thd iepresented by indirect heat exchange. The
carbon dioxide or water deposition on the bed was then represented by mixneggdéetive solid
with the counter-flow of liquid after each stage of frosting, and subbmatir melting was
represented by separation of the gaseous or immiscible water phase from theeligesenting the
bed. The liquid for each stage was selected to be non-reactive with waterbon choxide
respectively and to remain liquid across the temperature range of theHsatene was selected for
the first stage and dimethyl ether for the second. The flow ratde diquid analogues were scaled
from the ratio of specific heats with the stainless steel bed @latensidered here. The validity of
these representations was checked separately by a spreadsheet model of theesz@iging a solid
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moving bed. This model used a finite temperature step representation of 1K, apphsegvation of
energy and mass for each step through the heat and/or mass exchangegraceggte low
temperature gas properties were used from (Jager and Span, 2012; Lemmon et alTh20&Bgck
demonstrated alignment of the alternative representations within the uncertaiotywefgence of the
models.

The Aspen Pl#smodel consists of two sub-models, the cooler-drier and the core-fridge, that are
combined and interact through a Micro$ofxcel file using the Aspen Simulation Workbook.
Through an iterative sequential procedure, starting from the core/fridge imaldelced using the
sensitivity analysis tool and then followed by the cooler-drier, the enlus achieved when the
variables (mass flow and temperature) converge to the target values witlhdes&% absolute
temperature error. Each model has two basic distinct stream flows i.e. the gazss®eam and the
bed stream that interact with each other via Heat Exchanger blocks (HedieatX). The
coreffridge sub-model has an extra stream representing the refrigerant flow civorimghe
refrigeration system which incorporates a multi-stage compressor and several heat exchangers.

Preliminary engineering of the process exploited the capalifitthe Aspen PIfS Process
Economic Analyser (APEA) to size and cost the conventional heat exchangers and components such
as the CQ@ compressor. The APEA estimates the cost of the process equipment by correlating
modelled results and parameters with data from vendors, and is often used for prelongtizug
analysis (Husebye et al., 2012; Jung et al., 2013; Roussanaly et al., 2017). Howeverydhishapp
was limited by the representation of the bed as a liquid and by the \@g@uphase changes in the
desublimer, sublimer and cooler-drier heat exchangers being represented by casdGéeshof
blocks in the model. Since neither the heat exchangers to the moving packed bedheat ted
mass transfers within the beds can be considered to be conventional heagers;hamalternative
approach to the heat exchanger design and costing was necessary. The heat transiereareas
calculated manually based on the duties and approach temperatures given byethenddgpl for
these exchangers, with appropriate heat transfer coefficients derived fronsaihes (Achenbach,

1995; Colakyan, 1985). The direct contact bed heat exchangers were sized to limit gies/éboci

below 70% of that necessary for fluidization and costed by analogy with fixéddgphed vessels of

similar dimensions, based on data from Aspen®I8sme of the bed heat exchangers, such as for

bed cooling prior to the desublimation step, need to use unconventional exchangers using tubes
submerged within the moving bed. The application of such exchangers for coarse beal imateti

well described in literature and tube sizing and arrangements similar to troshefl and tube
exchangers with a single pass on the shell side and multiple passes on the evajpdeati@nes
assumed to be a reasonable approximation. The costs of comparable heat exchangers from Aspen
Plus® were used as the basis for cost estimates for these exchangers.

It is worth noting that for the Biogas Upgrading case reduced multipliers were used for construction
expenses due to factory and skid assembly for the A3C unit which has a foot@pygroximately
2m x 3m.

Establishing a cost estimate for a novel technology using established processrtitypes is
challenging, being sensitive to a range of technical and commercial factors th#tdigonfidence in
the result of any estimation methodology. For some high cost elements which useshestabli
technology, costs can be better estimated, but for new equipment types of theo&8€s there is
larger technical and cost uncertainty. Based on the cost estimate classificatiom dy the
Association for the Advancement of Cost Engineering (AACE), the costs presented hallengethe
A3C process are no better than class 5 (concept screening) with an expected accuracycalegs of
than +50%/-30%.

2.2. Applications evaluated

The A3C process was compared with a reference amine case for three apglicaimely oil-
fired boiler, a combined cycle gas turbine (CCGT) and a biogas upgrading whaal, offered a
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range of scale an@O; content of the process gases. To achieve the conventional 90% capture rate for
the fired boiler andCCGT, the flue gas was cooled down to 154 K and 144 K, respectively, for the
A3C process. For unrestricted injection of biogas into the UK gasag8%vol. maximumCQO;,
content is necessaror this application the biogas was cooled to 159 K to deliver the 94% capture
rate needed, since the raw bio@#3 concentration is 35 %vol.

A common basis of inlet conditions for process gases was applied for the comparison, as detailed in
Table 1, with CQdelivery at 110 bar supercritical and dry to better than 1 ppm to meet doneént
transport and storage requirements (Vattenfall, 2008); (IEAGHG, 2011).

Table 1: Key process gas inlet conditions for the three application cases.

Oil Fired Boiler CCGT Biogas upgrading

Power generation (MW) 125 60 -

Gas flow rate (t/h)/(kNih) 612 /472 493/388 0.83/0.77
CQz content (vol. %) 12.18 3.23 35

N2 (vol. %) 76.16 75.87 -

O2(vol. %) - 13.84 -

H20 (vol. %) 1166 7.06 -

CHas (vol. %) - - 65
Capture rate (%) 90 90 94

CQz capture rate (t/h) 103.7 20.7 0.45

2.3.Reference case

The use of amine-based ¢€®@apture systems is widely seen as the most market ready CCS
technology, due to the application at commercial scale (Stéphenne, 2014) and pilot/demonstrati
scale plants (Akram et al., 2016; Knudsen et al., 2009; Seibert et al., 2011; SttaisaP003) in
operation, and due to the technology’s long standing in other chemical processes to strip CO2
(Rabensteiner et al., 2014yvhich makes it a suitable technology for the reference case. In this study
the process layout presented by Metz et al. (2005) was adopted, using a ocaav&otiwt.% MEA
solvent as a benchmark. The amine plant was modelled in AspehiRlosder to determine the
necessary thermal and electrical duties of the plant, as well as estimate thedrsiges of the unit
components, which are necessary for the costing analysis.

The lean and rich pumps, which are responsible for the electrical power requicdrttemamine
plant, were modelled with an efficiency of 80%, and were configured to provide anpsatistire to
provide a desired pressure within the absorber and stripper columns, taking into abeount t
hydrostatic pressure drop incurred to pump the solvent to the top of the columns. The absorber
column was expected to be at atmospheric pressure at the top of the column, whidsdhee at the
bottom of the stripper column was maintained at a level to provide an ofgandbading, while the
reboiler temperature was fixed at 393 K, which has been recommended to reducedegjraatdtion
(Gouedard et al., 2012). The column diameters were calculated to provide a gas velocity that was 80%
of the flooding velocity; with the flooding velocity, as well as mass trarefel pressure drop,
calculated using the correlations by Billet and Schultes (1993). The absorber anel stippnn
heights were sized to achieve the desired Cpture rate for each case and to minimise the specific
reboiler duty, respectively. The solvent cross heat exchanger was sizest ttheaiemperature of the
rich solvent to 363 K, assuming a constant heat transfer coefficient of GOKWA reclaimer
system is required to prevent the accumulation of degraded amine waste in théngreolaent.
The adopted design in this study assumes that the reclaimer slipstreameid @airthe discharge
section of the lean solvent pump and the reclaimed amine returns sictiba section of the lean
solvent pump. The mass balance considers a slipstream of 0.1 wt.% of the totatiaircalke
(Sexton et al., 2014).

The compression section was modelled as three compressors with intermediatg éatdwed
by a pump and a final cooling stage. As low moisture content is criticat¥eption or minimization



of both corrosion and solid hydrates formation, a typical molecular sieve otfan was
considered here with the aim of reducing water concentration to below 1 ppm in the dried gas.

Aspen APEA has been utilised to estimate the direct equipment costs (DEC) basepmergqu
sizing derived from the simulations of the MEA reference case. Evaluation of thecadpttal
requirement followed the common costing methodology detailed in Table 2.

2.4.Levelised cost of carbon capture (LCCC)

A cost model based on conventional methods was used to produce a levelised cost of carbon
capture (LCCC) for the reference and A3C cases for the three applicatiorlsSCCleexcluded the
costs of transport and storage or for carbon emission credits. The model used conswihpgats
power and MEA make-up derived from the respective process models. Common unif tests o
power and MEA were applied to derive A3C and reference case operating costsixetileosts
were estimated from capital costs, as indicated in Table 3. LCCC is reported tanteonsnetary
values meaning that inflation effects are excluded. This approach is suitable iminaml design
studies and technology comparisons since it encapsulates existing market conditions and ofters a mor
legitimate picture of actual cost trends without the probable distortiorseddy inflation effects
over many years (Rubin et al., 2013). The LCCC is given as

LCCC = =™ f::;’éo’” +VC (1)
where TCR is the total capital requirement, FCF is the fixed charge factor fik€Mboperating &
maintenance costs, CF is the capacity faaih,y, is the annual C@capture rate and VC stands for
variable costs. As denoted in Eq.(1) the FCF is actually the levelisation factbe f6CR. It is used
to convert the TCR into a uniform annual amount and it is calculated wsctoh of the discount

rate, r, and the lifetime of the project, n years

rx(1+m)"
—-1+(14+r)"

FCF =

A discount rate of 10% was used as it constitutes a conventional anchd¢githarket assumption
while the project lifetime was assumed to be 15 years, as the current easessaglered as retrofit
applications, and the capacity factor was assumed to be 85%.

Early stage CAPEX estimates are commonly based on the DEC, with all additbsh&lements
being appraised by means of explicit default factors, i.e. specific percentage O&CGHeomprises
purchased equipment cost along with installation costs). The full methodology appliedh tindbot
A3C and MEA reference cases is tabulated in Table 2.

Table 2. CAPEX estimation methodology

Item M ethod References

A Equipment Cost Aspen Cost Estimator -

B Installation Factor Aspen Cost Estimator -

Cc Direct Equipment cost (DEC) YAixBi =1, n -

D Construction Expenses 0.34xDEC (Peters and Timmerhaus, 199:
E Legal Expenses 0.04xDEC (Peters and Timmerhaus, 199:
F Contractor's Fee 0.19xDEC (Peters and Timmerhaus, 199:
G Indirect Equipment Cost D+E+F -

H Inside Battery Limit Investment (ISBL) C+G -

| Off sites (OS) 0.15xISBL (Towler and Sinnott, 2013a)

J Process unit investment (PUI) ISBL + OS -

K Engineering 0.12xPUI (AIhajaj:lta?rI].,, 128715) Chauvel




w IO v oz < r

Paid up royalties

Project Contingency

Process Contingency

Fixed Capital Investment (FCI)
Start up + MEA costs

Interest during construction

Total Capital Requirement (TCR)
Working Capital

0.07xISBL

0.15x (ISBL+OS)
0.05x (ISBL+OS)
PUI+K+L+M+N
0.1xFClI
Computed
O+P+Q

0.05xFCI

(Chauvel Alain, 1976)
(Couper, 2003)
(Couper, 2003)

(Peeters et al., 2007)

(Towler and Sinnott, 2013a)

The fixed capital investment was assumed to be spent over a 3-year construatishrwitr 10%
in the first year, followed by 60% and 30% for the second and third years resiyedt/orking
capital was applied in the year before operation and recovered at the end ahthiéep{therefore, it
was not depreciated).

Table 3 lists the chief components of the OPEX appbdubth the A3C and reference cases. These
comprise variable and fixed costs. The former expenditures refer to uiliieMEA costs while the
latter consist of labour, supervision, direct salary overhead, maintenance, insurageaeaxatiplant

overhead.

Table 3. Elements to estimate FOM and VC

Basis Value/Multiplier References

Fixed operating & maintenance (FOM)

Operating labour (OL) £ly 53,700 (BEIS, 2018)

Operating supervision oL 0.15 (Albrecht et al., 2017; Peters an

TLC Timmerhaus, 1991)

Maintenance labor (ML) FCI 0.015 (Albrecht et al., 2017; Peters an
Timmerhaus, 1991)

Maintenance material (MM) FCI 0.015 (Albrecht et al., 2017; Peters an
Timmerhaus, 1991)

Operating supplies ML+MM 0.15 (Albrecht et al., 2017; Peters an
Timmerhaus, 1991)

Insurance and taxes FCI 0.02 (Albrecht et al., 2017; Peters an
Timmerhaus, 1991)

Plant overhead costs [PO] TLC 0.6 (Albrecht et al., 2017; Peters an
Timmerhaus, 1991)

Administrative costs PO 0.25 (Albrecht et al., 2017; Peters an
Timmerhaus, 1991)

Financing working capital wWC 0.1xWC (Towler and Sinnott, 2013b)

Variable Costs

Electricity £ MWh! 42.06*

Cooling water £ kg? 2.51E05 (Towler and Sinnott, 2013b)

MEA make up £ kg? 1.03 (Alhajaj et al., 2016)

*average wholesale electricity price over the last 3 years

For the reference case the operdtdebour requirement was calculated by employing the

following correlation (Turton, 2009):



Ny, = (6.29 + 31.7P? + 0.23N)%5 (3)

where P is the number of solids handling steps and N is the number of non-particulessipgoc
steps. A process step is defined as any unit operation or unit process orrabération that takes
place in one or more units changing the chemical composition or thermodynamic fsthte o
participating process streams significantly. For each of the(®lin total) operators per 8-hour shift,
approximately four operators must be hired for a plant that runs 24 gexudgsy, to account for three
shifts per day as well as regular and sick annual leaves (lijima, 1998).

For the A3C case, it was assumed that as the process was mechanical andrthsatoet and
was an addition to an existing process plant, it would require limited additatgaition and
supervision. It was assumed that a single operator per shift would be requitieel farger oil-fired
boiler and gas turbine cases and a part-time operator per shift for tias bege would be needed.
For both A3C and reference cases an average annual salary cost of £53,700 was used (BEIS, 2018).

In this work the cost of supplying heat to the system was appraised as an oppodsindue to
the lost electricity generation (and subsequently revenues) from steam bleed &r.réboitder to
convert thermal to electrical energy, a factor that lies in the rang@%fand 25% is suggested for
retrofit designs (Rao et al., 2004); a value of 24% is adopted in the presenfosttioky heatto-
electricity equivalence factor, which relates to the thermal duty Ieedmgcted from the low pressure
steam section. Alternative costs of heat can be justified for differemitioens, for example where
surplus low temperature steam is available, but these have not been analysed here.

3. Resultsand Discussion
3.1.Comparison of the processes

The results of modelling the A3C and reference cases include estimateaxfHat exchange
duties and the power consumption of fans, pumps, compressors and ancillary itemsefgpebtve
processes. Only a limited breakdown will be given for the MEA cases while more comprehensive data
will be presented for the A3C cases.

3.2.0utline of MEA cases

The heat and power consumption of the reference MEA implementations for the tHiestiapp
are detailed in Tabld together with the lost opportunity equivalent power consumption of the LP
steam supplied to the process.

Table 4: The reference MEA energy consumption breakdowthéathree applications

Energy consumer Units Oil-fired Boiler CCGT Biogas Upgrading
LP steam for stripper MWth 114.0 28.6 0.49

Lost opportunity equivalent electricity MWe 27.4 6.9 012
Process pumps MWe 1.23 0.63 0.0015
Reclaimer and PSA MWe 0.77 0.29 0.0035

CO; delivery compressor MWe 10.19 2.03 0.069

Total Equivalent consumption MWe 39.59 9.85 0.184
Total specific energy of C{rapture kWh/tonne 382 476 397
Specific energy of C&separation kWh/tonne 284 378 269
Cooling water utility requirement MWth 154 39 0.67

The physical sizing and rating data for the various plant elements in the refblEAceases
derived from the analysis and modelling are detailed in Table 5. The largest cvhems required
for the absorber of the oil-fired boiler case, as this case deals widrgest volume of flue gas, with
the absorber diameter being 9.9 m, which is comparable to results from similar studies (Nwaoha et al.,
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2018). At large scales, amine capture plants will be designed with twmmslto avoid oversized
units and provide operating flexibility, however the columns for these cases arerdimail units
typically designed for two-absorber column capture plants on industrial seals fhgbonghae et
al., 2014; Diego et al., 2018), so a one-absorber design was maintained for consisbeigtythrthe
cases.

Table 5 Summary of the reference case designs

Units Oil-fired Boiler CCGT Biogas Upgrading
Absorber column height m 17.9 11.18 115
Absorber column diameter m 9.9 6.9 0.7
Stripper column height m 185 13.86 9.5
Stripper column diameter m 6.2 2.68 0.45
MEA solvent flow rate kals 521 133 2.55
Rich pump outlet pressure kPa 423 380 420
Lean pump outlet pressure kPa 349 290 320
Cross heat exchanger area m? 4575 1185 14

Costs of the MEA reference cases are detailed in Table 6. These have baeshfdmrithe Aspen
cost analysis and the use of the CAPEX methodology detailed in Table 2.

Table 6: The cost breakdown for the MEA cases for the three apptisati

Cost Element £k Oil-fired boiler CCGT Biogas upgrading
Direct equipment cost process 19,960 9,065 8776
Direct equipment cost GQxompression 7,457 3,577 606.5
Total DEC 27,417 12,642 1,484.1
Total fixed capital investment 68,355 31,520 3,700.2
Start-up and MEA 6,835 3,152 370.0
Interest during construction 6.090 2,808 329.7
Total Capital Requirement 81,280 37,480 4,899.9

3.3.A3C analysis results

The breakdown of key features of the A3C cases is given in Table 7 whglhksduties and
required heat exchange areas by type for the core-fridge and cooler-drier elemsigfsifidant
number of individual exchangers make up the total in the fluid to bed categbrypame of these
being of exceptional duty or area. The conventional exchangers are dominated by the dutg and are
required for the recupative heat exchanger in the refrigeration system. Since this is likely to be a
brazed plate exchanger or similar compact unit, the large areas requifedsiinée at reasonable
cost. The direct bed heat exchangers in the cooler-drier and desublimer hawwdasgbut with a
typical bed material of 1.5 mm diameter beads offering a surface area ofn240%) these are
compact and economical.

Table 7: Core-Fridge, Cooler-Drier heat exchange duties andfares3C in the three selected applications

Oil-fired Boiler CCGT Biogas upgrading
Core-Fridge Duty MW  Aream? Duty MW  Aream? Duty kW  Aream?
ConventionaHX 24.9 13,400 13.0 21,400 68.2 34.7
Fluid to bedHX 815 33,900 36.5 11,400 234.6 110.4
Direct bed to gasiX 19.9 24,800 5.3 6,700 81.2 101.5
Refrigeration cooling 44.1 211 1145

Cooler-Drier
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Fluid to bed HX 5.32 1,100 2.62 684.5 131 3.27
Direct bed to gablX 31.3 28,400 243 27,000 51.4 83.5

Preliminary engineering of the A3C process for each of the applications derivedaterdhiflow
rates and physical size estimates for the equipment. The bed material flow raébescare process
for the respective applications were 0.559n0.19 ¥s and 0.002 ifs. A significant finding was
that the direct contact heat and mass transfer in the moving packed bedsenas while the
superficial gas flow rates through the beds were limited to typicallyndr@m/s. The consequence of
this finding is that the depth to diameter ratio of the beds is typicatlylew, with bed depths of 80-
160 mm while bed diameters of up to 10 m are necessary for the largeaappd. Two issues arise
from this; maintaining a consistent bed depth across wide shallow beds will repaoial bed
distribution arrangements, while ensuring mass flow of material vertitlatlygh the beds will
necessitate multiple outlets so that the height of material over each outlet does not excradties, di
to satisfy the criterion for mass flow. The distribution of materiabsgdarge diameter moving
packed beds has been addressed successfully in the malting industry, where nelukiltes 20m
in diameter are widely used, albeit with greater bed depths (Don \Eigiypeering, 2018). The need
for multiple bed outlets increases the complexity of construction but hasnkétof minimising the
quantity of ‘idle’ bed material in the deep vessel outlet hoppers that would otherwise be necessary.

The physical arrangement of wide but shallow beds and bed heat exchangers in the coaled-drie
core processes lends itself to stacking of the components with the bed nfiateiaj by gravity
through the successive sections, with the circulation of the bed material beingeddbyelved lifts,
potentially bucket elevators, located around the periphery of the vessels. Such aen@narig
illustrated in Figure 3, showing the relatively compact layout. The paocess vessel is about 7m
high with the bed lifts being about 12m high to allow for gravity bed flow above and below the vessel.

Another challenge discovered during the preliminary engineering phase wasattgement of the
cooler-drier bed to ensure that the moisture captured on the bed was evaporatedeanautdry the
lean gases. The analysis of the Q-T chart for the process showed that preheatioigttbed using
low grade waste heat at less than 300 K, from another section of the process,meperdoed dry-
out before it was returned to be cooled.

54m

Inlet Chiller
—J Blowe

Compressor

Desublimer-Sublimer
House 20m

Bed Cascade

Bed Q Cooler@

Stack Refrigerant
Recuperator

Fig. 3 Indicative arrangement for the A3TO; process applied to the oil-fired boiler application.

The estimates of power and utility consumption for the various elements AB@erocess are
shown in Table 8. These were derived from the Aspen modelling and from calculationsepf syst
pressure dropbased on bed superficial gas velocities of 70% of that necessary for flomliSEte
total pressure drop lies in the range 100-150 mbar.
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Table 8: The energy consumption of the main elements for A3C thrtée applications

Main eectrical power consumers Units QOil-fired Boiler CCGT Biogas Upgrading
Inlet and part lean bed chiller MW 1.0 1.1 0.0m85
Refrigeration compressor MW 21.6 130 0.076

Booster fan MW 1.9 1.0 0.0007

Bed transfer conveyors MW 0.5 0.2 0.0006

CO: delivery compressor MW 9.37 187 0.042

Total MW 344 17.2 0.122

Total specific energy of C{rapture kWh/tonne 332 831 263

Specific energy of C&separation kWh/tonne 241 741 172

Cooling water utility requirement MW 34 17 0.12

Following the preliminary engineering step, the costs of the various elements vieEessas
described above. While the conventional exchangers were costed using the cost egtioiatiain
AspenPlus, the fluid to bed and direct bed to gas heat exchangers were costedolgy arith shell
and tube heat exchangers with a single pass on the shell side and by costs for packesl colum
respectively. Table 9 shows the equipment and installation costs for the three A3C casterlevalua

Table 9 A3C equipment cost estimates

Equipment costs £k QOil-fired boiler CCGT Biogas upgrading
Corefridge

ConventionaHX 255 345 85
Fluid to bedHX 1,539 640 32.9
Direct bed to gasiX 150 67 39
Refrigeration compressor system 11,809 6,554 100
COz Compressor system 12,422 2,590 83
Cooler-drier

Fluid to bed HX 215 78 8.6
Direct bed to gas HX 304 260 74
Inlet chiller and HX 550 172 39
Balance of plant

Core process bed conveyors 500 500 10
Total Direct Equipment Cost 27,744 11,206 2581
Circulating bed material 2,641 1,367 72

Applying the methodology detailed in Table 2, the total capital requirement is derived én1Dabl

Table10: A3C project and total capital requirement estimates

Cost Element £k Oh-thred ccGT up%ﬁg;sn .
Total DEC 27,744 11,206 258
Total fixed capital investment 69170 27,938 545.2
Start-up and bed material 6,917 2,794 545
Interest during construction 6,163 2,489 48.5
Total Capital Requirement 82,250 33,221 648.2

3.4.Benchmarking of the A3C process

The LCCC model compared the A3C process with the reference MEA systemafigeaof heat
and power costs, with a baseline assumption that the steam would otherwise be usedate gener
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electricity in a steam turbine. Table 11 compares the three applicasimgsthe A3C process and the
reference MEA cases. This demonstrates that the initial A3C process desigrfeicaongparable or
lower costs to the mature MEA process for the larger applications. Howevek3@erocess is
radically better than MEA for the biogas upgrading case due to its lower eapitaperating costs.

Table11: Comparison of LCCC for MEA and A3C for the different applications s¢lize energy cost

Utility Boiler CCGT Biogas Upgrading

MEA A3C MEA A3C MEA A3C
Heat (MJ/s) 114 0 28.6 0 0.49 0
Power (MW) 12.2 34.4 2.95 17.2 0.06 0.12
Equivalent Power (MWe) 38.6 34.4 9.9 17.2 0.18 0.12
Capex (Em) 813 82.3 375 332 49 0.65
Opex excl. energy (Em) 6.4 5.1 3.6 1.6 0.69 0.25
LCCC (£/lte CQ) 39.7 34.9 76.8 79.3 395.8 120.9

While the LCCC analysis above, with its initial assumptions, provides one measgechmark
A3C against MEA there are several other perspectives on the comparison that are usefuldo consid

Firstly, examination of the main components of the LCCC will reveal more about the advantages or
otherwise of A3C. It is apparent that A3C offers a lower capital costNtaA for each application,
which is significant, given the uncertainty in estimation, only for the biogses ttere it seems that
A3C benefits from more attractive costs at smaller scale, although it malyeatbat the Aspen cost
estimations for the reference case are somewhat pessimistic at such a small scale of plant.

A second area of advantage for A3C is in non-energy operating cost. Térerdifnethods of
estimating operational manning applied to the two technologies weaken the validityis
comparison, but it is true that a purely mechanical and thermal processlysttikrequire less
supervision than a chemical absorption process. Further work for real plardatpps will be
necessary to establish a fenbasis for comparison for such costs.

The final element of the LCCC comparison is the cost of energy consumption. The retargy
consumption of the processes does not show a consistent trend across the applications, suggesting that
the A3C process conditions have not been well adjusted in each case. A better undgrsfandi
operation of the A3C process across a wider range of applications, by scale ac@hCG&htration, is
necessary to obtain a more robust comparison.

The processes may also be compared by physical features. The diameter of vessels used by A3C
and MEA are comparable, since the gas-side loading of the columns and beds are similar. However,
the intensive heat transfer employed in the A3C process means that the procesanessd tall. It
is possible that the weight of the vessels for the A3C process wileb&gdue to the higher specific
gravity of the bed material than amine solution. The A3C process includes fewer pumpsvwaerd bl
than the MEA process but includes mechanical handling equipment to move the bedckrbé |
process consumables or facilities for absorbent regeneration for the A3&gpmeans that it is

simpler, requires less space for access and has reduced requirements for ntheadd8tg risks of
process chemicals.

A final basis for benchmarking the processes is their relative technologgchhess. As might be
anticipated, the A3C process is only at TRL level 2 or 3 (proof of principle aral demonstration),
while the MEA process is at TRL 9 (proven in commercial applicationk ifi@ans that while A3C
may benefit from further process optimization and development, it also facesofiskforeseen
technical or cost issues which could reduce its viability compared with the proven MEA technology.
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4, Conclusions

This work has presented a novel cryogenic process modelled using thia Bsitten Plu& model
components adapted to represent unconventional processes involving solid formation eticryog
conditions. The A3C process has been shown to be feasible for a range of scal€®.and
concentrations in the process gas streams. The techno-economic evaluation 3€ thepéess has
shown comparable costs with the reference mature MEA technology for the largetedsele
applications, and significantly lower costs in the smaller application. The selection of thardcaSs
over MEA may depend on the local availability and cost of heat, electricity andiargceater. It
should be noted that A3C is an immature technology and while extensive regenerative energy
recovery has been used, there are significant opportunities for furgeaviement and optimization
with additional potential for trade-offs between energy consumption and cedial This work
confirms assessments by others (Clodic et al., 2005a; Pellegrini et al., 2018ydabahir separation
processes can offer significant advantages over alternatives in biogastamglicBhe A3C process
offers advantages of simplicity and avoidance of gas compression processes coniibatbe
alternatives for biogas upgrading. Limited research is being done on cryogenatieapesosmpared
with more mature separation processes and this needs to be increased to explore @ntheexplo
potential benefits.
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