The

University

yo, Of
Sheffield.

This is a repository copy of Modelling of CO2 absorption in a rotating packed bed using an
Eulerian porous media approach.

White Rose Research Online URL for this paper:
http://eprints.whiterose.ac.uk/142553/

Version: Accepted Version

Article:

Lu, X., Xie, P. orcid.org/0000-0001-7156-7061, Ingham, D.B. et al. (2 more authors) (2019)
Modelling of CO2 absorption in a rotating packed bed using an Eulerian porous media
approach. Chemical Engineering Science, 199. pp. 302-318. ISSN 0009-2509

https://doi.org/10.1016/j.ces.2019.01.029

Article available under the terms of the CC-BY-NC-ND licence
(https://creativecommons.org/licenses/by-nc-nd/4.0/).

Reuse

This article is distributed under the terms of the Creative Commons Attribution-NonCommercial-NoDerivs
(CC BY-NC-ND) licence. This licence only allows you to download this work and share it with others as long
as you credit the authors, but you can’'t change the article in any way or use it commercially. More
information and the full terms of the licence here: https://creativecommons.org/licenses/

Takedown
If you consider content in White Rose Research Online to be in breach of UK law, please notify us by
emailing eprints@whiterose.ac.uk including the URL of the record and the reason for the withdrawal request.

\ White Rose o
university consortium eprints@whiterose.ac.uk
/‘ Universities of Leeds, Sheffield & York —p—%htt s:/leprints.whiterose.ac.uk/



mailto:eprints@whiterose.ac.uk
https://eprints.whiterose.ac.uk/

Accepted Manuscript
CHEMICAL

Modelling of CO, absorption in a rotating packed bed using an Eulerian porous ENGINEERING
media approach SCIENCE

X. Lu, P. Xie, D.B. Ingham, L. Ma, M. Pourkashanian

PIL: S0009-2509(19)30109-5

DOI: https://doi.org/10.1016/j.ces.2019.01.029
Reference: CES 14743

To appear in: Chemical Engineering Science

Received Date: 30 October 2018

Revised Date: 20 December 2018

Accepted Date: 22 January 2019

Please cite this article as: X. Lu, P. Xie, D.B. Ingham, L. Ma, M. Pourkashanian, Modelling of CO, absorption in a

rotating packed bed using an Eulerian porous media approach, Chemical Engineering Science (2019), doi: https://
doi.org/10.1016/j.ces.2019.01.029

This is a PDF file of an unedited manuscript that has been accepted for publication. As a service to our customers
we are providing this early version of the manuscript. The manuscript will undergo copyediting, typesetting, and
review of the resulting proof before it is published in its final form. Please note that during the production process
errors may be discovered which could affect the content, and all legal disclaimers that apply to the journal pertain.


https://doi.org/10.1016/j.ces.2019.01.029
https://doi.org/10.1016/j.ces.2019.01.029
https://doi.org/10.1016/j.ces.2019.01.029

M odelling of CO, absor ption in a rotating packed bed using an Eulerian
por ous media appr oach

X. Lu, P. Xie, D.B. Ingham, L. Mg*M. Pourkashanian

Energy 2050, Department of Mechanical Engineering, Faculgngineering, University of
Sheffield, Sheffield S10 2TN UK

*Corresponding author.

Email addresdin.ma@sheffield.ac.uk (L. Ma)



Highlights

e Application of a new porous media model for the gas-liglod in a RPB.
e Closure model of the interfacial area derived fromMtd- simulation.

e Successful Eulerian simulation 600, absorption by liquid amine in a lab-scale RPB.

Abstract
The rotating packed bed (RPB) is a promising reactor foy €&pture with liquid amine

because of its high mass transfer rate and energypacd savings. The CFD simulations of
RPBs generally use the volume of fluid (VOF) method, thig method is prohibitively
expensive for 3D simulations, in particular for large-scadectorsThe Eulerian method is a
promising and effective method; however, there are silesal difficulties, such as the
settings for the porous media models in the gas-ligmichier-current flow and the interfacial
area between the gas and liqui@d overcome these difficulties in the Eulerian methitib
paper uses a new porous media model, a novel liquid gemeeditimnation model for
numerically investigating the gas-liquid counter-currenivfioe RPBs and a new interfacial
area model derived from the VOF simulation. These new moiheorporating the two-film
reaction-enhancement mass transfer model, have sudbessiulated the C© capture
process with monoethanolamine (MEA) solutions in a RP&euiboth low (30wt%) and
high (90wt%) concentrations conditions. The results show thabttegall gas phase mass
transfer coefficient (Ka) increases with increasing the rotation speeds anliigthd to gas
mass flow rate (L/G ratio). The simulations were vadaby the experimental data and the

results were analysed and discussed.

Key words: Rotating packed bed, CFD simulatié, absorption, Liquid amine, and Porous

media model



1. Introduction

CQO; is one of the dominate greenhouse gases and contribateghman 60% to the global
warming (Halmann and Stenberg et al., 1999). In 2015, among alle@ssions from
human activities, about 41% comes from coal combusttedrer et al., 2017) and the coal
for electriagty generation occupies 73% of all the coal consumption in 2015 EIA, 2017)
Therefore, the total power plants in the world contribute 1§98 of the totaCO, emissions
Although the restrictions on the utilization of coal lee®en carried outhe electricity from
coal combustion still dominates in the world and it dbotes about 40% of the electricity
generated from coal combustion (IEA, 2017) and many coad-ftations are replaced with
gas fired power stations. Therefore, the purificatioth storage of C@from the fossil fuel

combustion power plants is still a current urgent issue

The absorption and desorption of £i@ the post combustion process generally uses liquid
amine as the sorbents and. this method is reasonably matwemparison with other
methods, such as solid amine and metal organic frameworké-¢M For this process, the
traditional packed bed (PB) is commonly used, including rahgdgmacked beds and
structured packed beds and some large demonstration PBeadihve been constructed in
some countries, such as at FerryBridge in the UK, MBanty in the USA or at Shidongkou
in China. In 2014, SaskPower built the world first commemsdl power station that
successfully uses carbon capture and storage technoldggtauman, Saskatchewan, Canada.
The absorber for the carbon capture is 20 meters lodglammeters in diameter and the
carbon capture facility is capable of capturing up to 1.3 anillions of CQ per year
(Saskpower, 2017). The tot@lO, capture efficiency reaches up to 90% but the investment
for the construction of this plant costed up to 1.3 billié® dollars (Oko et al., 2017). The
gigantic solvent scrubbers occupy a very large space ahdhnilglings are required to install

them. The operation of this facility needs to pump largeusutgoof liquid absorbent to the



top of the absorber, therefore high energy costanmaved. In addition to the traditional
PBs, the hollow fiber membrane contactor (HFMC) is heotpromising, efficient and
flexible reactor forCO, absorption by liquid amine, but the commercial utilizati@s been
impeded becausef the huge expenditure on membranes for the processirgjgahtic
amounts of C@from the power plant and the current membrane stillldnvaspermeability,

low separation factors and law withstanding high temperatures (Mansourizadeh and Ismail,

2009)

A recenty developed process intensified reactor, namely the rotateige@ded (RPB), is
more promising for the application in G@bsorption and desorption and this is because it
demonstrates that the RPB could save reactor size andyemand it has high efficient
operation. Under the same process conditions, the RBEalbout 9.7 times reactor volume
reduction compared to the conventiord (Joel et al., 2017)Further, the total gas phase
mass transfer coefficient for the RPB is about Irias that for the tradition&B (Jassim et
al., 2007; Kang et al., 20L6Nowadays, the research @O, capture in RPBs has been
carried out at several establishments, institutes andrsities in the world (Zhao et al., 2016;

Wang et al., 2015).

In reality, the RPB is a special PB, which is operatedeura rotating field, and the
characteristics of the gas and liquid flow have some giiéls with those in the traditional
PB but have a higher gravity force. The operation of &l&orptionn the traditionaPB is
thata CO, lean amine solution enters the top of the absorbertentflue gas is fed from the
bottom of the column. The gas and liquid are in contact dubetacounter current flow.
Finally, the CQ rich solvent flows out of the reactor from the bottofithe column and the
flue gas is released from the exhaust to the atmosphtre tatp of the column (Fitzgerald et
al., 2014). As discussed above, the RPB is a special nidelB.orhe amine solution enters

the reactor from the inner boundary and leaves fronotiter boundary of the bed and the



flue gas is fed from the outer boundary and leaves fitarinner boundary of the bed. The
solvent forms a thin film on the surface of the packwigich offers the maximum interfacial

area in order to allow théO, to be absorbed as much as possible.

The use of computational fluid dynamic (CFD) simulaias an effective tool to
understand the flow behaviour and it can be applied for theefigeaile-up and optimized
operation of these commercialized industrial reactor&oimparison with the experiments,
numerical investigations of GOabsorption and desorption in post combustion could
economize the manpower, material resource and time. GRB simulation of post
combustion C@ absorption in PBs/RPBs requires the combinatioa fidw dynamic, heat
transfer, mass transfer and reaction modelsnost literatureon CO, absorption by liquid
amine, they share much the same features, and have argmaits transfer model ard
reaction mechanism (Sebastia-Saez et al., 2014; Hosgedhi, 2014). The noveltin these
published literatures are that the new CFD models that aetudgscribe the multiphase

flow in the new reactors.

Raynal et al. (2009) suggested that the CFD simulati@mafltiphase reaction in the PBs
could be performed via an original multi-scale approacin fikee liquid film thickness to the
industrial-.column dimensions. For example, first modelriicro-scale liquid wetting on the
surface of the packing, then model the mesco-scale liguidflow on the surface of the
packing, and finally model the large-scale reactor by corisgi¢he PB as a porous bed.
Generally, two methods, namely the Volume of FIM®DF) and Eulerian methods are used

for modelling the flow dynamics in PBs. The differenoethese two methods are as follows:

(i) The VOF focuses on modelling the liquid flow locally ¢we tsurface of the packing and
it is suitable for micro-scale local simulations. Howewecannot simulate the whole reactor.
The reason is that the VOF model requesery small grid size to capture the droplets and
film, so it is not suitable to simulate 3D or large piloalecRPBs due to computer resource

5



limitations and the simulation time limitations. For eyade, a 3D model for a small RPB rig
with the inner radius of 30 mm, the outer radius of 160 mm ladxial height of 50 mm
requires about 1, 071,338 tetrahedral and 26, 190 pyramid grids (Yang et al., &td Quo

et al. (2017) also suggest about 1.6 million cells in totalregeired fora 3D wire-mesh
packing for VOF simulationsHowever, the Eulerian method can simulate the liquid flow
through the whole bed with the appropriate mesh sizevatid the low requirement of

computer resources.

(i) The VOF method requirestransient simulation, which takes a much longer time, fo
example, approximately 60 hours running in parallel on'a commlster see [19], to
achieve a simulation time step for 860,000 cells, which aniyn$ part of the RPB reactor.
However, for most cases, the flow in PBS/RPBs is a ststadg process and the Eulerian

method can carry out the steady-state simulation avel miuch more computational time.

(i) The VOF method can achieve a clear liquid surface to the airdmes not need a
special model to obtain the interfacial area whereasEthlerian method gives a liquid

fraction in a unit volume and cannot give the interflaamiaa through the simulation.

(iv) The VOF method treats the gas and liquid as one phalse mamentum equation and
the only force considered for the interaction betwéengas and liquid is the surface tension.
In contrast, the Eulerian method trette gas and liquid as individual phas&he method
needs the porous media model to describe the flow assestbetween the gas or liquid and
the packing, the gas-liquid drag model and the interfacés enodel to estimate the surface

between the gas and liquid.

(v) For both methods, the challenge is the complexity ofgseand liquid flow through
the PBs/RPBs. This is caused by the diversity in the pagbatterns and structures. The

packing materials could be random packing, such as randomesptestructured packing,



such as corrugated packing or wire screen packing. The acclestaption of the gas or
liquid flow through a great variety of packings using numérisimulations is very

challenging.

When employing the VOF method on PBaynal et al. (2007) and Sebastia-Saez et al.
(2014, 2015) modelled the falling film flow and mass transfeallp®n the surface of the
packing on a micro-scale. Iso et al. (2013) compared two deoatestructured surfaces,
namely smooth and wavy walls, using a CFD-VOF simulation andd that the surface
texture treatments can assispreventing the liquid channelling and increase the wetted area.
All these investigations may give assistance to the siroulaif the RPBs. Currently, the
CFD simulation of the gas-liquid two-phase flow in RPBs dagus on the VOF method and
the packing wire mesh was treated as being square afacifdlocks in the 2D models and
real structures in 3D models. Shi et al. (2013) developed a 2fijphade VOF method to
simulate the liquid flow in a RPB and the interfacen®stn the gas-liquid phases was clearly
achieved. The formation d film-and droplets can clearly be observed from this method
during transient simulations. Guo et al. (2016) combined the WQEphase model, the
laminar finite-rate model and the Reynolds stress mimdsimulate the liquid concentration
distribution-and liquid flow velocity on the micromixing pemnfnance of a RPB, and the
micromixing time was estimated to be 0.05 - 0.30 ms. Yang €@l6) used this method to
investigate the liquid holdup and mass transfer of the dsdalxygen released into the gas
phase under different rotation speeds and liquid flow ratieset al. (2017) investigated the
effect of the rotation speed and contact angle on thé ktihcentration liquid distribution
and the formation of the liquid droplets by the VOF methble difficulty in the VOF
method for PBs/RPBs is the mesh generation and this istalube complex packing
structures. In order to perform the simulation convenieatlgl easily, and save computer

memory resources, most researchers simplify the packigtwes. For example, the



structure packing is simplified to Iatilted board, and the wire screen packing is simplified
as square/circular blocks for 2D or vertical wires for 3Dweeer, these simplified structures

are quite different from the real structures.

For the Eulerian method on RBssendrych et al. (2013) and Niegodajew et al. (2016)
used the porous media model to simul@®, absorption by the liquid MEA solution in a
6mm-Raschig-rings randomly fille@B. Liu et al. (2006a) developed a turbulent mass
transfer model for the CFD simulations©®, removal using a NaOH aqueous solution in a
pilot-scale %zinch-ceramic Berl-saddles randomly packed iclagmbsorption column. For
the structured®B, Pham et al. (2015) and Kim et al. (2016) used the lliuta paremdia
model and the Eulerian method to predict the gas and liguigphase flow an€O, capture
from the flue gas. The number of published papers on theenwahinvestigation of C®
absorption in PBs is very limited and the publications arelian simulations of the
multiphase flow in the RPB are rare. The only papat itivestigates the PRB is a conference
paper, in which Martinez et al. (2012) used the Eulerianrianlenethod to simulate the 3D
gas-liquid flow in a RPB@i (2010) presented some challenges for the CFD simulations of
the CO, capture by liquid amine and these are (i) unsolved gas/ligtedfacial area; and (ii)
combination of different models, such as equilibrium araksntransfer, heat transfer and
reaction modelsOn the other hand, the setting of the flow to be counteeruis another
difficulty. The boundary setup for the liquid inlet and outlet is elmgiing because the gas
inlet and liquid outlet are overlapped and the gas outidtliguid inlet are overlapped. In
addition to these challenges, the toughest difficulty efEhlerian method is how accurately
the porous media model describes the gas and liquid flovh@andhe porous media model
represents the differencas the packing materials. There are three popular porousamedi
models in the literature: the Attou model (Attou et al., 199%ethan the spherical packing;

the Lappalainen model (Lappalainen et al., 2008), based omspimerical packing and



wettability factor; and the lliuta model (lliuta et al., 200d3sed on the structured packing
and wettability factor. However, in the RPB, the wireesas are commonly used as the
packing materials. The current available porous media Is@de not suitable for the wire
screen packing. Up to now, it is still challenging to build gpprgorous media model for

some particular packing structures.

It can be seen that the Eulerian method shouldlydeachosen fothe CFED simulations
of large pilot-scale RPBsThe purpose of this paper is to demonstrate the potential of
employing the Eulerian porous media method for the efiicprediction of C@ absorption
in a large-scale RPB-Jowever, the difficulties for the Eulerian method i tfimulation of
RPBs are the settings for the counter-current flow,pim®us media models and interfacial
area. Therefore, the novelties of this work are devis: (i) the application of a new gas-
liquid two-phase porous media for wire screen packing baseth@Kotodziej one-phase
model Kotodziej and Lojewska, 2009). TheKolodziej model treats the packing wire screens as
small cylinders and noas traditional spheres and this takes into account theteffethe
tortuosity on the fluid velocity through the packing) (he interfacial area is derived from
the VOF simulation of the liquid flow on the real wgereens(iii) a more advanced reaction
enhancement model is employed for describing liquid massféra and i) the construction
of the liquid generation and elimination zone to resohe pproblem in the setting of the

counter-current gakquid flow in the CFD simulation.

Finally, in this work, the C@Oabsorption in the RPB has been studied by the use of an
Eulerian simulation based on the new settings for thdigais counter-current flow, the new

porous media model and the new interfacial area model.
2. Rotating packed bed for CO, absor ption using M EA solutions

The simulation oCO, capture by MEA solutions in the RPB has been performddlas

is based on the experiments in the RPB for, @sorption by the liquid amine, which was
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reported by Lee et al. (2017). A flowchart diagram of thele/fprocess is shown in Fig. 1
and the dimension of the RPB is 80 mm for the inner dam&00 mm for the outer
diameter and 20 mm for the width of the packed bed. Tameter of a polypropylene case
for housing the RPB is 360 mm and the packing materiaktsialess steel expanded mesh

screen with a voidage of 0.801 and the surface area of §68.m

The flue gas is stimulated by mixing air &3, in the ratio 12 mol%O, and preheated
to 40°C by a hot water system before entering the chamberydauitsed in a polypropylene
case for the RPB on two sides through two pipes. Aftsorgibion, the gas leaves the RPB

through the pipe that is connected to the inner boundahed®PB.

Rotating

Housing packed bed
case ]
40°C
Heating
system
40°C g
Heating
system Flue gas
1 Gas
) Liquid
MEA solution

Fig. 1. Schematic diagram of the rotating packed bed fos &lf3orption by the liquid amine.

The MEA solution with a mass fraction of 30% or 98%s first preloaded to 0.1 mGIO,
/' mol MEA. After that, the liquid was preheated t°@0by a hot water system and then
sprayed into the RPB from the centre usangy armed jet. After flowing through the packed
wire screen, the liquid was thrown towards the case waleoRPB and finally it is collected

by a pipe that is situated at the bottom of the case.

The feed gas flow rate is 9.8 litres/s and the litigas mass flow rate ratios are 2.8, 3.3

and 3.7 for the 30% MEA solutions, and 0.9, 1.0 and 1.2 fo9@k& MEA solutions.
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3. Simulation theory

The gas-liquid flow in the RPB investigated is a couaterent flow design. In the
experimental rig, the RPB is closed in a polypropylene aasehown in Fig. 2(a). The gas
passes the space between the case shell and the outerf dugdrPB enters into the RPB
and finally flows out of the reactor through a centrakpiphe liquid is sprayed onto the inner

surface of the RPB and flows out of the RPB. After thia, liquid crosses the chamber

cavity and finally collects on the wall of the polypropyerase

. — 20 mm
Cavity region Gas inlet Liquid outlet : » Gasinlet
~
[~ " E 5 '/: Liquid elimination

_': Y zone

Sidewall of vl
the case ~—

Side plate of |- Porous media
zone

110 mm

the packing ~

Packing
region ~_
[~
Liquid generation
v " zone
« " g“ Ef L, Transition zone
» Gas Liquid c §—/ ® Gas outlet
_[\ outletinlet | Ty =2
A (a) (b)

Fig. 2. Schematic diagram of the simwddtphysical model of the rotating packed bed (RPB).
(a) model of the experimental RPB; (b) model of tineusation.

In order to easily perform the simulations, the demgas swirl flow between the front
side plate of the packing and the front sidewall of theggrobylene case and between the
back side plate of the packing and the back sidewall efpiblypropylene case are not
included in this investigation since there is no experimenttd dsailable. The gas is

assumed to enter uniformly through the outer boundaryeoR®B. The chamber cavity that
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is housed by a polypropylene case for the RPB is notd=resl and included as well. Thus,
the geometry of the rig, as shown in Fig. 2(a), is 8ffegd into the structure shown in Fig.
2(b). Because more reactions occur in the RPB, thendiime of the RPB has the same size
as that in the real experimental rig and the gas owdtgom is simplified into the area, which
extends 10 mm from the inner boundary of the RPB. Thpldied geometry represents the
flow and reaction process in the RPB but omits the flavthe chamber cavity and the
complex swirl flow between the front side plate of RieB and the front sidewall of the case,

and between the back side plate of the RPB and the himskadl of the case.

The liquid flow in the RPB is almost axisymmetricatlahis has been demonstrated in the
experimental investigations (Yang et al.,, 2015). Thus, inwlogk, the 2D axisymmetric
swirl Eulerian model is used to model the gas-liquid twospHw in the RPB. The rotation
of the rig is simulated by the rotating reference fratheshould be noted that for a more

detailed analysis, full 3D simulations should be performed.

The assumptions employed for the RPB are as followshd€igas and liquid flows in the
RPBs are in the steady statie) the gas is incompressibldii ) the liquid is usually sprayed
into the packing by a number of uniformly distributed hegat the entrance to the RPB. The
splashing of the liquid on the edge of the packing is dexnput the liquid becomes
uniformly dispersed very quickly with the assistance ofggheking wires Therefore, in this
work, the liquid is treated as being a uniform flow thaeenthe packed bed for a given
liquid flow rate; the details of the liquid entry regiand the effect of the number of liquid
spraying nozzles on the liquid flowing into the packing are awotsidered; i¢) once the
liquid flows out of the packing, it will not have any impact the flow in the packing.
Therefore, in order to simplify the simulation, we assuthat the liquid disappears

immediately when the liquid flows out of the packing amdches the liquid elimination zgne
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and (v in the packing region, the liquid flows in the form of fndroplets and rivulets. The

interfacial area between the gas and liquid can beqteedusing the VOF method.

The liquid flow and mass transfer process in packed bexlsnathe unsteady state, in
particular at the micro-scale. For the RPB, when adidhnumber of liquid nozzles are used,
it introduces unsteadies in the large scale. For teescpresented in this work, we take the
view that the unsteadiness of the flow is a secondaenghenon and the flow can be
globally treated as being in a quasi-steady state, ticplar this is valid when the number of
the liquid nozzles employed are not too small. Neverthetbssunsteady flow and mass
transfer process caused by the limited number of liquid r®zrigloyed can be simulated
by full 3D simulations using the same approach as presenthbis ipaper. Further, the micro-
scale unsteady flow and mass transfer process can berfgithulated by the LES (Large

Eddy Simulation) method with appropriate computer power.

The end effect of the liquid entry section was not includedhis work. The liquid is
usually sprayed into the packing by a number of uniformly disetutozzles located at the
entrance to the RPB. The splashing of the liquid on tige ®f the packing is complex but
the liquid becomes uniformly dispersed very quickly withaksistance of the packing wires.
The liquid entry section is in a very limited region (Yan@le 2015). Therefore, in this work,
the liquid is treated as being a uniform flow that enteespgacked bed; the details of the
liquid entry region and the effect of the number of liggpraying nozzles on the liquid
flowing into the packed is not considered in detail. W tidne view that this will not have a
significant impact on the overall prediction of the L£absorption efficiency of the packed
bed especially when the size of the bed is large. hise main aim of the development of
this model. Furthermore, it is extremely challenging to &teuthe very complex liquid

splashing process at the entrance of the RPB in a ceauntent flow configuration.
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Additional models can be developed to be added on to the present pordiasnmoelel and

this is a future work.

A schematic diagram of the geometry and boundary condieomsloyed in the CFD
simulations is shown in Fig. 2(b). The width of thredlis 20 mm. The distances of the gas
outlet, liquid generation, inner boundary of the RPB, mbtaundary of the RPB and the
liquid elimination/gas inlet to the x-axis is 38 mm, 39 mm, 40 5@ mm and 15Inm,

respectively. The left and right sides of the whole bedfze wall boundary.

3.1 Governing equations
The governing equations are as follows:

(i) Mass equation:

V- (piBi;) = Smyi D

(i) Momentum equation:
V(p0iDj) = —=VP + V- (%) + Farag; — Sij )
(i) Species transport equation:
V- (piBiYi) = =V Juj + Ry 3)
(v) Energy equation:
V- (%(pE; +P)) =V- (keff,iVTi — Y b + (Fefrij 'ﬁij)) + Sh,i (4)

where,p is the density; jvis the fluid velocity (i = Gas or Liquid = the axial (x), radial (r)
and tangential (z) coordinate direction);; 3 the mass source; P is the pressuayas the

stress tensoiFqragj is the drag forceS; is the momentum sourc¥ is the mass fraction of

the species, such as €@ the gas phase or MEA in the liquid phase (k = sggclg is the

14



mass diffusion fluxR is the production of the species by reactigns the total energyker;
is the effective conductivityh, is the enthalpy of the specjesy;; is the effective shear tensor

and S;is the heat of chemical reaction.
3.2 liquid generation zone and elimination zone

One of challenges for the simulation of the gas-iguunter-current flow is the boundary
settings for the liquid inlet and liquid outlet. Thidbscause there are no appropriate available
boundary designs for the overlapped liquid inlet and gas oathek,the overlapped liquid
outlet and gas inlet. In order to overcome this difficuttyo zones for the liquid generation
and elimination were constructed and the source equationisefee two zones are described

as follows:
() Liquid generation zone:

e For the liquid mass source,

Smi = mraen; (5)

(ry2-1r12)Z

where, Q is the volume flow rate of the liquid; and p are the radius of the liquid source

zone; and Z is the thickness of the rotating packed bed.
(i) Liquid elimination zone:

e For the liquid mass source,

PLALVx,L PLALYrL PLALVr,L
S = — (PLo2EL 4 Ly L) 6
m,L Ax Ar r ( )

e For the liquid momentum source,

17pLaALVx LVx,L 17pLaLVy LVx L
’ r Ax r Ar

15



17PpLALVxLVrL |, 1TPLALVyLVr L
§, = - (Arestetes | Lroucutnate) 8
T.L r Ax r Ar ( )

17PpLaLVr VL | 1TPLELVx LVz,L
0 = — (Aroutnas | oLt 0
z,L r Ax r Ar ( )

e For the species source,

pLaLYx LY | pLaLvrLY; | pLALVr LY
5y = — (PLnely y POy Putta) (10)
Ax Ar r

e For the energy source,

pLALVx LHL | prapvrlHL | pLaLvrLHL
Sy = — (L ' LeL) 11
hL Ax + Ar + r ( )

where, a is the liquid phase fractiomx is the axial size of the cell in the liquid eliminatio
zone Ar is the radial size of the cell in the liquid eliminativone Y; is the mass fraction of

species; and His the enthalpy of the liquid phase.
3.3 Porous media model

There are some porous media models for the gas-liquwdphase flows in traditional
packed beds, such as the Attou and the lliuta models (B, 2018). The Attou model is
derived from the spherical packings and the lliuta modekrived from the structured-slit
packings. However, the commonly used packings for the RRBwire screens. The
characteristics of the gas and liquid flows in thesekipgs are different from those of
traditional packings. Therefore, another challenge fer shmulation using the Eulerian
method is an appropriate porous media model for the RPs is why there are very few
publications for CFD simulation of multiphase reactionRPBs. In this paper, a new porous
media model for the RPBs, which has been previously aanstl (Lu et al., 2018), is

employed.
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Fig. 3. Schematic diagram of the porous media model based candetry wires.

The gas-liquid twghase porous media model is derived from the Kolodziej one-phase
model (Kotodziej and Lojewska, 2009). In order for this one-phase model to accommodate
the gas-liquid two-phase flow, the concepts of wet wiresdag wires are introduced in this
work. Thus, the surface of the packing is divided into a we#&,awhere the liquid flows
through, and a dry area, where the gas crosses as gihd&ign 3. Thus, the flow resistance
for the liquid and gas can be derived from the one-phlase resistance based on the

Kotodziej equations, namely.

pvp? es T3

Sis = felL [4’(fapp + fi zLd:, gL_S3cos3 9] (12)
pevg? (1-gg) T3

SGS = (1 - fe)gG [4(fapp + ﬁf zcdj gG3G cos3 9] (13)

162
_ 1 fsae T (14)

fapp = Reg \ /x* 1+°';’;_’:’221
0.079

fe = g0z (15)
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Xt =g (16)

- DhReK
Rey = £2e2n (17)
u
For the gas-solids interaction:
— &s _ s Vv _ T — %6
T—1+2,dw y e_EGcos(H)’ h_as (18)
For the liquid-solids interaction:
=148 g =%, v T p %L (19)
= 2’ W_as’ve_eLcos(G)’ h = a

where Ss and s are the resistances of the porous media for the lgpadgas phase; is
the fraction of the wetted area of the packifigandeg are the volume fraction of the liquid
and gas phasé,ppis the fanning factor for laminar flowf is the Fanning factor for turbulent
flows; dy is the wire size r is the tortuosity factor of the packin®;, is the hydraulic
diameter Re¢ is the Reynold numbegv. is the effective velocityu is the viscosityas is the
specific area of the dry packing; afid= 60°, which is estimated for the investigated packing

structure and liquid flow (Lu et al., 2018).

The current porous media model is derived from only fimw. In fact, the film and
droplets all exist in the porous media zone but the doplet restricted by the wire mesh
and interact with the film and the derived model is shawbet able to be extended for flows

with afilm and restricted droplets (Lu et al., 2018).
3.4 Gas-liquid drag model

In our previous work, we deduced,Fas the drag force between the gas and liquid (Lu et

al., 2018). The drag model is given by

— 2 (1=
For = fo |[4(fapp + ;) 2ECE 0o%0) 13 (20)

2dry, &G

18



T=1+ SS;LSL, d, = ?, v, ==, D, =26 (21)
's

1

a's = (m)E as (22)

£s

where 5. is drag force between the gas and liquid;is specific area of the wet wira$,,

is wire and liquid film diameter.
3.5 Wire wettable fraction and interfacial area

In this work, the wire wettable fraction is assumed to @eakto the fraction of the
interfacial area to the total area of the dry packing. Mwtjal. (1989b) and Luo et al. (2012)
investigated the interfacial area between the gas and ltie RPBs. However, the derived
correlations from these literatures are not suitablegéeral applications in the RPBs. The
most general used correlation of the interfacial anghe RPB is the Onda equation (Tung
and Mah, 1983; Liu et al., 1996; Tan and Chen, 2006; Joel &04l7). However, the Onda
eguation was originally obtained from measuring the absorpfic€G; in the NaOH solution
in the traditional packed beds. Therefore, there diesgthe controversial questions on how
to properly define the variables in the Onda equation todictnditions of the RPB, e.g. the
gravity, g in the traditional packed bed becomes the rotatiorleration, gin the RPB. In
addition, the Onda equation has not been carefully examindtelgxperiments in the RPBs.
Throughout our simulations, it is found that the resuitthe CQ, absorption by liquid amine
iS very sensitive to the interfacial area and theeetbe accurate equation for the prediction

of the interfacial area is requested.
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Fig. 4. VOF simulation of the liquid flow through the packing usedhe real experiments. (a)
packing mesh; (b) 3D model of the packing; and (c) modetied! flow through the
packing.

In order to achieve the reasonable and correct interfacal in this work, we simulated
the local liquid flow on the packing meshes used in themx@nts by the VOF method as
shown in Fig. 4. From the simulation, the correlationthe effective interfacial area under
the real experimental conditions in the RPB is oldiand given by Eg. (23) in Xie et al.

(2018).

AGL ~ 202.3485 (%)0.0435 (Ull)0.4-275 (%1)0.1200 (%1)—0.5856 (23)
where, g = 205.6 m/§ U; = 0.0106 m/syy = 3.3510° nf/s andy, = 75; g is the rotation

acceleration; U is the superficial liquid velocity; ands the dynamic contact angle. In this
work, the dynamic contact angler= 18, means that the liquid easily spreads and contacts on
the surface of the packing under the bed rotations (Setetz et al., 2018; Xie et al., 2018).

The fraction of the interfacial area to the total akthe dry packing or the wet area to the

total packing area is given by

fo="2 (24)

as
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Considering the increment of the interfacial area fiti wall next to the packing, the

interfacial area in the wall region is estimated dsvis:
1
AGL,W = (Awfe + anchell,w) = (m'l' aS)fe (25)

where, the wet fraction of the wall is assumed to bedhess that in the packing region; A
is the wall surface area in the cell next to the wallj Wis the volume of the cell next to the

wall; andAx,, is the axial size of the cell next to the wall.

3.6 Mass transfer

For CQ absorption by the liquid amine, the mass transfer of f8fn the gas phase to the

liquid phase was estimated using the following:

Megr.co, = kGLAGL(pL,COZ* - pL,COZ) (26)

where, . co2 is the transferred COnass between the gas phase and liquid phasés the
total mass transfer coefficient through the gas phasediguid phase o coz* is the CQ
concentration on the surface of the liquid; ando2 is the CQ concentration in the liquid

bulk flow.

The two-film model was used to estimate the massféransefficient between the gas and

the liquid, namely

=" 4= (27)

kgL  Hco,-MEAKG KL

where, R is the gas constant; T is the temperatuse;-tita is the Henry constantks the
mass transfer coefficient in the gas phase; ans the mass transfer coefficient in the liquid

phase.
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The liqguid and gas mass transfer coefficients for R#eBs have been extensively
investigated by many researchers. Munjal et al. (1989a) usquktie¢ration theory and the
complete convection diffusion model to predict the-ligagd and liquid-solid mass transfer
coefficients in the RPBs. Guo et al. (1997) used the &lidorbed by water and $@bsorbed
by the ammonium sulphite solution to investigate the massfer coefficients of the gas
phase and liquid phase in the RPB. Chen et al. (2005a; 2005b; 2@@@&gdlxorrelations of
the mass transfer coefficient for the liquid phaseuph the experiments in which the
dissolved oxygen in the RPB was measured. Rajan et al. (20#l1)uo et al. (2012) used
the absorption of COin the agueous NaOH and investigated the interfacial anediquid
mass transfer coefficient. Zhao et al. (2014) summarihedntass transfer systems and
different correlations for liquid mass transfer cadints and gas mass transfer coefficients
in the RPBs. There are numerous semi-empirical ladiwas based on different reaction and
packing systems. However, these equations suffer from gewoeralization performance
(Zhao et al., 2014). Therefore, the mass transfericaeafts for the gas and liquid phase from

these literatures are not applied in this work.

In this work, the Hughmark model (Fluent, 2013) was employedhermass transfer
coefficient.in the gas phase because this model carcptee mass transfer coefficient for a
wider range of relative Reynolds numbers. The masster coefficient between the gas and
liquid is dominated by the mass transfer in the liquid.rétoee, the mass transfer model for

the gas phase does not significantly influence the gesult

For the mass transfer coefficient in the liquid phases $econd-order irreversible
enhancement model is used because thgdb®orption can be simplified as a second-order

irreversible reaction. The reasons are (i) the, GBsorption reaction is a Zwitterionic

mechanism. The CQOreaction rate is;,, = —kZ[MEﬁ]_[fOZ], but— kﬂ;;A & 1. Therefore, the
Lt BT p[MEA]
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CO; reaction rate can be estimatedrpy, = —k,[MEA][CO,]. Therefore, this reaction can
be simplified as the second-order irreversible reacfar describing the COabsorption
process; i() this simplification can make the simulation much easwthout losing the
prediction accuracy at the temperature range fos &l§3orption; (iii) this simplified method
has been extensively employed in the simulations o€eabsorption (Hosseini et al., 2014,

Sebastia-Saez et al., 2014; Niegodajew and Asendrych, 2016).
The second-order irreversible enhancement model is dgpye
k, = Ezk,” (28)
where, k is the enhancement factor.

Here, we assume the film theory as mass transfeess in the liquid. The mass transfer

coefficient in film theoryk *, is given by:

k' =2k (29)

where, Dco2 is the diffusivity of CQ in the liquid phase; and is the diffusion layer

thickness for mass transfer.

In the literature (Levich, 1962), the diffusion layer thicksidor the rotating disk has been
found to be a function of the diffusivity, kinematic visitp<f the liquid and the angular
velocity of the RPBi.e. Mooney et al. (1981) estimated the values of the siiffu layer
thickness as being 1.67 - 2:2®° cm for the dissolution of the solid Benzoic acid, 2-
Naphthoic acid and Indomethacin in the KCL solutions foatiotal speeds up to 900 rpm.
Jeannot and Cantwell (1997) measured the extraction ofMh&Rifrom water into n-Octane
with different stirring rates and obtained 1x89° cm for the stirring rate of 900 rpm and
1.24x10° cm for the stirring rate of 1200 rpm. Wegner (2017) presesmeekample of CO
being scrubbed by water flowing through a packed bed and thesidiff layer thickness is
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7.6x10° cm. Thus it can be seen that the diffusion layer tlisknchanges with different
liquid viscosities and rotating speeds but the range inithusidn layer thicknesssis limited

from 1.0<10° cm to 8.610° cm.

In order to examine the effect of the diffusion layeckhiess on the CQabsorption, we
compared the COmass fraction at the gas outlet under different ddfusayer thicknesses
(1.0x10° cm, 5.10° cm and 8.810° cm) for the 30% MEA solution and 90% MEA
solution at the rotation speed of 850 rpm. For the 30% M&lAtion, the mass fraction of
CO;, at the gas outlet is 0.135928, 0.135951 or 0.135974 and for the 90%sdAiEHdN, the
mass fraction of C@at the gas outlet is 0.135199, 0.135201 or 0.13528pectively, for
the diffusion layer thickness of &00° cm, 5.6<10° cm or 8.&10° cm. This shows that the
CO, absorption is not sensitive to the diffusion layerkhe&ss. Therefore, the diffusion layer
thickness of 5.010° cm is employed for all the cases investigated. Neversgela the

modelling, the diffusion layer thickness can be set\aiable if required by the simulation.

The enhancement factor is given by (Wellek etLal78):

1
E, =1+ ((E;,— 1D + (B, — 1)71%%) 7155 (30)
E. =1+ Dy,MEACLMEA (31)
L 2DL,c02€L,co2

Ha
El =
tanh(Ha)

__ |k2DLco2CLMEA
Ha = /—(RL*)Z (33)

where, Cvea and G co2 are the mole concentrations of MEA and G®the liquid phase;

(32)

Ha is the Hatta number; and is the reaction rate constant.

The CQ saturation concentration on the liquid surface isrying
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Pco
* 2
Prco, = My co, Hrr vra (34)
CO2-MEA

where, M, cozis the molar mass of GOHco2-mea IS the Henry constant of Gan the MEA-

water solution; and & is the partial pressure of G@ the gas phase.

The Henry constant was estimated by th® Ahalogy methodRenttila et al., 20)1as

follows:

Hn,0

H
HCOZ—MEA = HNZO—MEA ( COZ) (35)
w
where, Hpo-veals the Henry constant of J® in the MEA-water solution; &b is the Henry
constant of C@in water; and o is the Henry constant of® in water.

The diffusivity of CQ in the MEA solution was estimated by theONanalogy method

(Liu et al., 2006b) as follows:

D
DL,COZ = DL,NZO (&> (36)
w

Dn,o0

The diffusivity of the MEA molecules in the MEA salloh is given by Snijder et al. (1993)

as follows:

Dy uga = exp (—13.275 — 2222 — 0.078142C, 54 ) (37)
3.7 Heat transfer
The transferred heat between the gas andjthd s given by
QneL = harleL (Te —T) (38)

where, QgL is the transferred heat between the gas and liqwd;ishthe heat transfer
coefficient; As. is the interfacial area between the gas and liquid; anénd T are the

temperatures of the gas and liquid, respectively.
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There are very few publications reporting the heat tramsfthe RPBs. In this work, the
Hughmark model (Hughmark, 1967) was used for predicting the heaferasoefficient

between the gas and the liquid, has follows:

oy = - (39)
14
1 1
Nug = 2.0 + 0.6Reg2Pr,3 0 < Reg < 776.06,0 < Pr, < 250 (40)
062p.. =
Nug = 2.0 + 0.27Re;*62Pr, 3 776.06 < Reg,0 < Pr, <250  (41)

where, ¢ is the equivalent diameter of the liquid droplgtis the thermal conductivity of the
liquid phaseNug is the Nusselt number of the gas phase; Rnds the Prandtl number of

the liquid phase.
The wall of the RPB is treated as being adiabatic
3.8 Reaction model

The absorption of C&by MEA can be described by the Zwitterionic mechanisrh wito-
step reactions (Ma et al. 2015; Wang et al., 2013). Thesfiep is to form a Zwitterion as an
intermediate and the second step is for the Zwitteigoreact with a base, suchaBIEA, to

deprotonate. The two-step reactions are given as follows:

k,
CozaJ+H0CJLNHAL)4i:!H0CJLNH;C00xL)
<

k
HOC,H,NH,"COO" (L) + HOC,H,NH, (L) —~HOC,H,NH;" (L) + HOC,H,NHCOO" (L)

The CQ reaction rate is given by:

k,[MEA][CO
Tco, = _2[—k]_[12] (42)

I, IMEA]
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where, r is the reaction rate; k; and kg are the reaction rate constant; [MEA] and [LC&re

the molar concentration.

The total reaction is given by:

k>
CO, (L) + 2HOC,H,NH, (L) = HOC,H,NH,* (L) + HOC,H,;NHCOO" (L) 43)

The CO, reaction with the MEA can be treated asecond-order irreversible reaction

becauselﬁ « 1 and theCO, reaction rate can be simplified as follows:
b

Tco, = —k,[MEA][CO,] (44)

This simplified reaction has been extensively used irsitmeilation of CQ absorption by
the liquid amine (Hosseini et al, 2014; Sebastia-Saez .et2@l4; Niegodajew and
Asendrych, 2016). In this work, the formation enthalpies HWOCH,;NHs" and

HOCH4NHCOQO are derived from the literature (Mishra, 2014).

In this work, we used the equation for the reactite canstant,

ky = 4.4 x 10Mexp (- 2) (45)

whichwas proposed by Verstege et al. (1996) and it has been used byrHetski(2014).

Aboudheir et al. (2013) reviewed the reaction rate constanhéd€O, absorption by the
MEA from different experiments, e.g. Hikita et al. (197Verstege et al. (1996) and Horng
and Li (2002). Many simulations on G@bsorption by MEA solutions have used the Hikita
reaction rate constant (Pham et al.,, 2015; Sebastia-&aet., 2015; Niegodajew and
Asendrych, 2016). Actually, these obtained reaction ratetaatssfor theCO, absorption by

the MEA are very similar.

4 Simulation conditions and method
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During the simulations, the gas phase consists of & air and the liquid phase is
composed of C&® MEA (HOGH4NH,), MEAH" (HOC;H;NH3"), MEACOO
(HOCGH4NHCOQO) and water. The properties of the materials and theatipgrconditions
are shown in Table 1. According to the literature (Amundseal., 2009), the density of the
MEA solutions change very slightly with the variatianghe temperature but the viscosity is
very sensitive to the temperature. Therefore, in thelaimon, the liquid density is assumed
to be constant and the correlation of the viscositi tie temperature was achieved from the

data presented in the literature (Amundsen et al., 2009).

The properties of the phases, such as the thermal doniguspecific heat for the liquid
or gas phases are all estimated by the mixing law basdgt alifferent species in each phase.
In the experiment, both the 30% and 90% MEA solutions wezl@aded to 0.1 malO,/mol
MEA before the absorption &0, in the flue gas. In the simulations, we assumed tiat t
preloaded CQin the liquid phase all reacted with the MEA and finallgnied MEAH and
MEACOQO in the solution. 18 cases based on different L/G magsyatg. L/G = 2.8, 3.3,
3.7 for 30% MEA, L/G =0.9, 1.0, 1.2 for 90% MEA and differentiation speeds, e.g. 600,
850, 1150 rpm were simulated in this work. The swirl veloaityhe gas inlet is assumed to
have the same rotation speed as in the packing regidndaes not consider the gas
acceleration along the tangential direction becaheegis inlet is very close to the outer
boundary of the packing. Thus, the gas inlet boundary issdieanlet velocity v = 0.5167
m/s and the inlet temperature of 313.2 K and the gas outlgtdary is set as the pressure-
outlet. The liquid is generated from the liquid generatione and the temperature is fixed at
313.2 K. Finally, the liquid disappears in the liquid elimimatzone. The wall boundary is
set as the no slip and adiabatic wall. The mesh cadl isi 0.25 mm (length) x 0.01 mm

(width).
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Tablel

Properties of the phases and the operating conditions for the smulations.

Properties of phases | Settings Conditions Settings
Density of gas phase | Incompressible idegq Gas flow rate 9.81I/s
gas
Density of liquid| 1003.4 kg/m for 30%| Liquid/Gas mass flow| 2.8, 3.3, 3.7
phase MEA* rate ratio (L/G) for
1000.6 kg/m for 90%| 30% MEA
MEA*
Viscosity of gas phase Mixing law Liquid/Gas mass flow| 0.9, 1.0, 1.2
rate ratio (L/G) for
90% MEA
Viscosity of liquid| pg3for 30% MEA*} Initial temperature for | 313.2 K
phase Lo for 90% MEA*: | gas inlet
Specific heat of gaj Mass weighted mixing Initial temperature for { 313.2 K
phase law liquid inlet
Specific heat of liquiq Mass weighted mixing Gas outlet Pressure outlet,

phase law P..:= 0 Pa
Thermal conductivity Mass weighted mixing Wall boundary No slip wall
of gas phase law Adiabaticwall
Thermal conductivity Mass weighted mixing Mass fraction in the | CO,: 0.1697
of liquid phase law gas phase Air: 0.8303
Mass diffusivity of gag Kinetic theory Mass fraction inthe | CO,: 0.0

phase

liquid phase for 30%
MEA solution

MEACOQ: 0.0501
MEAH": 0.0298

(after preloaded CO | MEA: 0.2349
0.1 mol CGQ/1 mol H,O: 0.6852
MEA)

Mass diffusivity of| Kinetic theory Mass fraction inthe | CO.: 0.0

liquid phase

liquid phase for 90%
MEA solution

(after preloaded CO
0.1 mol CQ/1 mol
MEA)

MEACOQ: 0.1441
MEAH": 0.0859
MEA: 0.6761

H,O: 0.0939

* From the literature (Amundsen et al., 2009)
* oz = 0:3083 — 0.00262T + 7.4882 x 107°T2 — 7.17293 x 10~°T3 (Pas)
Thoo = 437711 — 0.03776T + 1.08945 x 10™*T2% — 1.05031 x 10~7T3 (Pas)

298K < T < 353K

The uncertainties associated with the experirheesalts may bring the discrepancy
between the simulation and experiments. These uncégtaare (i) the COconcentration is
measured at the gas inlet and outlet pipes and it is naguneghdirectly from inside the
packed bed. The influence of the residence time on theasigpabetween the gas and liquid
on the absorption is not knowni)(the complex gas-liquid vortex flow in the space between

the front sidewall of the case and front side platenefgacking, and the space between the
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back sidewall of the case and back side plate of thergpokroduces some uncertainties in
the CQ absorption results; (iii) the gas and liquid flows he tavity are very complex. The
liquid flows as a wide range of droplets with differertesi The gas forms the free vortex
and this causes the reaction uncertaint®$;ii the liquid entry region, the liquid is sprayed
onto the packing almost uniformly but this may not complet@ijormly enter into the bed

because of the limitation of the nozzle number.

The simulation details can be found in the publication (tuale 2018). The 2D
axisymmetric laminar flow model is used for the CFD.simuiatad the RPB. For the
Kotodziej flow resistance equation, the “laminar flow’ means the viscous flow corresponding
to the viscous part of the flow resistance equation;“thebulent flow’ means the inertial
flow corresponding to the inertial part of the flowisté@nce equation. From the view of fluid
mechanics, the flow regimes for porous media ayd&RK 1, creeping or Darcian regime; (ii)

1 <Re < 500, nonlinear-laminar or viscous-inertial regime) e > 500, turbulent regime
(Hlushkou and Tallarek, 2006). For the cases investigatedsinvirk, Re_is about 2.2, thus
indicating the nonlinear laminar flow or the viscous-iartegime. Thus in the CFD
simulations, we have used the laminar model to simulatdlaheand the flow resistance
equation employed includes both the viscous and inergatributions. The porous
formulation is based on the superficial velocity. Bue solver, the pressure based method
and the relative velocity formulation were employed. Dgirihe simulations, the COUPLE
method was employed. The second-order upwind discretisatibemes were used for the
momentum, swirl velocity and all the species equatiodstiag QUICK discretisation scheme
was used for the volume fraction equation. The convérgamditions are that the residaal
for all the equations are less than 1%Hnhd all the residuals reach stable and do not change.

A mesh independence has been checked based on the nfesbeEld, 106226, 156339
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and 200452, and the pressure deviation is within 0.2%. The simulatfiware employed is

Fluent 16.1.0.
5 Reaults
5.1 Liquid holdup

The characteristics of the liquid holdup distributiomie of main physical behaviours for

the gas-liquid two-phase flow in the RPB. The liquid holdugdéafined as follows:

hL = YL = &qp, (46)

Vreactor

where Y is the volume of the liquid in the beWeacioriS the volume of the reactar;is the

porosity of the packed bed; is the liquid phase fraction.

The contours of the liquid holdup in the bed and the liquldupdistribution curves along
the radial directioron the centreline of the bed are shown in Fig-i§s. 5(a) and 5(b) are the
contour figures for the 30% MEA and 90% MEA solutions, respelgtiand all these show
distributions along the axial and radial directionig. B(c) shows the detailed liquid holdup
distributions of the 30% and 90% MEA solutions along thd bentrelinein the radial

direction

It can be seen from Fig. 5 that in the packing regiom liquid holdup decreases with the
radial distance from 0.022 (30% MEA) or 0.014 (90% MEA) atitimer boundary of the
liquid source to 0.003 (30% MEA) or 0.002 (90% MEA) at the outentary of the packing.
Fig. 5(c) shows that the liquid holdup for the 30% MEA is highan that for the 90% MEA.
The reason is that during the simulations and expersném gas volume rate is fixed at 9.8
litres/s and thus, the liquid inlet velocity for the 30% M&olution with L/G = 3.3 is higher

than that of the 90% MEA solution with L/G = 1.0.
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Fig. 5. Contours of the liquid holdup (a) 30% MEA, L/G = 3.3, n = 850;rfn90% MEA,
L/G = 1.0, n =850 rpm, and the liquid holdup as a functiondiafgosition for the different
MEA solutions; and (c) along the bed centrelméhe radial direction.

Next, we focus on the liquid holdup distribution in tREB. In order to compare the
simulation results with the experimental data, the Buwworrelation (Burns et al., 2000) is
used. Generally, the rotating packed bed uses a very high parbgitre packing (generally
more than 80%). Therefore, the Burns correlation trgmsnfluence of the porosity on the
liquid holdup very briefly and the influence of the porositynist considered in the
correlation. However, the Burns correlation is widatgepted by many researchers and it is
used in the process simulations (Kang et al., 2014; Jaél 017). The Burns experimental

correlation (Burns et al., 2000) for the liquid holdup igegi by

hL — 0.039 (ﬁ)—O.S (1)0.6 (1)0.22 (47)

9o Uo Vo

where g = 100 m/§, Up = 1 cm/s; v = 1 cS; h is the liquid holdup; gis the rotation

acceleration; U is the superficial velocity; and the kinematic viscosity.
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Fig. 6. Comparison of the liquid holdup between the simulation bedurns correlation
(Burns et al., 2000).

A comparison of the liquid holdup between the simufatésults and the Burns correlation
is shown in Fig. 6. Figs. 6(a) and 6(c) show that the liqaldup for the 30% and 90% MEA
solutions under different rotation speeds of 600, 850 and 1150 igsn.a¢b) and 6(d) show
the liquid holdup for the 30% and 90% MEA solutions under idiffeL/G ratios.

Fig. 6 indicates that for both the simulations and éRkperiments, with increasing the
rotation speed, the liquid holdup decreases; with increabendg./G ratio, the liquid holdup
increases. This is because the gas flow rate is fixé&d8alitres/s and the higher L/G ratio
gives rise to a higher liquid inlet velocity. It isuiod that when the liquid enters the packing
area, the liquid holdup predicted by the CFD is close t®thias correlation. For example, at
the inner boundary of the RPB (r = 0.04 m), the liquid holMiith 30% MEA (L/G = 3.3, n

= 850 rpm) are 0.0219 and 0.0213 for the simulation and the Burmslation values,
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respectively, and thus the relative standard deviatiorh@®simulation is about.@%6. At the
same radial position, the liquid holdup of 90% MEA (L/G = h&; 850 rpm) are 0.0149 and
0.0138 for the simulation and the Burns correlation valuespectively, and the relative
standard deviations about 8.0%. In the regions near the packing outer boyndae
predicted values are lower than the Burns correlatidoesa For example, at the outer
boundary of the RPB (r = 0.015 m), the liquid holdup with 30®AL/G = 3.3, n = 850
rpm) are 0.0032 and 0.0050 for the simulation and the Bomslation values, respectively,
and the relative standard deviation is 36.0%. At the gaoséion, the liquid holdup with 90%
MEA (L/G = 1.0, n = 850 rpm) are 0.0018 and 0.0032 for the simuladiod Burns
correlation values, respectively, and the relative dgteth deviation is about 43@ If the

error is given by (Lu et al., 2016),

=N 2
\/Z%=1 |hLi,sim_hLi,exp |

‘Ssim - (48)

, i=N 2
i=1 hLi,exp

then the errors are 16.4%, 15.8% and 15.3% for the 30% MHA®m0(L/G = 3.3) under the

rotation speeds of 600 rpm, 850 rpm and 1150 rpm, respectivelyharatrors are 19.0%,
15.8% and 14.2% for the 30% MEA solution (n = 850 rpm) underdtiaion speeds of L/G
= 2.8, 3.3 and 3.7 respectively. The errors are 20.8%%2@nd 20.3% for the 90% MEA
solution (L/G = 1.0) under the rotation speeds of 600 rpm, &0 and 1150 rpm
respectively, and the errors are 22.5%, 20.5% andd ¥or the 90% MEA solution (n = 850
rpm) under the rotation speeds of L/G = 0.9, 1.0 and 1.pectsely. In summary, most

errors are within 2%.

For all the cases investigated, the simulated flonatelirs agree with the experimental
observations and the predicted liquid holdup matches the Barnslation In conclusion, it
has been demonstrated that the CFD simulations presentéd iwork is reasonable and

effective for predicting the flows in the RPBs.
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5.2C0O; absorption

The interfacial area and the mass transfer coeffi@emtwo key factors influencing GO
absorption. Fig. 7(a) shows the variation of the iaigdl area calculated by Eq. (23) with the
radial position for the 30% MEA and 90% MEA solutions. Wigates that the interfacial
area of the 30% MEA solution is larger than that of the Q0 solution, and this is due to
the higher liquid flow rate for the 30% MEA solution. Figdb) shows the variation of the
mass transfer coefficient calculated by Eq.) (&ith the radial position for the 30% MEA and
90% MEA solutions. In the bed region of r = 0.040 - 0.065 mirthaes transfer coefficient of
90% MEA is lower than that of the 30% MEA. This is becatgehigh concentration MEA
has higher viscosity and lower diffusivity than the loancentration MEA solution, which
causes the lower mass transfer coefficient. However, gitadient of the mass transfer
coefficient for the 90% MEA solution is much higher thaattfor the 30% MEA solution,
and this is due to the much higher predicted enhancemeot iadtqg. (30), which is the ratio
of the chemical absorption flux to the physical absorptiux. The enhancement factor ras
positive relationship with the MEA solution angd due to the higher temperature, which is
caused by the release of reaction heat. Therefordigher amount of C®absorbed by the
90% MEA solution in the RPB is attributed to the higher enhaeog factor. In the bed
region.of r=0.130 - 0.150 m, the mass transfer coefti@é&the 90% MEA solution slightly
decreases due to the decrease of the liquid temperaturel ¢gude heat exchange between

the liquid phase and gas phase.
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The absorption ofCO, by the liquid amine is characterised by the change ofCibg
concentration in the gas phase in the reactor. Figo®@sthe CFD predicted contours of the

CO, mass fraction with (a) 30 % MEA, and (b) 90 % MEA, ahne distribution of the C®
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mass fraction (c) along the bed centerline. This shbvatstheCO, mass fraction decreases
from 0.1697 at the gas inlet to 0.1363 (30% MEA) or 0.1355 (90% MEAhea inne
boundary of the packing. The contour figures show that adghee radial position, the GO
mass fraction is the highest in the central regiothefbed and then it decreases towards the
sidewall of the RPB. This is because the sidewalls incréesenterfacial area as shown in

Eq. 25, which causes more g€@ear the walls absorbed.

In order to compare the simulation results with the empntal data, the overall gas phase

mass transfer coefficient is introduced, and this ismgivy (Jassim et al., 2007):

KGa — Q¢ In ( Ycoz,in ) (49)

n(ro?-r3)Z Ycoz,out

The CFD simulations examined 18 cases for @@, capture by liquid amine. The
simulation results and the validation experimental deg¢gpeesented in Fig. 9 andog outis
calculated from the average of the @ass fraction at the gas outlet. For the 30% MEA and
the 90% MEA solutions, & is enhanced with increasing the rotation speed and Lt&sfoati
both the experimental data and the simulations. FoB@& MEA solutions, the simulations
predicted Ka is in the range of 1.7 - 2.0 @nd the validated experimental data obtained
similar results for Ka between 1.7'sand 2.4 3. On the other hand, for the 30% MEA, the
Kca values changes only slightly for both the simulationtsthe experimental data when the
L/G ratio increases from 2.8 to 3.7. It is observed tmatsimulation results are slightly lower
than the experimental data, e.g. for the 30% MEA solutioi@&s,= 3.3 and n = 850 rpm,dd
is 2.3 & and 1.8 § for the experimental data and simulations, respectivety the

simulation result is 21.7% lower than the experimental.dat

For the 90% MEA solutions, the results of theakobtained from the experimental data is
in the range of 4.67sto 6.1 § under all the experimental conditions. As the L/G ratio
increases from 0.9 to 1.2gK increases to more than 1.3. For example, at n = 850Kigam,
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increases from 4.7'sto 5.3 § and 6.0 § when the L/G ratio increases from 0.8 to 1.0 and
1.2. However, Ka increases very slightly as the rotation speed iseseaor example, at
L/G = 3.3, Ksa increases from 5.2'sto 5.3 § and 5.6 § when the rotation speed increases
from 600 to 850 and 1150 rpme, as obtained from the simulations, lies in the rdnges*

to 2.0 & for all the simulation cases investigated. The predittea by the CFD simulation

is lower than the experimental data. For the 90% MBAt®ms and = 850 rpm, ka is 4.7

s', 5.3§, 6.08 for the experimental data, respectively, and 1.81s9 &', 2.0 & for the
simulations, respectively, for L/G = 0.9, 1.0 and 1.2. The Isitiain results are 61.7%, 64.2%
and 66.7% lower than the experimental results, respectiVeg/predicted Ka under the 90%
MEA solutions follows the experimental trend thagaKincreases with the increase in the

rotation speed and L/G ratio.
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Fig. 9. Comparison of the overall gas phase mass transfeii@eafffor theCO, absorption
into the MEA between the simulations and experimental, da) 30% MEA solutions; and (b)
90% MEA solutions.
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Fig. 9 shows that the simulated&is lower than the experimental values order to
more easily resolve this complex problem, we have sirgglithe model through some
assumptions. On the other hand, the experiments werempedan a lab-scale reactor, which
may introduce some difficulties and uncertainties f@r measurements of the variables, e.g.
temperatures and G@oncentration inside the reactor. Further, the expetmheata for the
CO;, absorptions shown in Fig. 9 was measured at the gas idletudiet pipes instead of the
inlet and outlet of the packing region. Also the reawtitaking place on the surfaces outside
the packing, such as on the internal sidewalls of éise,cetc. can be significant in particular
in the case of the high concentration of the MEA. Heeggive a simple estimation. Since the
reaction and mass transfer are mainly controlled byntieefacial area, thus we compare the
possible extra area outside the packing in the rig for¢hetion with the area inside the
packing for the reaction. The area outside the packingdeslthe areas of the front and back
sidewalls of the case and the areas of the front arlddide plates of the packing, thus the
total extra area is 0.24°mConsidering the wet fraction outside the packing of 30% wikich
estimated from the wet fraction inside the packing on 280nin(average wet area)/663
m?/m® (total area) for the 90% MEA solutions, the real totdtainterfacial area for the
reaction is 0.072 fn For the cases of the 30% and 90% MEA solutions, the gteedi
interfacial area of the gas and liquid for the reaciiside the packing is 0.39%ton average
300 nf/m® (wet area per volume) 0.0013 m (packing volume)) and 0.26°non average
200 nf/m® x 0.0013 m), respectively. Therefore, there is an 18% area iseréa the area
inside the packing for the 30% MEA solution and 28% area aserdor the 90% MEA
solution. For the 30% MEA solution, 18% of the area diffice is close to our prediction
error of 20% in Fig. 9. For the 90% MEA solution, we coesithat there is a noticeable
increase in the liquid temperature at the exit of the ipgckom 313 K to 333 K which

results in a 2.8 times higher reaction rate than thetealiquid inlet. Thus for the 90% MEA
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solution, 28% of the area increase combined with the @d&sthigher reaction rate results in
approximately 70% increase in the mass transfer rate, whatbse to our prediction error of
about 60% in Fig. 9. Therefore, we are of the opinion thatdiscrepancy between the
simulation results and experimental data is relativeBsonable and acceptable bearing in
mind that only the reactions taking place inside the packag lbeen calculated in the
simulation. In conclusion, the experimental data engaow this work has produced some
primary encouraging validations. Our simulations are basethe@m®xperimental data from
the literature (Lee et al., 2017 order to verify the explanation by using experimentéhda
ideally new experiments and in particular a more sophisticand advanced measurement
system need to be developed. For the purpose of demonstiaiqmptential of employing
the approach presented in this paper for the efficientqiiedliof CQ absorption in an RPB,
the results from the 2D simulations have given us cenfid of the developed model. To
improve the comparison with the experiments, new expeten@and more advanced
measurement technology need to be employed and the fldl-3basimulations need to be
performed in the future. Nevertheless, further improveémehthe model are required, such
as considering the entrance region and unsteadidseahass transfer processes in a more

detail manner in order to improve the accuracy of the muraelictions.

Eg. 49 shows that ¢d& has an index relationship witlkog o When o2 out becomes
smaller, ksa increases steeply. Actually, if one considers ther ddetween the simulation
and the experiment for the G@nass fraction in the gas phase, the error would be much

smaller than that for 4.

The high concentration MEA solutions cause high corrogiahe equipment. In this work,
the purpose of the 90% MEA solution used is to investigate effiect of the MEA
concentration on the GQabsorption in comparison with the low MEA solutiong. ¢he 30%
MEA solution. In addition, the Jassim experiments (dass$ al., 2007) showed that the high
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concentration MEA solutions give a higher overall gagsphmass transfer coefficieiza,

for the CO, absorption in the RPB. This work further conforms thesult.

Through the validation of the simulation by the liquidcugd distribution and the overall
gas phase mass transfer coefficient in the experiménis,demonstrated that the CFD
simulation method proposed in this work is reasonable Hectige for the modelling of the

multiphase reactions in RPBs.

5.3 Liquid temperature
Fig. 10 shows the liquid temperature contours (Figure 10(880fa MEA and Figure 10(b)

for 90% MEA) and distributions for the 30% MEA and the 90%Avi#blutions along the
bed centerline in the radial direction. In the RPR liuid temperature increases from the
inner boundary of the packing to the outer boundary of thkipg The highest temperature
is T, = 318.5 K for the 30% MEA solution and ¥ 337.9 K for the 90% MEA solution. The
reason that the temperature of the 90% MEA solution isenithan that for the 30% MEA
solution is that the 90% MEA solution captures more, @@d releases more reaction heat.
For the 90% MEA solution, the highest temperature is sitbat r = 0.136 m and after=r
0.136 m, the liquid temperature decreases. This is becaargeisha heat exchange between
the fresh air at the temperature of (T = 313.2 K) andligoid (T = 337.9 K). The lowest
temperature in the reactor appears in the region bélevinher boundary of the RPB, and

this approaches 313.2 K.

Currently, it is difficult to measure the temperatureritstion in the packing of the RPB
when it is in operation and we have not found any dataeaniterature on this issue. Our
simulations are based on the experimental data fromténatlire (Lee et al., 2017), in which
there is no data of the temperature in the packing. Simedrend for C@ absorption is

predicted correctly, this gives us confidence in the tempergtrediction. Furthermore, it is
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one of the advantages of CFD simulations that it cadigirer estimate quantities which are

difficult to obtain experimentally.
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Fig. 10. Contours of the liquid temperature (a) 30% MEA, L/G = 8.8,850 rpm; (b) 90%
MEA, L/G = 1.0, n =850 rpm; and (c) the liquid temperature fasetion of the radial
position for the different MEA solutions along the beahtceline in the radial direction.

5.4 Gas radial velocity and liquid radial velocity

Fig. 11(a) shows the gas radial velocity of the 30% MmBA the 90% MEA solutions
along the bed centreline in the radial direction underrttation speed of 850 rpm. It
indicates that the absolute gas radial velocity ine®&®m the outer boundary to the inner
boundary because of the decrease in the cross-sédi@aa through which the gas flows.
The simulated gas radial velocity for the 30% MEA and 90®AMbasically matches the

equation of W = Qg / (2nZr). The slight difference is caused by the absorptio€©f by

MEA.

The liquid radial velocity is one of the most impottaharacteristics in the gas-liquid two-
phase flow in the RPB. Fig. 11(b) shows the liquid radi&dorsy distribution along the bed

centreline. In the RPB, the radial velocity increasksg the radial direction. The liquid
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radial velocities within the packing region increasghgly from 0.30 m/s to 0.55 m/s for the
30% MEA solution and from 0.14 m/s to 0.29 m/s for the 90% MEWt®Nn. Through a

series of simulations, it indicates that the rotatipees! influences the liquid radial velocity
highly and with the increase of the rotation speed, theidi radial velocity increases

correspondingly.
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Fig. 11. Gas radial velocity (a) and liquid radial velocity é&png the radial direction for the
30% MEA, L/G = 3.3, n = 850 rpm and the 90% MEA, L/G = 1.0, n = 850 rpm

5.5 Pressure distribution

Fig. 12 shows the pressure distributions of the 30% M&#RA90% MEA solutions along
the bed centreline in the radial direction. In the whektor, the pressure decreases from the
gas inlet to the gas outlet. In the packing region, thespre near the inner boundary has a
non-linear relationship with the radial position, exddatt the pressure is a linear function of
the radial positon in the packing region. For the 30%AMBlution, the pressure drop in the
packing is 232.6 Pa. For the 90% MEA solution, the pressupeinithie packing is 235.4 Pa,
which is slightly higher than that for the 30% MEA solatid his is because the 90% MEA

solution has higher viscosity and thus causes higherrégistance and pressure.
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In the experiment, the pressure has not been measured bahwempare the simulation
results to similar experimental data that is availabléehénliteratures. For the Hassan-Beck
experiment (1997), the packed bed has an inner diameter of 7¢henoyter diameter of 201
mm, and the thickness of 60 mm; the porosity of the packi®g8i3 and the specific area of
the packing is 1428 #fm®. Under Q = 10.5 L/min or 14.4 L/min, @= 50 - 70 ni¥h and r=
620 rpm, the pressure drop is 20 - 50 m@H196 Pa - 490 Pa). In our simulations, the
operating conditions and facilities are similar to the abexperimental conditions and we
find the pressure drop is 200 Pa - 250 Pa, which is in tlge @inl196 Pa - 490 Pa. Thus, we

may conclude that the predicted pressure is reasonable.
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Fig. 12. Pressure distribution along the radial direction ffier 30% MEA, L/G = 3.3, n = 850
rom and the 90% MEA, L/G = 1.0, n = 850 rpm.

6. Conclusions

In this paper, the Cabsorption by the liquid amine in the RPB has been, #firtst time,
successfully simulated by the Eulerian-Eulerian CFD methodew gas-liquid two-phase

porous media modebased on the Kolodziej one phase model, is employed in order to
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describe the flow resistance. The liquid generation zmadethe liquid elimination zone were
constructed and their corresponding models were builtsédting the gas-liquid counter-
current flow.The combination of these new models is validated by the Buieriexental

correlation and they are demonstrated to be robust incprepthe liquid holdup distribution
in RPBs. The model for the interfacial area betweeng®eand liquid is derived from the

VOF simulation of the liquid flow on real wire screens.

The 18 cases investigated for (8@, absorption using MEA solutions in the RPB were
simulated and validated with the available experimental datathe 30% MEA solutions,
the L/G ratio is 2.8, 3.3 or 3.7 and the rotation speed is 600,r86I60 rpm, whereas for the
90% MEA solutions, the L/G ratio is 0.9, 1.1 or 1.2 and the iootagpeed is 600, 850 or

1150 rpm. Finally, the results were analysed and discussed.

In conclusion, this work provides an effective CFD methothéalel multiphase reactions
in RPBs and this method is feasible for scaling up investigmion the simulation of large-

scale RPBs.
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Nomenclature
AcL interfacial area, m

aR correction coefficient
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as specific area of the packing materialg;m?
a's specific area of the wet wires? m
C concentration, kmah®

diffusivity, nf-s*

Dy, hydraulic diameter, m

(o equivalent sphere diameter of the packing materials, m
Ow wire diameter, m

d'w wire and liquid film diameter, m

E total energy, activation energy, J

Ex enhancement factor

FoL drag force between the gas and liquid, R'm

f friction factor

fapp Fanning friction factor for developing laminar flow

fe ratio of wetted packing or ratio of interfacial atedahe total packing surface area
f; Fanning friction factor for developing turbulence flow

g acceleration due to gravity;sh

Oc centrifugal acceleration, -gf

o characteristic centrifugal acceleration (=108 ms?

O1 characteristic centrifugal acceleration (=205:6%n ms?

H Henry constar,ﬂm3-Pamol‘l

H, enthalpy of the liquid phasepmbl™

h enthalpy of species;ndol*

hat heat transfer coefficient, WK

hy liquid holdup

J diffusion flux of species, kai*s*

Ksa overall gas phase mass transfer coefficierst; m

Ky reaction rate constant ’«mol?s*

Keft effective conductivity, Wn*-K™*

KoL total mass transfer coefficient between gas anddignis™
k. * mass transfer coefficient in the liquid phase from filmory, m-s?
k; mass transfer coefficient in the i phams‘l
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k1
ke

Mw

MeL,co2

lco2

Ss
Ses
S
Ti

Uo
U

Ve
X
AX
Y

Yco2,in

reaction rate constant 2s«kmol™*-s?

reaction rate constant *kmol™*.s*

liquid mass flux, kgn?s*

molar massg-mol™*

CO, mass transfer between the gas and liquidy'kg

rotation speed, rpm

pressure, Pa

transferred heat between the gas phase and liquid phase, W
volume flow rate, rhs*

gas constant, 8.314nbl*K™*

net rate of production of the j species by chemical i@asti
radial coordinate, m

inner radius of the rotating packed bed, m

outer radius of the rotation packed bed, m

radial separation, m

CO, reaction rate

momentum source, kg-s”

interaction force between the liquid and solids of th&ipgomaterials, N
interaction force between gas and solids of packing raéteN
mass source, ky>.s*

temperature of the i phase, K

liquid flow rate per unit area or superficial velogitys®
characteristic flow rate per unit area @rts?), ms?*
characteristic flow rate per unit area (=0.0108%n ms*
volume, ni

velocity, ms*

effective velocity, ns*

axial coordinate, m

axial separation, m

mass fraction of each species

molar fraction of C@in the gas inlet to the rotating packed bed
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Yco2,0ut

Z

z

Greek
a

;(+

Osim

Ho.3

Ho.9

Vo

1

*
PLco2

PLco2

molar fraction of C@in the gas outlet from the rotating packed bed
width or axial length of the rotating packed bed, m

tangential coordinate, m

phase fraction

dimensionless channel length

error for simulation

porosity of packed bed

volume fraction of the i phase

dynamic contact anglé,

characteristic dynamic contact angle (2)75

diffusion layer thickness for mass transfer, m
thermal conductivity, WK™

dynamic viscosity for the 30 wt% MEA solution, mPa
dynamic viscosity for the 90 wt% MEA solution, mPa
dynamic viscosity of the i phase,- Pa

kinematic viscosity, fs*

characteristic kinematic viscosity (= 1.0%1®%s?), nf-s®
characteristic kinematic viscosity (= 3.35%18%s?), nf-s*
angle of flow direction slop to the bed axXis,

density of the i phase, kg?*

CGO, concentration on the surface of the liquid flow-,rk'é
CGO, concentration in the liquid bulk flow, kg'3

bed tortuosity factor

rotation speed, rasf

Dimensionless parameters

Ha

Hatta number
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Nu
Pr
Re

Subscripts
CO2
exp

G

MEA

r
reactor
S

sim
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