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Modelling of H: production via sorption enhanced steam methane reforming
at reduced pressures for small scale applications
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ABSTRACT

The production of H; via sorption enhanced steam reforming (SE-SMR) of CH4 using 18 wt. %
Ni/ Al,0; catalyst and CaO as a CO»-sorbent was simulated for an adiabatic packed bed reactor at
the reduced pressures typical of small and medium scale gas producers and H> end users. To
investigate the behaviour of reactor model along the axial direction, the mass, energy and
momentum balance equations were incorporated in the gPROMS modelbuilder®. The effect of
operating conditions such as temperature, pressure, steam to carbon ration (S/C) and gas mass flow
velocity (Gs) was studied under the low-pressure conditions (2 — 7 bar). Independent equilibrium
based software, chemical equilibrium with application (CEA), was used to compare the simulation
results with the equilibrium data. A good agreement was obtained in terms of CH4 conversion, Hz
yield (wt. % of CHa4feed), purity of Hz> and CO» capture for the lowest (Gs) representing conditions
close to equilibrium under a range of operating temperatures pressures, feed steam to carbon ratio.
At G of 3.5 kg m™s!, 3 bar, 923 K and S/C of 3, CHs conversion and H» purity were up to 89%

and 86% respectively compared to 44% and 63% in the conventional reforming process.
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1. Introduction

The production of Hz is one of the rapid mounting industrial processes in the recent past. According
to H2 economy report, the production of H> in 2004 was around 50 million tons, equivalent to 170
million tons of petroleum. The rate of increase in the production of H» is 10%/year [1]. The
conventional steam methane reforming (SMR) process is one of the most well-known and
commonly used industrial processes for the production of Hy. It contributes about 40% of the total
world’s production of H» [2-5]. The overall SMR process is endothermic in nature (+165
kJ/molcn4) and this makes it operate at high temperature conditions (700 — 1000 °C). In industrial
SMR processes, CO-shift reactors are essential downstream of the reformer to convert the
undesired CO and steam into CO; and H> product. Later on, amine scrubbing or pressure swing

adsorption (PSA) are needed to achieve the higher purity of H> [6].

The rise in the demand of H» caused a negative impact on the climate by excessive emission of
CO; during the reforming process. The contribution of CO> in total greenhouse gas (GHG)
emission is 99 wt.% [7]. This excessive amount of CO; is the main reason towards the global
warming. For the past couple of decades, the burning of the fossil fuels contributes about 75% of
CO; emission in the atmosphere [8]. In the chemical industries, especially in fired processes, the
emission of CO; represents a significant contribution to total CO> emissions in developed
countries. This makes room for a new process, which may be more economical and environmental
friendly. To address the issue of global warming, researchers developed a new process known as
sorption enhanced steam methane reforming (SE-SMR) process [6, 9-13]. The SE-SMR process
works on the principle of hybrid reactor as presented by Mayorga et al. [14]. The hybrid reactor

reduces the capital cost of the process as the H, producing reactions and much of the H» separation



from the product gas take place at the same time in a single reactor [14]. In this way, depending
on the end use of the H> rich gas product, no separation unit may be required downstream of the
process to achieve the desired product purity. In SE-SMR process, CO; produced during the global
reforming reaction (R1) is removed from the reaction zone by the sorption process (R2). The
removal of CO» from the product gases shifts the equilibrium of global reforming reaction (R1)

towards more H> production and enhances the conversion of CHa.

CHy(g) + 2H,0(g) < 4Hy(g) + COy g AH’ = 165 k] molcf, (R1)
Balasubramanian et al. [15] studied the process of COz sorption in the presence of CaO. Thus, the

presence of sorbent in the reactor causes the following reaction (R2) in the reaction zone;

o

CO,(g) + Calys) © CaCOss) AH® = —178.8 k] molcd, (R2)
The formation of carbonate not only removes the CO; from the product stream, it also enhances
the production of Hz. This makes the sorption enhanced process a dynamic process in nature.

Mayorga et al.[14] listed the potential advantages of SE-SMR process over SMR process.

The concept of SE-SMR is not new. Rostrup-Nielsen [16] proposed the process of hydrocarbon
conversion in the presence of steam and Ca-based sorbent. Roger et al. [17] published a patent in
which he discussed the process of SMR in the presence of lime as sorbent. Gorin et al. [18]
published a patent in which they used fluidized bed reactor for the reforming reactions in the

presence of Ca-based sorbent.

In literature, considerable work on SE-SMR is published while considering the fixed bed reactor
system. To study the performance of the sorption enhanced process, Balasubramanian et al. [19]
used the fixed bed reactor system under high pressure (15 bar) and temperature (650 °C)

conditions. They used Ca-based sorbent and observed that 20-25% energy can be saved by using



sorbent in the reforming process as compared to the conventional SMR process. The only
disadvantage in the proposed process was the high temperature requirements in the regeneration
section. Dou et al. [20] used Ni-based catalyst (5g) and Ca-based sorbent (5g) to study the sorption

enhanced steam reforming of glycerol in a packed bed reactor.

Fernandez et al. [21] compared CaO and Li»ZrO3, K-doped Li»ZrOs, NaZrO3 and LisSi04 on the
basis of the yield of Hz. They reported that using CaO as sorbent makes the overall sorption process
in a weakly exothermic, whilst using Li»ZrOs; makes the overall reaction weakly endothermic.
They derived the optimum conditions for temperature, pressure and S/C to enhance the CHgy
conversion and overall thermal efficiency of the process. It was concluded that CaO gave higher
H> production as compared to other sorbents such as Li»ZrOs, K-doped Li>ZrOs, NaZrO3 and
Li4Si04. For the fixed-bed sorption enhanced reactor technology, the stability of CaO is a key
issue. The main reasons for the decay of CO; capture capacity of CaO are pore blockage and
sorbent sintering. However, the study of Alvarez et al. [22] revealed that the pore blockage is
negligible for the 100 cycles at shorter carbonation times and sintering remains the main factor of

capacity loss.

Fernandez et al. [23] developed a mathematical model of Ca/Cu looping process with in situ CO>
capturing by using CaO as the sorbent in a fixed bed reactor. They studied the effect of S/C,
pressure and temperature on the composition of product gases. For the model validation, they used
the experimental work of Lee et al. [24]. Koumpouras et al. [25] developed a mathematical model
of SE-SMR process in a fixed bed reactor and investigated the effect of sorbent on CH4 conversion.
Ding et al. [26] and Xiu et al. [27] used their own experimental data to validate their developed
models of SE-SMR process. In our previous work [28], we developed the SE-SMR model under

industrial conditions of temperature and pressure for H> production. In the literature, the modelling



of SE-SMR process using CaO as sorbent and NiO/Al2O3; as a catalyst under low pressure
conditions has not been reported. The applications of medium to low pressure conditions of SE-
SMR are relevant to small scale plants or mobile plants, such as those that may be moving from
well to well after exhaustion of the first one during shale gas extraction, or such as those that could
apply to biogas production at anaerobic digestion plants or wastewater treatment plants. The
quality of the hydrogen produced at SE-SMR plants at medium low pressures is superior to that
obtained by the same process at conventional SMR plants pressures (28 — 40 bar) because the CHs
conversion is also much higher. This implies little effort is required in H> separation downstream
of the process and shows the process in a much better light. To fill this gas, in this paper, one
dimensional heterogeneous mathematical model of SE-SMR process is developed and
implemented in gPROMS modelbuilder®. The predictions of reactor model are compared with the
equilibrium data generated on independent equilibrium-based software (Chemical equilibrium

with application software).

2. Mathematical modelling

An adiabatic packed bed reactor, non-ideal plug flow model of the SE-SMR process has been
developed using gPROMS. This model accounts for the mass and energy transfer in both gas and
solid phase. The assumptions used in this model are the same as used in our previous work [28,
29]. In the present work, different amount of catalyst and sorbent are assumed, but the size of the

particles (dp) is the same.



2.1Governing equations

On the basis of the assumptions reported in [28], the mathematical equations for mass and energy
balances within the reactor filled with sorbent and catalyst particles are listed in Table 1. The
equations used to calculate the physical properties and model parameters are listed in Abbas et al.

[28].

Table 1: Summary of mass and energy balance equations used in the 1-D heterogeneous packed bed

reactor model

Mass and energy balances in the gas phase for reforming process;

6Ci (’)(uCI) 02Ci
€p (E) + 9z + kg,iav(ci —Cis) = & D, 922 (1)
oT a(T) (92T
sbngpg (a) + ungng = hfaV(Ts - T) + }LZ ﬁ (2)

Where Ts and Cs refer to both catalyst and sorbent particles.

Mass and energy balance in the solid phase;
kg,iav(ci — Cis) = Vpcatli — (1 — V) padsTads 3)

aT.
pbedcp,bed <_S) + hfav(Ts - T) + upbedcp,bed (

0z

aTS)
ot

= UPcat Z _Aern,j 1 Rj + (1 = V) Pads Z —AH,gs Fags 4)

Pressure drop calculations across the reactor bed;

APg. 150[(1—¢)? 1.75\ /1 —¢
. d [ = M\ ( £3 >pg“2 )




In literature, many expressions have been reported to describe the carbonation kinetics of CaO-
based sorbents [23, 24, 30]. Lee et al. [24] performed series of experiments in the temperature
range of 650 — 750 °C, they determined the carbonation conversion data. In the past, many efforts
were made to describe the kinetics of CO» adsorption on the surface of CaO based sorbent [24, 30-
32]. Rodriguez et al.[33] proposed a first-order carbonation reaction rate and developed a rate

equation for CO2 adsorption on the surface of CaO sorbent.

dqcoz
dt = Kearb (Xmax -X) (UCOZ - UCOZ,eq) (6)

d
Where % is the rate of adsorption of CO2 on the surface of adsorbent (rags, mol kg's™) and

UCo2,eq 18 the volume fraction of CO; at equilibrium and it is given as [31];

—20474)

Ucozeq = (4137 X 107)exp( T

()

Dedman et al. [34] reported that the carbonation rate of CaO is zero order with respect to CO>
partial pressure. Bhatia et al.[32] proposed the carbonation rate expression which was independent
of partial pressure of CO». Lee et al. [24] performed TGA analysis and determined the maximum
conversion of active CaO at different temperatures. The experimental data revealed that the
conversion of CaO was very low even at a high temperature (750 °C). This may be due to the large
size of the CaO particles and low surface area. It was observed that using large size of the pellet,
there was no sign of particle deterioration even after many cycles of carbonation and calcination.

An expression to calculate the maximum conversion of CaO at any given temperature is given by:

4790.6)

—-12171
Xmax = 96.34exp (T) 4.49exp ( (8)

The rate equations, reaction rate constants and equilibrium constants used in this model are given

in Appendix A.



The reactor model equations (Eqs. 1-4) consist of linear and non-linear partial differential

equations (PDEs) and algebraic equations. The initial and boundary conditions used in solving

these equations are as follows;

Boundary conditions;

Atz=0

Ci = Ciin ; T= Ty
Atz=L

% _ . T_ o
0z ’ 0z
Initial conditions;

Ci = G ; T=T,

; dcoz =0

At initial conditions, it was considered that no reactant/product gas, other than N», was present

within the reactor, so the concentration of gas species was zero at the start i.e. at t = 0. But setting

the concentration of H» zero made the rates of reforming reactions infinite (A.1-3). To avoid this,

a very small initial concentration (~10°) of the H> was used in the solution.

In this work, the BFDM method was used to simulate the reactor model. The overall reactor was

divided into 10 — 1000 discretization intervals to check the sensitivity of the model. It was found

that the results generated via the gPROMS were not affected by changing the intervals. Finally,

the reactor was axially discretized by 100 uniform intervals for this paper and the output results

were reported after every second.



3. Results and discussion

In our previous work [28], we validated the SE-SMR fixed bed model by comparing the modelling
outputs with the findings of Ferndndez et al. [23]. The validated model was then tested under the
industrial conditions of temperature, pressure, S/C and Gs. In present work, the optimum
conditions of temperature, pressure, S/C and Gs for the small scale H> production are evaluated. In
the following section, the effect of temperature, pressure, S/C and Gs on CH4 conversion, H; yield
(wt. % of CH4), Hz purity and CO; capturing efficiency is simulated. The simulation results
obtained using the reactor model are also compared with the equilibrium results generated using

CEA software.

The CEA software was used to generate the equilibrium data [35, 36]. This software is based on
minimization of Gibbs free energy (G) [37, 38]. The chemical equilibrium analysis was done by
considering the gas species involved in the reactant and product streams, which are CHas, H2, CO,
CO2, H20, N3, CaO and CaCOs;, using the option ‘ONLY” in CEA. This allows specification of a
restricted pool of species as potential equilibrium products. The calculations of individual
equilibrium molar outputs were performed on the basis of N2 balance, which allowed the
determination of the total moles of product at equilibrium in post processing, and its product with
the relevant mole fractions predicted by the CEA output. The solid carbon equilibrium product
was not included as it is not significant in conditions of excess stoichiometric steam of the present
study. To study the effect of temperature, pressure and S/C were fixed and the CEA code runs in
temperature-pressure (tp) mode, corresponding to an isothermal and isobaric process. Similarly,

to study the pressure effect; temperature and S/C conditions were fixed, still in tp mode.



3.1Effect of temperature

In Figure 1, the fixed bed model at constant pressure of 3 bar, S/C of 3.0, and 3.5 kg m2s!
generated CH4 conversions between 19.6 and 88% with a rise in temperature from 400 to 750 °C,
whilst the H» yield (wt. % of CHas), increased from 7.5 to 37%. The equilibrium data of CHa
conversion and Hy yield (wt. % of CH4) predicted using CEA, under the same operating conditions,
was 59 — 95% and 30 — 43% respectively in agreement with the endothermic in nature of the
process and the high temperature favouring the overall SMR process. As the temperature rose from
650 °C (923 K), the increase in CH4 conversion and H» yield was negligible. The fixed bed, initially
away from equilibrium at 400 °C, progressively approached equilibrium as the temperature
increased from 500 — 750 °C the modelling results approach the equilibrium values of CHa

conversion and H» yield (wt. % of CHa).
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Figure 1: The effect of temperature on the CH4 conversion and H; yield (wt. % of CHy) at 3 bar, S/C of 3.0,
CaO/C of 1.0 and gas mass flow velocity of 3.5 kg m2s™! (E: Equilibrium and N/E: Non-Equilibrium or

Modelling results for the fixed bed)



Figure 2 illustrates the effect of temperature on H> purity and CO; capture efficiency of the fixed
bed under the conditions of 3 bar, S/C of 3 and 3.5 kg m™?s’". The CO; capture efficiency is

calculated by using Eq. 9.

(nCH4,i — NcH4,0 — Nco,o — nCOZ,o)

CO,capture efficiency (%) = x 100 9

NcHg,i
It can be seen for the fixed bed in non-equilibrium that CO; capture efficiency increased from 19
to 66% as temperature increased from 400 to 500 °C compared to equilibrium values rising from
59 to 86%. As temperature increased from 500 — 750 °C, the CO; capture efficiency, in both
modelling and equilibrium cases, decreased from 66 to 33.5% and from 86 to 35%, respectively.
This drop in CO; capture efficiency resulted in a decrease in H» purity at the outlet of the reactor.
The purity of Hz declined from 87 — 81% and 96 — 84% as temperature rose from 500 — 750 °C for
the non-equilibrium fixed bed and the equilibrium conditions, respectively. As adsorption of CO;
is an exothermic reaction, hence low temperature favours this reaction. At high temperature (600
— 750 °C), the adsorption reaction is not favourable, and it makes more CO; at the outlet of the

reactor eventually results in low Hz purity.
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Figure 2: The effect of temperature on the H, purity and CO; capture efficiency at 3bar, S/C of 3.0, CaO/C

of 1.0 and gas mass flow velocity of 3.5 kg m?s™!
Figure 3 shows the effect of temperature on the thermal efficiency of the SE-SMR process. The

thermal efficiency is calculated using Eq. 10.

Th | offic (%] = (moles of H, at outlet) X (LHVy,) < 100 10
ermat eticiency 761 = (moles of CH, at intlet) X (LHVcy4) 10

The increase in temperature favours the reforming process hence more production of H; at the
outlet of the reactor results in increase in the thermal efficiency of the process. The rise in thermal
efficiency was 18 — 95% as temperature increased from 400 — 750 °C. Beyond 650 °C, the rise in
thermal efficiency was almost negligible. Thus, the optimum temperature for SE-SMR process

under the conditions of 3 bar, S/C of 3 and 3.5 kg m?s™! was 650 °C (923 K).
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Figure 3: The effect of temperature on the thermal efficiency of reforming process at 3 bar, S/C of 3.0,

CaO/C of 1.0 and gas mass flow velocity of 3.5 kg m?s™!

3.2Effect of pressure

Pressure plays a vital role in the reforming process. According to Le-Chatelier’s principle, pressure
has a negative equilibrium effect on hydrogen production by steam reforming. This is due to the
non-zero stoichiometric molar balance between the gas products and reactants in reaction R1 (5
moles gas products vs. 3 moles gas reactants). Reaction R1 reduces but does not eliminate this
molar gas imbalance, which pitches 5 moles of gas product against 3 moles of gas reactants. As
pressure increases from one equilibrium to another, Le Chatelier’s principle will counteract the
rise in pressure by favouring reactants with the lower partial pressures due to their lower molar

concentration.

In the previous section, 923 K was selected as an optimum temperature. So, the effect of pressure

on the SE-SMR is studied at this constant temperature. In Figure 4, the effect of pressure on CHy4



conversion and H; yield (in wt. % of CHa) at 650 °C, S/C of 3 and 3.5 kg m2s! is illustrated. As
expected from the equilibrium trend, the rise in pressure has a negative effect on CH4 conversion
and H: yield (wt. % of CHa). At equilibrium, the CH4 conversion dropped from 92 to 83% as
pressure increased from 2 to 7 bar, while H» yield decreased from 46 to 42 wt.% of CH4 feed. In
the fixed bed model, the same pressure increase induced more significant drops in both CHy

conversion from 91 to 78% and H; yield from 38 to 32 wt.%.
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Figure 4: The effect of pressure on the CH4 conversion and H» yield (wt. % of CHa) at 923 K, S/C of 3.0,
CaO/C of 1.0 and gas mass flow velocity of 3.5 kg m?s!

Figure 5 shows the effect of pressure on H> purity and CO; capture efficiency. The CO; capture
efficiency decreased weakly for a 2 to 7 bar change in pressure. In the fixed bed model, the drop
was from 53 to 51%, and at equilibrium, from 83 to 81%. Simultaneously, H> purity decreased
from 96 to 95% at equilibrium, and from 86 to 84% for the fixed bed case. The rate of CO-
adsorption reaction is high at low pressures as reforming reaction is favourable at low pressures

and resulted in more CO; at the outlet than high pressures.
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Figure 5: The effect of pressure on the H» purity and CO, capture efficiency at 923 K, S/C of 3.0, CaO/C

of 1.0 and gas mass flow velocity of 3.5 kg m?s™!

In Figure 6, the dynamic profile of rate of carbonation reaction for 2 — 7 bar conditions at 923 K,
S/C of 3, 3.5 kg m™s™! gas mass flow velocity confirmed that the carbonation rate is higher at low
pressures than high pressure conditions. The maximum carbonation rate was observed at 2 bar

which is nearly twice the rate of carbonation reaction at 7 bar.
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Figure 6: The effect of pressure on the rate of carbonation at 923 K, S/C of 3.0, CaO/C of 1.0 and gas

mass flow velocity of 3.5 kg m™s™!

The optimum pressure for the SE-SMR process 1s found to be 3 bar under the conditions of 923

K, S/C of 3 and 3.5 kg m™s™! gas mass flow velocity.

3.3Effect of S/C

The amount of steam feed used in the steam reforming process determines the overall conversion
of the fuel and yield of H>. The stoichiometric S/C for SE-SMR process is 2. In practice, the
amount of steam higher than stoichiometric ratio favours more conversion of CHy into the desired
hydrogen product as it reduces the chances of carbon deposition on the surface of the catalyst
particles. The effect of S/C on the conversion of CHs, H> yield (wt. % of CH4), H> purity, CO>

capture efficiency and thermal efficiency is shown in Table 2.



Table 2: Effect of S/C on the CH4 conversion, H, yield (wt. % of CHs), Ha, CO; capture efficiency and

thermal efficiency at 923 K, 3 bar and gas mass flow velocity of 3.5 kg m?s™!

S/C[] CH4 conv H: yield H: Purity | CO:2 capture Tyermal
[%] (wt.% CHa) [%] efficiency [%] | efficiency (%)

| E: 45.2 E:21.9 E: 732 E: 35.6 E: 52.1
N/E: 445 | N/E:17.9 | N/E: 65.0 N/E: 23.6 N/E: 42.6

5 E: 73.5 E: 36.5 E: 89.7 E: 66.8 E: 86.8
N/E: 69.8 | N/E:28.7 | NJ/E:78.2 N/E: 36.8 N/E: 68.1

3 E: 89.6 E: 44.8 E: 95.63 E: 83.78 E: 100
N/E: 89.4 | N/E:35.7 | N/E:84.9 N/E: 49.6 N/E: 84.8

A E: 95.9 E: 48.1 E: 97.6 E: 90.6 E: 100
N/E:92.1 | N/E:38.5 | N/E:86.6 N/E: 52.9 N/E: 91.5

5 E: 98.1 E: 49.3 E: 98.2 E: 92.9 E: 100
N/E: 96.7 | N/E:40.7 | N/E:88.1 N/E: 56.6 N/E: 96.7

As the S/C rose from 1 to 5, the conversion of CH4 increased drastically from 45 to 98% at
equilibrium and from 44 to 97% in the fixed bed. Similarly, the H> purity increased from 73 to
98% at equilibrium and from 65 to 88% in the fixed bed. The effect of S/C on H» yield was
negligible as S/C increased beyond 3. It is also clear from the results that more steam had the effect
of enhancing the purity of H». It is concluded from the results that higher S/C results in higher
purity of H>, CH4 conversion and H> yield although this would reduce the overall process cost as
more heat is required for the generation of the excess steam. The optimum S/C of 3 was selected

under the operating conditions of 923 K and 3 bar.
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Figure 7: The effect of S/C on the molar composition of H» (dry basis) at 923 K, 3 bar, CaO/C of 1.0 and

gas mass flow velocity of 3.5 kg m™s™!

In Figure 7, the dynamic profile of molar composition of H> (dry basis) under the operating
conditions of 923 K, 3 bar, 3.5 kg m2s! gas mass flow velocity is presented for S/C in the range
1 — 5. It can be seen as the S/C increased the purity of H> produced at the exit of the reactor
increased. The effect on H> production (molar percent) was negligible after the S/C of 3. This
behaviour is confirmed in Figure 8 which plots the rate of the global SMR reaction was higher for

the higher S/C as more steam is available for the reforming reaction hence more Hz is produced.
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Figure 8: The effect of S/C on the reaction rate of global SMR at 923 K, 3 bar, CaO/C of 1.0 and gas

mass flow velocity of 3.5 kg m™s™!

3.4Effect of gas mass flow velocity (Gs)

The gas mass flow velocity (Gs) is another important operating variable that affects the
performance of the system. The selection of Gsis highly dependent upon the length of the reactor.
Rostrup et al.[39] proposed 1.5 — 2 m s™! velocity as the optimum velocity to get the conversion of

CHa close to the equilibrium conditions.

In this work, various values of Gsare used to study the effect on the performance of the SE-SMR
process. In Figure 9, the dynamic variation of CO2 and H> composition (dry basis) is presented
under the operating conditions of 923 K, 3 bar, S/C of 3.0 and various Gs from 1 to 4.5 kg m? s\,
The lower Gs resulted in a longer pre-breakthrough period as the residence time was higher in the
reactor and a higher conversion of CH4 was achieved. As Gs increased, the CH4 conversion
decreased because of shorter residence time. The longer pre-breakthrough periods for lower Gs

may be unsuitable for fast cyclic processes. The pre-breakthrough period increased from 500 s to



1300 s as G decreased from 4.5 kg m?s™! to 1 kg ms™'. The optimum G; selected was 3.5 kg m”
25"l due to having a pre-breakthrough period of 600s. At this Gs, CHs conversion and H» purity

were 99% and 95% respectively.
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Figure 9: Dynamic profile of H, and CO. composition (dry basis) at the outlet of reactor for various G;

under the adiabatic conditions, at 923K, 3bar and S/C of 3.0
3.5Comparison of SMR and SE-SMR process
In this section, the performance of developed model SE-SMR reactor is compared with the

performance of conventional SMR reactor model in terms of conversion enhancement of CHs4. The

CHs4 conversion enhancement is calculated by using Eq. 11.



(Xchanad — XcHaad) 9

CH,conversion enhancement (%) = 100 (11)

XCH4,nad

Figure 10 shows the advantage of using sorbent in a packed bed reactor along with the catalysts
during reforming process. A conversion enhancement of 87% was observed at 600 s. This point
was the time period at which sorbent was fully active and working at its full capacity. After 600 s,
adecrease in conversion enhancement was observed. This was the period when sorbent was getting
saturated and no more active site of sorbent was available for the further adsorption of COa.
Ultimately, after 900 s, there was no CH4 conversion enhancement. This is due to the fact that after

900 s, the carbonation rate is zero and the SE-SMR process behaves like conventional SMR.

100
X
g g0
=
M)
2
S 60
=
:¥]
S a0
@
-
¥
=
S 20
-l
s
@)

0

0 500 1000 1500 2000

Time [s]
Figure 10: Dynamic variation of CH4 conversion enhancement under the adiabatic conditions, at 923K, 3

bar, S/C of 3.0 and 3.5 kg m™>s™! gas mass flow velocity

4. Conclusion

The developed 1-dimensional model of SE-SMR reactor was tested under the low-pressure
conditions (2 — 7 bar) compatible with small-scale production of H>. The performance of the SE-

SMR reactor was studied in terms of CH4 conversion, H» purity and yield, and the capturing



efficiency of the CO,. It is concluded that the selection of temperature for a small scale H>
production, via SE-SMR, is a trade-off between the conversion of CH4 and H> purity. The high
temperature is favourable for the CH4 conversion but at temperature higher than 923 K, the
carbonation reaction (R2) is not favourable and resulted in more COx at the outlet of reactor which
resulted in decreasing the purity of Hz. At 923 K, the CH4 conversion and H; purity achieved were
89 % and 87% respectively under the operating pressure of 3 bar, S/C of 3 and G;s of 3.5 kg m™%s”
I, The increase in operating pressure caused a decrease in CH4 conversion, hence the yield of H,
also decreased. A pressure of 3 bar was selected as the optimum pressure in this study. At 3 bar,
923 K, S/C of 3 and G; of 3.5 kg ms™!, the CO; capture efficiency was 56%. This capture
efficiency decreased with further increase in the pressure. A S/C of 3 and G; of 3.5 kg m? s”! was
selected as an optimum value in this study. The overall CH4 conversion enhancement obtained in
SE-SMR process under the optimum operating conditions of temperature, pressure S/C and Gs was

87% as compared to the conventional SMR process.
Acknowledgment

The following are gratefully acknowledged: The support of University of Engineering and
technology (UET) Lahore, Pakistan, Dr. Feng Cheng for help with CEA modelling, and C2-181
project grant to the University of Leeds via UKRI’s UKCCSRC’s consortium grant

EP/K000446/1, UK for funding the licence of gPROMS.



NOMENCLATURE

av Interfacial area per unit volume of catalyst bed, m?*/m?
Gi Concentration of component i, mol/m?

Ciin Inlet concentration of component i, mol/m>

Cio Concentration of component i at t=0, mol/m?

Cis Concentration of component i on solid surface, mol/m?
Cpe Heat capacity of gas at constant pressure, J/(kg.K)
Cp.bed Heat capacity of bed at constant pressure, J/(kg.K)

Dn Average molecular diffusivity, m%/s

dp Catalyst particle diameter, m

D, Axial dispersion coefficient, m?/s

E; Activation energy of reaction j, J/mol

Gs Gas mass flow velocity, kg/(m?.s)

ht Gas to solid heat transfer coefficient, W/(m?.s)

Ke.i Gas to solid mass transfer coefficient of component i, m*/m?s
Kj Adsorption constant of species i, bar !

K; Kinetic rate constant of reaction j, (mol/ (kgcat s))

Ko, Reference adsorption constant of species i, bar ™!

K| Thermodynamic equilibrium constant of reaction j, bar?
k., Axial thermal conductivity, W/(m.K)

L Packed bed length, m

pi Partial pressure of specie i, bar

P Total pressure, bar




piteed Partial pressure of component i in feed, bar

P° Pressure at z=0, bar

Pin Inlet pressure of the feed, bar

qco2 Solid phase concentration of CO; (average on the surface of
sorbent), mol/m?

R, Rg Ideal gas constant, J/(mol.K)

T Rate of production of component i, mol/(kgcac.s)

Tads Rate of adsorption of CO2, mol/(kg.s)

R; Rate of reaction j, mol/(kgcat.s)

T Temperature within system, K

Tin Inlet temperature, K

Ts Temperature of catalyst particles, K

Tso0 Temperature of solid particles at ‘t=0’, K

Tw Wall temperature, K

Us, v Superficial velocity, m/s

Xmax Maximum fractional carbonation conversion of CaO

XcH4 Fractional conversion of CH4

XCH4, ad Fractional conversion of CH4 with adsorbent

XCH4, nad Fractional conversion of CH4 without adsorbent

AHrex Heat of reaction at standard condition, J/mol

AHags Heat of adsorption reaction at standard condition, J/mol

AP Pressure drop across the reactor, bar

Greek letters




Q Denominator term in the reaction kinetics

At Effective thermal conductivity, W/(m.K)

pf Density of fluid, kg/m?

Peat Density of catalyst, kg/m?

Pad Density of sorbent, kg/m?

nj Effectiveness factor of reaction ‘j’

D; Stoichiometric coefficient of component ‘i’ in reaction j’
e Viscosity of gas, Pa.s

v Ratio of catalyst amount to sorbent amount




APPENDIX A

The kinetic rate equations and kinetic data used for this modelling work are given as [40];

Ksmr P, Pco) /1
Royp = —MR _ b, (—) A1
kwags Pu,Pco, [ 1
Rwgs = PcoPH,0 — KZ - (&) (A.2)
H, WGS
Kglobal SMR PH, Pco 1
Rglobal sMr = % pCH4p%20 - Kz—z (E) (A.3)
H, global SMR

kemgr = k (_ESMR) = (1.17 x 1015 (_240100) A4
SMR — Ko,sMREXP RT = (L ) exp RT (A.4)
~Eyes i —67130
kwas = kO,WGSexp( o ) — (5.43 x 105) exp (T) (A.5)
—Eglobal sMR —243900
Kglobal SMR = Ko Global SMREXP (L) = (2.83 x 10™*) exp (—) (A.6)
RT RT
—26830
Keur = €xp (T— + 30.114) (A.7)
S
4400
Kwas = exp< - 4.036) (A.8)
T
Kgiobal sMr = KsmrKwas (A.9)
PH,0
Q=1+ Kcopco + Ku,Pu, + Kcn,Pcu, + Kn,0 o (A.10)
2
_AH,
Ki = Koiexp RgT (A 11)
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