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Abstract

Several problems with stabilization of electricity grid system are related to the time lag between
the electricity supply and demand of the end users. Many power plants run for a limited period
of time to compensate for increased electricity demand during peak hours. The amount of CO
generated by these power installations can be substantially reduced via the development of new
demand side management strategies utiligd@y absorption units with a short start-up time.

The sorbent can be discharged using radiofrequency (RF) heating to fill the night-time valley
in electricity demand helping in the stabilization of electricity grid. Herein a concept of RF
heated fixed bed reactor has been demonstrated to remoevieo@(a flue gas using a CaGO
sorbent. A very stable and reproducible operation has been observed over twenty absorption-
desorption cycles. The application of RF heating significantly reduced the transition time
required for temperature excursions between the absorption and desorption cycles. The effect
of flow reversal during desorption on desorption time has been investigated. The desorption
time was reduced by 1.5 times in the revered flow mode and the total duration of a single
absorption-desorption cycle was reduced b%62@ reactor model describing the reduced

desorption time has been developed.



Highlights

* An RF reactor system has been demonstrated for post-combustion carbon capture.

* The transition time between the absorption and desorption cycles was reduced by 2 times as
compared to conventional heating

* The reverse CO, desorption flow mode reduced the desorption time by 1.5 times.

* The energy efficiency of RF heated and conventionally heated bench reactors was compared

Keywords: RF heating; carbon capture; flow reversal mode; @aCO



1. Introduction

In 2008, the Committee on Climate Change has set up a target to reduce GHG emissions by 20
% on 1990 levels by 2020, and expected that 80-95 % reduction in total emissions would be
achieved by 2050 [1]. Transport, industry & domestic heating and power plants equally
contribute to the total C{emissions, but because the power generation stations are large and
few in numbers, whereas other sources are scattered and small, the former are considered as
the better places for implementing new technologie€0n mitigation in order to achieve

higher efficiency and reduction potential. Depending on the used technology, a power plant
could generate up to 500-800 géiV from gas and oil and as high as 1000 g/&&@h from

coal [2, 3]. In 2014, the total Europe@®. emissions from power generation, 74 % of which
comes from coal power stations, accounted for 1.2 billion tonnes gfiv@@reas both China

and the USA, as the main contributors, produced 5 times higher amount e&@@e year [2].

1.1 Carbon capture and storage technologies

There are several technologies that have been proposed to tackle the problererafgsions:

carbon capture and storage technologies [4, 5], absorption methods based on amine solutions
[6] or solid mineralg[7-9]. Both carbon capture & storage and solvent scrubbing towers
technologies require high capital investments, whereas reverse absorption by @€ely
available and cheap solid catalysts (various minerals, CaO, MgO, mixed oxides) can be
considered as more commercially attractive technology. Moreover, there is a great potential for
turning wastes, in this case a hot stream of effluent gases, into a feedstock for production of
valuable products. For example, calcium looping cycle has been proposed for the improvement
of hydrogen production in the processes of water-gas shift reaction [10] or methane steam
reforming (so called sorption enhanced reforming SER) which has been verified both in

fluidized [11] and fixed bed reactors [12, 13]. The large scale implication of calcium looping



cycle based on fluidized bed reactor has been proposed and economically assessexhfbr pre-
post-combustion carbon capture [14]. It has been already used in power plants before as well
[15, 16]. Another example is the combination of the carbonate looping process with the
production of cement, where the raw cement meal (70 % w/w limestone, the rest are oxides of
Fe, Al, Si) can be used to capture effluent.@@d further as the feed for clinker production

[17]. Overall, the combination of the G@oping with the production of other useful chemicals

and materials will allow to increase energy efficiency, which is planned to be improved by 20
% from 2007 levels by 2020 as was targeted by the Committee on Climate Change [1].
Among different solid sorbents, CaO is considered to be one of the most suitable catalyst for
the process of C£absorption/desorption, because of its availability, low price, high durability
and absorption capacity [18-23]. The reaction ofG@th CaO is stoichiometric and

exothermic with the maximum theoretical absorption capacity of 79 wt.% [24]:

Ca0 + CO, & CaCOs; A,Hygs = —178 k] mol™?

The problem of lossa-capacity over a period of several cycles is well known phenomenon for
CaO/CaCQ systems, and reported to be irrespective of the type of the initial limestone [25].
The grain size is known to have a significant effect on the sintering rate for the solid sorbents,
so that smaller grains undergo faster sintering and the mechanism of the sintering has been
proposed and discussed [26]. The sintering effect is profound in fluidized bed reactors, where
the attrition of the catalysts particles is intensified [14], whereas in plug-flow reactors sintering
could be caused by unstable heating rates and prolonged calcination times [25]. The reduction
in CO; adsorptive capacity could be overcome by introducing to the structure of CaO some
small cations, for example &I[27] or supporting CaO on y-alumina [28]. However, this

strategy will lead to the increase in the catalysts costs.



1.2 Electricity spot price

Historically the proportion of energy usage in the form of electricity has been increasing in
both developed and developing economies [29]. This inherent preference for electricity is based
on its cleanliness and convenience at the point of use. This preference will only be enhanced
in the future by the increasing emphasis on global sustainable energy initiatives including
reduction of CQemissions. Electricity spot prices differ substantially from time series of other
commodities such as coal and natural gas because electricity still cannot be stored efficiently
and, therefore, electricity demand has a major effect on the electricity spot price [30]. The
hourly electricity spot price values are usually calculated using a volume weighted average of
all trades executed through a power exchange hub and they are considered to be 24-dimension
time series [31]. The key indicator, European Energy Exchange (EEX) spot (electricity) price,
fluctuates considerably during the day (Figure 1). This price is of fundamental importance as
benchmark and reference point for other energy markets and these values are available via the

European Energy Exchange site [32].

-- Insert Figure 1 here

The electricity price includes a constant part caused by input costs of coal and gas and another
part caused by the variations of electricity demand (Figure 1). Additional diffusion may come
from the variations of the daily supply functions caused by the varying input costs.

Figure 2 shows typical costs of electricity and natural gas during a working day. It ®aenbe

that there is a substantial period of time (between 21:00 and 07:00 next day) when the average

electricity price (34 euro/MWh) is by 20% below than that of the natural gas.

-- Insert Figure 2 here



1.3 Radiofrequency heating

The use of electromagnetic energy to selectively heat materials is well documented. For
reactive systems the vast majority of research to date has focused on microwave (MW) heating.
Comparatively little investigation has been conducted into the potential applications of radio
frequency (RF) heating, which may be surprising given the high penetration depth and higher
intrinsic safety aspects of the latter method [33]. More than 15 years ago, researchers at DuPont
patented a reactor concept employing RF heating of a catalyst mesh which was usatiyto ini
ignite the chemical reaction and subsequently maintain the temperature under endothermic
conditions [34]. They highlighted that such a reactor and method of operation was particularly
useful for continuous production of hydrogen cyanide by the Andrussow process, a gas phase
reaction operated at temperatures in excess of 1000 °C. Hydrogen cyanide was produced using
an induction heated Pt group metal catalyst. The process was developed on a small scale, was
highly efficient and had low installation costs [35].

Nowadays due to its high efficiency, safety and fast heating times, the RF heating technology,
is increasingly being used in areas of industrial production, in metallurgy for processing of
metal slabs, in civil and medical applications, such as industrial electronic encapsulation,
melting technology, hypothermia, just to mention a few [36]. In general, RF heating has an
efficiency of 65 to 85 % [37]. For comparison, the efficiency of conventional heating methods

is about 35 to 55 %. Therefore energy savings of up to 30 % compared to conventional heating
methods and up to 20-30% compared to traditional electric resistance furnace can be obtained.
In addition, the RF heating process has the characteristics of easily achieving autmmbratic ¢

[38] and the short heating time [4]. The short heating time could lead to additional savings by

20-30% as compared to conventional heating in the low electricity demand period.



In this paper we present a concept of an RF heated tubular reactor with a CaO sorbent. Such
systems can be installed for €€apture at Natural Gas Combined Cycle (NGCC) power plants
which are running for a limited period during each day to fulfil the maximum electricity
demand. Then the sorbent can be discharged using RF heating to fill the night time valley in

electricity demand (see Figure 2).

2. M ethodology

2.1 Materials

A paste suitable for extrusion molding was prepared by mixing of the desired amounts of
powders of CaO and nanosized polystyrene spheres with a water-ethanol mixture under
vigorous stirring and grinding in a mortar. The polystyrene spheres with an average size of 180
and 800 nm were s¥iesized using emulsifier-free emulsion polymerization performed at 363

K as described in Sashkina et al. (2013) [39]. They were washed by ethanol and dried in air.
The spheres were packed by centrifugation at a relative acceleration of 1500 rpm.

The CaO sorbent was prepared from the micron sized €a6@der (99 wt.%, ReaChim,
Russia). The powder was calcined for 3 h at 1173 K in an oven under static air. The remaining
amount of water in the samples was fixed to enable extrusion at moderate pressure while the
small pieces of the paste have to keep their shape. The paste was extruded using a plunger
extruder equipped with a 3 mm extrusion die. The extrudates were cut into equal parts, and

obtained pellets were calcined in an oven at 1173 K for 3 h.

2.2 Lab-scalereactor set-up and operating procedures
The reactor consists of an inconel tube of 250 mm long (i.d.: 6.0 mm, o0.d.: 7.0 mm, Corrotherm
international). The reactor is covered by an insulating alumina tube (i.d.: 10 mm, o.d.: 16 mm,

Almath crucibles). An opening with a diameter of 10 mm was made in the center of the alumina



tube for the temperature measurements. The temperature on the surface of the Inconel tube was
measured with a FLIR A655sc infrared camera. In experimentsRiitheating, the reactor

was positioned inside a 4-turn RF coil connected to an RF- generator (Easyheat Ambrell)
conventional heating experiments, the reactor was placed in a tubular furnace.

The CaO sorbent (ca 400 mg) with a pellet size of 3000@vas supported onto a bed of

SiC with a fraction of 300-600 which was placed on a larger SiC fraction (600gh®00ear

the bottom. In order to support the sorbent bed, a metal rod was inserted via a T-junction at the

bottom of the reactor (Figure 3).

-- Insert Figure 3 here

The length of the supporting SiC layers was adjusted to accommodate the CaO bed in the center
of the reactor. The reactor was connected to the feed line with four 3-way valves (V1, V2, V3
and V4) which allowed to operate the reactor in a by-pass mode, an absorption mode, and two
desorption modes with a forward and reverse flowafghtive to that in the absorption mode.

The CQ and N concentrations were continuously measured at the flow system outlet by a
mass spectrometer (Pfeiffer GSD 320 O3).

In a typical experiment, the reactor was flushed withaNd then preheated to 938 K. The
mixture of 30 vol.% CQin N2 with a flow rate of 10 mL/min (STP) was fed for analysis via a
by-pass line. After temperature stabilization, the mixture was fed to the reactor ast)C&)

was continually recorded with the mass spectrometer. During the absorption step, zero
concentration of C&was recorded in the outlet stream. Once the €@centration started to
increase, the C{flow was stopped while the-Nlow was fed through the reactor.

In the direct flow (upstream) desorption mode, the position of three-way valves V2 and V3

remained the same, while in the reverse (downstream) desorption mode, these two valves were



switched into the opposite position to reverse théldw. Then the temperature was raised to
850°C, typically within a time interval of 30-40 s, and thex€BGncentration was recorded in

the outlet stream before starting desorption. Once the desorption cycle finishes, a new
absorption cycle starts with the 30 vol. % 0N, mixture. Up to 20 absorption/desorption

cycles have been carried out.

3. Resultsand discussion

3.1 Energy requirementsunder conventional and RF heating

Figure 4 shows the reactor temperature over multiple absorption-desorption cycles where
desorption was performed without flow reversal. The feed gas erdetkd bottom of the
reactor and was preheated as it flowed upward in the reactor (Figure 3). During the absorption
step, almost 100% CQvas captured from the flue gas. The absorption mode takes 20 min and
the desorption mode requires 30 min. The cycle time of 57 min remains rather constant over
20 absorption/desorption cycles. It was shown earlier [22] that after sufficiently large number
of cycles the CaO forms a skeleton which resists further sintering and stabilizes the capacity of
the sorbent. This agrees well with the results obtained in the present study. It can be seen that
RF heating allows fast and reproducible reactor heating with a very high heatiofupte

5 K s’. RFheating can be controlled instantly and the power applied can be precisely regulated.
This allows safe and precise control, even when applying very rapid heatind hatesoling

time of 180 s is slightly longer as compared to the heating time which is due to relatively low
heat transfer coefficient of natural convection in this study. The cooling time can also be
reduced once forced convection would be used, however this investigation was beyond the
scope of the present study.

It should be noted that ¢ttransitiontimes between the absorption and desorption modes (90

and 270 s, respectivglgre much shorter as compared to the total cycle time. This is the main



advantage of RF heating mode. Despite very high heating rate, there was notionerhea
observed. The reduced heating time in the RF heating mode permits to reduce the total duration
of the cycle by 7% and it results in reduced heat losses. A conventional heating mode using a
hot air stream in a tubular furnace requires a heating time of 300 s resulting in much higher

energy losses to the environment during each transition period.
-- Insert Figure 4 here

In order to compare the energy efficiency of RF and conventional heating modes, the
corresponding thermal balances were evaluated. The mean heat transfer rate to the environment
(grr, EQ. 1) was estimated from gas-solid heat transfer coefficigntwhich, in turn, was
obtained from the cooling part of the temperature profile using the equation for conservation
of energy(Eq. 2). In this experiment, the reactor was bdaly RF irradiation to 1173 K in the

absence of gas flow. Then the heating was switched off and the cooling profile was recorded.

hiAr
Grp = [T () = Toxe) dt (1)

Si(miCor) T2 = —hy Ap(T(£) = Toxe) 2)

where mand G, are the weight the heat capacity of the reactor tube, sorbent and supporting
layers, Ais the external area of the reacteiistthe heating timé&,,; is the temperature of the
surrounding air (between the reactor and the inner wall of ceramic insulation). The obtained
value of heat transfer coefficient i listed in Table 1 and the corresponding value of heat

transfer rate to the environment, calculated by Eqg. 1, is listed in Table 2.
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It should be mentioned that at this reactor scale, the heat transfer by conduction in the porous
layer is much faster tinaconvection heat transfer. The Bi number for the RF reactor describing

the convection and conduction resistances was estimated by Eq. 3

Bi =% (3

where k is effective thermal conductivity of the sorbent bed (k=4.0 YK1) and L is the
characteristic reactor length (the ratio of the reactor volume to its surface area). Using the value
for hy obtained from the experiment, it can be calculated thaBitmeimber is equal to 0.01,
which justifies the absence of temperature gradients in the sorbent and the application of
lumped capacitance method (Eq. 2). This result agrees well with our previous work [40] where
we have shown that there is no radial temperature gradient is expeatedbiar reactor up

to a diameter of 4 cm. Therefore we can conclude that there is no spacial temperature

distribution inside the reactor and a single reactor temperature can be used.

-- Insert Tables 1 and 2 here

Under RF heating, the energy is provided by volumetric heating with a volumetric heat

n

generation rat@®'"’ inside the reactor with volumé At this reactor scale, the energy needed

for the heating of the process gas can be neglected as it contributes less than 5% in the total
enthalpy balance. The heat released in the exothermic reactiorn @bS@ption (0.4 W) can

also be neglected as compared to the other heat fluxes as it contributes less than 1% to the
overall energy balance. Thus, the reactor temperature RRlneating modés describedy

Eq. 4 using the heat capacity of the sorbent, SiC inert, and the reactor wall materia] [41, 42

and their respective mass fractions in the reactor.

11



dTRF

Xi(m;Cpp) - Q"'V — hiAr(Trp(t) — Textrr) (4)
q1

where A is the area of reactor andxkr is the temperature of surrounding air inside the
induction coil, mand G; are the weights and heat capacity of the materials, respectively.

Figure 5 shows both experimental and calculated temperature profiles during RF heating. It
can be seen that it takes only 90 s to increase the temperature from 926 to 1173K. A very good
agreement is observed between experimental data and simulated temperature curves justifying

the assumptions made.

-- Insert Figure 5

Under conventional heating, methane was burnt to heat up the surrounding air dhis than

air streamwas used as heat transfer medium to heat up the reactor. This process can be
represented by the geometry shown in Figure 6. The reactor tube is located in the middle and
the methane flow is fed via parallel tubes with a smaller diameter on the shell side of the
assembly. The methane is mixed with air and burnt in the shell. The methane combustion
increases the temperature of the air to 1305 K during the heating step (Table 1). In this case,
the reactor heating rate depends on the heat transfer rate from the hot air gfyesnd On

the heat transfer rate to the environmeg) (via the insulation. Here we can also neglect the
heat released in the exotherrii®, absorption reaction and the heat needed to heat up the CO

and air streams. Therefore, the temperature profile in the reactor is described by Eq. 5.

dTCH

Xi(m;Cyy) TR hy Ay (Thot — Ten (1)) — UzAins (Teu (8) — Text,cn) %)
a2 q3
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where Tot is the temperature of the hot dig, is the gas-solid convection heat transfer
coefficient, which was estimated from the corresponding correlation for Nu number for a tube-
in-shell geometry [43]U; is the overall heat transfer coefficient (via insulation and adjacent
gas-solid interfaces),i/Ais the area of insulation andxkH is the temperature of surrounding

air outside of the reactor assembly (Figure 6).

The overall heat transfer coefficient under conventional heatigigwas obtained by fitting

the simulated by Eq. 5 curve to the experimental data (Figure 5). The corresponding value is

listed in Table 1.
-- Insert Figure 6 here

Under conventional heating, the mean heat transfer rate to the surroundipgsalsp

representing the heat loss in the systisroalculated by Eq. 6.
UsAins rt
dcn = 3t—h Jo " (Tep () = Texe) dt (6)

The obtained values for heat transfer rates are listed in Table 2. While the amount of energy
transferred to the reactor in both cases remains near the same, it can be seen that conventional
heating requires 6.5 times more energy input as compared to that under RF heating. This is
mainly due to much fast heating rate which results in shorter heating time. RF irradiation is
rapid and volumetric, with the whole material heated simultaneously. This feature is very
important for heating of poor thermal conductors such as CaO sorbents. Under RF heating the
maximum heating rate is limited by the amount of energy which can be absorbed by the

medium while under conventional heating heat transfer rate gmited by temperature

13



gradient,T},; — Tcy- Its maximum value depends on the reactor material and in most cases it
is limited by 150 K to avoid thermal stresses. Therefore no further improvement on the heating
rate under conventional heating is possible. One of the main advantages of the RF heating is
that it reaches the temperature quite fast. Another advantage would be that RF heating is a
green technology which involves less emissions instead of burning methane and subsequent

production of more C®

3.2 Effect of desor ption mode

While RF heating was shown to be an effective heating mode, there is still a potential to
improve the efficiency of the whole process by increasing thedeSorption rate. The GO
desorption rate depends on the temperature, @@centration in the gas phase and internal
diffusion rate inside the pellets. It is well known that the process can be periarthedinetic

regime by applying very thin sorbent layers onto structured supports [44]. Recently, the
application of metal wires, gauzes and foams as support for reforming catalysts and sorbents is
also considered [45]. The maximum temperature during the desorption step cannot be increased
above 1173 K as this would substantially reduce the lifetime of CaO sorbent. Under these
limitations, there exists only one degree of freedom in the system, which corresponds to the
concentration of C®along the reactor bed. It is clear that high concentration efdbéng
desorption would results in its reabsorption in the downstream section of the bed.

To demonstrate this effect in practice, the desorption cycles have been carried out both in direct
and reverse flow mode. It can be seen in Figure 7 that the sorption capaditgityrdecreases

after five absorption/desorption cycles and then it remains at a constant value of 15 wt.%. The
sorption capacity remains the same after desorption in direct and reverse flow mode. It should
be mentioned that amount of €@esorbed from the sorbent during the desorption step was

slightly less that the absorbed amount. The difference is due to the fact that a small portion of

14



CQO; starts to desorb during the temperature transition step while the presented data are related
to a steady state desorption at 1123 K. Additionally surface area and pore volume were
analyzed for CaO before and after the reaction in ASAP2020 micromeritics (Table 3). The
reduction in both of them show that there is a possible sinterisation of the catalyst used after
the reaction.

-- Insert Tables 3 here

-- Insert Figure 7 here

Figure 8 compares two desorption modes with the direct and reverse flow modes. It can be seen
that the desorption time is significantly reduced from 2000 to 1250 s in the reverse mode of
operation. This phenomenon is related to different amounts palk€drbed in different reactor

parts. The highest amount of €@ absorbed near the reactor inlet (Eq. 11). In the direct flow
desorption mode (without flow reversal), the desorption from the initial part of the bed results
in COe reabsorption in downstream locations. However after the flow reversal this part of the
reactor bed becomes the outlet and the largest portion os@@®mediately removed from the

reactor with the purge gas.

-- Insert Figure 8 here

The corresponding transient kinetic modeproposed for the reaction system (7-11). The
model parameters were defined from the data obtained from transient kinetic experiments as
well as from available literature dd#6-48]. Following a simplified approach which does not
consider the mass transfer limitations inside the pellet, the concentration of ®©@ reactor

and the fraction of C®absorbed by the sorbemnt)(can be described by the following set of

equations

15



ac ac
2 = —u=2 + ny (kg — kaCeo2 (1~ @) X

a
a_(: = —kqa + kqCcor(1 — @) (8)
wherek, is the desorption constarit,is the absorption constant, is the CQ absorption

capacity per volume of CaO amds the gas velocity.

The initial and boundary conditions are:

CCOle,t=0 =0 9)
Ccozlz=0,t = 0 (direct flow mode) (10a)
Ccozlz=0.0s,: = 0 (reverse flow mode) (10b)
a(2)|yem0 = 272 2% — 33.62 + 1 (11)

The actual distribution of the G@raction was approximated with a fitting function (Eq. 11).
Figure 9 demonstratean example of profiles for the GQraction within one cycle in the
established cycling regime. In the direct desorption mode, the peak of maximum CO
concentration is moving from the inlet to outlet (Figure 9a). Due to reversibl@liXOrption,

a considerable amount of G@ still present near the reactor outlet after 1800svever after

the flow reversal (Figure 9b), the inlet part of the catalyst bed becomes the outlet one and the
area ofCO, accumulation appears at the reactor outlet. In the beginning of the cydthe
concentration here is the highest due to the highest desorption rate. Thus the total desorption a
time is reduced from 35 min to 20 min in the reverse flow mode. This allows to reduce the total

cycle duration by 20%Ilt should be mentioned that the simulation results are in a good

16



agreement with experimental data under the assumptions of constant bed temperature and the

absence of mass transfer limitations.

-- Insert Figure 9 here

Knowing the time of desorption in each mode, it can be concluded that the energy input in the
direct mode (Eqg. 1) is 1.5 times higher than that in the reverse desorption mode.

As for the possible scale up for this process, it potentially depends on the power required for
the application. In the carried out experiments, the power was less than 1 kW as this is the
maximum of the RF generator. Typical industrial providers for induction heating such as
Ambrell and EFD have indicated that the normal requirements for industrial cases are between
50— 100 kW and they are totally feasible for industrial applications which is two orders more
than in our laboratory case. Furthermore RF heating has been previously studied as a doable
alternative in the scale-up for industrial applications in pharmacy or fine chemistry [40]. In this
case of CQabsorption/desorption cycles, depending on the diameter of the Inconel tube in the
scale-up, radial temperature distribution could be observed, but anyway RF heating would have

the maximum on the wall, so it would be worth studying it.

Conclusions

For the first time, C@capture performance of a radiofrequency heated reactor with a CaO
sorbent was evaluatdsly rapidly shifting from absorption to desorption through over 20 cycles
with a mixture containing 30 vol.% G@n nitrogen, the sorbent has demonstrated a very stable
performance, exhibiting high G@bsorption efficiency over 9948 Similar CQ absorption
efficiency was obtained under conventional heating mode, however the latteed@sidt

times higher heat losses to the environment during the heating step. The transition time between

17



the CQ absorption and desorption modes was reduced by a factor of three using RF heating.
The application of RF heating provided substantial energy savings as it drastically reduces the
reactor idle time at high temperatures.

The CQ desorption in a reverse flow mode further reduced the cycle time by 206 as
decreased th&€O, partial pressure over the adsorbent that substantially pesl€td,
reabsorbtion. The reverse flow mode also allowed to obtain a Kiglyecroncentration in the

purge gas the than that in the feed. This creates a possibility to use hydrogen as purge gas that

would create a mixture suitable for methanol synthesis.
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Nomenclature

Ains external area of insulatigm?)

A, external area of react(m?)

Ccoa COz concentration (mol )

C averageC O, concentration (mol rf)

Cp heat capacit{d kg! K1)

E, activation energy (J md)

F, volumetric flow of gas (fhs?)

AH,, heating enthalpyAH = }.;(m;C,;)AT + X.;(m;C, )ty AT (J)

hq gas-solid heat transfer coefficient from the reactor to the surrounding air
(W m? K1)

h, gas-solid heat transfer coefficient of forced convection around a cylinder (W
m2 K'l)

k, absorption rate constant {mmor? s?)

kg, desorption rate constantljs

m weight (kg)

m mass flow rate (kg9

n amount of C@absorbed per volume of sorbent (mof)m

Nonax maximum amount of O, absorbed per volume of sorbent (mof)m

nl average amount GO, absorbed per volume of sorbent (mof)m

q heat transfer rate (W)

t time (s)

T temperature (K)

AT temperature differenceT = T; — T, (K)

u gas superficial velocity ('3
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U, overall heat transfer coefficient (WaK™)
Ve volume of sorbentm?)

z reactor axial coordinate (m)

Greek letters

a fraction ofCO, absorbedg = — )

€ bed porosity (-)

Subscripts

1 heat transfer from the reactor wall to the surrounding air
2 heat transfer from the hot air stream to the reactor

3 heat transfer from the reactor via insulation to the surrounding air
a absorption

CH conventional heating

d desorption

ext external

h heating

hot hot air

i solid component index (sorbent, inert, Inconel)
j fluid component index (C£) N2)

RF RF heating
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Figure captions

Figure 1.

Figure 2.

Figure 3.

Figure 4.

Figure 5.

Figure 6.

Figure 7.

Figure 8.

Figure 9.

Time series of electricity demand (top panel) corresponding electricity spot prices
(bottom panel) over 5 work days (January 12-16, 2015) [32].

Daily electricity spot price and natural gas EPEX day price (January 15, 2015).

(a) Schematic view of the reactor, (b) Piping flow diagram.

Temperature profile during multiple absorption-desorption cycles under RF
heating.

Conventional and radiofrequency heating. Experimental data are shown with
symbols. The simulations with Eq. 4r€] and Eqg. 5 (&H) are shown with solid

lines.

A schematic view of conventional heating mode and corresponding heat transfer
rates.

CO, sorption capacity in absorption and two desorption modes with direct and
reverse flow.

CO, concentration at the reactor outietthe direct and reverse flow desorption
modes. Temperature: 1123 K. Flow rate: 0.117sh{STP).

Profiles for the COfraction as a function of reactor coordinate within one
desorption cycle in the established cycling regime. (a) Direct flow and (b) reverse
flow mode. Reaction conditions are the same as those in Figure 8. The flow

direction is shown with an arrow.

21



Tables

Table 1. Reactor parameters and process conditions

Parameter Value
Ay (M) 9.42.10
Ains (M?) 3.14.1¢°
hy (W nit KD 29

h, (W mt K1) 32

Us (Wt K? 2.1
Cp—cao (3 kgt K™ 940
Cpsic (I kg' KD 850
Cp_ine ( kgt K 450

T (K) 1305
Text,rr (K) 620
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Table 2. Enthalpy change and mean heat transfer rate to the environment during reactor heating
from 926 to 1123K

Parameter RF heating Conventional heating
q (Wy 5.5 19.7
Total enthalpy chang@H (kJ) 1.3 10.3
Heating enthalpyAH;, (kJ) 0.2 0.2
AH, g5 (KJ) 1.1 10.1

& calculated by Egs. 1 and 6, respectively
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Table 3. Surface area, pore volume and average pore size for CaO before and after the

reaction.
Sorbent Surface area (fflg) Pore volume (critg)
CaO fresh 28.61 0.045
CaO used 13.05 0.021
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