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Abstract

CO, absorption based on chemical reactions is one of the most promising technologies for pos
combustion C@capture (PCC). There have been significant efforts to develop energy eféicgbnt

cost effective PCC process Given that PCC is still maturing as a technology, there will be a
continuing need for pilot scale facilities to support process optimisatipeciafly in terms of energy
efficiency. Pilot scale PCC facilities, which are usually orders ofnihade smaller than those that

will be used in future in large scale fossil power plants, magessible to study details of the PCC
process at an affordable scale. However, it is essential that pilostadiles provide credible data, if

this is to be used with confidence to envisage the future large-scale use of the PGE; pepexially

in terms of energy consumption. The present work therefore establishes anchemiadly verifies

(using a representative pilot plant as a case yfudgedures for analysing the energy performance of
apilot scale amine based G@apture plants, focusing on natural gas fired applications. The research
critically assesses the pilgilant’s current energy performance, and proposes new operating
conditions and system modifications by which the pilot plant will operate mocgeeaffi in terms of
energy consumption. The methodology developed to assess and improve the energy performance of
the PCC process is applicable, with appropriate ingotgther plants of this type that employs
aqueous 30 wt. % monoethanolamine (MEA) solution as the solvent. A rate basedhibdgbost
combustion CQ@ capture process using an aqueous solution of 30 wt. % ktERe solvent was
developed in Aspen PIfisv.8.4, and verified using the results of experimental studies carried out

using the UK Carbon Capture and Storage Research Centre / Pilot-scale efdv@apture
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Technology (UKCCSRC/PACT) pilot plant, as a representative piloescapture plant, and
employed for parametric sensitivity studies. Several parameters have bediedlantd varied over a

given range of lean solvent G@ading to evaluate their effects on the pilot plant energy requirement.
The optimum lean solvent GQoading was determined using the total equivalent work concept.
Results show, for a given packing material type, the majority of energy saadngse realised by
optimising the stripper operating pressure. To some extent, a higher solvent temperature at the strippe
inlet has the potential to reduce the regeneration energy requirementreAefficient packing

material, can greatly improve the pilot plant overall energy and mass transfemeffici

Key words. Post-combustion CQOcapture, energy consumption, specific energy requirement, total

equivalent work, MEA,

1. Introduction

A post combustion C&capture (PCC) process based on chemical absorption using aqueous solutions
of amine as solvent is the most mature,€C@pture technology, with the 30 Wt.aqueous solution of
monoethanolamine (MEAJs the base-line solvent (1). Despite this prodesdng been used for
many years in various industrial applications, such as natural gas trealar@st (2,3), there are
considerable challenges in its utilisation to partially decarbonise fossil fuel pdavds. The largest
existing industrial absorption plants are orders of magnitude smaller tharthihbseuld be installed

in a medium to large-scale power plant. For instance, major equipment such as the absertzard
stripper column required to serve a large-scale power plant are larganthahtheir kind that have
been built before (3). To successfully employ this technoiondsirge-scale plant, detailed scaled up
based on pilot studies and optimisation studies, based on reliable and predictls@inmodels are
necessary. Furthermore, future advancements of this technology, after the ipigahémntation, will
need to be tested via pilot scale studies prior their use. If scadapeé achieved, it is essential that
data from the pilot plant is both credible and applicable. The presentthaye{ore establishes and
experimentally verifies (using a representative pilot plant) procedures figsiagathe initial set-up

and operation of pilot scale amine based, €Capture plants. The authors have chosen to focus on

natural gas fired plant, given that natural gas is a relatively clegrcmpared with coal and hence
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may have a longer term future, but is not a truly low carbon source of @lemiver and hence has a

need for carbon capture.

A crucial challenge associated with the MEA-bage@® capture process is its large energy
requirement, especially for the solvent regeneratibith takes place in the stripper. Studies have
shown that the addition of an amine-based, C&pture unit to a natural gas combined cycle power

plant leads to a net power plant efficiency penalty of 7-11 % (4,5).

More than 70 % of the total energ{C&, capture process requires is used for the solvent regeneration
(8). As reported in the literature, the specific regeneration energy reguiresh aCO, capture
process using 30 wt.% MEA as solvent to remove 9004%0f natural gas fired flue gases seems to
converge to values of around 3.2 to 4.2 MJ geof CO; captured (3,6,7). Therefore, reducing the
regeneration energy requirement has globally been the focus of many research edopinadst
(R&D) studies such as CASTOR (9), CESAR (10), etc. In addition to developiwgsolvents with
better overall performance than MEA, many research studies have investigated the b&nefits o
modifying the conventional CQrapture process or identifying ideal operating conditions to optimise
its performance in terms of energy consumpt{@jil-18). Some of these studies have resulted in
setting up pilot plants (15,18-20) to ascertain claimed benefits of proposed aeelmatiie majority

of the studies that have been reported, aqueous solutions of MEA were useallpdake base-line

solvent, to which new solvents were compared.

Process modelling is usually required Bbbetter understanding of chemical processes, evaluating
alternate process configurations before their experimental assessment, and troublesihdbtng
process in case of malfunction. In addition, to design and scale-up a pilot-scalepgi@e process to

a capacity suitable for commercial scale power plant applications, reliedtesp modelling is
essential. To achieve this, models need to reliably represent the physical and chemicabaqultibri
system and also accurately account for mass transfer and reaction kinetics. Such models ard develope
based on information of physical and chemical properties of the reactive componenddidatdds

using pilot plant data (21). To model a chemical absorption process, for which thebais@neCQ

capture is an example, rate-based modelling is the most reliable method. Equililagenmsidels,
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despite often being suitably applied to describe distillation and reactivéattilprocesses (22-24-

14), usually fail to adequately simulate a reactive absorption process (22,25,26

This study aims to assess operating conditions and energy consumption of a typigabB&3s for
natural gas fired applications using 30 wt. % MEA as solvent via modelling aoddamly propose
process modifications and operating conditions, suitable for testing in paotsplby which the
process operates more efficiently in terms of energy consumption. A raterbaded of the CQ@
capture process was developed in Aspen“PWi8.4, and verified using results of experimental
studies carried out using the UK Carbon Capture and Storage Research Centre / Pikdvsarated
Capture Technology (UKCCSRC/PACT) pilot plant, denoted as the PACT ittt ipl this paper for
simplicity. The PACT npilot plant was considered as a representative PCC pamceasnumber of
parametric studies were carried out to determine its optimal operating ooadRiesults of the GO
capture model verification and discussions on the proposed process modifications aridgoperat

conditions are presented in this paper.

2. Casestudy pilot plant and process description

2.1.Process description

The design of the PACT pilot plant is based on a standard amine-based@@e plant. Figure 1
schematically shoes the gas turbine arrangement and its connection with the FPA€T@2 capure
pilot plant. The one tore per day CQ@capture plant uses 30 wt. % MEA as solvent and operates with
the flue gas provided by a 18V, micro gas turbine (Turbec T100). The micro gas turbine, which is
a combined heat and power unit, consists of a centrifugal compressor, radial turbine apkéibh
generator, which all are mounted on one shHaf}. (Natural gas burns in the combustor and the hot
flue gas expands through the turbine diffuser with an average@@entration of 1.6 % (on a molar
basis; all subsequent G@oncentration percentages are on a molar basis unless otherwise state). To
attain a flue gas with conditions similar to that of a natural gas firethioech cycle power plant, i.e.

4 to 6 %CO, concentration, the turbine flue gas was mixed with, @&s from a C@storage tank.
The flue gas C@concentration was then increased in four steps up to 9.9 % to resembdadiue

conditions similar taa gas turbine with an exhaust gas recirculation (EGR) cycle at variouserecycl



109 rates. The experiments presented in this study were carried out bynpjecly pureCO, gas to the

110 flue gas stream without adding any other traces such a®N&D).
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Figure 1. Schematic overview of the UKCCSRC/ PACT micro gas turbine, ar@inedpture plant and their

integration with CQinjection systemZ8)

111  The pressure of the flue gas is increased by a booster fan before entering the abkorive The

112  typical 40°C flue gas temperature at the absorber inlet was achieved by controllingstterigine



113  heat exchanger bypass flow rate. An orifice plate flow meter along with tetuperand pressure
114  indicators measures the flue gas conditiatthe absorber inlet. The flue gas flow rate throughout the
115 experiments was constant due to plant operating conditions. However, the solvent flavagate

116  varied with the variation of the flue gas ¢fartial pressure to maintain a fix€®d, removal rate.

117  The pilot plant consists of a packed absorber column, a packed water-wash, cahara packed
118  stripper column constructed in a similar fashion to the absorber colummnvih-cooled condenser
119  and a reflux drum at the top. Columns are packed with INTALOX Metal Tower Pagkiii@) No.
120 25 random packing due to its low cost and ease of installation. Table 1 summarigist thiant
121  design specifications. Heat integration of the regenerated and rich solvealised via a plate type
122 heat exchanger, and further cooling of the lean solvent prior entering the absorberiscgiieved
123 by an air-cooled induced draft coaler
124 Table 1. The UKCCSRC/PACT design specifications

Parameter Specification

Turbec T100 micro gas turbine + g€@ed
from CQ, storage tank

Flue gas source

CGO, concentration in the flue gas 5.5-9.9 %
Flue gas flow rate in the absorber 250Nm’h
Flue gas temperature at the absorber inlet ~40°C
Solvent type 30 wt. % MEA aqueous solution
Solvent flow rate ~ 400-1200 k¢h
Solvent temperature at the absorber inlet 40°C
CoIL!mn packing in absorber, stripper, water washin Koch IMTP25 random packing
sections
Material of packing metal
Diameter of columns (absorber, stripper, water was 030 m
sections)
Height of packing
Absorber 8m
Stripper 8m
Water wash 1.2m
Pressure in the absorber Atmospheric pressure
Pressure in the stripper 120 - 300 kPa absolute

125  The counter-current contact of the flue gas entering the absorber column beloackivg section
126  with the lean solvent solution entering above the packing section restiis absorption of CCby
127  the solvent. Before the treated gas leaves the absorber column, it has to passea teneitin

128  carried over liquid droplets. To further reduce amine losses, the flue gaglé&a absorber enters



129  the wash column where it is treated with water to remove droplets of dmfoee exiting to

130  atmosphere.

131  The temperature and mass flow rate of the lean solvent entering the alestubar are controlled.
132 A Coriolis flow measurement device measures the lean solvent flow rate, and thedréiquirrate is
133 controlled by a proportional control valve. The lean solvent temperature is measurad by
134  thermocouple at the absorber inlet and controlled by opening of the valve bypasdaantkelvent
135  across the lean solvent air-cooleA Coriolis flow measurement device measures the rich solvent
136  flow rate leaving the absorber column. The composition of the rich solvenbecaletermined by
137  analysis of a liquid sample taken downstream of the rich solvent pump. To ensure trstealdynt

138  state operation, the rich solvent level in the absorber sump is controlled by the rich amine pump.

139  Before being fed to the stripper column, the rich solvent is pumped through the crasscheager

140 to be heated up by the hot lean solvent leaving the stripper column, and both sinpenmatures at

141  the heat exchanger inlet and outlet are measured. The rich solvent entdripfiee column above

142  the packed section, and the product vapour leaves the stripper from the top. The Stgapimgs

143  generatedat the stripper bottom by partial evaporation of the liquid solvent in theleepuwiith the

144  heat required in the reboiler being provided by pressurised hot watemasseflow rate, inlet and
145  outlet temperatures of the hot water are measured and recorded to calculatat tlegjlised for

146  solvent regeneration. The hot lean solvent leaves the stripper from the hatiditows through the

147  cross heat exchanger and the air-cooler to enter the absorber column. The compositioraof the |

148  solvent can be determined by analysis of a liquid sample taken downstream of the lean solvent pum

149  To obtain temperature profiles for the absorb@umn, temperature was measured along the whole
150 length of absorber column at different locati@mi2m, 3.3m, 5.1m, and 6.8m in height from the gas
151  entry point. Along the stripper, temperature was recorded at 0.3m (bottom)(r8i@dte) and 7.5m

152  (top) heights from the bottom of the stripper.

153 Two Servomex analyzers a Servomex 4900 for £and low level C@Q measurement, as well as a
154  Servomex 2500 for high level G@neasurement were used to analyse the flue gas composition at the

155  following locations: inlet of the absorber, exit of the absorber, exit of treh walumn and CO
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concentration at the exit of the stripper. The Servomex 4900 draws samples fronodatams
(absorber inlet, absorber outlet, wash column outlet) alternately. Thehswer happens every 5
minutes and is controlled by a programmable logic controller (PLC) through gbieaieés. In order

to avoid condensation problems, the temperature of the heated sampling lines wainedadit150

°Cin all cases. The sampling points have been equipped with coalescence filters to remove droplets of
water carried over by the gashe alkalinity of the solvent is determined analytically by titrating
samples with HCI solution, while the G@ading of the lean and rich solutions are determined via
titrating samples with NaOH solution. The control of the pilot plant i'edga programmable logic
controllers (PLCs) while data acquisition and logging are performed with LABVIE®rfaced with

MS Excef.
2.2.Experimental data

As mentioned earlier, for these experimental tests,(fe concentration in the flue gas at the
absorber inlet was varied in steps from 5.5 % to 9.9 %. The plant is capable onfjtfieatigas flow
rates up to 250 Nith. For these tests, the flue gas flow rate was maintained at around 2f0axich

its temperature was controlled at 40. The solvent flow rate was varied to change the L/G ratio
corresponding to different GQoncentrations to maintain a constant,@@pture rate of 90 %.m"A
aqueous solution of nearly 30 wt. % MEA was used as the solvent, and the tempawrddare
solvent at the absorber inlet was controlled af@0The 30 wt. % MEA was chosen as this is the
baseline concentration used widely in absorption b&@gd capture studies (1,3,4,7). In addition,
higher concentrations of MEA solution are known to cause corrosion problems and eleviaieahe r
solvent carry over to the atmosphere (29). The control mechanism of the platitekig#tn solvent
flow constant in order to fix the liquid to gas ratio (L/G) in the absortmera particular test.
However, the rich solvent flow rate was varied in order to control the levéteistripper and the
absorber. Hot pressurised water at pressure of 400 kPa and temperaturéerothhig 120 C was
used as the reboiler heat source, and its flow rate was controlled at’h4Fahle 2 summarises the

key process characteristics of seexperimental tests.
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Table 2. Process characteristics of test campaigns with variable flue gasrf@®ntration (18)

Parameters Unit Case#l Case#2 Case#3 Case#4 Case#5
CO, in flue gas (after CO, injection) vol. % 5.5 6.6 7.7 8.3 9.9
CO, mass flow rate in flue gas (after kg/h 21.1 254 29.6 31.9 38
injection)

Solvent flow kg/h 400 488 567 604 721
Hot pressurised water (HPW) flow m’/h 7.43 7.43 7.43 7.43 7.43
HPW temperature at reboiler inlet °C 120.6 120.4 120.8 120.5 120.5
HPW temperature at reboiler outlet °C 115.8 114.5 115.3 114.5 114.7
Cold approach temperature (T,p)c °C 19.03 18.44 19 18.50 19.8
Hot approach temperature (T,,)y °C 19.72 18.99 20.03 19.84 19.17
Rich solvent concentration wt. % 30.8 27.8 30.6 27.5 29.1
Lean solvent concentration wt. % 319 299 31.7 29.8 30.5
Rich loading mol CO,/mol MEA 0.388 0.399 0.411 0.417 0.443
Lean loading mol CO,/mol MEA 0.165 0.172 0.183 0.18 0.204
Degree of regeneration % 57.5 56.9 55.5 56.8 54.0
Liquid to Gas ratio kg/kg 1.55 1.88 2.17 2.30 2.73
Solvent to CO, ratio kg/kg 19.9 20.6 21.1 20.7 21.7
Specific Reboiler duty MlJ/kg CO, 7.1 7.4 6.0 6.1 53
Stripper bottom temperature °C 110.4 108.8 109.7 108.8 108.8
Stripped CO, mass flow rate kg/h 19.5 23.2 26.7 28.9 343
CO, removal rate % 90.8 90.3 90.0 90.2 90.8

3. Methodology

3.1.Simulation

The CQ absorption/desorption process with 30 wt.% MEA solution was modelled using the
RateSeP” model, a rigorous framework to model rate-based separations in Asp&ivBus The
model used for the thermodynamic properties is based on the work done by ZlaanB@twho
validated it against experimental data available in literature. The model uses the asgmmetri
electrolyte non-random-two-liquie-NRTL) property method to describe the liquid phase activity
coefficients, and the Redlich-Kwong (RK) equation of state for the vapour phasetipsofil). The
absorber model comprises both equilibrium and kinetic rate-based controlled reactidasthevhi
stripper model comprises equilibrium rate-based controlled reactions, and tHerrsédiion in the
stripper column was modelled as an equilibrium stagehis study, packed columns were divided
into 20 identical segments (stages). In the absorber column, the reactionsvoha CQ were
described witha kinetic model. The equilibrium reactions describing the solution chemistry of CO
absorption with MEA, which are integral components of the thermodynamic model, aeesepas

(30):
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2H,0 < H;0"+OH (1

CO, +2H,0 < HCO; +H;0" (2)
HCO; + H,0 « H;0" + CO5™ 3)
MEAH" + H,0 < MEA + H;0" “4)
MEACOO™ + H,0 < MEA + HCO;’ (%)

The following describes the forward and reverse reactions of bicarbonate and carbamate formation,

respectively (32):
CO,+OH — HCO;y (7
HCO;” — CO,+ OH (3)
MEA + CO, + H,0 — MEACOO™ + H;0" 9)
MEACOO + H;0® — MEA + CO, + H,0 (10)

The Aspen RateSEP model requires quantitative values of transport properties that areiassent
correlations of heat transfer, mass transfer, interfacial area, liqualopressure drop, etc.
(30,32,33). The transport properties include density, viscosity, surface tensiamlthenductivity,

and binary diffusivity (33). Table 3 summarises the models with their literegfeeences used in

Aspen Plus for transport property calculations.

Table 3. Transport property models used in Aspen Plus for the&ure model (30,32,33)

Property Model used

Mass transfer at vapour-liquid interface Two-film theory

Thermo-physical property model Ying and Chen model

Liquid density Clarke density model

Gas density Redlich-Kwong equation of state

Liquid viscosity Jones-Dole electrolyte correction mode

Gas Viscosity Chapman—Enskog. mO(.iel with Wilke
approximation

Thermal conductivity of the liquid Riedel electrolyte correction model

Surface tension of the liquid solution Onsager-Samaras model

lefu§|V|ty of €O in H,0 and MEA-HO Wilke-Chang diffusivity model

solutions

3.2. Process Evaluation

To evaluate the energy performance of the PACT pilot plant, the total equivalent work concegt is us
in addition to the specific regeneration energy requirement. This concepatestithe total electrical
work penalty that would be imposed on the power plant by operatinG@heapture plant. Eq. 1

shows the three main contributors to the total equivalent wojk (11



VVeq = Wheat + VVL'omp + VVpump (1)
212 Where,W,, is the total equivalent work},,; is the regeneration heat equivalent witk,,,,, is
213 the compression equivalent work amWg,,,,, is the pump equivalent work. The equivalent electrical

214  penalty associated with solvent regeneration, called the regeneration heat equivalentswor

215 calculated using the Carnot efficiency method, as represented by Hj. 2 (

Trep + AT — T
reb smk) o (2)

Wheat = 77turbine< T.o ¥ AT
216 Where, niurpine 1S the Carnot efficiencyl,.., is the solvent temperature at the reboilef, is the
217  temperature difference between hot and cold streams at the rebgiler,is the cooling water
218  temperature, an@,.;, is the reboiler heat duty. Assumptions made for Eq. 2 include a 90 % efficiency
219  to account for non-ideal expansion in steam turbines (34), an approach temperatae: fof the
220 steam side in the reboiler section, and a sink temperature°@f 40
221  The compression work is the work required to compress the capturefid@®Othe stripper pressure
222 (P;,), to the storage pressure, e.g.MBa (150 bar), and calculated using E¢3%).
Weomp = —3.48In(Py,) + 14.85, 1 < Py, (bar) < 20 (3)
223 Assumptions made for Eq. (B)clude a compression ratio of 2 or less for each compression stage, a
224  compressor polytropic efficiency of 86 %, inter-stage cooling to°@0with knocked out water
225  between stages with zero pressure drop (35).
226  The pump work includes only the required head at the efficiency of the pump5é4g to move and
227  circulate the solvent from the absorber to the pressure of the stripper and vicelTherdlae gas
228  blower work is excluded from this calculation, assuming the flue gas pressheeadtsorber inlet is
229  sufficiently high to overcome the passage and packing pressure drops. The Asgrmiplidock is
230 used to calculate the pump work.

231 4. Resultsand discussion

232 4.1. Model verification

233  Experimental data presented in Table 2 were used to verify the accuracy abdityelbf the

234  developed rate-based model. The verification results were presented in Tables 4 and 6.



235 Table 4. Comparison of experimental and simulation results of operatignet@rs
Description Rich solvent Solvent Captured CQ® Reboiler
CG, loading temperature at mass flow rate heat duty
(mol /mol) reboiler (°C) (kg/h) (kW)
Case#l Experiment 0.388 1104 202 40.0
(5.5 % CQ) Simulation 0.394 110.0 20.3 41.77
Case#2 Experiment 0.399 1088 23.76 48.6
(6.6 % CQ) Simulation 0.411 1085 24.3 45.6
Case#3 Experiment 0.411 1097 26.9 450
(7.7 % CQ) Simulation 0.414 1098 28.7 48.9
Caset#4 Experiment 0.417 1088 292 494
(8.3 % CQ) Simulation 0.426 1088 30.6 496
Caset#5 Experiment 0.443 108.8 33.2 48.5
(9.9 % CQ) Simulation 0.443 1088 36.1 503

236  The absolute deviation of a simulated result from the experimental one was calculated using Eqg. (4):

|lexperiment - lsimulation|

Deviation (%) = x 100 (4)

lexp eriment

237  The mean absolute deviation values of the parameters compared in Table 4 are iretbé@digto

238 4.7 percentages which are within an acceptable range.

239  To characterise the process independent of scale, performance parameters asdedibledSi were

240  used.

241 Table5. Parameters to characterise the plant performance independent of the scale
Parameter Definition
CO, removal rate Yeo, = mes,/ MG,

rich lean)/xlean

Degree of regeneration (mol/mol) Axypey = (xco2 — Xco, oy

Specific regeneration energy requireme
(MJ/kg CQy)

Absorption capacity (kg/kg)

Qspecific = Qreboiler /mCOZ

Caps = Meo, /my

242 Where,m(§, is CQ mass fraction in the treated gas at the absorber oufi§tis CO, mass fraction
243 in the flue gas at the absorber inhe@ffzh is the rich solvent COloading.xf5" is the lean solvent
244 CO,loading, Qrepoiter is the reboiler heat dutyyc,is the mass flow rate of G@aptured, andn,,

245 is the mass flow rate of lean solvent.

246 Table 6. Comparison of experimental and simulation results of performparameters



247

248
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255

Qspecific

Case Yo, (%) Axpeq (%) (kJlkg CQ) C.ps (9/kg)
Caset#l Experiment 90.8 57.5 7.1 50.3
(5.5% CO,) Simulation 94.9 58.1 7.3 50.7
Case#2 Experiment 90.3 56.9 7.4 486
(6.6 % CO,) Simulation 94.7 58.2 6.8 49.8
Case#3 Experiment 90.0 555 6.0 475
(7.7 % CO,) Simulation 96.0 55.8 6.1 50.6
Case#4 Experiment 90.2 56.8 6.10 482
(8.3% CO)) Simulation 95.0 57.7 5.8 50.6
Case#5 Experiment 90.8 54.0 5.30 46.1
(9.9 % CO)) Simulation 94.1 54 5.0 50.1

The mean absolute deviation values of the parameters compared in Table 6 are in thelrdntge of

5.0 percentages which are also within an acceptable range.

Figure 2 shows the absorber temperature profile along the column height. The tempeasture w
measured at 2, 3.3, 5.1 and 6.8 m heights from the gas entry point at the bottom afrtime Tok
temperatures shown in the Figure at 0 m and 8 m heights are measured in the gas stresige not i
the absorber and are that of the flue gas entering the absorber column and tlea\abgorber
column. Hence, to plot the simulated temperature profiles, the flue gas inletuteidtemperatures,

that are inputs of the simulations, were used for these two points.
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Figure 2.Absorber temperature profile based on experimental results vs. simuésidts for 5 study cases (it
temperatures at 0 m and 8 m are that of the flue gas at inlet and outeetbEthrber column, respectively)



256  As presented in Table 6, simulated ®moval rates were on average converged to nearly 95 % in
257  all five cases whilst those of the experinganere around 90 %. The constant difference of nearly 5
258 % between the simulated and experimental, C&@moval rate indicates that the mass transfer
259  efficiency in the absorber column is sub-optimal, and points out the possibility of peentso
260  distribution over the absorber packed column. Furthermore, the specific regeneratiop energ
261  requirement corresponding to each experiment is sub-optimal and considerably highdnahhasy
262  been reported to be attainable in industry to date, i.e. (3.2-4.2 MJ per kg, @fa@@red using 30
263  wt.% MEA solvent (5)). These two issues underscore the need for some modelingpwe carried

264  out to identify the appropriate system modifications and operating corgditiowhich the pilot plant

265  operates optimally for a given flue gas condition. As the results afeteloped model showed good
266 agreement with the experimental data, it is therefore meaningful to employ the faofiather

267  studies. This also illustrates that modelling and experimental activities cgrlecoemt each other,

268  and both should possibly run concurrently to deliver reasonable results.

269 4.2.Energy analysis

270  Having validated the developed rate-based model using the PACT pilot plant experimsumital r
271  over a range of flue gas conditions, application of the model to improve plant desighemnas
272  demonstrated, using the PACT pilot plant as a case study, specifimalflgst case with 5.5 % GO

273  flue gas (case#1). The 90C@6, removal rate was targeted using the flue gas condition presented in

274  Table 7.
275 Table 7. The base-case performance characteristics
Parameter Value
Total flue gas mass flow rate 260 kg/h
Flue gas temperature at absorber inlet 40 °C
Flue gas pressure at absorber inlet ~ 125 kPa
Flue gas composition
N, 74.74 %
0, 16.6 %
CO, 55%

H,O 3.16 %
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Specific regeneration energy and total equivalent work were chosen as parantseesndent of

scale to evaluate and compare the process energy performance. Four areas of impmeesnent
identified to be explored which have potential applicability to improve the npeafice of a CQ
capture processolvent lean loading, cross heat exchanger logarithmic mean temperature difference
(LMTD), stripper operating pressure, and replacement of the current packingTP25, with a

more efficient packing, i.e. Sulzer Mellapak 250Y.

4.2.1. Solvent lean loading

The stripper energy consumption is strongly dependant on the lean solvelnta@i@g. For a given
rich loading, if lean loading increases, the amount of steam required per unit of prGdyosill be
reduced. Increasing lean loading can be achieved by increasing solvent circulatirithregepgct to
the targeted COremoval rate. The lean solvent €l@ading used in the PACT pilot plant for this
case was 0.165. To find an optimum lean loading, a range of lean loadin@.ft6&to 0.30 was
studied. Table 8 presents the required solvent flow rate calculated mptied for each lean loading
to achieve 90 %O, removal rate using the flue gas condition presented in Table 7.

Table 8 Required solvent flow rate to achieve 9033, removal rate with the base-case flue gas composition
with IMTP25 random packing material

Lean loading Solvent flow Liquid to gas ratio
(mol CO/mol MEA) rate (kgh) (L/G) (kg/kg)

0.165 340.7 132
0.18 363.4 141

0.2 400.8 1.55
0.21 420.3 1.63
0.22 447.7 1.73
0.23 475.3 1.84
0.24 508.7 1.97
0.25 549.2 2.12
0.26 601.1 2.32
0.28 752.3 291

0.3 954.4 3.69

The reboiler duty at each lean loading was calculated using the model. Then tfie IgmEieration

energy requirement and the total equivalent work for each lean loading weratealcAs shown in
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Figure 2, the minimum total equivalent work occurs at a, Gfading of 0.23. The specific
regeneration energy requirement at this loading is BlJ/8g CO, to achievea 90 % CO, removal

rate, compared to the basasewith 0.165 lean loading, where the specific regeneration energy
requirement is 7.1 MJ/KGgO,. The nearly 15 % reduction in the specific regeneration energy
requirement is associated withnealy 39 % higher circulating solvent flow rate. Studying the
absorber design performance suggests the absorber column is capable of handling tlselezness
flow rate. The additional operational cost associated with the increasechguopier is very small

compared to the gain associated with the reduction in the steam requirement.
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Figure 2. optimisation of lean loading for minimum total equivalent work &®5 kPa stripper pressure, 2D
LMTD in cross heat exchanger, and IMA3¥andom packing material

Although changing the lean loading to a higher value resulted in reducing thiic segeneration

energy, the pilot plant energy performance is still sub-optimal and requires furthercatomiis.
4.2.2. Cross heat exchanger

The rich solvent inlet temperature to the stripper is determined by trerparfce of the cross heat
exchanger.This performance can be defined using the log mean temperature difference XLMTD
concept. In generaglower LMTD is associated with higher capital cost for a given heat load, and the
pilot plant cross heat exchanger currently operates avit °C LMTD. To evaluate the extent to
which a better performing heat exchanger will improve the plant energy parfoemthree different

heat exchanger design specifications were analysed, corresponding to 20, 10 and 5FIguneD3
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shows the variation of specific regeneration energy requirement and total equivalentith lean

loading when the stripper column operates at 125 kPa.

7.0 172
] - W (MTD5) =——Q (LMTD5)
654 - W_(LMTD 10) — Q, (LMTD 10)
] W, (LMTD 20) =—— Qg (LMTD 20) 168
6.0
o 64 O3
O 554 ©
2 g
S N 60 S
2 9 n . <
4 1 L3N -, g
O; -
’ - .
454 \\ L. 56 =
] ~ - - -
N - - _ - : - ~ -
409 S1T=E- T - 152
0.16 0.18 0.20 0.22 0.24 0.26 0.28 0.30

Lean loading (mol C@mol MEA)

Figure 3. Specific regeneration energy requirement and total equivalentav@tons with lean loading with
125 kPa stripper pressure, and INEBERandom packing material, with 5, 10, 20 LMTD in cross heat
exchanger.

The results show that the plant energy performance improves by up to 14 % acrasge¢hef lean
loading by lowering the LMTD from 20 to 8C. Comparing the plant energy performance at the
optimum lean loading, i.e. 0.23, suggests that having@ IBMTD across the cross heat exchanger
results in approximately 5 % reduction in the solvent regeneration energy negplingith almost 13

°C increase in the rich solvent temperature at the stripper inletation to the base case with 20
LMTD. Thesefindings suggest one way to improve the pilot plant energy performance is by replacing
the cross heat exchanger with a high performing heat exchangerathsigiperate with 3C LMTD.
However, this benefit is associated with an additional cost of acquiring a lhe@eexchanger. The
studies discussed in the following sections are performed assuming theeabsschanger operates

with a 5°C LMTD.
4.2.3. Stripper operating pressure

It is possible to increase the stripper operating pressure and therefore asngpemperature by
increasing the reboiler operating temperature via increasing the presbe eburce, e.g. the boiler
pressure (5). Currently the stripper operating pressure is 125+5 kPa wheneaheddte top of the

column, andit was desigad to operate at pressures up to 300 kPa. Figure 4 shows the effect of
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varying the stripper pressure from 125 to 250 kPa on total equivalent work andcseeheration
energy requirements across the range of lean loading from 0.165 to 0.30 assuthiSgd0emoval

rate, 5°C LMTD atthe cross heat exchanger, amtiC8emperature approach across the reboiler.
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Figure 4. Specific regeneration energy requirement and total equivalektvesgation with lean loading a
various stripper operation pressure (125 kPa (red), 150 kPa (H&6kkPa (blue), 220 kPa (magenta) and :

kPa (green)) with 3C LMTD in cross heat exchanger,°& temperature approach across the reboiler,
IMTP25 random packing material.

As shown in Figure 4, the specific energy requirement reduces with increasingpgper giressure
Increasing the operating pressure from 125 to 250 kPa is associated withariea#ly reduction in

the specific regeneration energy consumption at their optimum lean lo&jiegating at higher
pressures in general reduces the, C@npression energy requirement although this is not considered
for this pilot plant energy studyit appears increasing the stripper operating pressure is a meaningful
way to enhance the pilot plant energy performance. However, increasing theepretisncrease

the solvent temperature at the reboded throughout the column. The thermal degradation of MEA
occurs mainly in the stripper packing and reboiler due to exposure to high temperature (36). Davis and
Rochelle (36) studied the thermal degradation of MED and indicated that thdegraldation is
minor when the solvent temperature at reboiler temperature is held below 110 itGduglerates
above 130 °C. Figure 5 shows the variation of the solvent temperature at the weitloitee stripper

operating temperature. By considering a degradation threshold of 120 °C, based on datd provid

Figure 5, 180 kPa pressure appears to be the most suitable operating pressure in ordeenefiai



344 by operating the stripper at higher pressure and aadigher risk of solvent degradation and
345  minimise corrosion problems.
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Figure 5. the variation of solvent temperature at the reboiler section with ledanglagtdvarious strippe
operation pressures (125 kPa (red), 150 kPa (black), 180 kR4, (R0 kPa (magenta) and 250 kPa (gre¢
with 5 °C LMTD in cross heat exchanger,°& temperature approach across the reboiler, and MT&rdom
packing material.

346  The lean loading at which the total equivalent work is minimised when the stappeates at the
347  pressure of 180 kPa is 0.21, provided €3_MTD in the cross heat exchanger and &5approach
348 temperature across the reboiler. The solvent temperature at the optimum laanitad8.7°C with
349 the specific regeneration energy requirement of 4k@CO,. This amount of specific regeneration
350 energy requirement is nearly 28 % lower than what has been currently ceframethe pilot plant
351  operation. Table 9 summarises the proposed operating conditions to improve the energapeef
352  of the PACT pilot plant to achieve 90 @0, removal rate using IMTP25 random packing in all

353  packed columns.

354 Table 9. Summary of proposed operating conditions for optimum opeddtthe PACT pilot plant to achieve

355 90 % CO, removal rate from typical natural gas fired flue gases when usiniifiié25 random packing
parameter specification
Packing material IMTP25 random packing
Flue gas temperature at absorber inlet 40°C
Liquid to gas ratio 1.64 (kg/kg)
Lean solvent temperature at absorber ir 40°C
Lean loading 0.21 (mol CQ/mol MEA)
Stripper pressure 180 kPa

Cross heat exchanger LMTD 5°C




Reboiler approach temperature 5°C

356 4.2.4. Packing material

357 It may not be fully advantageous to find conditions to optimally oper@®, capture plant if is not
358 associated with an efficient packing material. There are in general twoedtffgipes of packing
359 materials used in €0, capture process random packing and structured packing. The pilot plant
360 used for the case study is currently packed with the IMTP25 random packing becaase off
361 installation and its lower costs (28). Difficulties to achieve uniform 8igtion at the outset and the
362  risk of maldistribution close to the column wall are problems typically regddr random packing,
363  while structured packing materials are specifically designed to avoid sudbmso{87). Compared
364  to random packing, structured packing has in general better mass transferogffigtard wettability
365 and lower pressure drop (38). To further improve the energy performance of the giéiCdlant

366  with the fixed absorber design, i.e. height and diameter, andré&fval rate, the current packing
367 material should be replaced by a more efficient and better performing packiegiam&iom
368  structured packing categories, such as Sulzer Mellapak 250Y. This modificatioresuilt ina
369  reduction in the amount of circulating solvent required to achieve 90 % removédrratgiven lean
370 loading due to the improved mass transfer efficiency in the absorber columlowEnesolvent flow
371 rate will therefore require less stripping steam to regenerate, assmediti@r performance of the
372 stripper column itself by changing the packing material. All these will tka pilot plant to operate
373  with lower specific generation energy requirement. Table 10 summarisesolitrent flow rate
374  required to achieve 90 @O, removal rate for the range of lean loading with the base-case flue gas
375  compositions when replacing all the packing with the Sulzer Mellapak 250Y structured packing.

376 Table10. Required solvent flow rate to achieve 90C%, removal rate with the base-case flue gas composition
377 with Sulzer Mellapak 250Y structured packing, and the comparison vaigle flor the IMTR5 random packing

378 material
Lean loading Lean solvent flow rate (Kb) Reduction in required
(mol CO/mol MEA) Mellapak 250Y IMTP25 solvent flow rate (%)
0.165 283.2 340.7 16.9
0.18 297.6 364.5 18.3

0.2 319.3 401.3 20.4
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0.21 331.0 420.3 21.2

0.22 344.2 447.7 23.1
0.23 358.5 475.3 24.6
0.24 373.8 373.8 26.9
0.25 390.5 390.5 29.2
0.26 408.9 408.9 32.1
0.28 452.4 452.4 39.8
0.3 509.9 509.9 46.7

As presented in Tabl#0, the significant reduction in the required solvent flow at higher lean loading
confirms the poor mass transfer efficiency of random packing at higher toges ratios. When
using the Sulzer Mellapak 250Y structured packing, the simulation results alsoneshthe stripper
operating pressure of 180 kPa is the best option in terms of energy perfonviincespect to a
120°C thermal degradation threshold. Figure 6 shows the variation ofetptalalent work and
specific regeneration energy requirement with lean loading when using the Sweltapald 250Y
structured packing with the stripper pressure of 180 kP@&,IGMTD in the cross heat exchanger and
5 °C temperature approacit the reboiler. The curves related to the IMTP25 random packing with

similar operating conditions were added for comparison.
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Figure 6. Optimisation of the lean loading for minimum total equivalenk and the specific regeneration
energy requirement with the Sulzer Mellapak 250Y structured packing fl@adkhe IMTP25 random packin
(red) to achieve 90 %O, removal rate withthe stripper pressure of 180 kPa

The minimum total equivalent work occurs at lean loading of 0.26 with a spegoeration energy

requirement of 3.6MJ/kg CO,, implying a nearly 39 % reduction in the specific regeneration energy
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requirement when compared with the current pilot plant operating condition evaddd %CO,
removal rate. The highest solvent temperature at the reboiler at théseptiean loading is 10°7C.

The specific regeneration energy requirement after changing the packing syjtabidity within the
industry range of 3.2 to 4.2 MJ/Kg0O.. The optimum operating condition using the Mellapak 250Y
structured packing providea 15 % reduction in the specific regeneration energy requirement
compared to that provided by the optimum operating condition with the IMTP25 random packing
Table 11 summarises operating conditions to suitably improve the energymaerter of the PACT

pilot plant to achieve 90 %0, removal rate for typical gas turbine flue gases when replacing all

packing with the Sulzer Mellapak 250Y structured packing.

Tablell. Summary of the proposed operating condition for an optimunatperf the UKCCSRC/PACT
CGO, capture pilot plant to achieve 90C&, removal rate from typical natural gas fired flue gases when using
the Sulzer Mellapak 250Y structured packing

parameter specification

Packing material Sulzer Mellapak 250Y
structured packing

Flue gas temperature at absorber inlet 40°C

Liquid to gas ratio 1.58 (kg/kg)

Lean solvent temperature at absorber inlet 40°C

Lean loading 0.26 (mol CQ/mol MEA)

Stripper pressure 180 kPa

Cross heat exchanger LMTD 5°C

Reboiler approach temperature 5°C

5. Conclusions

A rate-based model to simulate the Qfapture process using an aqueous solution of 3GWIEA

as solvent has been developed in Aspen ®PMersion 8.4 and validated using results ®f
experimental studies carried attthe UKCCSRC/PACT pilot plarin Sheffield, UK. The developed
model was then used to assess the performance of the pilot plantsrofexmergy consumption, and
to propose new operating conditions to operate the pilot plant optimally in fétunember of
performance parameters have been identified and varied for a given range of leahGaiVoading
from 0.165 to 0.30 (mol COHmol MEA) to evaluate their effects on the plant energy performance.
Two sets of operating conditions with two different packing material® vieally suggested to

improve the pilot plant energy performance.
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For the pilot plant to efficiently achieve 90 @6, capture from flue gases with 5.5 % £@pical of

a natural gas fired applications, the following modifications were suggested:

A more efficient cross heat exchanger has the potential to improve the strippempeder

by providing the rich solvent with a temperature closer to its bubble pointkatsen as
bubbling point, at the stripper inlet. Simulation results showed a nearly 5uitioedin the
specific regeneration energy requirement associated with the rich solvent beingupelayed
further 13°C when using a 8C LMTD cross heat exchanger instead of the current one with a

20°CLMTD.

Considerable energy savings can be achieved by increasing the lean loadingrdevedd
that the absorber column is capable of operating at higher liquid rates, whicheisatifor
the case of the PACT pilot plant. Simulation results have shown that by swledgsing the
lean loading from 0.165 to 0.23, with no other change of the pilot plant opecatidgion,
the specific regeneration energy requirement was reduced by nearly 15 %. Tlomaldciitst
associated with the 28 % increase in the solvent flow rate is insignificampared to the

energy gain realised in the regeneration process.

The stripper operating pressure also has a significant effect on the regeneratign energ
performance. Simulation results showed that by increasing the stripper pressut2% to

180 kPa the specific regeneration energy requirement will reduced by Z&eaptimum

lean loading to realise this gaimat 0.21 with a 118.7C solvent temperature at the reboiler

section, which is reasonably below the thermal degradation threshold of MEA solvents.

An efficient and modern packing material can contritiateignificantly improve the overall
performance of the PACT pilot plant by providing higher mass transfer efficiémogy
pressure drop and more efficient liquid and gas distributions. Simulation results suggest
replacing the existing packing material with higher performing structpaeking, e.g. Sulzer
Mellapak 250Y will result in a nearly 40 % reduction in the specific regenaramergy

when compared with the plant existing conditions. The proposed operating condition with the
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Sulzer Mellapak 250Y structured packing outperformed the condition proposed with the

IMTP25 random packing by nearly 15 %.

The main conclusions of this work should also hold for other plants of sttt employ 30 wt. %

MEA solution as solvent.
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