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Modelling of 3D liquid dispersion in a rotating packed bed using an Eulerian porous
medium approach
Guojun Zhang, Derek Ingham, Lin Ma*, Mohamed Pourkashanian
Energy 2050, Mechanical Engineering, Faculty of Engineering, University of
Sheffield, Sheffield S10 2TN, UK

Abstract: Liquid dispersion is very important for the modelling of liquid flow in a
rotating packed bed (RPB) when an Eulerian porous medium approach is employed.
For investigating the effect of the liquid dispersion in a practical RPB, a 3D Eulerian
porous medium model has been established coupled with the appropriate interfacial,
drag and dispersion forces formulations. The sensitivity of the parameters employed in
these formulations has been thoroughly analyzed. New forms of the porous resistance
model and the effective interfacial area correlation have been developed for the non-
uniform two-phase flows. The simulation results show that the effect of the capillary
pressure and mechanical dispersion forces on the liquid flow distribution and holdup in
the RPB is clear and important. In addition, the effects of the dispersion force on the
liquid holdup under different design and operational parameters have been thoroughly
analyzed and it is found that the effect of the dispersion forces on the liquid holdup is
almost the same for different nozzle widths and the porosities of the packing
investigated. The investigation demonstrates that utilizing the Eulerian method can
substantially reduce the simulation time and efforts when compared to the pore resolved
method, such as the Volume of Fluid method without loss in accuracy. This provides a
feasible approach to simulate RPBs in full 3D and for RPB technology scaling up and
optimizations.

Keywords: rotating packed bed, Eulerian method, liquid dispersion, porous media, 3D

modelling
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Highlights:

A novel 3D Eulerian porous medium model is developed for the gas-liquid flow in
a RPB.

The sensitivity of the capillary pressure and mechanical dispersion models is
analyzed.

The effect of liquid dispersion under different design and operational parameters
are obtained.

The established model paves the way for simulating a 3D full scale RPB effectively

and accurately.
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Nomenclatures

as

AcL

fe

specific area of the packing

materials, m? - m™3

specific area of the wet wires,
m?-m™3

effective interfacial area, m!

diameter of the wire mesh, m

wire and liquid film diameter, m

characteristic diameter, m
hydraulic diameter, m
fanning  friction factor for
developing laminar flow

ratio of wetted packing or ratio of
interfacial area to the total packing
surface area

fanning  friction factor  for
developing turbulence flow
pressure factor

mechanical dispersion force of
phase i, N-m™3

total dispersion force of phase i,

N-m™3

Ui

X+

Z

Greek

B

characteristic flow rate per unit
area (=0.0106 m-s71), m-
g1

drift velocity of phase i, m-
g1

effective velocity relative to the
rotating packing, m-s™!
velocity of phase i relative to
the rotating packing, m-s™!
superficial velocity of phase i
relative to the rotating packing,
m-s™?

volume, m3

dimensionless channel length

axial coordinate

phase saturation

packing void fraction (porosity)

dynamic contact angle

characteristic dynamic contact

angle (=75°), °




= . .
Fgrag,; Interaction force between the

&e

g1

v =z =

2o

phase i and solids of the packing

material, N-m™3

centrifugal acceleration, m s~

characteristic

acceleration (=205.6 m-s~2),

m:s?

porous  resistance

between the phase and solid

momentum exchange coefficient

between the gas and liquid

length, m

effective flow length, m
rotational speed, rpm
pressure, Pa

capillary pressure, Pa

pressure drop (flow resistance), Pa

volume flow rate, m3 - s™1

Reynolds number

spread factor, m

interfacial force between the gas

and liquid, N-m™3

time, S

superficial velocity, m+s™!

2

centrifugal

coefficient

£ volume fraction

Ve; spatial gradient of the phase
volume fraction

o surface tension, N-m™?!

0 angle of flow direction slop to
the bed axis, °

pi density of phase 7, kg-m™1!

U dynamic viscosity, kg-m™!-
g1

T bed tortuosity factor

T stress tensor

v kinematic viscosity, m? - s™1

Vv characteristic kinematic
viscosity (=3.35 X 10°® m?-
s71), m?-s7t

) particle shape factor

Subscripts

C capillary pressure

disp dispersion force

G gas phase

i =G, L

L liquid phase
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U, effective velocity, m+s™1 S solids phase for the packing

materials
U velocity of phase i, m-s™! w wire mesh
U average superficial liquid velocity,
m-s!

1. Introduction

The rotating packed bed (RPB) is one of the many novel multi-phase contactors and
reactors that can reduce the size of the packed bed because the mass transfer can be
much improved due to the centrifugal force (100-1000 times that of gravity) that is
exerted (Adamu et al., 2020; Cortes Garcia et al., 2017, 2021; Ghadyanlou et al., 2021).
Due to the effect of the centrifugal force, the surface renewal of the phases (such as
gas-liquid, liquid-liquid, gas-liquid-solid) in the packing is enhanced, which results in
a significant increase in the overall mass transfer (Ouyang et al., 2018b; Wang et al.,
2019; Wenzel and Gorak, 2018b; Yang et al., 2019). There are many kinds of RPBs,
and, at present, the single block counter-current flow RPB is the most popular, see
Figure 1. The liquid (blue arrow) that enters from the liquid distributing nozzle, located
at the center of the RPB impacts on the packing, then the liquid spreads out and splits
into small droplets, or forms thin films on the packing surface on the way outwards
through the RPB. The process is driven by the centrifugal force generated by the
rotation of the RPB. Then, the liquid with large velocity resulting from the rotation of
the bed flows into the outer cavity zone in the form of droplets and hits on the casing
wall. Finally, the liquid flows out from the liquid outlet under the effect of gravity.
Simultaneously the gas phase (yellow arrow) from the inlet, which is located at the
outer radius of the RPB, flows inwards through the packing and it interacts with the
liquid phase on its way to the gas outlet at the centre of the RPB. The liquid holdup (the
volume of liquid held per volume of the packing) and its flow patterns passing the
packing have a major impact on the gas-liquid mixing and the effective interfacial area

it creates between the gas and liquid, which directly influences the mass transfer
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performance of the RPB (Wenzel et al., 2018a). Thus, the study of the liquid flow

dynamics is extremely important for the RPB analysis.

l‘lls
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I

Figure 1. Schematic of a typical RPB with a single block counter-current flow
arrangement (1. Casing; 2. Inner cavity zone; 3. Liquid nozzle; 4. Packing; 5. Outer
cavity zone; 6. Liquid inlet; 7. Gas inlet; 8. Gas outlet; 9. Liquid outlet; 10. Motor).

Due to the strong centrifugal force and the narrow flow channel, the flow dynamics in
the RPB is very complex. When the liquid enters the rotating packing, with a radial
velocity only, it hits against with the rotating porous packing violently and the liquid is
quickly dispersed, some of the liquid is attached to the packing surface and some
eventually splits into numerous tiny droplets. This process forms a large interfacial
surface area and renews them quickly (Wang et al., 2021). The mixing at the entrance
is very strong, which is called the “end-effect” zone (Luo et al., 2012a; Ouyang et al.,
2019; Yi et al., 2009). After that, the liquid achieves its tangential velocity, and its
motion becomes largely synchronized with the rotating packing in the bulk of the
packing region (Guo et al., 2017). As a result, the liquid dispersion is relatively weak
compared with that in the end-effect zone. Throughout the RPB, liquid dispersion due
to its interaction with the packing plays an important role in determining the liquid flow
behaviour in the RPB and it is the predominant reason for the enhancement of the mass
transfer in RPBs (Zhang et al., 2017).

Liquid dispersion in the RPBs has been explored previously both experimentally and

computationally using the Volume of Fluid (VOF) method. For example, the dispersion
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phenomenon of a liquid jet impacting on a rotating single-layer wire mesh has been
visually examined under the effect of gravity and centrifugal force (Lu et al., 2019b;
Wang et al., 2021; Xu et al., 2019; Zhang et al., 2020). In addition, the influence of the
surface wettability and the liquid velocity, etc. on the liquid dispersion in the RPB have
been analyzed in (Lu et al., 2019b; Ma et al., 2019; Su et al., 2020; Zhang et al., 2017).
However, the above studies were only at the stage of observing the phenomenon and
the process of the dispersion in RPBs, and no one has evaluated and quantified the
dispersion in a RPB.

In addition, 2D and mesoscale 3D models with the VOF method have been employed
to study the micromixing and liquid holdup in the packing region of a small RPB (Guo
et al., 2016; Liu et al., 2020; Ouyang et al., 2018c; Shi et al., 2013; Xie et al., 2019;
Yang et al., 2016). The VOF model could clearly capture the gas-liquid contact surface.
However, it can only be used for analysing very small lab-scale RPB models and it will
become computational prohibitively expensive to be used for the simulations of large
RPBs because of the limitations in the computational resources and simulation times
(Liu et al., 2017; Xie et al., 2019; Yang et al., 2010). For instance, about 1.4 million
cells and a simulation time of about 60 h were required for each case in the 2D work of
Guo et al. (2016), in which the inner and outer diameters of the packing simulated were
only 80 and 140 mm, respectively. Therefore, for the purpose of future scaling up and
optimization of the RPB, a different modelling approach must be developed. In our
previous publications, Lu et al. (2018, 2019a) have proposed the use of the Eulerian
method to study the flow dynamics where a new porous model for the RPB has been
proposed and the effectiveness of the model has been demonstrated in a 2D RPB. The
focus of this paper will be on the modeling of the effect of liquid dispersion and to
extend the work into 3D.

The Eulerian method with the porous medium model is not able to resolve the matrix
structure of the packing in detail (Pham et al., 2015b). Instead, the packing is considered

as a porous medium and its effect on the flow is considered computationally using a
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suite of mathematical formulations. This can substantially reduce the complexity and
number of the cells in the computational mesh that is employed, thus leading to a
significant reduction in the computational resources and simulation times required and
make it possible to be used to simulate the full scale RPB using CFD for the scaling up
and process optimization (Lu et al., 2019a).

The Eulerian porous medium model (Lu et al., 2018, 2019a) treats the gas and liquid as
two continuous but penetrable phases. In order to employ the Eulerian porous medium
model to investigate the liquid dispersion, a dispersion model needs to be devised to
calculate the dispersion force term as a consequence of the volume averaging in the
momentum equations (Boyer et al., 2005). Currently, there has been no dispersion
model developed specifically for RPBs. However, various such models have been
proposed for the modelling of the liquid dispersion in the conventional packed beds
(CPBs). These models may be divided into the capillary pressure models and
mechanical dispersion models according to the dispersion mechanism that they model
in the CPBs (Wang et al., 2013). The capillary pressure force is produced by the
difference in the pressures across the fluid interface. In addition, the mechanical force
is caused by the complex advection of the momentum by the fluid at the pore scale
(Fourati et al., 2013) or, in other word, the variation in the velocity with respect to the
main flow at the macroscopic scale (Carney and Finn, 2016). It should be noted that the
nature and structure of the porous media packing employed in the CPBs and RPBs are
very different. Usually, a wire mesh packing or a nickel foam packing is employed in
the RPBs, while a more structured packing or random packing elements are employed
in the CPBs. In addition to the nature of the packing types, the packing in an RPB is
much more densely packed than that in CPBs. The driving force and the flow patterns
are also very different. Nevertheless, we take the view that both CPB and RPB are
similar in that they both can be regarded as being a porous media and the liquid
disperses from a higher volume fraction to a lower volume fraction under the

framework of the porous medium approach. The macro dispersion mechanisms are
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similar in RPBs and CPBs. Hence, it is expected that these dispersion models for CPBs
could be employed in RPBs with careful evaluations. One of the main objectives of this
paper is to assess the suitability and limitations of the existing dispersion models when
they are applied to model the RPBs. More information about these models is given in
Section 2.5.

In this paper, a 3D RPB model was developed based on a practical RPB from the
published literature. The packing zone was regarded as a porous media and the Eulerian
porous medium method coupled with the interfacial, drag and dispersion forces models
were employed to study the liquid dispersion in the packing region of the RPB. The
results have been compared with the available experimental data. The sensitivity of the
sub-models and the effect of some important parameters, including the rotational speed,
bed porosity, liquid flow rate, liquid nozzle size and number of nozzles have been
thoroughly analyzed and discussed. The results show that using the model developed
can accurately reflect the distribution of the liquid holdup in the packing region and the
effect of the dispersion force on the liquid holdup under different simulation conditions.
Thus, the proposed method has paved the way for the model to be used, with confidence,
in the future for simulating the gas-liquid flow in a 3D full-scale RPB cost effectively
and accurately.

2. CFD simulations

2.1 Geometry of the RPB

In order to develop and validate the CFD model, a good set of quality experiment data
should be obtained. Among all the available experimental studies in the literature on
RPBs (Burns et al., 2000; Liu et al., 2020; Wenzel et al., 2018a; Yang et al., 2015a),
Yang’s experimental data (Yang et al., 2015a) has been selected. This is because of the
following reasons: (i) the relative detailed dimensions of the RPB have been provided,
especially the size of the liquid distribution nozzle; (ii) the packing material used in
Yang’s experiment matches those employed in the development of the drag force model

used in this paper so that the accuracy of the model can be established; (ii1) the liquid
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holdup with different operational conditions and the distribution of liquid holdup along
the radial position are presented in Yang’s paper, which could be used to verify the
simulation results; and (iv) the experimental data has been previously used by Ouyang
etal. (2018c), Lu et al. (2018), Xie et al.(2019) and Liu et al. (2020) in order to validate

their models, thus indicating that the data is reliable.

The 3D geometry of the experimental rig has been reproduced in Figure 2. Because the
outer cavity zone between the case and the rotating bed has almost no influence on the
liquid holdup within the packing region (Xie et al., 2017; Yang et al., 2016), and the
objective of this paper is to study the hydrodynamics in the packing region, then only
the rotating bed itself and the location of the liquid nozzle are shown in the figure. The
inner diameter, outer diameter and axial length (thickness) of the packing are 42, 82
and 20 mm, respectively. The packing is a wire mesh with a void fraction and a specific
area of 0.95 and 497 m?*/m?, respectively. The rotational speed of the bed employed in
the experiments varied between 500-2500 rpm, and the liquid flow rate ranged from
22.9 - 43 cm®/s. The liquid distributing nozzle is rectangular in shape, and its size is

1x15 mm.

In the CFD model, due the symmetry of the packing bed, only half of the bed has been
investigated, and the thickness of the packing is 10 mm, as shown in Figure 2. In
addition, for the purpose of numerical stability, an 8mm extension to the exit of the

rotational bed was used. Therefore, the diameter of the model is 90 mm in total.
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Figure 2. Schematic diagram of the 3D RPB and corresponding size (1, outer cavity
zone; 2, packing zone; 3, inner cavity zone; 4, pressure outlet; 5, symmetry; 6, liquid
inlet; 7, pressure outlet, Z - axis is the axis of rotation).

2.2 Governing fluid flow equations

The main assumptions made for the RPB model are as follows:
(1) The packing is a homogenous porous medium.
(11) The flow is incompressible.
(iii))  The pressure field is shared by the gas and liquid phases.
(iv)  The liquid flow in the packed bed is dominated by the form of the film,

and the dispersed droplets.

The continuity equation describing the overall mass conservation is expressed as
follows:

%(Sipi) — V- (gpiti) =0 €Y)
where p; is the density (i = G for gas or L for liquid), t is the time, %; is the fluid
velocity, ¢; is the phase fraction, which is defined as follows:

Vi _ Vi
VoV + Vs

(2)

Vi
VgtV

where «; is the phase saturation (a; = ), Y is the porosity of the packing, V; is

the volume of the ith phase, Vs is the solid volume of the wire mesh, and the subscripts

G, L, S indicate the gas, liquid, and solid phase, respectively.



207  The momentum conservation equation includes the convection force, the pressure
208  force, the viscous force, the drag force, the interfacial force, and the dispersion force.
209  The body force is neglected in the absolute frame of reference that is employed in the

210  paper. Therefore, the governing momentum equations of the fluid flow are as follows:

0 . S _ . - R
211 &(ELpGuL) + V- (eLpLugtiy) = =g VP + & VP, + V (eT,) — Faragr +S 61+ Faisp,(3)

0 R L _ - - .
212 %(Scpcuc) + V- (ggpciigic) = —6VP + V (eT) — Farage — S 61+ Faispc (4)

213 where P is the pressure, P, is the capillary pressure, which is only included in the
214 liquid phase momentum equation, 7; is the stress tensor, ﬁdmg,i is the drag force
215  between the fluid and packing, §G 1. 1s the interfacial force between the gas and liquid,
216 and ﬁdisp,l- is the mechanical dispersion force.

217 2.3 Drag force and interfacial force models

218  Resolving the complex geometry of the packing structure at the pore scale is
219  computationally not feasible. Instead, the packing structure is replaced with an effective
220  porous medium. It is very important to determine a correct resistance force model for
221  the porous medium in order to describe the gas-liquid interfacial force and phase-solid
222 drag force accurately, since it substantially influences the liquid holdup and the pressure
223 drop (Kotodziej and Lojewska, 2009). Although various porous medium resistance
224  force models, such as those for spherical packing (Attou et al., 1999; Ergun, 1952;
225  Lappalainen et al., 2008), structured slit packing (Iliuta et al., 2014), and tube bundle
226  packing (Zhang and Bokil, 1997), have been proposed, Lu et al. (2018) illustrated that
227  these models failed to predict the practical liquid holdup in the wire mesh packing, thus
228  indicating that these models were not suitable for the RPBs (Bussiére et al., 2017). In
229 2009, Kotodziej and Lojewska (2009) put forward a one-phase model that takes into
230  account both the viscous and inertia contributions to the overall resistance of the wire
231  meshed porous media, based on single flow experiments through wire gauzes, which is

232 similar to that of the flow through a wire mesh packing in RPBs. Subsequently,
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Kotodziej et al. (2012) introduced another form of the porous resistance model by
redefining the effective length and effective velocity of the liquid flow in the packing

region, and suggested the following pressure drop equations:

AP puil—y 1?2
— =4
L (it fo) 2d,, y3® cosf ®)
L UT
L = — = —_—
e COSG :ue y (6)

where AP is the pressure drop, L and L, are the length/depth of the packing and the
effective flow length, respectively, u, and u, are the superficial velocity and
effective velocity, respectively, f; and f; are the Fanning factors for the laminar and
turbulent flows, respectively, d,, is the diameters of the dry wires, T is the tortuosity
factor resulted from the tortuous path that the fluid passes through, 6 is the angle
between the axis of the packing and the direction of the fluid flow which is influenced
by the orientation of the packing. This resistance model is a good improvement over

the previous model (Kotodziej and Lojewska, 2009) proposed by Kotodziej and

Lojewska because the liquid residence time (t = fe o ¥

= ) usually increases after
Ue Ugcosolt

considering the influence of the tortuous path and the orientation of the packing. It is
also proved that using this model produces results, which are in much better agreement

with the experimental data (Bussiére et al., 2017).

When the liquid passes through the wire mesh in the RPB, some of the packing surface
is covered by the liquid film, this is noted as the wet area (as X f,), and the remaining
area of the packing is covered by the gas, noted by the dry area, a; X (1 — f,). f, is
the fraction of the wetted area of the packing, and it is defined as the ratio of the wetted
interfacial area Ag; to the total packing surface area:

_AaL
fe= N (7

The wetted interfacial area A;; needs to be modelled and this will be discussed later
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in Section 2.5.

The drag force between the gas and the solids, the liquid and the solids, as well as the
interfacial force between the gas and the liquid can be expressed as follows (Kotodziej

and Lojewska, 2009; Lu et al., 2018, 2019a):

> S plvles T
Faragr = KisV), = fee Uy, 4’(fl +f)— 2d, &, cosBl (8)
2 > > PG|VG| (1-¢g5) 72
Farage = Kesve = (1 — fo)egvs 4‘(fl + 1) d, o coso 9)
= L, L, pelve — vl (1 — &)
Sor = Ko (g — B1) = fogg (B — ) |4(fy + f) = =12 (10)
2d,, &
1.25 3.44
P 344+4x++16 N an
' Re\ VT 4 000021
x+
0.079
t = Relglzs (12)
d
Xt ad (13)
DhReK
v,D
Re, = PXen (14)
U
For the fluid-solids interaction:
&g 4gg |1‘7’;|T d4e; U
T=14+—= ,d, =—,v, = Dy =—,v;, =— 15
For the gas-liquid interaction:
((:S + SL , 485 |132; —_ ﬁilT 4‘86 ' 0.5
T=1+ ,dy = ,,vez—,th—,,asz( ) as (16)
2 ag & ag &+ ¢

where ﬁdmg,G, ﬁdmg,L and §GL are the drag forces between the gas and the solids,
the liquid and the solids and the interfacial force between the gas and the liquid,
respectively; K;s, K;s and K;; are the porous resistance coefficients between the
gas and the solids, the liquid and the solids and the momentum exchange coefficient

between the gas and the liquid, respectively; d;, is the diameter of the wet wires, Dy,
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is the hydraulic diameter, Rey is the Reynold number, ¥;, v; and ¥, are the local
superficial velocity, local velocity and effective velocity relative to the rotating packing,
respectively; u is the viscosity, as and ag are the specific area of the dry packing
and the wet wires, respectively. It is difficult to directly obtain the value of 6 in this
work because of the complexity in the stack screen packing. However, this angle may
be obtained by an indirect approach, which is through the validation of the simulation
results with the experimental data. For example, Lu et al. (2018) and Bussiere et al.
(2017) obtained the angle through the validation of the simulation results with the
experimental data on the liquid holdup distributions and pressure drop, respectively.
Similarly, different values of 8 have been tested in this paper and the obtained liquid
holdup has been compared with the experimental data. The larger the value of 8, the
higher is the liquid holdup, which means more liquid holdup has been captured within
the RPB (Lu et al., 2019a). When the angle is set as 83.95°, the simulation results have
the best agreement with the experimental data.

2.4 Dispersion force

As mentioned previous, in two-phase flows through porous media, the dispersion terms
appear in the governing fluid flow equations due to the volume averaging of the
momentum equations. The dispersion terms mainly result from two distinct
mechanisms: capillary pressure and mechanical dispersion. Popular models for these
two mechanisms for CPBs, and also assessed in this paper for the RPB, are as follows:
2.4.1 Capillary pressure

For the capillary pressure, in general, two models have been used, i.e. the Grosser
model and the Attou and Ferschneider model. The model of Grosser et al. (1988) was
introduced through a permeability concept based on the Leverett’s function. The Attou
and Ferschneider model (Attou and Ferschneider, 1999) considers the loss of stability
of the liquid film on the particle surface at the pore scale. The Grosser and Attou

capillary pressure models are presented in Equations 17 and 18, respectively, as follows:

1-— 1—¢&—¢
p. = — Y1800 [0.48 + 0.036ln (#)] (17)
de &,
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1
Ainin = <ﬁ B 1)2 dw (18 =b)
T 2
(Z‘:)_1+881<‘;‘Z) (for Z—‘Z<0025) (18 — )

where o is the surface tension. Further, these models can be modified by considering
the fraction of the wetting area of the packing, f, (Jiang et al., 2002) as follows:
Pe—P,=(1-f)F (19)

where P; — P, is the modified capillary pressure between the gas and liquid phase.
These models have been used to analyze the effect of the capillary pressure on the radial
liquid distribution in CPBs (Boyer et al., 2005; Gunjal et al., 2005; Solomenko et al.,
2015; Wang et al., 2013). However, most investigators tend to ignore the capillary
pressure due to the large particle size and high packing porosity (Fourati et al., 2013)
in the CPB, and the mechanical dispersion was the only dispersion force that has been
considered in their investigations (Kim et al., 2016, 2017; Pham et al., 2015b).
2.4.2 Mechanical dispersion
Liu and Long (2000), Mewes et al. (1999) and Lappalainen et al. (2009) have proposed
many mechanical dispersion models for the CPBs. Among these models, the model
proposed by Lappalainen et al. (2009) is the most popular, and it has been employed in
many works for the CPB simulations (Kim et al., 2016, 2017; Pham et al., 2015a,
2015b). This model was initially derived based on spherical particle packings, and then
it was proven to be suitable for structured packings (Fourati et al., 2013; Iliuta et al.,
2014), thus indicating that this model has a wide range of adaptability to model the flow
in different types of packings. Hence, the original model of Lappalainen et al. (2009)
is considered in this paper to take into account the liquid dispersion in the RPB, which
can be expressed as follows:

ﬁD,G = KgsVp g + KGL(ﬁD,G — 13D,L) (20)

FD,L = KLS{;D,L — K1, (ﬁD,G - ﬁD,L) (21)
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where I:")D,i is the mechanical dispersion force for the ith phase, and ¥p; is the drift
velocity for the ith phase.
Based on the Fickian assumption, the drift velocity is a function of the gradient of the

phase volume fraction and a spread factor, Sg. It can be written as follows:

S Se (. . v
UpL = ——f(|UL|V€L — (¥, Ve,) ->—L> (22)
€L |V, |
e = — L Ii41Veg — (g - Veg) 2 (23)
Upe = ol VglVég — (Vg " VéEg BA
S; = 0.231d,,°°0 (24)

where Veg; is the spatial gradient of the phase volume fraction, and ¢ is the surface
tension.
Compared with the liquid dispersion force, the gas dispersion force is very small and
has little effect on the liquid flow dynamics. More importantly, there is no forced gas
flow in the RPB model used in this paper; therefore, the gas dispersion force (equation
(21)) may be neglected. Furthermore, since the gas-liquid momentum exchange
coefficient K;; in Equations (20-21) is extremely small compared with the liquid-
solid porous resistance coefficient K;g, equation (22) can be reduced to

ﬁD,L = KLS77D,L (25)
This is the most important force term in the liquid mechanical dispersion force, which
has been verified in previous numerical studies (Fourati et al., 2013).

2.5 Gas-liquid effective interfacial area

The gas-liquid effective interfacial area (wetted interfacial area) is a critical parameter
that has to be modelled when using porous medium models. Various empirical
equations for the effective interfacial area have been derived for CPBs and they have
been utilized for RPBs simulation by replacing the acceleration force term is the
equation with the centrifugal force in the RPBs (Kang et al., 2014, 2016; Lu et al.,
2018). This often results in an underestimation of the value of the effective interfacial
area. The fraction of the interfacial area has been estimated in the RPB for CO: capture

experiments (Guo et al., 2014; Luo et al., 2012b, 2017; Zheng et al., 2016). However,
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the accuracy of the model is affected by the absorption rate of COz, partial pressure of
COz2 in the gas phase, and diffusivity of CO2 in solution, etc. Therefore, it is not

completely reliable.

In our recent publication, Xie et al. (2019) have estimated the effective interfacial area
when the liquid flows over a RPB packing material using the VOF modelling method
by considering a range of different gravitational acceleration forces. The model has
been validated against experimental observations and a correlation for the interfacial

area was proposed as follows:

g 0.0435 U
Ay = 202.3485 (—C) <—)
91 Uy

(1%)0.1200 <£)—0-5856 26)

where the experimental constants g; =205.6 m/s%, U; =0.0106 m/s, v; =3.35X10

0.4275

®m?sand B; =75° g. is the central pedal acceleration, U is the average superficial
liquid velocity, v isthe kinematic viscosity of the liquid, and y is the dynamic contact
angle, which is set as 26° in this work. In addition, the modelled fractional effective
interfacial area by using equation (26) for the cases investigated in Section 3 is in the
range of 0.38-0.68, which is reasonable based on the previous RPB experimental work
(Luo etal., 2017; Yang et al., 2011). Therefore, this correlation will be employed in this
paper and the average superficial velocity should be replaced by the local superficial

velocity as follows:

U=e¢lv,l (27)

2.7 CFD model setup

The 3D RPB simulations have been performed using the ANSYS Fluent (version
2019R3). The ANSYS Mesh was employed to generate the grid of the 3D RPB model,
see Figure 3 for a typical mesh layout. The hexahedral mesh elements formed the 3D
computational grid. The average skewness and element quality are 0.09 and 0.91,
respectively. The liquid holdup in the packing was tested with many different numbers
of cells and meshes in order to obtain a mesh independent solution. As a result, 51,000

cells were employed in order to accurately calculate the flow field.
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Figure 3. Schematic of the mesh in the 3D model.

The transient based solver is employed in order to solve the governing fluid flow
equations discussed in the previous sections and various user-defined-functions (UDFs)
have been developed for implementing the extra forces in the momentum equations.

The air and water have been selected as the gas and liquid materials, respectively.

It is generally believed that the realizable k-¢ model is more suitable for RPB than the
standard k—e model due to two reasons. Firstly, the realizable k-¢ model contains a new
formulation for the turbulence viscosity: C, is not a constant as in the standard model
but a variable, and it is a function of the mean strain and rotation rates (Shih et al.,
1995). The second reason is a new transport equation for the dissipation rate in the
realizable k-& model, €, is employed and this is derived from an exact equation for the
transport of the mean-square vorticity fluctuation (Lateb et al., 2013). As a result, the
realizable k-e model gives improved predictions for the spreading rate of the jets, a
superior ability to capture the mean flow of complex structures and for flows involving
rotation, boundary layers under strong adverse pressure gradients, separation and
recirculation (Yang et al., 2010). In addition, it has been frequently used for the fluid
flow simulations in RPBs (Liu et al., 2017; Ouyang et al., 2018c; Wang et al., 2020;
Wu et al., 2018; Yang et al., 2015b). Therefore, the realizable k- turbulence model has

been chosen in this study.

The pressure-based method and the absolute velocity formulation have been utilized.

The time step was set as 3x10™* s, and the maximum iteration number was less than 20
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at each time step and the convergence tolerance was 1x10*. When the simulation
achieved the pseudo steady state, the difference of the mass flow rate between the liquid
inlet and outlet was less than 0.1%, and the residuals of the mass balance equations and

the other equations were less than 510 and 1x10™, respectively.

It can be seen from Figure 2 that the liquid inlet (boundary 6) has been set as a velocity
inlet boundary and it ranges from 1.53 to 2.87 m/s according to the experimental
settings (Yang et al., 2015a). In addition, there is no forced gas flows through the packed
bed in the experiment (Yang et al., 2015a). Accordingly, the inner and outer surfaces
of the RPB (boundary 7 and 4) are set as pressure outlets with a zero gauge pressure.
Since the gravity is relatively small when compared with the high centrifugal force (5.8-
286 times that of gravity), the gravity can be neglected in the RPB (Ouyang et al., 2018a)
and the flow is almost symmetric across the bed from the top to the bottom. Therefore,
only half of the bed has been modelled with a symmetric boundary being applied on
the central plane perpendicular to the rotating axis in order to minimize the
computational time. The sliding model has been employed to realize the motion of the
packing. The wall boundaries have been set as no slip walls.
3. Results and discussion
In this section, the model validations have been presented with one of the experimental
cases and a total of 96 cases have simulated where the sensitivity of the formula
employed for the modelling of the dispersion force and the effect of various design and
operational parameters of the RPB on the fluid flows and liquid holdups have been
investigated.

Table 1. The operational conditions for the baseline case for the model validation

(Yang et al., 2015a).

Number
Liquid flow Liquid viscosity  Rotational = Packing Nozzle size
of
rate (cm?/s) (kg/(m- s)) speed (rpm) porosity (mmxmm)
nozzles

43 0.001 1500 0.95 15x1 1
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3.1 Validation and the liquid holdup along the radial direction

In order to validate the CFD model developed, the liquid holdup has been chosen as the
validation parameter because of the following reasons: (i) the liquid holdup is one of
the most important parameters in packed bed design, as it is relevant to the hydraulic
and mass transfer property of the bed. It is a result of the balance of various forces
including the dispersion force acting on the liquid; (i) the liquid holdup could indirectly
reflect other factors, such as the liquid velocity. For the RPBs, the higher the radial
velocity, the lower is the liquid holdup. If the liquid holdup obtained by the simulation
matches well with the experimental data, then this indicates that the liquid velocity has
a good agreement with the experimental data; (iii) although many parameters, including
the liquid holdup, liquid velocity, etc., could be obtained by the simulation, the liquid
holdup is much easier to be obtained for most experimental investigations. Therefore,
many studies on the flow dynamics in the RPBs have selected the liquid holdup as the
validation parameter (Liu et al., 2020; Lu et al., 2018; Ouyang et al., 2018c, 2019; Xie
etal.,2017; Zhang et al., 2020). The distributions of the liquid holdup, and the fractional
effective interfacial area in the RPB have been obtained under the conditions of 1500
rpm rotational speed and 43 cm®/s liquid flow rate, as listed in Table 1. The results

obtained are compared with the experimental data obtained from (Yang et al., 2015a).

Figure 4(a) shows the experiment observations obtained using X-ray technology, which
shows the image of the liquid across the thickness of the bed. Figure 4(b) shows the
predicted distribution of the liquid holdup on the central plane (plane of symmetry)
obtained from the CFD simulation. A liquid stream with a high liquid fraction is
presented in Figure 4(a) and 4(b) at the entrance to the bed due to the significant
resistance of the packing. In addition, the liquid begins to flow in the tangential
direction followed by the rotational bed and its radial velocity becomes larger under the
effect of the centrifugal force. In the meantime, the liquid spreads and disperses along
its flow path, resulting in a decreasing local liquid fraction and a more uniform liquid

distribution as shown in both figures. The liquid volume fraction continues to decrease
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until the liquid flows out the outer packing region. From the above analysis, it is known
that the liquid flow process and the liquid holdup distribution within the RPBs are
similar in the simulation results and experimental data. The quantitative comparisons

will be given in Figure 5(b).

Figure 4(c) shows the predicted fractional effective interfacial area on the symmetric
plane. Because the effective interfacial area is the interfacial area in contact with the
gas and liquid, it can be found that the fractional effective interfacial area is larger where

the liquid holdup is higher by comparing with Figures 4(b) and 4(c).

Figure 5 show the comparison of the liquid holdup between the simulation and the
experimental data (Yang et al., 2015a) in terms of (a) the liquid holdup along the radial
position and (b) the liquid total liquid holdup as a function of the rotating speed of the
bed, together with the velocity distribution along the radial direction. From Figure 5(a),
it can be seen that the liquid holdup increases in the inner packing region (end-effect
zone) since more and more liquid is dispersed and captured and the liquid radial
velocity decreases quickly as is shown on the left of Figure 5(c) and this results from
the large resistance from the packing. After that, the liquid radial velocity increases
gradually under the effect of the centrifugal force, and the liquid tangential velocity is
close to and almost overlaps with the tangential velocity of the packing because the
liquid quickly and largely follows the rotating packing after the liquid enters the
packing. In the meantime, the fraction of the liquid volume (liquid holdup) should
become smaller with the increase in the radial velocity and the flow space in the bulk
and outer packing region, thus resulting in a gradually decreasing liquid holdup along
the radial direction. This phenomenon has been accurately predicted by the simulation
results and also in the experimental data except in the outer packing region where an
increase in the holdups is observed in the experiments. As explained by the authors of
the experiments (Yang et al., 2015a), the possible reasons of this observed increase are
that the outer packing region has a slightly lower porosity relative to the bulk packing

and the liquid droplets bounce back to the outer packing region after hitting the casing
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wall. These two reasons lead to the observed increase in the liquid holdup in the outer
packing region. In addition, these reasons could also explain the high liquid holdup in
a thin ring observed experimentally at the outer packing in Figure 4(a).

Figure 5(b) shows the comparison of the liquid holdup in the packing region under
different rotational speeds between the simulation results and experimental data. It can
be seen that the two curves decrease with the increasing rotational speed due to the
gradually stronger centrifugal force and the two curves are very close to each other.
From Figure 5(b), the maximum deviation is observed at the lowest tested rotational
speed (500 rpm) and the largest liquid flow rate (43 cm?/s). However, for the rest of the
test conditions, the deviation is much lower, which could even be as low as 2%. It can
be seen from Figure 5(a) that the liquid holdup increases in the outer packing region in
the experiment, which may be the main reason for the deviation. As explained in the
last paragraph, the slightly lower porosity and the liquid droplets that bounce back into
the outer packing region lead to the observed increase in the liquid holdup in the
experiment (Yang et al., 2015a) and the deviation increases when the rotational speed
decreases or the liquid flow rate increases. This could explain why the maximum
deviation is observed at the lowest tested rotational speed (500 rpm) and the largest
liquid flow rate (43 cm?/s). In addition to the outer spacing region, the difference in the
liquid holdup in the inner and bulk packing regions is relatively small. Although only
one experimental work has been used to validate the work presented in this paper, the
simulation results were very thoroughly and carefully compared with this set of
experimental data. From Figures 4(a) and 4(b) as well as Figures 5(a) and 5(b), not only
the distribution of the liquid holdup has been visually compared, but also the liquid
holdup has been compared along the radial positions and under several different
rotational speeds. Therefore, the model developed in this paper could be used with
much confidence to investigate the flow dynamics in the RPBs.

Figure 6 shows the liquid distribution across the thickness of the bed on two different

vertical planes (a, x=0 and b, y=0, see Figure 4(b)). It clearly can be seen from Figure
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6(a) that after the jet flows from the liquid nozzle, the local liquid holdup becomes
smaller in the inner cavity zone. When the liquid enters the inner packing, the local
liquid holdup increases in the vicinity of the boundary of the inner cavity zone and the
packing, and this increase has been shown and explained in Figures 4(a) and 4(b). After
the liquid enters the packing, the liquid achieves its tangential velocity, thus, the liquid
“appears and disappears” on these vertical planes as shown in Figures 6(a) and 6(b).
Meantime, the liquid starts to disperse and spread, and as a result, the liquid distribution

is relatively uniform in the axial direction in the outer packing region.

0.95 1.00

1.00

0.80 0.76 0.80

0.57 0.60

0.60

0.40 0.38 0.40

0.20 0.19 0.20

0.00 0.00 0.00

®

Figure 4. (a) Map of liquid holdup from the experiment (Yang et al., 2015a); contours
of (b) liquid holdup from the simulation; and (c) fractional effective interfacial area

from the simulation.
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Figure 5. Comparison of the experimental data (Yang et al., 2015a) and the
simulation results for the liquid holdup (a) along the radial direction; (b) under

different rotational speeds; and (c¢) velocity components along the radial direction.
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Figure 6. Contours of the liquid distribution on the planes (a) x =0 and (b) y = 0.

3.2 Sensitivity of the simulation results to the dispersion force model

As mentioned in Section 2.4, the dispersion forces consist of the capillary pressure force
and the mechanical dispersion force. Therefore, different capillary pressure models and
the spread factor, Sy in the mechanical dispersion model can influence the magnitude

of the modelled dispersion force and subsequently the distribution of the liquid holdup.

In order to demonstrate the degree of the liquid dispersion in all three flow directions,
in particular the effect of the nozzle length. Two nozzle lengths, i.e. 15 and 7.5 mm (in
the z-direction) have been employed.

(i) Capillary pressure model

The Grosser and the Attou and Ferschneider models, which have been introduced in

Section 2.4 were, respectively, employed as a source term (ﬁC,L =& -f,)VP;) in

the momentum equation and their effect on the predicted liquid holdup were compared
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with those obtained without including the dispersion force term. In general, the liquid
will disperse from the region of a higher liquid volume fraction to the region of a lower
liquid volume fraction. During this process, the liquid spreads and disperses into
smaller droplets or forms thinner films under the effect of the dispersion force. This
subsequently leads to more contact between the liquid and the packing and this
increases the drag force from the packing (see Eq. 8). Therefore, more liquid is stacked

in the packing region and the liquid holdup increases.

Figure 7 shows the effect of two different capillary pressure models on the liquid holdup
distribution in the packing region for the two nozzle lengths investigated. It can be
observed in Figure 7 that the Grosser capillary pressure model (Eq. 17) has little effect
on the liquid holdup for both nozzle lengths. The possible reason is that in this model
the capillary pressure force is inversely proportional to the packing porosity and the
particle diameter only. Although the diameter of the wire mesh is small, the packing
porosity is large, and it is close to 1. In addition, it has been reported that this model
has the drawback that may fail to reproduce the steep rise in the capillary pressure as
the liquid saturation approaches zero (Lappalainen et al., 2009). The above reasons may
cause the Grosser capillary model to fail to catch the effect of the capillary pressure
force in this RPB model. However, an increase in the liquid holdup is shown in Figure
7 after employing the Attou model. This is because that the Attou model is not only
related to the packing porosity and diameter of the wire mesh, but also it is a function
of the minimum equivalent diameter (d,,,;;,) and the fluid density ratio. In addition, it
can be seen from Figure 7 that when the nozzle length is 15 mm, the liquid holdup starts
to increase in the inner packing region and this is because the liquid has enough contact
area with the packing to disperse due to the relatively uniform liquid distribution at the
axial direction (z - direction). However, when the nozzle length is 7.5 mm, which means
the liquid concentrates in the central part of the inner packing, the liquid dispersion
cannot increase quickly until it flows into the bulk of the packing where the liquid has

occupied enough space to disperse.
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From the above analysis, it can be assumed that the Attou model can be used to
accurately describe the capillary pressure force on the liquid holdup. In addition, this
model can overcome the shortage of the Grosser model and it has been widely validated,
and used in many works for CPBs (Lappalainen et al., 2009, 2011; Solomenko et al.,

2015). Therefore, the Attou model has been utilized in the following work.

0.10

0094 L=15mm L=7.5mm
’ Q=43cm®s —— & --- withoutdisp
0.084 N=1500rpm |—— & - - - Grosser model
— &

- - - Attou model

0.07
0.06 +
0.05 +

Liquid holdup

0.04

0.03 +

0.02 +

0.01

25 30 35 40
Radial position (mm)

Figure 7. The effect of the capillary pressure models on the liquid holdup.

(ii) Spread factor in the dispersion force model

The spread factor, Sy, which is the only estimated parameter for the mechanical
dispersion model, determines the magnitude of the drift velocity and thus influences
the dispersion of the liquid. By conducting the tracer experiments of the CPBs, Hoek
et al. (1986) investigated the effect of the packing particle size on the spread factor and
proposed a correlation for the spread factor (Sf = 0.12d,,). In addition, the packing
particle shape was considered, and the correlation (S; = 0.015d)°¢~%3%) was
suggested by Baldi and Specchia (1976). However, this does not take into account the
liquid surface tension, thus, another correlation (S = 0.231d%°0) was introduced

(Onda et al., 1973), which is dependent of the particle size and surface tension.

Similar to the capillary pressure force, the mechanical dispersion force is also
considered as a source term in the momentum equation. The effect of the different
correlations discussed above for the spread factor on the liquid holdup along the radial
direction of the RPB has been investigated as shown in Figure 8 where only the

mechanical dispersion forces have been considered, without including the capillary
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pressure force. When the nozzle length is 15 mm, the effect of the mechanical
dispersion force on the liquid holdup is relatively small. The reason is that the liquid
holdup in the packing region is relatively small in three flow directions due to the large
nozzle length. This leads to a small spatial gradient of the liquid holdup and a small
driving force to cause the liquid to flow from the high liquid fraction region to the low
liquid fraction region and subsequently result in a small increase in the liquid holdup
due to dispersion. It also can be observed that the red curve increases slightly with
respect to the black curve because of the very small spread factor, which is 4.8x107.
For the nozzle length being 7.5 mm, the blue and olive curves, whose spread factors
respectively are 3.0x10* and 3.3x10™, are clearly higher than the red curve. Therefore,
it can be concluded that the spread factor is a very sensitive quantity for flows with a
less uniform and more concentrated distribution, such as those for the case of the nozzle

length being 7.5 mm.

It was reported that the correlations of Baldi and Specchia (1976) and Onda et al. (1973)
was more consistent with the experimental data of CPBs (Lappalainen et al., 2009). In
addition, the distributions of the liquid holdup in the packing region of the RPB are
similar when employing the above two mechanical dispersion models as shown in
Figure 8, which means that both models can be theoretically utilized in the RPB.
Nevertheless, Baldi and Specchia (1976) studied the influence of the shape of the
packing elements by using beads, Berl saddles and Raschig rings, but not the wire mesh
used in this paper. In addition, the surface tension can affect the liquid dispersion
(Delgado, 2005), and this factor is considered when the spread factor is estimated using
0.231d%°0, thus this correlation has been selected in the work presented in the

remainder of this paper.

So far, the suitable capillary pressure and mechanical dispersion models have been
assessed. The significance of the capillary pressure force and mechanical dispersion
force to the predicted liquid holdup can be assessed by comparing Figures 7 and 8. It is

noted that the influences of the capillary pressure force and mechanical dispersion force
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on the liquid hold up are in a similar order of magnitude for the case when the nozzle
length is 15 mm. When for the nozzle length is 7.5 mm, the predicted liquid dispersion

in this RPB is dominated by the mechanical dispersion and the capillary effect is small.
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Figure 8. The effect of the correlations for the spread factor on the liquid holdup.
3.3 Effect of the operational parameters on the dispersion force
The effect of the operational parameters on the dispersion force has been investigated
in the RPB models with the two liquid nozzle lengths of 15 and 7.5 mm. In addition,
the effect of the dispersion forces on the liquid holdup with different operational
parameters are similar for both the investigated liquid nozzle lengths. Therefore, in this
section only the 7.5 mm nozzle length has been chosen to show the effect of the
operational parameters on the dispersion force. In addition, in order to highlight the
characteristics of the model when employing dispersion forces, the effect of the
dispersion force on the liquid holdup have been analyzed by comparing the results of
the liquid holdup predicted from the models with and without employing the dispersion
forces.
3.3.1 The effect of liquid flow rate
Figure 9 illustrates the effect of the liquid flow rate on the liquid holdup in the packing
region when the rotating speeds are 500 and 1000 rpm and the liquid flow rate varies
from 23 to 43 cm?/s. On taking the rotating speeds of 500 rpm as an example, Figures
10 and 11 show the predicted contour plots of the liquid holdup and the fractional

effective interfacial area on the central/symmetric plane (z=0.01 m) without and with
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considering the dispersion forces. It can be observed, when the liquid flow rate
increases, more liquid exists in the packing region as shown in Figures 11(a) and 11(b),
thus, the liquid volume fraction (holdup) becomes higher in the packing as can be seen
in Figures 9(a) and 9(b). It also indicates that more of the packing surface is covered by
the liquid phase. As a result, the effective interfacial area increases, and this is shown
in Figures 11(c) and 11(d).

Compared with Figures 10 (a) and 11(a) or Figures 10(b) and 11(b), it is clear that the
liquid distributes more uniformly under the influence of the liquid dispersion force. It
further leads to a higher effective interfacial area, which is shown by comparing Figures
10(c) and 11(c) as well as Figures 10(d) and 11(d). Although it appears that the red area
occupied in Figures 10(c) and 10(d) are larger than that in Figures 11(c) and 11(d), the
fact is that the overall fractional effective interfacial area in Figures 11(c) and 11(d)
increases. This is because the liquid is distributed more uniformly and more liquid
covers the packing surface and is in contact with the gas phase due to the dispersion
effect. Also, it can be seen from Figures 9(a) and 9(b) that the effect of the dispersion
forces on the liquid holdup becomes larger with the increase in the liquid flow rate and
this is due to the higher spatial gradient in the liquid holdup. However, the increase in
the liquid holdup in Figure 9(b) is smaller when compared with that in Figure 9(a). The
reason is that the liquid spreads into more tiny droplets due to the stronger interaction
with packing and these droplets will obtain more kinetic energy when the rotational
speed is higher. As a result, the dispersed liquid droplets achieve a larger radial velocity

and they are difficult to retain in the packing region.
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Figure 9. The effect of the liquid flow rate on the liquid holdup under different

rotational speeds: (a) 500 rpm and (b) 1000 rpm.

(2)
Figure 10. The holdup up and fractional effective interfacial area on the symmetric

plane before employing the dispersion force with different liquid flow rates: (a) ¢,

23 cm’/s; (b) &, 43 cm¥/s; (¢) f,, 23 cm’/s; and (d) f,, 43 cm’/s.

©

Figure 11. The holdup up and fractional effective interfacial area on the symmetric

plane after employing the dispersion force with different liquid flow rates: (a) ¢, 23
cm’/s; (b) g, 43 cm¥/s; (¢) f,, 23 cm’/s; and (d) f,, 43 cm®/s.
3.3.2 Effect of the rotational speed and packing porosity

It has been proven that the rotational speed can influence the liquid flow dynamics and
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liquid dispersion in the packing region (Liu et al., 2019; Wenzel and Gorak, 2018a; Xie
et al., 2017). Thus, the effect of the rotational speed on the liquid holdup is shown in
Figure 12(a) when the liquid flow rate is 43 cm?/s. When the rotational speed increases
from 500 to 2500 rpm, the liquid can receive more kinetic energy from the rotating
packing, and the liquid is formed into more tiny droplets and fragments, which can
improve the liquid distribution and the effective interfacial area (Xie et al., 2017).
Although the higher effective interfacial area can increase the liquid-solid drag force,
the higher liquid radial velocity resulting from the stronger centrifugal force is
predominant, thus leading to the liquid holdup reducing as shown in Figure 12(a). In
addition, the lower liquid holdup and more uniform liquid distribution is caused by the
higher rotational speed and this leads to a smaller spatial gradient of the liquid holdup,
which causes the smaller liquid dispersion forces. Therefore, the increase in the
magnitude of the liquid holdup reduces with the rotational speed increasing.

The packing porosity is an important characteristic for the RPBs and this factor may
also affect the liquid holdup and liquid dispersion performance. Figure 12(b) shows the
liquid holdup and liquid saturation with different porosity under the liquid flow rate of
23 cm?/s. From Figure 12(b), it can be observed that the liquid saturation changes
slightly and the liquid holdup decreases with the decreasing in the packing porosity.
Reducing the packing porosity means that more wire mesh is stacked and occupied in
the packing region, thus the fraction of the liquid volume (liquid holdup) would be
smaller according to Eq. (2). In addition, the increase in the magnitude of the liquid
holdup changes only slightly due to the almost unchanged liquid saturation and the

spatial gradient of the liquid saturation.
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Figure 12. The effect of the (a) rotational speed; and (b) packing porosity on the
liquid holdup.

3.3.3 Effect of the nozzle size and number of nozzles

The nozzle size and the number of nozzles are very important for the initial liquid
distribution and dispersion (Wu et al., 2020). Thus, Figures 13(a), 13(b) and 13(c) show
the effect of the nozzle (axial) length, nozzle width, and number of nozzle(s) on the
liquid holdup under the same liquid flow rate and rotational speed of 43cm’/s and 500
rpm, respectively. In particular, the effect of the nozzle length on the liquid holdup has
been rarely studied due to the limitation of the 2D model (Zhang et al., 2020). However,
it can be studied by using the 3D model and its effect on the dispersion force has been
investigated.

From Figure 13(a), with the increase in the nozzle length, the liquid jet velocity reduces
and the liquid holdup distributes more uniformly in the packing region, especially in
the axial direction (Yang et al., 2009). As a result, the liquid holdup in the packing
region increases. In addition, as the nozzle length increases, the effect of the liquid
dispersion force on the liquid holdup becomes weaker and this is due to two reasons.
The first reason is the small spatial gradient in the liquid holdup in the packing region
that results from the more uniform liquid distribution. The second is that the smaller
liquid jet velocity leads to a smaller drift velocity, and the drift velocity is proportional

to the mechanical dispersion force. However, the second reason is not the main reason,
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and this is because the liquid jet velocity would substantially reduce after entering the
packing so that it is only significant within a small entrance region although the initial
impact on the packing and thus the dispersion is still important.

From Figure 13(b), the liquid holdup increases slightly with the increase in the nozzle
width. The reason is that increasing the nozzle width not only reduces the liquid jet
velocity, but also increases the liquid jet area in the horizontal direction, which could
increase the liquid holdup. However, the flow in the packing is influenced more by the
centrifugal force than the initial liquid jet velocity and jet area. Therefore, the increase
of the liquid holdup is very limited. It is noted that this conclusion is contrast to that
reported in the work of Zhang et al. (2020) where the liquid holdup increases
significantly when the width of the nozzle increases. The possible reason is that Zhang
et al. (2020) used a stationary packing and there is no centrifugal force generated when
the liquid passes through the stationary wire mesh. In addition, the slight increase in
the liquid holdup results in almost no change in the spatial gradient of the liquid holdup.
Therefore, the nozzle width has little effect on the liquid dispersion performance.

It can be seen, from Figure 13(c), that the liquid holdup increases when the number of
nozzles increases. When the liquid holdup increases from one to two and four, the liquid
holdup increases from 5.3% to 8.0%, respectively. This indicates that the number of the
nozzles has a larger influence on the liquid holdup when the nozzle number is small.
Taking the symmetrical cross-sectional plane as an example, Figure 14 shows the
distribution of the liquid holdup on this surface. It can be seen that the increasing
number of nozzles could improve the liquid distribution in the radial and
circumferential directions. The more uniform is the liquid distribution then this leads to
a slightly lower spatial gradient of the liquid volume fraction. Therefore, the relative
increase in the liquid holdup reduces slightly with the further increasing number of
nozzles.

When compared with Figures 13(a)-13(c), it is noted that the liquid holdup is relatively

sensitive to the nozzle length and number of nozzles rather than the nozzle width.
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Therefore, employ a longer nozzle length can increase the liquid holdup, while,
increasing the number of nozzles could lead to a more uniform liquid distribution,

which may be good for the mass transfer performance.

0.12 0.12

¢
)

0.104 0.104

°
|
|
|
|
)
\
\
.
.
|
|
|
.
|
|
|
.
.
|
|
|
\
?

o
o
®

o
=)
@

.

2 ‘

|

|

|

|

|

|

|

o
=3
@
1

\ !

1

|

|

|

|

|

|

|

|

Liquid holdup
o <
(=3
o
1
Liquid holdup
Liquid holdup

o
o
>
L
o
o
>
L

Q =43 cm®/s
N=500 rpm
L=7.5mm

- 3
Q=43 cm®s —=— without disp| ' Qt 43 em'ls |—=— without disp
N=500 rpm —e— with disp 0.04 N=500 rpm e with disp

L=7.5mm

o
o
=
4
o
R
L

=4

Q

]
!

0.02+

o

Q

o
n

T T T T T T T T T T
125 15.0 1.0 5 20 25 1 2 3 4

T
7.5 10.0 1. .
Nozzle length (mm) Nozzle width (mm) Number of nozzles

(a) (b) (c)
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Figure 14. The distribution of the liquid holdup on the symmetric cross-sectional

surface.

3.4 Comments on the time efficacy of the new Eulerian model

All the simulations presented in this paper have been performed using a PC with an
Inter Core 17-7700k CPU and 8 processors. In general, it takes only 0.5-3 h depending
on the rotational speed simulated to finish a full analysis of the 3D RPB. It should be
noted that, in a 2D RPB model that is established based on the same experimental rig,
a 0.87 M grid is chosen to investigate the flow characteristics when using the VOF
method (Xie et al., 2017) compared with only about 0.05 M grid being required for the
3D simulation that has been performed in the present work. It is clear that a considerable

amount of time and resource can be saved when using the Eulerian method without any
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lose in accuracy.

4. Conclusions

The overall aim of this research is to develop an efficient and accurate modelling
approach that can be practically used for the modelling of the physical and chemical
processes occurring in a full scale rotational packed bed in the future. The specific
objectives of this paper are to investigate the liquid dispersion in the packing region,
and how to accurately model the effects in a RPB. In this study, a novel 3D Eulerian
porous medium RPB model has been developed and applied using the CFD software
package FLUENT, coupled with the interfacial, drag and dispersion forces. The
influence of the dispersion forces on the liquid holdup was investigated and the
sensitivity of the CFD predictions on the dispersion model employed, together with the
influence of the design and operational parameters such as the rotational speed, liquid
flow rate, etc. have been critically analyzed. Some of the main findings are as follows:
(i) the porous medium model with the Eulerian method was successfully developed
and used to model the fluid dynamics and liquid dispersion in a 3D RPB. Using this
model we can substantially reduce the computational time and efforts; (ii) a new form
of the porous resistance model was developed for two-phase flows and this model
could accurately predict the porous resistance in the packing (Bussi¢ere et al., 2017);
(ii1) the correlation for the gas-liquid effective interfacial area was developed to fit the
non-uniform flow. After the modification, the distribution of the fractional effective
interfacial area (f,) is consistent with the reality. The effective interfacial area is larger
where the liquid holdup is higher. In addition, the use of the developed f, would make
the porous medium model more accurate; and (iv) the dispersion force models, for the
first time, were added into the model to simulate the liquid dispersion in a complete
packing region in 3D. In the 3D model coupled with the dispersion force models, the
effect of liquid dispersion on the liquid holdup could be quantified and more accurate
liquid flow performance was achieved.

The simulation results show that the effect of the capillary pressure and mechanical
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dispersion forces on the liquid holdup are important to consider but showed different
levels of significance with different liquid nozzle lengths. The effect of the capillary
pressure force and mechanical dispersion force on the liquid holdup are similar when
the nozzle length is 15 mm. While when the nozzle length is 7.5 mm, the liquid
dispersion in this RPB model is dominated by the mechanical dispersion and the spread
factor is a very sensitive quantity. With the liquid flow rate increasing, the influence of
the dispersion force on the liquid holdup are slightly different under different rotational
speeds. The effect of the dispersion force on the liquid holdup is almost the same with
different nozzle widths and packing porosity. In addition, on increasing the number of
the liquid nozzles from 1-4 could improve the liquid distribution and liquid holdup in
the packing region substantially. However, further increasing the number of nozzles
tends to be less effective. Certainly, establishing a universal model through thoroughly
analyzing and combining the obtained results will be of much value for predicting the
effect of the nozzles geometry and operating conditions on the liquid holdup. However,
this idea is beyond the research scope of this paper and it is worthy of a full research
paper in its own right. Therefore, this idea will be considered in the future work.
Overall, the method proposed and employed in this paper paves the way for much more

efficient simulations of full 3D RPBs in the future.
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