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Modelling of 3D liquid dispersion in a rotating packed bed using an Eulerian porous 1 

medium approach 2 

Guojun Zhang, Derek Ingham, Lin Ma*, Mohamed Pourkashanian 3 

Energy 2050, Mechanical Engineering, Faculty of Engineering, University of 4 

Sheffield, Sheffield S10 2TN, UK 5 

Abstract: Liquid dispersion is very important for the modelling of liquid flow in a 6 

rotating packed bed (RPB) when an Eulerian porous medium approach is employed. 7 

For investigating the effect of the liquid dispersion in a practical RPB, a 3D Eulerian 8 

porous medium model has been established coupled with the appropriate interfacial, 9 

drag and dispersion forces formulations. The sensitivity of the parameters employed in 10 

these formulations has been thoroughly analyzed. New forms of the porous resistance 11 

model and the effective interfacial area correlation have been developed for the non-12 

uniform two-phase flows. The simulation results show that the effect of the capillary 13 

pressure and mechanical dispersion forces on the liquid flow distribution and holdup in 14 

the RPB is clear and important. In addition, the effects of the dispersion force on the 15 

liquid holdup under different design and operational parameters have been thoroughly 16 

analyzed and it is found that the effect of the dispersion forces on the liquid holdup is 17 

almost the same for different nozzle widths and the porosities of the packing 18 

investigated. The investigation demonstrates that utilizing the Eulerian method can 19 

substantially reduce the simulation time and efforts when compared to the pore resolved 20 

method, such as the Volume of Fluid method without loss in accuracy. This provides a 21 

feasible approach to simulate RPBs in full 3D and for RPB technology scaling up and 22 

optimizations.  23 

Keywords: rotating packed bed, Eulerian method, liquid dispersion, porous media, 3D 24 

modelling   25 



Highlights：  26 

 A novel 3D Eulerian porous medium model is developed for the gas-liquid flow in 27 

a RPB.  28 

 The sensitivity of the capillary pressure and mechanical dispersion models is 29 

analyzed.  30 

 The effect of liquid dispersion under different design and operational parameters 31 

are obtained.  32 

 The established model paves the way for simulating a 3D full scale RPB effectively 33 

and accurately. 34 

  35 



Nomenclatures 36 𝑎𝑎𝑆𝑆  specific area of the packing 

materials, m2 ∙ m−3  

U1 characteristic flow rate per unit 

area (=0.0106 m ∙ s−1 ), m ∙
s−1 𝑎𝑎𝑆𝑆′   specific area of the wet wires, 

m2 ∙ m−3 

𝑣⃗𝑣𝐷𝐷,𝑖𝑖  drift velocity of phase i,  m ∙
s−1 

AGL effective interfacial area, m-1 𝑣𝑣𝑒𝑒  effective velocity relative to the 

rotating packing, m ∙ s−1 𝑑𝑑𝑤𝑤  diameter of the wire mesh, m 𝑣⃗𝑣𝑖𝑖  velocity of phase i relative to 

the rotating packing, m ∙ s−1 𝑑𝑑𝑤𝑤′   wire and liquid film diameter, m 𝑣⃗𝑣𝑖𝑖,   superficial velocity of phase i 

relative to the rotating packing, 

m ∙ s−1  𝑑𝑑𝑚𝑚𝑖𝑖𝑚𝑚  characteristic diameter, m V  volume, m3 𝐷𝐷ℎ  hydraulic diameter, m 𝒳𝒳+  dimensionless channel length 

fl fanning friction factor for 

developing laminar flow 

Z axial coordinate 

fe ratio of wetted packing or ratio of 

interfacial area to the total packing 

surface area 

Greek  

ft fanning friction factor for 

developing turbulence flow 

𝛼𝛼   phase saturation 

F pressure factor 𝛾𝛾  packing void fraction (porosity) 𝐹⃗𝐹𝐷𝐷,𝑖𝑖  mechanical dispersion force of 

phase i, N ∙m−3 

𝛽𝛽  dynamic contact angle 

𝐹⃗𝐹𝑑𝑑𝑖𝑖𝑑𝑑𝑑𝑑,𝑖𝑖   total dispersion force of phase i, 

N ∙m−3 

𝛽𝛽1  characteristic dynamic contact 

angle (=75°), ° 



𝐹⃗𝐹𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑,𝑖𝑖  interaction force between the 

phase i and solids of the packing 

material, N ∙ m−3 

𝜀𝜀   volume fraction  

gc centrifugal acceleration, m ∙ s−2 ∇𝜀𝜀𝑖𝑖  spatial gradient of the phase 

volume fraction 𝑔𝑔1  characteristic centrifugal 

acceleration (=205.6 m ∙ s−2 ), 

m ∙ s−2 

𝜎𝜎  surface tension, N ∙ m−1 

𝐾𝐾𝑖𝑖𝑆𝑆  porous resistance coefficient 

between the phase and solid 

𝜃𝜃  angle of flow direction slop to 

the bed axis, ° 𝐾𝐾𝐺𝐺𝐺𝐺  momentum exchange coefficient 

between the gas and liquid 

𝜌𝜌𝑖𝑖  density of phase i, kg ∙ m−1 

L length, m 𝜇𝜇  dynamic viscosity, kg ∙m−1 ∙
s−1 𝐿𝐿𝑒𝑒  effective flow length, m 𝜏𝜏  bed tortuosity factor 

N  rotational speed, rpm 𝜏𝜏̿   stress tensor 

P  pressure, Pa 𝜈𝜈  kinematic viscosity, m2 ∙ s−1 𝑃𝑃𝑐𝑐  capillary pressure, Pa 𝜈𝜈1  characteristic kinematic 

viscosity (=3.35 × 10-6 m2 ∙
s−1), m2 ∙ s−1 ∆𝑃𝑃  pressure drop (flow resistance), Pa 𝜙𝜙  particle shape factor  

Q volume flow rate, m3 ∙ s−1 Subscripts 𝑅𝑅𝑅𝑅𝐾𝐾  Reynolds number C capillary pressure 𝑆𝑆𝑓𝑓  spread factor, m disp dispersion force 𝑆𝑆𝐺𝐺𝐺𝐺  interfacial force between the gas 

and liquid, N ∙ m−3 

G gas phase 

𝑡𝑡  time, s i =G, L 𝑢𝑢0  superficial velocity, m ∙ s−1 L liquid phase 



𝑢𝑢𝑒𝑒  effective velocity, m ∙ s−1 S solids phase for the packing 

materials 𝑢𝑢�⃗ 𝑖𝑖  velocity of phase i, m ∙ s−1 w wire mesh 

U average superficial liquid velocity, 

m ∙ s−1 

  

1. Introduction 37 

The rotating packed bed (RPB) is one of the many novel multi-phase contactors and 38 

reactors that can reduce the size of the packed bed because the mass transfer can be 39 

much improved due to the centrifugal force (100-1000 times that of gravity) that is 40 

exerted (Adamu et al., 2020; Cortes Garcia et al., 2017, 2021; Ghadyanlou et al., 2021). 41 

Due to the effect of the centrifugal force, the surface renewal of the phases (such as 42 

gas-liquid, liquid-liquid, gas-liquid-solid) in the packing is enhanced, which results in 43 

a significant increase in the overall mass transfer (Ouyang et al., 2018b; Wang et al., 44 

2019; Wenzel and Górak, 2018b; Yang et al., 2019). There are many kinds of RPBs, 45 

and, at present, the single block counter-current flow RPB is the most popular, see 46 

Figure 1. The liquid (blue arrow) that enters from the liquid distributing nozzle, located 47 

at the center of the RPB impacts on the packing, then the liquid spreads out and splits 48 

into small droplets, or forms thin films on the packing surface on the way outwards 49 

through the RPB. The process is driven by the centrifugal force generated by the 50 

rotation of the RPB. Then, the liquid with large velocity resulting from the rotation of 51 

the bed flows into the outer cavity zone in the form of droplets and hits on the casing 52 

wall. Finally, the liquid flows out from the liquid outlet under the effect of gravity. 53 

Simultaneously the gas phase (yellow arrow) from the inlet, which is located at the 54 

outer radius of the RPB, flows inwards through the packing and it interacts with the 55 

liquid phase on its way to the gas outlet at the centre of the RPB. The liquid holdup (the 56 

volume of liquid held per volume of the packing) and its flow patterns passing the 57 

packing have a major impact on the gas-liquid mixing and the effective interfacial area 58 

it creates between the gas and liquid, which directly influences the mass transfer 59 



performance of the RPB (Wenzel et al., 2018a). Thus, the study of the liquid flow 60 

dynamics is extremely important for the RPB analysis.  61 

Figure 1. Schematic of a typical RPB with a single block counter-current flow 63 

arrangement (1. Casing; 2. Inner cavity zone; 3. Liquid nozzle; 4. Packing; 5. Outer 64 

cavity zone; 6. Liquid inlet; 7. Gas inlet; 8. Gas outlet; 9. Liquid outlet; 10. Motor). 65 

Due to the strong centrifugal force and the narrow flow channel, the flow dynamics in 66 

the RPB is very complex. When the liquid enters the rotating packing, with a radial 67 

velocity only, it hits against with the rotating porous packing violently and the liquid is 68 

quickly dispersed, some of the liquid is attached to the packing surface and some 69 

eventually splits into numerous tiny droplets. This process forms a large interfacial 70 

surface area and renews them quickly (Wang et al., 2021). The mixing at the entrance 71 

is very strong, which is called the “end-effect” zone (Luo et al., 2012a; Ouyang et al., 72 

2019; Yi et al., 2009). After that, the liquid achieves its tangential velocity, and its 73 

motion becomes largely synchronized with the rotating packing in the bulk of the 74 

packing region (Guo et al., 2017). As a result, the liquid dispersion is relatively weak 75 

compared with that in the end-effect zone. Throughout the RPB, liquid dispersion due 76 

to its interaction with the packing plays an important role in determining the liquid flow 77 

behaviour in the RPB and it is the predominant reason for the enhancement of the mass 78 

transfer in RPBs (Zhang et al., 2017).  79 

Liquid dispersion in the RPBs has been explored previously both experimentally and 80 

computationally using the Volume of Fluid (VOF) method. For example, the dispersion 81 



phenomenon of a liquid jet impacting on a rotating single-layer wire mesh has been 82 

visually examined under the effect of gravity and centrifugal force (Lu et al., 2019b; 83 

Wang et al., 2021; Xu et al., 2019; Zhang et al., 2020). In addition, the influence of the 84 

surface wettability and the liquid velocity, etc. on the liquid dispersion in the RPB have 85 

been analyzed in (Lu et al., 2019b; Ma et al., 2019; Su et al., 2020; Zhang et al., 2017). 86 

However, the above studies were only at the stage of observing the phenomenon and 87 

the process of the dispersion in RPBs, and no one has evaluated and quantified the 88 

dispersion in a RPB. 89 

In addition, 2D and mesoscale 3D models with the VOF method have been employed 90 

to study the micromixing and liquid holdup in the packing region of a small RPB (Guo 91 

et al., 2016; Liu et al., 2020; Ouyang et al., 2018c; Shi et al., 2013; Xie et al., 2019; 92 

Yang et al., 2016). The VOF model could clearly capture the gas-liquid contact surface. 93 

However, it can only be used for analysing very small lab-scale RPB models and it will 94 

become computational prohibitively expensive to be used for the simulations of large 95 

RPBs because of the limitations in the computational resources and simulation times 96 

(Liu et al., 2017; Xie et al., 2019; Yang et al., 2010). For instance, about 1.4 million 97 

cells and a simulation time of about 60 h were required for each case in the 2D work of 98 

Guo et al. (2016), in which the inner and outer diameters of the packing simulated were 99 

only 80 and 140 mm, respectively. Therefore, for the purpose of future scaling up and 100 

optimization of the RPB, a different modelling approach must be developed. In our 101 

previous publications, Lu et al. (2018, 2019a) have proposed the use of the Eulerian 102 

method to study the flow dynamics where a new porous model for the RPB has been 103 

proposed and the effectiveness of the model has been demonstrated in a 2D RPB. The 104 

focus of this paper will be on the modeling of the effect of liquid dispersion and to 105 

extend the work into 3D. 106 

The Eulerian method with the porous medium model is not able to resolve the matrix 107 

structure of the packing in detail (Pham et al., 2015b). Instead, the packing is considered 108 

as a porous medium and its effect on the flow is considered computationally using a 109 



suite of mathematical formulations. This can substantially reduce the complexity and 110 

number of the cells in the computational mesh that is employed, thus leading to a 111 

significant reduction in the computational resources and simulation times required and 112 

make it possible to be used to simulate the full scale RPB using CFD for the scaling up 113 

and process optimization (Lu et al., 2019a).  114 

The Eulerian porous medium model (Lu et al., 2018, 2019a) treats the gas and liquid as 115 

two continuous but penetrable phases. In order to employ the Eulerian porous medium 116 

model to investigate the liquid dispersion, a dispersion model needs to be devised to 117 

calculate the dispersion force term as a consequence of the volume averaging in the 118 

momentum equations (Boyer et al., 2005). Currently, there has been no dispersion 119 

model developed specifically for RPBs. However, various such models have been 120 

proposed for the modelling of the liquid dispersion in the conventional packed beds 121 

(CPBs). These models may be divided into the capillary pressure models and 122 

mechanical dispersion models according to the dispersion mechanism that they model 123 

in the CPBs (Wang et al., 2013). The capillary pressure force is produced by the 124 

difference in the pressures across the fluid interface. In addition, the mechanical force 125 

is caused by the complex advection of the momentum by the fluid at the pore scale 126 

(Fourati et al., 2013) or, in other word, the variation in the velocity with respect to the 127 

main flow at the macroscopic scale (Carney and Finn, 2016). It should be noted that the 128 

nature and structure of the porous media packing employed in the CPBs and RPBs are 129 

very different. Usually, a wire mesh packing or a nickel foam packing is employed in 130 

the RPBs, while a more structured packing or random packing elements are employed 131 

in the CPBs. In addition to the nature of the packing types, the packing in an RPB is 132 

much more densely packed than that in CPBs. The driving force and the flow patterns 133 

are also very different. Nevertheless, we take the view that both CPB and RPB are 134 

similar in that they both can be regarded as being a porous media and the liquid 135 

disperses from a higher volume fraction to a lower volume fraction under the 136 

framework of the porous medium approach. The macro dispersion mechanisms are 137 



similar in RPBs and CPBs. Hence, it is expected that these dispersion models for CPBs 138 

could be employed in RPBs with careful evaluations. One of the main objectives of this 139 

paper is to assess the suitability and limitations of the existing dispersion models when 140 

they are applied to model the RPBs. More information about these models is given in 141 

Section 2.5.  142 

In this paper, a 3D RPB model was developed based on a practical RPB from the 143 

published literature. The packing zone was regarded as a porous media and the Eulerian 144 

porous medium method coupled with the interfacial, drag and dispersion forces models 145 

were employed to study the liquid dispersion in the packing region of the RPB. The 146 

results have been compared with the available experimental data. The sensitivity of the 147 

sub-models and the effect of some important parameters, including the rotational speed, 148 

bed porosity, liquid flow rate, liquid nozzle size and number of nozzles have been 149 

thoroughly analyzed and discussed. The results show that using the model developed 150 

can accurately reflect the distribution of the liquid holdup in the packing region and the 151 

effect of the dispersion force on the liquid holdup under different simulation conditions. 152 

Thus, the proposed method has paved the way for the model to be used, with confidence, 153 

in the future for simulating the gas-liquid flow in a 3D full-scale RPB cost effectively 154 

and accurately.  155 

2. CFD simulations 156 

2.1 Geometry of the RPB 157 

In order to develop and validate the CFD model, a good set of quality experiment data 158 

should be obtained. Among all the available experimental studies in the literature on 159 

RPBs (Burns et al., 2000; Liu et al., 2020; Wenzel et al., 2018a; Yang et al., 2015a), 160 

Yang’s experimental data (Yang et al., 2015a) has been selected. This is because of the 161 

following reasons: (i) the relative detailed dimensions of the RPB have been provided, 162 

especially the size of the liquid distribution nozzle; (ii) the packing material used in 163 

Yang’s experiment matches those employed in the development of the drag force model 164 

used in this paper so that the accuracy of the model can be established; (iii) the liquid 165 



holdup with different operational conditions and the distribution of liquid holdup along 166 

the radial position are presented in Yang’s paper, which could be used to verify the 167 

simulation results; and (iv) the experimental data has been previously used by Ouyang 168 

et al. (2018c), Lu et al. (2018), Xie et al.(2019) and Liu et al. (2020) in order to validate 169 

their models, thus indicating that the data is reliable. 170 

The 3D geometry of the experimental rig has been reproduced in Figure 2. Because the 171 

outer cavity zone between the case and the rotating bed has almost no influence on the 172 

liquid holdup within the packing region (Xie et al., 2017; Yang et al., 2016), and the 173 

objective of this paper is to study the hydrodynamics in the packing region, then only 174 

the rotating bed itself and the location of the liquid nozzle are shown in the figure. The 175 

inner diameter, outer diameter and axial length (thickness) of the packing are 42, 82 176 

and 20 mm, respectively. The packing is a wire mesh with a void fraction and a specific 177 

area of 0.95 and 497 m2/m3, respectively. The rotational speed of the bed employed in 178 

the experiments varied between 500-2500 rpm, and the liquid flow rate ranged from 179 

22.9 - 43 cm3/s. The liquid distributing nozzle is rectangular in shape, and its size is 180 

1×15 mm.  181 

In the CFD model, due the symmetry of the packing bed, only half of the bed has been 182 

investigated, and the thickness of the packing is 10 mm, as shown in Figure 2. In 183 

addition, for the purpose of numerical stability, an 8mm extension to the exit of the 184 

rotational bed was used. Therefore, the diameter of the model is 90 mm in total.   185 

 186 



 187 

Figure 2. Schematic diagram of the 3D RPB and corresponding size (1, outer cavity 188 

zone; 2, packing zone; 3, inner cavity zone; 4, pressure outlet; 5, symmetry; 6, liquid 189 

inlet; 7, pressure outlet, Z - axis is the axis of rotation). 190 

2.2 Governing fluid flow equations 191 

The main assumptions made for the RPB model are as follows:  192 

(i) The packing is a homogenous porous medium. 193 

(ii) The flow is incompressible. 194 

(iii) The pressure field is shared by the gas and liquid phases. 195 

(iv) The liquid flow in the packed bed is dominated by the form of the film, 196 

and the dispersed droplets. 197 

The continuity equation describing the overall mass conservation is expressed as 198 

follows: 199 𝜕𝜕𝜕𝜕𝜕𝜕 (𝜀𝜀𝑖𝑖𝜌𝜌𝑖𝑖) − ∇ ∙ (𝜀𝜀𝑖𝑖𝜌𝜌𝑖𝑖𝑢𝑢�⃗ 𝑖𝑖) = 0 (1) 200 

where 𝜌𝜌𝑖𝑖 is the density (i = G for gas or L for liquid), 𝑡𝑡 is the time, 𝑢𝑢�⃗ 𝑖𝑖 is the fluid 201 

velocity, 𝜀𝜀𝑖𝑖 is the phase fraction, which is defined as follows: 202 

 𝜀𝜀𝑖𝑖 = 𝛼𝛼𝑖𝑖𝛾𝛾 =
𝑉𝑉𝑖𝑖𝑉𝑉𝐺𝐺 + 𝑉𝑉𝐺𝐺 𝛾𝛾 =

𝑉𝑉𝑖𝑖𝑉𝑉𝐺𝐺 + 𝑉𝑉𝐺𝐺 + 𝑉𝑉𝑆𝑆 (2) 203 

where 𝛼𝛼𝑖𝑖 is the phase saturation (𝛼𝛼𝑖𝑖 =
𝑉𝑉𝑖𝑖𝑉𝑉𝐺𝐺+𝑉𝑉𝐿𝐿), 𝛾𝛾 is the porosity of the packing, 𝑉𝑉𝑖𝑖 is 204 

the volume of the ith phase, 𝑉𝑉𝑆𝑆 is the solid volume of the wire mesh, and the subscripts 205 𝐺𝐺, 𝐿𝐿, 𝑆𝑆 indicate the gas, liquid, and solid phase, respectively. 206 



The momentum conservation equation includes the convection force, the pressure 207 

force, the viscous force, the drag force, the interfacial force, and the dispersion force. 208 

The body force is neglected in the absolute frame of reference that is employed in the 209 

paper. Therefore, the governing momentum equations of the fluid flow are as follows: 210 𝜕𝜕𝜕𝜕𝑡𝑡 (𝜀𝜀𝐺𝐺𝜌𝜌𝐺𝐺𝑢𝑢�⃗ 𝐺𝐺) + ∇ ∙ (𝜀𝜀𝐺𝐺𝜌𝜌𝐺𝐺𝑢𝑢�⃗ 𝐺𝐺𝑢𝑢�⃗ 𝐺𝐺) = −𝜀𝜀𝐺𝐺∇𝑃𝑃 + 𝜀𝜀𝐺𝐺∇𝑃𝑃𝑐𝑐 + ∇ ∙ (𝜀𝜀𝜏𝜏𝐺̿𝐺) − 𝐹⃑𝐹𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑,𝐺𝐺 + 𝑆𝑆 𝐺𝐺𝐺𝐺 + 𝐹⃑𝐹𝑑𝑑𝑖𝑖𝑑𝑑𝑑𝑑,𝐺𝐺(3) 211 

𝜕𝜕𝜕𝜕𝑡𝑡 (𝜀𝜀𝐺𝐺𝜌𝜌𝐺𝐺𝑢𝑢�⃗ 𝐺𝐺) + ∇ ∙ (𝜀𝜀𝐺𝐺𝜌𝜌𝐺𝐺𝑢𝑢�⃗ 𝐺𝐺𝑢𝑢�⃗ 𝐺𝐺) = −𝜀𝜀𝐺𝐺∇𝑃𝑃 + ∇ ∙ (𝜀𝜀𝜏𝜏𝐺̿𝐺) − 𝐹⃑𝐹𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑,𝐺𝐺 − 𝑆𝑆 𝐺𝐺𝐺𝐺 + 𝐹⃑𝐹𝑑𝑑𝑖𝑖𝑑𝑑𝑑𝑑,𝐺𝐺 (4) 212 

where 𝑃𝑃 is the pressure, 𝑃𝑃𝑐𝑐 is the capillary pressure, which is only included in the 213 

liquid phase momentum equation, 𝜏𝜏̿𝑖𝑖  is the stress tensor, 𝐹⃑𝐹𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑,𝑖𝑖  is the drag force 214 

between the fluid and packing, 𝑆𝑆𝐺𝐺𝐺𝐺 is the interfacial force between the gas and liquid, 215 

and 𝐹⃑𝐹𝑑𝑑𝑖𝑖𝑑𝑑𝑑𝑑,𝑖𝑖 is the mechanical dispersion force. 216 

2.3 Drag force and interfacial force models 217 

Resolving the complex geometry of the packing structure at the pore scale is 218 

computationally not feasible. Instead, the packing structure is replaced with an effective 219 

porous medium. It is very important to determine a correct resistance force model for 220 

the porous medium in order to describe the gas-liquid interfacial force and phase-solid 221 

drag force accurately, since it substantially influences the liquid holdup and the pressure 222 

drop (Kołodziej and Łojewska, 2009). Although various porous medium resistance 223 

force models, such as those for spherical packing (Attou et al., 1999; Ergun, 1952; 224 

Lappalainen et al., 2008), structured slit packing (Iliuta et al., 2014), and tube bundle 225 

packing (Zhang and Bokil, 1997), have been proposed, Lu et al. (2018) illustrated that 226 

these models failed to predict the practical liquid holdup in the wire mesh packing, thus 227 

indicating that these models were not suitable for the RPBs (Bussière et al., 2017). In 228 

2009, Kołodziej and Łojewska (2009) put forward a one-phase model that takes into 229 

account both the viscous and inertia contributions to the overall resistance of the wire 230 

meshed porous media, based on single flow experiments through wire gauzes, which is 231 

similar to that of the flow through a wire mesh packing in RPBs. Subsequently, 232 



Kołodziej et al. (2012) introduced another form of the porous resistance model by 233 

redefining the effective length and effective velocity of the liquid flow in the packing 234 

region, and suggested the following pressure drop equations: 235 ∆𝑃𝑃𝐿𝐿 = 4(𝑓𝑓𝑙𝑙 + 𝑓𝑓𝜕𝜕) 𝜌𝜌𝑢𝑢02
2𝑑𝑑𝑤𝑤 1 − 𝛾𝛾𝛾𝛾3 𝜏𝜏2𝑐𝑐𝑐𝑐𝑐𝑐𝜃𝜃 (5) 236 

𝐿𝐿𝑒𝑒 =
𝐿𝐿𝑐𝑐𝑐𝑐𝑐𝑐𝜃𝜃 ,𝑢𝑢𝑒𝑒 =

𝑢𝑢0𝜏𝜏𝛾𝛾 (6) 237 

where ∆𝑃𝑃 is the pressure drop, 𝐿𝐿 and 𝐿𝐿𝑒𝑒 are the length/depth of the packing and the 238 

effective flow length, respectively, 𝑢𝑢0  and 𝑢𝑢𝑒𝑒  are the superficial velocity and 239 

effective velocity, respectively, 𝑓𝑓𝑙𝑙 and 𝑓𝑓𝜕𝜕 are the Fanning factors for the laminar and 240 

turbulent flows, respectively, 𝑑𝑑𝑤𝑤 is the diameters of the dry wires, 𝜏𝜏 is the tortuosity 241 

factor resulted from the tortuous path that the fluid passes through, 𝜃𝜃  is the angle 242 

between the axis of the packing and the direction of the fluid flow which is influenced 243 

by the orientation of the packing. This resistance model is a good improvement over 244 

the previous model (Kołodziej and Łojewska, 2009) proposed by Kołodziej and 245 

Łojewska because the liquid residence time (𝑡𝑡 =
𝐺𝐺𝑒𝑒𝑢𝑢𝑒𝑒 =

𝐺𝐺𝐿𝐿𝑢𝑢0𝑐𝑐𝑐𝑐𝑑𝑑𝑐𝑐𝑐𝑐) usually increases after 246 

considering the influence of the tortuous path and the orientation of the packing. It is 247 

also proved that using this model produces results, which are in much better agreement 248 

with the experimental data (Bussière et al., 2017).  249 

When the liquid passes through the wire mesh in the RPB, some of the packing surface 250 

is covered by the liquid film, this is noted as the wet area (𝑎𝑎𝑑𝑑 × 𝑓𝑓𝑒𝑒), and the remaining 251 

area of the packing is covered by the gas, noted by the dry area, 𝑎𝑎𝑑𝑑 × (1 − 𝑓𝑓𝑒𝑒). 𝑓𝑓𝑒𝑒 is 252 

the fraction of the wetted area of the packing, and it is defined as the ratio of the wetted 253 

interfacial area 𝐴𝐴𝐺𝐺𝐺𝐺 to the total packing surface area: 254 

𝑓𝑓𝑒𝑒 =
𝐴𝐴𝐺𝐺𝐺𝐺𝑎𝑎𝑆𝑆 (7) 255 

The wetted interfacial area 𝐴𝐴𝐺𝐺𝐺𝐺 needs to be modelled and this will be discussed later 256 



in Section 2.5. 257 

The drag force between the gas and the solids, the liquid and the solids, as well as the 258 

interfacial force between the gas and the liquid can be expressed as follows (Kołodziej 259 

and Łojewska, 2009; Lu et al., 2018, 2019a): 260 

𝐹⃗𝐹𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑,𝐺𝐺 = 𝐾𝐾𝐺𝐺𝑆𝑆𝑣⃗𝑣𝐺𝐺 = 𝑓𝑓𝑒𝑒𝜀𝜀𝐺𝐺𝑣⃗𝑣𝐺𝐺 �4(𝑓𝑓𝑙𝑙 + 𝑓𝑓𝜕𝜕)𝜌𝜌𝐺𝐺|𝑣⃗𝑣𝐺𝐺|

2𝑑𝑑𝑤𝑤 𝜀𝜀𝑆𝑆𝜀𝜀𝐺𝐺 𝜏𝜏2𝑐𝑐𝑐𝑐𝑐𝑐𝜃𝜃� (8) 261 

𝐹⃗𝐹𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑,𝐺𝐺 = 𝐾𝐾𝐺𝐺𝑆𝑆𝑣⃗𝑣𝐺𝐺 = (1 − 𝑓𝑓𝑒𝑒)𝜀𝜀𝐺𝐺𝑣⃗𝑣𝐺𝐺 �4(𝑓𝑓𝑙𝑙 + 𝑓𝑓𝜕𝜕)𝜌𝜌𝐺𝐺|𝑣⃗𝑣𝐺𝐺|

2𝑑𝑑𝑤𝑤 (1 − 𝜀𝜀𝐺𝐺)𝜀𝜀𝐺𝐺 𝜏𝜏2𝑐𝑐𝑐𝑐𝑐𝑐𝜃𝜃� (9) 262 

𝑆𝑆𝐺𝐺𝐺𝐺 = 𝐾𝐾𝐺𝐺𝐺𝐺(𝑣⃗𝑣𝐺𝐺 − 𝑣⃗𝑣𝐺𝐺) = 𝑓𝑓𝑒𝑒𝜀𝜀𝐺𝐺(𝑣⃗𝑣𝐺𝐺 − 𝑣⃗𝑣𝐺𝐺) �4(𝑓𝑓𝑙𝑙 + 𝑓𝑓𝜕𝜕)𝜌𝜌𝐺𝐺|𝑣⃗𝑣𝐺𝐺 − 𝑣⃗𝑣𝐺𝐺|

2𝑑𝑑𝑤𝑤′ (1 − 𝜀𝜀𝐺𝐺)𝜀𝜀𝐺𝐺 𝜏𝜏2� (10) 263 

𝑓𝑓𝑙𝑙 =
1𝑅𝑅𝑅𝑅𝐾𝐾 �3.44√𝒳𝒳+ +

1.25
4𝒳𝒳+ + 16 − 3.44√𝒳𝒳+

1 +
0.00021𝒳𝒳+2 � (11) 264 

𝑓𝑓𝜕𝜕 =
0.079𝑅𝑅𝑅𝑅𝐾𝐾0.25 (12) 265 

𝒳𝒳+ =
𝑑𝑑𝑤𝑤𝐷𝐷ℎ𝑅𝑅𝑅𝑅𝐾𝐾 (13) 266 

𝑅𝑅𝑅𝑅𝐾𝐾 =
𝜌𝜌𝑣𝑣𝑒𝑒𝐷𝐷ℎ𝜇𝜇 (14) 267 

For the fluid-solids interaction: 268 

𝜏𝜏 = 1 +
𝜀𝜀𝑆𝑆
2

 ,𝑑𝑑𝑤𝑤 =
4𝜀𝜀𝑆𝑆𝑎𝑎𝑆𝑆 , 𝑣𝑣𝑒𝑒 =

�𝑣⃗𝑣𝑖𝑖, �𝜏𝜏𝜀𝜀𝑖𝑖 ,𝐷𝐷ℎ =
4𝜀𝜀𝑖𝑖𝑎𝑎𝑆𝑆 , 𝑣⃗𝑣𝐺𝐺 =

𝑣⃗𝑣𝑖𝑖,𝜀𝜀𝑖𝑖 (15) 269 

For the gas-liquid interaction: 270 

𝜏𝜏 = 1 +
𝜀𝜀𝑆𝑆 + 𝜀𝜀𝐺𝐺

2
,𝑑𝑑𝑤𝑤′ =

4𝜀𝜀𝑆𝑆𝑎𝑎𝑆𝑆′ , 𝑣𝑣𝑒𝑒 =
�𝑣⃗𝑣𝐺𝐺, − 𝑣⃗𝑣𝐺𝐺, �𝜏𝜏𝜀𝜀𝐺𝐺 ,𝐷𝐷ℎ =

4𝜀𝜀𝐺𝐺𝑎𝑎𝑆𝑆′ , 𝑎𝑎𝑆𝑆′ = � 𝜀𝜀𝑆𝑆𝜀𝜀𝑆𝑆 + 𝜀𝜀𝐺𝐺�0.5 𝑎𝑎𝑆𝑆 (16) 271 

where 𝐹⃗𝐹𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑,𝐺𝐺, 𝐹⃗𝐹𝑑𝑑𝑑𝑑𝑑𝑑𝑑𝑑,𝐺𝐺 and 𝑆𝑆𝐺𝐺𝐺𝐺 are the drag forces between the gas and the solids, 272 

the liquid and the solids and the interfacial force between the gas and the liquid, 273 

respectively; 𝐾𝐾𝐺𝐺𝑆𝑆 , 𝐾𝐾𝐺𝐺𝑆𝑆  and 𝐾𝐾𝐺𝐺𝐺𝐺  are the porous resistance coefficients between the 274 

gas and the solids, the liquid and the solids and the momentum exchange coefficient 275 

between the gas and the liquid, respectively; 𝑑𝑑𝑤𝑤′  is the diameter of the wet wires, 𝐷𝐷ℎ 276 



is the hydraulic diameter, 𝑅𝑅𝑅𝑅𝐾𝐾 is the Reynold number, 𝑣⃗𝑣𝑖𝑖, , 𝑣⃗𝑣𝑖𝑖 and 𝑣⃗𝑣𝑒𝑒 are the local 277 

superficial velocity, local velocity and effective velocity relative to the rotating packing, 278 

respectively; 𝜇𝜇 is the viscosity, 𝑎𝑎𝑆𝑆 and 𝑎𝑎𝑆𝑆′  are the specific area of the dry packing 279 

and the wet wires, respectively. It is difficult to directly obtain the value of 𝜃𝜃 in this 280 

work because of the complexity in the stack screen packing. However, this angle may 281 

be obtained by an indirect approach, which is through the validation of the simulation 282 

results with the experimental data. For example, Lu et al. (2018) and Bussière et al. 283 

(2017) obtained the angle through the validation of the simulation results with the 284 

experimental data on the liquid holdup distributions and pressure drop, respectively. 285 

Similarly, different values of 𝜃𝜃 have been tested in this paper and the obtained liquid 286 

holdup has been compared with the experimental data. The larger the value of 𝜃𝜃, the 287 

higher is the liquid holdup, which means more liquid holdup has been captured within 288 

the RPB (Lu et al., 2019a). When the angle is set as 83.95°, the simulation results have 289 

the best agreement with the experimental data.  290 

2.4 Dispersion force 291 

As mentioned previous, in two-phase flows through porous media, the dispersion terms 292 

appear in the governing fluid flow equations due to the volume averaging of the 293 

momentum equations. The dispersion terms mainly result from two distinct 294 

mechanisms: capillary pressure and mechanical dispersion. Popular models for these 295 

two mechanisms for CPBs, and also assessed in this paper for the RPB, are as follows:  296 

2.4.1 Capillary pressure 297 

For the capillary pressure, in general, two models have been used, i.e. the Grosser 298 

model and the Attou and Ferschneider model. The model of Grosser et al. (1988) was 299 

introduced through a permeability concept based on the Leverett’s function. The Attou 300 

and Ferschneider model (Attou and Ferschneider, 1999) considers the loss of stability 301 

of the liquid film on the particle surface at the pore scale. The Grosser and Attou 302 

capillary pressure models are presented in Equations 17 and 18, respectively, as follows: 303 𝑃𝑃𝑐𝑐 =
1 − 𝛾𝛾𝛾𝛾𝑑𝑑𝑤𝑤 √180𝜎𝜎 �0.48 + 0.036𝑙𝑙𝑙𝑙 �1 − 𝜀𝜀𝑆𝑆 − 𝜀𝜀𝐺𝐺𝜀𝜀𝐺𝐺 �� (17) 304 



𝑃𝑃𝑐𝑐 = 2𝜎𝜎 � 1 − 𝛾𝛾
1 − 𝜀𝜀𝐺𝐺�13 � 1𝑑𝑑𝑤𝑤 +

1𝑑𝑑𝑚𝑚𝑖𝑖𝑚𝑚� 𝐹𝐹 �𝜌𝜌𝐺𝐺𝜌𝜌𝐺𝐺� (18 − a) 305 

𝑑𝑑𝑚𝑚𝑖𝑖𝑚𝑚 = �√3𝜋𝜋 − 1

2
�12 𝑑𝑑𝑤𝑤 (18 − b) 306 

𝐹𝐹 �𝜌𝜌𝐺𝐺𝜌𝜌𝐺𝐺� = 1 + 88.1 �𝜌𝜌𝐺𝐺𝜌𝜌𝐺𝐺�  �for 
𝜌𝜌𝐺𝐺𝜌𝜌𝐺𝐺 < 0.025� (18 − c) 307 

where 𝜎𝜎 is the surface tension. Further, these models can be modified by considering 308 

the fraction of the wetting area of the packing, 𝑓𝑓𝑒𝑒 (Jiang et al., 2002) as follows: 309 𝑃𝑃𝐺𝐺 − 𝑃𝑃𝐺𝐺 = (1 − 𝑓𝑓𝑒𝑒)𝑃𝑃𝑐𝑐 (19) 310 

where 𝑃𝑃𝐺𝐺 − 𝑃𝑃𝐺𝐺 is the modified capillary pressure between the gas and liquid phase. 311 

These models have been used to analyze the effect of the capillary pressure on the radial 312 

liquid distribution in CPBs (Boyer et al., 2005; Gunjal et al., 2005; Solomenko et al., 313 

2015; Wang et al., 2013). However, most investigators tend to ignore the capillary 314 

pressure due to the large particle size and high packing porosity (Fourati et al., 2013) 315 

in the CPB, and the mechanical dispersion was the only dispersion force that has been 316 

considered in their investigations (Kim et al., 2016, 2017; Pham et al., 2015b). 317 

2.4.2 Mechanical dispersion 318 

Liu and Long (2000), Mewes et al. (1999) and Lappalainen et al. (2009) have proposed 319 

many mechanical dispersion models for the CPBs. Among these models, the model 320 

proposed by Lappalainen et al. (2009) is the most popular, and it has been employed in 321 

many works for the CPB simulations (Kim et al., 2016, 2017; Pham et al., 2015a, 322 

2015b). This model was initially derived based on spherical particle packings, and then 323 

it was proven to be suitable for structured packings (Fourati et al., 2013; Iliuta et al., 324 

2014), thus indicating that this model has a wide range of adaptability to model the flow 325 

in different types of packings. Hence, the original model of Lappalainen et al. (2009) 326 

is considered in this paper to take into account the liquid dispersion in the RPB, which 327 

can be expressed as follows: 328 𝐹⃗𝐹𝐷𝐷,𝐺𝐺 = 𝐾𝐾𝐺𝐺𝑆𝑆𝑣⃗𝑣𝐷𝐷,𝐺𝐺 + 𝐾𝐾𝐺𝐺𝐺𝐺�𝑣⃗𝑣𝐷𝐷,𝐺𝐺 − 𝑣⃗𝑣𝐷𝐷,𝐺𝐺� (20) 329 𝐹⃗𝐹𝐷𝐷,𝐺𝐺 = 𝐾𝐾𝐺𝐺𝑆𝑆𝑣⃗𝑣𝐷𝐷,𝐺𝐺 − 𝐾𝐾𝐺𝐺𝐺𝐺�𝑣⃗𝑣𝐷𝐷,𝐺𝐺 − 𝑣⃗𝑣𝐷𝐷,𝐺𝐺� (21) 330 



where 𝐹⃗𝐹𝐷𝐷,𝑖𝑖 is the mechanical dispersion force for the ith phase, and 𝑣⃗𝑣𝐷𝐷,𝑖𝑖 is the drift 331 

velocity for the ith phase.  332 

Based on the Fickian assumption, the drift velocity is a function of the gradient of the 333 

phase volume fraction and a spread factor, 𝑆𝑆𝑓𝑓. It can be written as follows: 334 

𝑣⃗𝑣𝐷𝐷,𝐺𝐺 = −𝑆𝑆𝑓𝑓𝜀𝜀𝐺𝐺 �|𝑣⃗𝑣𝐺𝐺|∇𝜀𝜀𝐺𝐺 − (𝑣⃗𝑣𝐺𝐺 ∙ ∇𝜀𝜀𝐺𝐺)
𝑣⃗𝑣𝐺𝐺

|𝑣⃗𝑣𝐺𝐺|
� (22) 335 

𝑣⃗𝑣𝐷𝐷,𝐺𝐺 = − 𝑆𝑆𝑓𝑓𝜀𝜀𝐺𝐺𝛼𝛼𝐺𝐺 �|𝑣⃗𝑣𝐺𝐺|∇𝜀𝜀𝐺𝐺 − (𝑣⃗𝑣𝐺𝐺 ∙ ∇𝜀𝜀𝐺𝐺)
𝑣⃗𝑣𝐺𝐺

|𝑣⃗𝑣𝐺𝐺|
� (23) 336 𝑆𝑆𝑓𝑓 = 0.231𝑑𝑑𝑤𝑤0.5𝜎𝜎 (24) 337 

where ∇𝜀𝜀𝑖𝑖 is the spatial gradient of the phase volume fraction, and 𝜎𝜎 is the surface 338 

tension.  339 

Compared with the liquid dispersion force, the gas dispersion force is very small and 340 

has little effect on the liquid flow dynamics. More importantly, there is no forced gas 341 

flow in the RPB model used in this paper; therefore, the gas dispersion force (equation 342 

(21)) may be neglected. Furthermore, since the gas-liquid momentum exchange 343 

coefficient 𝐾𝐾𝐺𝐺𝐺𝐺  in Equations (20-21) is extremely small compared with the liquid-344 

solid porous resistance coefficient 𝐾𝐾𝐺𝐺𝑆𝑆, equation (22) can be reduced to 345 𝐹⃗𝐹𝐷𝐷,𝐺𝐺 = 𝐾𝐾𝐺𝐺𝑆𝑆𝑣⃗𝑣𝐷𝐷,𝐺𝐺 (25) 346 

This is the most important force term in the liquid mechanical dispersion force, which 347 

has been verified in previous numerical studies (Fourati et al., 2013). 348 

2.5 Gas-liquid effective interfacial area  349 

The gas-liquid effective interfacial area (wetted interfacial area) is a critical parameter 350 

that has to be modelled when using porous medium models. Various empirical 351 

equations for the effective interfacial area have been derived for CPBs and they have 352 

been utilized for RPBs simulation by replacing the acceleration force term is the 353 

equation with the centrifugal force in the RPBs (Kang et al., 2014, 2016; Lu et al., 354 

2018). This often results in an underestimation of the value of the effective interfacial 355 

area. The fraction of the interfacial area has been estimated in the RPB for CO2 capture 356 

experiments (Guo et al., 2014; Luo et al., 2012b, 2017; Zheng et al., 2016). However, 357 



the accuracy of the model is affected by the absorption rate of CO2, partial pressure of 358 

CO2 in the gas phase, and diffusivity of CO2 in solution, etc. Therefore, it is not 359 

completely reliable.  360 

In our recent publication, Xie et al. (2019) have estimated the effective interfacial area 361 

when the liquid flows over a RPB packing material using the VOF modelling method 362 

by considering a range of different gravitational acceleration forces. The model has 363 

been validated against experimental observations and a correlation for the interfacial 364 

area was proposed as follows: 365 

𝐴𝐴𝐺𝐺𝐺𝐺 = 202.3485 �𝑔𝑔𝑐𝑐𝑔𝑔1�0.0435 �𝑈𝑈𝑈𝑈1�0.4275 � 𝜈𝜈𝜈𝜈1�0.1200 � 𝛽𝛽𝛽𝛽1�−0.5856
(26) 366 

where the experimental constants 𝑔𝑔1 = 205.6 m/s2, 𝑈𝑈1 = 0.0106 m/s, 𝜈𝜈1 = 3.35×10-367 

6 m2/s and 𝛽𝛽1 = 75°; 𝑔𝑔𝑐𝑐 is the central pedal acceleration, 𝑈𝑈 is the average superficial 368 

liquid velocity, 𝜈𝜈 is the kinematic viscosity of the liquid, and 𝛾𝛾 is the dynamic contact 369 

angle, which is set as 26° in this work. In addition, the modelled fractional effective 370 

interfacial area by using equation (26) for the cases investigated in Section 3 is in the 371 

range of 0.38-0.68, which is reasonable based on the previous RPB experimental work 372 

(Luo et al., 2017; Yang et al., 2011). Therefore, this correlation will be employed in this 373 

paper and the average superficial velocity should be replaced by the local superficial 374 

velocity as follows: 375 𝑈𝑈 = 𝜀𝜀𝐺𝐺|𝑣⃗𝑣𝐺𝐺| (27) 376 

2.7 CFD model setup 377 

The 3D RPB simulations have been performed using the ANSYS Fluent (version 378 

2019R3). The ANSYS Mesh was employed to generate the grid of the 3D RPB model, 379 

see Figure 3 for a typical mesh layout. The hexahedral mesh elements formed the 3D 380 

computational grid. The average skewness and element quality are 0.09 and 0.91, 381 

respectively. The liquid holdup in the packing was tested with many different numbers 382 

of cells and meshes in order to obtain a mesh independent solution. As a result, 51,000 383 

cells were employed in order to accurately calculate the flow field. 384 



 385 

Figure 3. Schematic of the mesh in the 3D model. 386 

The transient based solver is employed in order to solve the governing fluid flow 387 

equations discussed in the previous sections and various user-defined-functions (UDFs) 388 

have been developed for implementing the extra forces in the momentum equations. 389 

The air and water have been selected as the gas and liquid materials, respectively.  390 

It is generally believed that the realizable k-ɛ model is more suitable for RPB than the 391 

standard k−ɛ model due to two reasons. Firstly, the realizable k-ɛ model contains a new 392 

formulation for the turbulence viscosity: 𝐶𝐶𝜇𝜇 is not a constant as in the standard model 393 

but a variable, and it is a function of the mean strain and rotation rates (Shih et al., 394 

1995). The second reason is a new transport equation for the dissipation rate in the 395 

realizable k-ɛ model, ɛ, is employed and this is derived from an exact equation for the 396 

transport of the mean-square vorticity fluctuation (Lateb et al., 2013). As a result, the 397 

realizable k-ɛ model gives improved predictions for the spreading rate of the jets, a 398 

superior ability to capture the mean flow of complex structures and for flows involving 399 

rotation, boundary layers under strong adverse pressure gradients, separation and 400 

recirculation (Yang et al., 2010). In addition, it has been frequently used for the fluid 401 

flow simulations in RPBs (Liu et al., 2017; Ouyang et al., 2018c; Wang et al., 2020; 402 

Wu et al., 2018; Yang et al., 2015b). Therefore, the realizable k-ɛ turbulence model has 403 

been chosen in this study. 404 

The pressure-based method and the absolute velocity formulation have been utilized. 405 

The time step was set as 3×10-4 s, and the maximum iteration number was less than 20 406 



at each time step and the convergence tolerance was 1×10-4. When the simulation 407 

achieved the pseudo steady state, the difference of the mass flow rate between the liquid 408 

inlet and outlet was less than 0.1%, and the residuals of the mass balance equations and 409 

the other equations were less than 5×10-4 and 1×10-4, respectively.  410 

It can be seen from Figure 2 that the liquid inlet (boundary 6) has been set as a velocity 411 

inlet boundary and it ranges from 1.53 to 2.87 m/s according to the experimental 412 

settings (Yang et al., 2015a). In addition, there is no forced gas flows through the packed 413 

bed in the experiment (Yang et al., 2015a). Accordingly, the inner and outer surfaces 414 

of the RPB (boundary 7 and 4) are set as pressure outlets with a zero gauge pressure. 415 

Since the gravity is relatively small when compared with the high centrifugal force (5.8-416 

286 times that of gravity), the gravity can be neglected in the RPB (Ouyang et al., 2018a) 417 

and the flow is almost symmetric across the bed from the top to the bottom. Therefore, 418 

only half of the bed has been modelled with a symmetric boundary being applied on 419 

the central plane perpendicular to the rotating axis in order to minimize the 420 

computational time. The sliding model has been employed to realize the motion of the 421 

packing. The wall boundaries have been set as no slip walls. 422 

3. Results and discussion 423 

In this section, the model validations have been presented with one of the experimental 424 

cases and a total of 96 cases have simulated where the sensitivity of the formula 425 

employed for the modelling of the dispersion force and the effect of various design and 426 

operational parameters of the RPB on the fluid flows and liquid holdups have been 427 

investigated.   428 

Table 1. The operational conditions for the baseline case for the model validation 429 

(Yang et al., 2015a). 430 

Liquid flow 

rate (cm3/s) 

Liquid viscosity 

(kg/(m· s)) 

Rotational 

speed (rpm) 

Packing 

porosity 

Nozzle size 

(mm×mm) 

Number 

of 

nozzles 

43 0.001 1500 0.95 15×1 1 



3.1 Validation and the liquid holdup along the radial direction 431 

In order to validate the CFD model developed, the liquid holdup has been chosen as the 432 

validation parameter because of the following reasons: (i) the liquid holdup is one of 433 

the most important parameters in packed bed design, as it is relevant to the hydraulic 434 

and mass transfer property of the bed. It is a result of the balance of various forces 435 

including the dispersion force acting on the liquid; (ii) the liquid holdup could indirectly 436 

reflect other factors, such as the liquid velocity. For the RPBs, the higher the radial 437 

velocity, the lower is the liquid holdup. If the liquid holdup obtained by the simulation 438 

matches well with the experimental data, then this indicates that the liquid velocity has 439 

a good agreement with the experimental data; (iii) although many parameters, including 440 

the liquid holdup, liquid velocity, etc., could be obtained by the simulation, the liquid 441 

holdup is much easier to be obtained for most experimental investigations. Therefore, 442 

many studies on the flow dynamics in the RPBs have selected the liquid holdup as the 443 

validation parameter (Liu et al., 2020; Lu et al., 2018; Ouyang et al., 2018c, 2019; Xie 444 

et al., 2017; Zhang et al., 2020). The distributions of the liquid holdup, and the fractional 445 

effective interfacial area in the RPB have been obtained under the conditions of 1500 446 

rpm rotational speed and 43 cm3/s liquid flow rate, as listed in Table 1. The results 447 

obtained are compared with the experimental data obtained from (Yang et al., 2015a).  448 

Figure 4(a) shows the experiment observations obtained using X-ray technology, which 449 

shows the image of the liquid across the thickness of the bed. Figure 4(b) shows the 450 

predicted distribution of the liquid holdup on the central plane (plane of symmetry) 451 

obtained from the CFD simulation. A liquid stream with a high liquid fraction is 452 

presented in Figure 4(a) and 4(b) at the entrance to the bed due to the significant 453 

resistance of the packing. In addition, the liquid begins to flow in the tangential 454 

direction followed by the rotational bed and its radial velocity becomes larger under the 455 

effect of the centrifugal force. In the meantime, the liquid spreads and disperses along 456 

its flow path, resulting in a decreasing local liquid fraction and a more uniform liquid 457 

distribution as shown in both figures. The liquid volume fraction continues to decrease 458 



until the liquid flows out the outer packing region. From the above analysis, it is known 459 

that the liquid flow process and the liquid holdup distribution within the RPBs are 460 

similar in the simulation results and experimental data. The quantitative comparisons 461 

will be given in Figure 5(b).  462 

Figure 4(c) shows the predicted fractional effective interfacial area on the symmetric 463 

plane. Because the effective interfacial area is the interfacial area in contact with the 464 

gas and liquid, it can be found that the fractional effective interfacial area is larger where 465 

the liquid holdup is higher by comparing with Figures 4(b) and 4(c). 466 

Figure 5 show the comparison of the liquid holdup between the simulation and the 467 

experimental data (Yang et al., 2015a) in terms of (a) the liquid holdup along the radial 468 

position and (b) the liquid total liquid holdup as a function of the rotating speed of the 469 

bed, together with the velocity distribution along the radial direction. From Figure 5(a), 470 

it can be seen that the liquid holdup increases in the inner packing region (end-effect 471 

zone) since more and more liquid is dispersed and captured and the liquid radial 472 

velocity decreases quickly as is shown on the left of Figure 5(c) and this results from 473 

the large resistance from the packing. After that, the liquid radial velocity increases 474 

gradually under the effect of the centrifugal force, and the liquid tangential velocity is 475 

close to and almost overlaps with the tangential velocity of the packing because the 476 

liquid quickly and largely follows the rotating packing after the liquid enters the 477 

packing. In the meantime, the fraction of the liquid volume (liquid holdup) should 478 

become smaller with the increase in the radial velocity and the flow space in the bulk 479 

and outer packing region, thus resulting in a gradually decreasing liquid holdup along 480 

the radial direction. This phenomenon has been accurately predicted by the simulation 481 

results and also in the experimental data except in the outer packing region where an 482 

increase in the holdups is observed in the experiments. As explained by the authors of 483 

the experiments (Yang et al., 2015a), the possible reasons of this observed increase are 484 

that the outer packing region has a slightly lower porosity relative to the bulk packing 485 

and the liquid droplets bounce back to the outer packing region after hitting the casing 486 



wall. These two reasons lead to the observed increase in the liquid holdup in the outer 487 

packing region. In addition, these reasons could also explain the high liquid holdup in 488 

a thin ring observed experimentally at the outer packing in Figure 4(a).  489 

Figure 5(b) shows the comparison of the liquid holdup in the packing region under 490 

different rotational speeds between the simulation results and experimental data. It can 491 

be seen that the two curves decrease with the increasing rotational speed due to the 492 

gradually stronger centrifugal force and the two curves are very close to each other. 493 

From Figure 5(b), the maximum deviation is observed at the lowest tested rotational 494 

speed (500 rpm) and the largest liquid flow rate (43 cm3/s). However, for the rest of the 495 

test conditions, the deviation is much lower, which could even be as low as 2%. It can 496 

be seen from Figure 5(a) that the liquid holdup increases in the outer packing region in 497 

the experiment, which may be the main reason for the deviation. As explained in the 498 

last paragraph, the slightly lower porosity and the liquid droplets that bounce back into 499 

the outer packing region lead to the observed increase in the liquid holdup in the 500 

experiment (Yang et al., 2015a) and the deviation increases when the rotational speed 501 

decreases or the liquid flow rate increases. This could explain why the maximum 502 

deviation is observed at the lowest tested rotational speed (500 rpm) and the largest 503 

liquid flow rate (43 cm3/s). In addition to the outer spacing region, the difference in the 504 

liquid holdup in the inner and bulk packing regions is relatively small. Although only 505 

one experimental work has been used to validate the work presented in this paper, the 506 

simulation results were very thoroughly and carefully compared with this set of 507 

experimental data. From Figures 4(a) and 4(b) as well as Figures 5(a) and 5(b), not only 508 

the distribution of the liquid holdup has been visually compared, but also the liquid 509 

holdup has been compared along the radial positions and under several different 510 

rotational speeds. Therefore, the model developed in this paper could be used with 511 

much confidence to investigate the flow dynamics in the RPBs. 512 

Figure 6 shows the liquid distribution across the thickness of the bed on two different 513 

vertical planes (a, x=0 and b, y=0, see Figure 4(b)). It clearly can be seen from Figure 514 



6(a) that after the jet flows from the liquid nozzle, the local liquid holdup becomes 515 

smaller in the inner cavity zone. When the liquid enters the inner packing, the local 516 

liquid holdup increases in the vicinity of the boundary of the inner cavity zone and the 517 

packing, and this increase has been shown and explained in Figures 4(a) and 4(b). After 518 

the liquid enters the packing, the liquid achieves its tangential velocity, thus, the liquid 519 

“appears and disappears” on these vertical planes as shown in Figures 6(a) and 6(b). 520 

Meantime, the liquid starts to disperse and spread, and as a result, the liquid distribution 521 

is relatively uniform in the axial direction in the outer packing region.  522 

 523 

Figure 4. (a) Map of liquid holdup from the experiment (Yang et al., 2015a); contours 524 

of (b) liquid holdup from the simulation; and (c) fractional effective interfacial area 525 

from the simulation. 526 

  527 
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(a) (b) (c) 

Figure 5. Comparison of the experimental data (Yang et al., 2015a) and the 529 

simulation results for the liquid holdup (a) along the radial direction; (b) under 530 

different rotational speeds; and (c) velocity components along the radial direction.  531 

 532 

Figure 6. Contours of the liquid distribution on the planes (a) x = 0 and (b) y = 0.  533 

3.2 Sensitivity of the simulation results to the dispersion force model 534 

As mentioned in Section 2.4, the dispersion forces consist of the capillary pressure force 535 

and the mechanical dispersion force. Therefore, different capillary pressure models and 536 

the spread factor, 𝑆𝑆𝑓𝑓 in the mechanical dispersion model can influence the magnitude 537 

of the modelled dispersion force and subsequently the distribution of the liquid holdup. 538 

In order to demonstrate the degree of the liquid dispersion in all three flow directions, 539 

in particular the effect of the nozzle length. Two nozzle lengths, i.e. 15 and 7.5 mm (in 540 

the z-direction) have been employed. 541 

(i) Capillary pressure model 542 

The Grosser and the Attou and Ferschneider models, which have been introduced in 543 

Section 2.4 were, respectively, employed as a source term (𝐹⃗𝐹𝐶𝐶,𝐺𝐺 = 𝜀𝜀𝐺𝐺(1 − 𝑓𝑓𝑒𝑒)∇𝑃𝑃𝐶𝐶) in 544 

the momentum equation and their effect on the predicted liquid holdup were compared 545 



with those obtained without including the dispersion force term. In general, the liquid 546 

will disperse from the region of a higher liquid volume fraction to the region of a lower 547 

liquid volume fraction. During this process, the liquid spreads and disperses into 548 

smaller droplets or forms thinner films under the effect of the dispersion force. This 549 

subsequently leads to more contact between the liquid and the packing and this 550 

increases the drag force from the packing (see Eq. 8). Therefore, more liquid is stacked 551 

in the packing region and the liquid holdup increases.  552 

Figure 7 shows the effect of two different capillary pressure models on the liquid holdup 553 

distribution in the packing region for the two nozzle lengths investigated. It can be 554 

observed in Figure 7 that the Grosser capillary pressure model (Eq. 17) has little effect 555 

on the liquid holdup for both nozzle lengths. The possible reason is that in this model 556 

the capillary pressure force is inversely proportional to the packing porosity and the 557 

particle diameter only. Although the diameter of the wire mesh is small, the packing 558 

porosity is large, and it is close to 1. In addition, it has been reported that this model 559 

has the drawback that may fail to reproduce the steep rise in the capillary pressure as 560 

the liquid saturation approaches zero (Lappalainen et al., 2009). The above reasons may 561 

cause the Grosser capillary model to fail to catch the effect of the capillary pressure 562 

force in this RPB model. However, an increase in the liquid holdup is shown in Figure 563 

7 after employing the Attou model. This is because that the Attou model is not only 564 

related to the packing porosity and diameter of the wire mesh, but also it is a function 565 

of the minimum equivalent diameter (𝑑𝑑𝑚𝑚𝑖𝑖𝑚𝑚) and the fluid density ratio. In addition, it 566 

can be seen from Figure 7 that when the nozzle length is 15 mm, the liquid holdup starts 567 

to increase in the inner packing region and this is because the liquid has enough contact 568 

area with the packing to disperse due to the relatively uniform liquid distribution at the 569 

axial direction (z - direction). However, when the nozzle length is 7.5 mm, which means 570 

the liquid concentrates in the central part of the inner packing, the liquid dispersion 571 

cannot increase quickly until it flows into the bulk of the packing where the liquid has 572 

occupied enough space to disperse.  573 



From the above analysis, it can be assumed that the Attou model can be used to 574 

accurately describe the capillary pressure force on the liquid holdup. In addition, this 575 

model can overcome the shortage of the Grosser model and it has been widely validated, 576 

and used in many works for CPBs (Lappalainen et al., 2009, 2011; Solomenko et al., 577 

2015). Therefore, the Attou model has been utilized in the following work. 578 
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Figure 7. The effect of the capillary pressure models on the liquid holdup. 580 

(ii) Spread factor in the dispersion force model 581 

The spread factor, 𝑆𝑆𝑓𝑓 , which is the only estimated parameter for the mechanical 582 

dispersion model, determines the magnitude of the drift velocity and thus influences 583 

the dispersion of the liquid. By conducting the tracer experiments of the CPBs, Hoek 584 

et al. (1986) investigated the effect of the packing particle size on the spread factor and 585 

proposed a correlation for the spread factor (𝑆𝑆𝑓𝑓 = 0.12𝑑𝑑𝑤𝑤). In addition, the packing 586 

particle shape was considered, and the correlation ( 𝑆𝑆𝑓𝑓 = 0.015𝑑𝑑𝑤𝑤0.5𝜙𝜙−0.33 ) was 587 

suggested by Baldi and Specchia (1976). However, this does not take into account the 588 

liquid surface tension, thus, another correlation (𝑆𝑆𝑓𝑓 = 0.231𝑑𝑑𝑤𝑤0.5𝜎𝜎 ) was introduced 589 

(Onda et al., 1973), which is dependent of the particle size and surface tension. 590 

Similar to the capillary pressure force, the mechanical dispersion force is also 591 

considered as a source term in the momentum equation. The effect of the different 592 

correlations discussed above for the spread factor on the liquid holdup along the radial 593 

direction of the RPB has been investigated as shown in Figure 8 where only the 594 

mechanical dispersion forces have been considered, without including the capillary 595 



pressure force. When the nozzle length is 15 mm, the effect of the mechanical 596 

dispersion force on the liquid holdup is relatively small. The reason is that the liquid 597 

holdup in the packing region is relatively small in three flow directions due to the large 598 

nozzle length. This leads to a small spatial gradient of the liquid holdup and a small 599 

driving force to cause the liquid to flow from the high liquid fraction region to the low 600 

liquid fraction region and subsequently result in a small increase in the liquid holdup 601 

due to dispersion. It also can be observed that the red curve increases slightly with 602 

respect to the black curve because of the very small spread factor, which is 4.8×10-5. 603 

For the nozzle length being 7.5 mm, the blue and olive curves, whose spread factors 604 

respectively are 3.0×10-4 and 3.3×10-4, are clearly higher than the red curve. Therefore, 605 

it can be concluded that the spread factor is a very sensitive quantity for flows with a 606 

less uniform and more concentrated distribution, such as those for the case of the nozzle 607 

length being 7.5 mm. 608 

It was reported that the correlations of Baldi and Specchia (1976) and Onda et al. (1973) 609 

was more consistent with the experimental data of CPBs (Lappalainen et al., 2009). In 610 

addition, the distributions of the liquid holdup in the packing region of the RPB are 611 

similar when employing the above two mechanical dispersion models as shown in 612 

Figure 8, which means that both models can be theoretically utilized in the RPB. 613 

Nevertheless, Baldi and Specchia (1976) studied the influence of the shape of the 614 

packing elements by using beads, Berl saddles and Raschig rings, but not the wire mesh 615 

used in this paper. In addition, the surface tension can affect the liquid dispersion 616 

(Delgado, 2005), and this factor is considered when the spread factor is estimated using 617 

0.231𝑑𝑑𝑤𝑤0.5𝜎𝜎 , thus this correlation has been selected in the work presented in the 618 

remainder of this paper.  619 

So far, the suitable capillary pressure and mechanical dispersion models have been 620 

assessed. The significance of the capillary pressure force and mechanical dispersion 621 

force to the predicted liquid holdup can be assessed by comparing Figures 7 and 8. It is 622 

noted that the influences of the capillary pressure force and mechanical dispersion force 623 



on the liquid hold up are in a similar order of magnitude for the case when the nozzle 624 

length is 15 mm. When for the nozzle length is 7.5 mm, the predicted liquid dispersion 625 

in this RPB is dominated by the mechanical dispersion and the capillary effect is small.  626 
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Figure 8. The effect of the correlations for the spread factor on the liquid holdup. 628 

3.3 Effect of the operational parameters on the dispersion force 629 

The effect of the operational parameters on the dispersion force has been investigated 630 

in the RPB models with the two liquid nozzle lengths of 15 and 7.5 mm. In addition, 631 

the effect of the dispersion forces on the liquid holdup with different operational 632 

parameters are similar for both the investigated liquid nozzle lengths. Therefore, in this 633 

section only the 7.5 mm nozzle length has been chosen to show the effect of the 634 

operational parameters on the dispersion force. In addition, in order to highlight the 635 

characteristics of the model when employing dispersion forces, the effect of the 636 

dispersion force on the liquid holdup have been analyzed by comparing the results of 637 

the liquid holdup predicted from the models with and without employing the dispersion 638 

forces. 639 

3.3.1 The effect of liquid flow rate 640 

Figure 9 illustrates the effect of the liquid flow rate on the liquid holdup in the packing 641 

region when the rotating speeds are 500 and 1000 rpm and the liquid flow rate varies 642 

from 23 to 43 cm3/s. On taking the rotating speeds of 500 rpm as an example, Figures 643 

10 and 11 show the predicted contour plots of the liquid holdup and the fractional 644 

effective interfacial area on the central/symmetric plane (z=0.01 m) without and with 645 



considering the dispersion forces. It can be observed, when the liquid flow rate 646 

increases, more liquid exists in the packing region as shown in Figures 11(a) and 11(b), 647 

thus, the liquid volume fraction (holdup) becomes higher in the packing as can be seen 648 

in Figures 9(a) and 9(b). It also indicates that more of the packing surface is covered by 649 

the liquid phase. As a result, the effective interfacial area increases, and this is shown 650 

in Figures 11(c) and 11(d).  651 

Compared with Figures 10 (a) and 11(a) or Figures 10(b) and 11(b), it is clear that the 652 

liquid distributes more uniformly under the influence of the liquid dispersion force. It 653 

further leads to a higher effective interfacial area, which is shown by comparing Figures 654 

10(c) and 11(c) as well as Figures 10(d) and 11(d). Although it appears that the red area 655 

occupied in Figures 10(c) and 10(d) are larger than that in Figures 11(c) and 11(d), the 656 

fact is that the overall fractional effective interfacial area in Figures 11(c) and 11(d) 657 

increases. This is because the liquid is distributed more uniformly and more liquid 658 

covers the packing surface and is in contact with the gas phase due to the dispersion 659 

effect. Also, it can be seen from Figures 9(a) and 9(b) that the effect of the dispersion 660 

forces on the liquid holdup becomes larger with the increase in the liquid flow rate and 661 

this is due to the higher spatial gradient in the liquid holdup. However, the increase in 662 

the liquid holdup in Figure 9(b) is smaller when compared with that in Figure 9(a). The 663 

reason is that the liquid spreads into more tiny droplets due to the stronger interaction 664 

with packing and these droplets will obtain more kinetic energy when the rotational 665 

speed is higher. As a result, the dispersed liquid droplets achieve a larger radial velocity 666 

and they are difficult to retain in the packing region.  667 

 668 
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(a) (b) 

Figure 9. The effect of the liquid flow rate on the liquid holdup under different 670 

rotational speeds: (a) 500 rpm and (b) 1000 rpm. 671 

   672 

Figure 10. The holdup up and fractional effective interfacial area on the symmetric 673 

plane before employing the dispersion force with different liquid flow rates: (a) 𝜀𝜀𝐺𝐺, 674 

23 cm3/s; (b) 𝜀𝜀𝐺𝐺, 43 cm3/s; (c) 𝑓𝑓𝑒𝑒, 23 cm3/s; and (d) 𝑓𝑓𝑒𝑒, 43 cm3/s. 675 

  676 

Figure 11. The holdup up and fractional effective interfacial area on the symmetric 677 

plane after employing the dispersion force with different liquid flow rates: (a) 𝜀𝜀𝐺𝐺, 23 678 

cm3/s; (b) 𝜀𝜀𝐺𝐺, 43 cm3/s; (c) 𝑓𝑓𝑒𝑒, 23 cm3/s; and (d) 𝑓𝑓𝑒𝑒, 43 cm3/s. 679 

3.3.2 Effect of the rotational speed and packing porosity 680 

It has been proven that the rotational speed can influence the liquid flow dynamics and 681 



liquid dispersion in the packing region (Liu et al., 2019; Wenzel and Górak, 2018a; Xie 682 

et al., 2017). Thus, the effect of the rotational speed on the liquid holdup is shown in 683 

Figure 12(a) when the liquid flow rate is 43 cm3/s. When the rotational speed increases 684 

from 500 to 2500 rpm, the liquid can receive more kinetic energy from the rotating 685 

packing, and the liquid is formed into more tiny droplets and fragments, which can 686 

improve the liquid distribution and the effective interfacial area (Xie et al., 2017). 687 

Although the higher effective interfacial area can increase the liquid-solid drag force, 688 

the higher liquid radial velocity resulting from the stronger centrifugal force is 689 

predominant, thus leading to the liquid holdup reducing as shown in Figure 12(a). In 690 

addition, the lower liquid holdup and more uniform liquid distribution is caused by the 691 

higher rotational speed and this leads to a smaller spatial gradient of the liquid holdup, 692 

which causes the smaller liquid dispersion forces. Therefore, the increase in the 693 

magnitude of the liquid holdup reduces with the rotational speed increasing.  694 

The packing porosity is an important characteristic for the RPBs and this factor may 695 

also affect the liquid holdup and liquid dispersion performance. Figure 12(b) shows the 696 

liquid holdup and liquid saturation with different porosity under the liquid flow rate of 697 

23 cm3/s. From Figure 12(b), it can be observed that the liquid saturation changes 698 

slightly and the liquid holdup decreases with the decreasing in the packing porosity. 699 

Reducing the packing porosity means that more wire mesh is stacked and occupied in 700 

the packing region, thus the fraction of the liquid volume (liquid holdup) would be 701 

smaller according to Eq. (2). In addition, the increase in the magnitude of the liquid 702 

holdup changes only slightly due to the almost unchanged liquid saturation and the 703 

spatial gradient of the liquid saturation. 704 
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Figure 12. The effect of the (a) rotational speed; and (b) packing porosity on the 706 

liquid holdup. 707 

3.3.3 Effect of the nozzle size and number of nozzles  708 

The nozzle size and the number of nozzles are very important for the initial liquid 709 

distribution and dispersion (Wu et al., 2020). Thus, Figures 13(a), 13(b) and 13(c) show 710 

the effect of the nozzle (axial) length, nozzle width, and number of nozzle(s) on the 711 

liquid holdup under the same liquid flow rate and rotational speed of 43cm3/s and 500 712 

rpm, respectively. In particular, the effect of the nozzle length on the liquid holdup has 713 

been rarely studied due to the limitation of the 2D model (Zhang et al., 2020). However, 714 

it can be studied by using the 3D model and its effect on the dispersion force has been 715 

investigated.  716 

From Figure 13(a), with the increase in the nozzle length, the liquid jet velocity reduces 717 

and the liquid holdup distributes more uniformly in the packing region, especially in 718 

the axial direction (Yang et al., 2009). As a result, the liquid holdup in the packing 719 

region increases. In addition, as the nozzle length increases, the effect of the liquid 720 

dispersion force on the liquid holdup becomes weaker and this is due to two reasons. 721 

The first reason is the small spatial gradient in the liquid holdup in the packing region 722 

that results from the more uniform liquid distribution. The second is that the smaller 723 

liquid jet velocity leads to a smaller drift velocity, and the drift velocity is proportional 724 

to the mechanical dispersion force. However, the second reason is not the main reason, 725 



and this is because the liquid jet velocity would substantially reduce after entering the 726 

packing so that it is only significant within a small entrance region although the initial 727 

impact on the packing and thus the dispersion is still important. 728 

From Figure 13(b), the liquid holdup increases slightly with the increase in the nozzle 729 

width. The reason is that increasing the nozzle width not only reduces the liquid jet 730 

velocity, but also increases the liquid jet area in the horizontal direction, which could 731 

increase the liquid holdup. However, the flow in the packing is influenced more by the 732 

centrifugal force than the initial liquid jet velocity and jet area. Therefore, the increase 733 

of the liquid holdup is very limited. It is noted that this conclusion is contrast to that 734 

reported in the work of Zhang et al. (2020) where the liquid holdup increases 735 

significantly when the width of the nozzle increases. The possible reason is that Zhang 736 

et al. (2020) used a stationary packing and there is no centrifugal force generated when 737 

the liquid passes through the stationary wire mesh. In addition, the slight increase in 738 

the liquid holdup results in almost no change in the spatial gradient of the liquid holdup. 739 

Therefore, the nozzle width has little effect on the liquid dispersion performance.  740 

It can be seen, from Figure 13(c), that the liquid holdup increases when the number of 741 

nozzles increases. When the liquid holdup increases from one to two and four, the liquid 742 

holdup increases from 5.3% to 8.0%, respectively. This indicates that the number of the 743 

nozzles has a larger influence on the liquid holdup when the nozzle number is small. 744 

Taking the symmetrical cross-sectional plane as an example, Figure 14 shows the 745 

distribution of the liquid holdup on this surface. It can be seen that the increasing 746 

number of nozzles could improve the liquid distribution in the radial and 747 

circumferential directions. The more uniform is the liquid distribution then this leads to 748 

a slightly lower spatial gradient of the liquid volume fraction. Therefore, the relative 749 

increase in the liquid holdup reduces slightly with the further increasing number of 750 

nozzles.  751 

When compared with Figures 13(a)-13(c), it is noted that the liquid holdup is relatively 752 

sensitive to the nozzle length and number of nozzles rather than the nozzle width. 753 



Therefore, employ a longer nozzle length can increase the liquid holdup, while, 754 

increasing the number of nozzles could lead to a more uniform liquid distribution, 755 

which may be good for the mass transfer performance.  756 
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Figure 13. The effect of the (a) nozzle length; (b) nozzle width; and (c) number of 758 

nozzles, on the liquid holdup. 759 

 760 

Figure 14. The distribution of the liquid holdup on the symmetric cross-sectional 761 

surface. 762 

3.4 Comments on the time efficacy of the new Eulerian model  763 

All the simulations presented in this paper have been performed using a PC with an 764 

Inter Core i7-7700k CPU and 8 processors. In general, it takes only 0.5-3 h depending 765 

on the rotational speed simulated to finish a full analysis of the 3D RPB. It should be 766 

noted that, in a 2D RPB model that is established based on the same experimental rig, 767 

a 0.87 M grid is chosen to investigate the flow characteristics when using the VOF 768 

method (Xie et al., 2017) compared with only about 0.05 M grid being required for the 769 

3D simulation that has been performed in the present work. It is clear that a considerable 770 

amount of time and resource can be saved when using the Eulerian method without any 771 



lose in accuracy.  772 

4. Conclusions 773 

The overall aim of this research is to develop an efficient and accurate modelling 774 

approach that can be practically used for the modelling of the physical and chemical 775 

processes occurring in a full scale rotational packed bed in the future. The specific 776 

objectives of this paper are to investigate the liquid dispersion in the packing region, 777 

and how to accurately model the effects in a RPB. In this study, a novel 3D Eulerian 778 

porous medium RPB model has been developed and applied using the CFD software 779 

package FLUENT, coupled with the interfacial, drag and dispersion forces. The 780 

influence of the dispersion forces on the liquid holdup was investigated and the 781 

sensitivity of the CFD predictions on the dispersion model employed, together with the 782 

influence of the design and operational parameters such as the rotational speed, liquid 783 

flow rate, etc. have been critically analyzed. Some of the main findings are as follows: 784 

(i) the porous medium model with the Eulerian method was successfully developed 785 

and used to model the fluid dynamics and liquid dispersion in a 3D RPB. Using this 786 

model we can substantially reduce the computational time and efforts; (ii) a new form 787 

of the porous resistance model was developed for two-phase flows and this model 788 

could accurately predict the porous resistance in the packing (Bussière et al., 2017); 789 

(iii) the correlation for the gas-liquid effective interfacial area was developed to fit the 790 

non-uniform flow. After the modification, the distribution of the fractional effective 791 

interfacial area (𝑓𝑓𝑒𝑒) is consistent with the reality. The effective interfacial area is larger 792 

where the liquid holdup is higher. In addition, the use of the developed 𝑓𝑓𝑒𝑒 would make 793 

the porous medium model more accurate; and (iv) the dispersion force models, for the 794 

first time, were added into the model to simulate the liquid dispersion in a complete 795 

packing region in 3D. In the 3D model coupled with the dispersion force models, the 796 

effect of liquid dispersion on the liquid holdup could be quantified and more accurate 797 

liquid flow performance was achieved. 798 

The simulation results show that the effect of the capillary pressure and mechanical 799 



dispersion forces on the liquid holdup are important to consider but showed different 800 

levels of significance with different liquid nozzle lengths. The effect of the capillary 801 

pressure force and mechanical dispersion force on the liquid holdup are similar when 802 

the nozzle length is 15 mm. While when the nozzle length is 7.5 mm, the liquid 803 

dispersion in this RPB model is dominated by the mechanical dispersion and the spread 804 

factor is a very sensitive quantity. With the liquid flow rate increasing, the influence of 805 

the dispersion force on the liquid holdup are slightly different under different rotational 806 

speeds. The effect of the dispersion force on the liquid holdup is almost the same with 807 

different nozzle widths and packing porosity. In addition, on increasing the number of 808 

the liquid nozzles from 1-4 could improve the liquid distribution and liquid holdup in 809 

the packing region substantially. However, further increasing the number of nozzles 810 

tends to be less effective. Certainly, establishing a universal model through thoroughly 811 

analyzing and combining the obtained results will be of much value for predicting the 812 

effect of the nozzles geometry and operating conditions on the liquid holdup. However, 813 

this idea is beyond the research scope of this paper and it is worthy of a full research 814 

paper in its own right. Therefore, this idea will be considered in the future work. 815 

Overall, the method proposed and employed in this paper paves the way for much more 816 

efficient simulations of full 3D RPBs in the future. 817 
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