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A B S T R A C T   

A 1-D heterogeneous model of sorption-enhanced steam methane reforming (SE-SMR) process in a packed bed 
reactor consisting of nickel catalyst well mixed with CO2 sorbent particles is investigated for three types of 
common sorbents. The performance of SE-SMR process is studied under low medium pressure conditions (3 – 
11 bar) to find the optimum operating conditions. Optimal CaO sorption corresponding to 82% CH4 conversion 
and 85% H2 purity is found at 900 K, 3 bar, 3.5 kgm− 2s− 1 and S/C of 3.0. In contrast, lithium zirconate (LZC) and 
hydrotalcite (HTC) sorbents exhibited best sorptions under the operating conditions of 773 K, 5 bar and S/C of 3 
with CH4 conversion of 91.3% and 55.2%, and H2 purity of 94.1% and 77.8% respectively. In these conditions, 
the CH4 conversion increased by 114%, 111% and 67% compared to the conventional SMR for the processes 
enhanced by HTC, LZC and CaO sorption respectively.   

1. Introduction 

The SMR process is the most widely used technology for the com-
mercial production of H2 [1,2]. The conventional SMR process is usually 
carried out under high temperature (1073 – 1273 K) and pressure (20 – 
35 bar) conditions in the presence of reforming catalyst (mostly 
Ni-based) [3]. 

CH4(g) +H2O(g) ↔ CO(g) + 3H2(g) ∆H0
298K = 206.2kJmol− 1

CH4
(R1)  

CH4(g) + 2H2O(g) ↔ CO2(g) + 4H2(g) ∆H0
298K = 165kJ mol− 1

CH4
(R2) 

The excess steam from R1 then reacts with CO in a water gas shift 
(WGS) reactor by the WGS reaction (R3) to further maximize the H2 
yield [4]. 

CO(g) +H2O(g) ↔ CO2(g) +H2(g) ∆H0
298K = − 41.2kJ mol− 1

CO (R3) 

The reforming and WGS are limited by chemical equilibrium and the 
thermodynamic constraints preclude both reactions to attain complete 
conversions of CH4 and CO in a single reactor [3,5]. Further, one ton of 
H2 produced through SMR process releases approximately 8 ton of CO2 

into the atmosphere [6]. This excessive release of CO2 gives a low H2 
selectivity and low H2 yield [7]. These drawbacks of the SMR process 
stimulated the researchers to develop more environment friendly and 
less energy intensive processes for the production of H2. One such 
innovative technology uses sorbents during the reforming reaction for 
uptake of CO2 in-situ while producing H2 enriched gas (up to 97% dry 
basis) in a single reactor [8]. This concept is termed as 
sorption-enhanced steam methane reforming (SE-SMR). In the SE-SMR 
process, reforming reactions (R1 & R2), WGS (R3) and sorption reac-
tion (R4) takes place at the same time in a single packed bed reactor [9]. 
According to Le Chatelier’s principle, the CO2 removal would shift the 
overall reforming process towards more H2 production [8]. The CO2 
sorption reaction is given as; 

CO2(g) + ε(s)→CO2ε(s) (R4)  

Where, ε(s) is the CO2 sorbent which may truly react with CO2 to form a 
solid carbonate or may be physically or chemically adsorbed on the 
surface of the sorbent [2]. The overall SE-SMR reaction would become; 

CH4(g) + 2H2O(g) + ε(s) ↔ CO2ε(s) + 4H2(g) (R5) 

The sorption of CO2 is an exothermic process in which the 
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equilibrium constant decreases with increase in temperature. The in-
clusion of exothermic carbonation reaction forms the overall SE-SMR 
process essentially thermo-neutral and little or no extra energy would 
be required during the SE-SMR process [10]. Moreover, the use of sor-
bents allows operating at comparatively lower temperatures (~873 K) 
than the conventional SMR process (950 – 1200 K) [11,12]. 

A considerable number of studies have been conducted on experi-
mentation and modeling of the SE-SMR process so far [3,11,13]. Various 
sorbents such as zeolites, activated carbon, metallic oxides, dolomite, 
hematite and hydrotalcites (HTC) have been proposed for capturing CO2 
during SMR. SE-SMR operates at a relatively high temperatures 
(~873 K), which urges to study selective sorbents with suitable ther-
modynamics that retain significant uptake capacities in these conditions 
after repeated cycles of sorption-desorption, as well as fast kinetics [14, 
15]. Further, the sorbent must be easily regenerated and available at low 
cost [16]. Metal oxides such as CaO and lithium oxides show good ca-
pacities and kinetics at high temperatures (> 723 K). In regards with 
HTC, these sorbents can operate at medium-high temperatures without 
considerable effect on sorption kinetics but the CO2 absorption capacity 
is modest as compared to other CO2 sorbents [17]. 

In the last years, a wide number of investigations concerning to the 
SE-SMR process using CaO as a CO2 sorbent have been carried out [2, 
13], [18,19], [20]. Unfortunately, the stability of CaO upon multiple 
carbonation – decarbonation cycles is the main concern [2,4]. To 

address this issue, researchers have tried to support CaO with inert 
compounds such Al2O3, MgO and Ca12Al14O33 [21]. Lithium zirconate 
(LZC) finds advantages over CaO in terms of low regeneration temper-
ature [22] Halabi et al. [23] investigated K-promoted HTC and LZC as 
potential sorbents in autothermal reforming. Several K-promoted HTC 
have been tested and equilibrium CO2 sorption capacity of 
0.40 molCO2/kg sorbent over 6000 cycles have been found [4]. High 
sorption capacity (2.09 molCO2/kg sorbent) of HTC doped with potassium 
(20 wt%) was also measured by Joel et al. [5] at 3.1 bar. 

However, no work has been conducted on the mathematical 
modeling of the SE-SMR process utilizing both a 18 wt% NiO-based 
catalyst and sorbents available in the literature. Also, no research 
evincing the optimal operating conditions like temperature, gas mass 
flux Gs, and S/C at low pressures (3–11 bar) for different sorbents (CaO, 
LZC and HTC) using SE-SMR process has been found. To fill this gap, a 
one-dimensional heterogeneous model of the SE-SMR process is devel-
oped and implemented in gPROMS for the solution of conservation 
equations. In this work, CaO, LZC, and HTC sorbents are used. The 
overall performance of the process is studied under the various oper-
ating conditions of temperature, pressure, S/C and gas mass flow ve-
locity (Gs). The developed model is validated against the equilibrium 
data developed on an individual equilibrium software (chemical equi-
librium with applications – CEA) and with the use of results estimated by 
Ding et al. [24] and Ochoa-Fernández et al. [25]. 

Nomenclature 

av Interfacial area per unit volume, m2m− 3 

bCO2 Temperature dependent Langmuir parameter, kPa− 1 

bCO2, ref Temperature dependent Langmuir parameter at reference 
conditions, kPa− 1 

Ci Concentration of component i, mol m− 3 

Ci,in Concentration of component i at inlet, mol m− 3 

Ci,o Concentration of component i at t = 0, mol m− 3 

Ci,s Concentration of component i on solid surface, mol m− 3 

Cpg Heat capacity of gas, J kg− 1K− 1 

Cp,bed Heat capacity of bed, J kg− 1K− 1 

Di Effective diffusion coefficient, m2 s− 1 

Dm Average molecular diffusivity, m2 s− 1 

dP Particle diameter of catalyst, m 
Dp Pore diffusion coefficient, m2 s− 1 

Dz Axial dispersion coefficient, m2 s− 1 

Ej Activation energy of reaction j, J mol− 1 

Ead Activation energy of sorbents, J mol− 1 

CF Conversion enhancement factor (%) 
Gs Gas mass flow velocity, kg m− 2 s− 1 

hf Heat transfer coefficient, W m− 2 s− 1 

JD,i Chilton-Colburn j-factor for mass transfer 
JH Chilton-Colburn j-factor for heat transfer 
k Thermal conductivity, W m− 1 K− 1 

keff Effective thermal conductivity, W m− 1 K− 1 

kg,i Gas to solid mass transfer coefficient of component i, m3 

m− 2s− 1 

Ki Sorption constant of species i 
kj Kinetic constant of reaction j 
Ko,i Reference sorption constant of species i 
Kj Equilibrium constant of reaction j 
kz Axial thermal conductivity, W m− 1 K− 1 

L Length of reactor bed, m 
mCO2 Maximum sorption capacity for HTC, mol kg− 1 

pi Partial pressure of specie i, bar 
P Total pressure, bar 
pi

feed Partial pressure of component i in feed, bar 

P◦ Pressure at z = 0, bar 
Pin Inlet pressure of the feed, bar 
Pr Prandtl number 
qCO2 concentration of CO2 on sorbent, mol kg− 1 

qCO2, max Maximum carbonation conversion, mol kg− 1 

R, Rg Ideal gas constant, J mol− 1K− 1 

ri Rate of formation of component i, mol kgcat
− 1s− 1 

rads Rate of sorption of CO2, mol kg− 1s− 1 

Re Reynolds number 
Rj Rate of reaction j, mol kgcat

− 1s− 1 

Sci Schmidt’s number 
T Temperature within reactor, K 
Tin Inlet temperature, K 
Ts Temperature of catalyst particles, K 
Ts,o Temperature of solid particles at ‘t = 0′, K 
us, v Superficial velocity, m s− 1 

Xmax Maximum fractional carbonation conversion of CaO 
XCH4 Fractional conversion of CH4 
X Extent of reaction 
ΔHrex Heat of reaction at standard conditions, J mol− 1 

ΔHads Heat of sorption reaction at standard conditions, J mol− 1 

ΔP Pressure drop across the bed reactor, bar 

Greek Letters 
Ω Denominator term in the reaction kinetics 
λz

f Effective thermal conductivity, W m− 1 K− 1 

λg Average gas thermal conductivity, W m− 1 K− 1 

λs Solid thermal conductivity, W m− 1 K− 1 

λz
◦ Effective thermal conductivity of motionless fluid, W m− 1 

K− 1 

ρf Density of fluid, kg m− 3 

ρcat Density of catalyst, kg m− 3 

ρad Density of sorbent, kg m− 3 

ƞj Effectiveness factor 
Φij Stoichiometric coefficient 
μg Viscosity of gas, Pa.s 
ʋ Ratio of amount of catalyst to amount of sorbent  
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2. Mathematical modeling 

2.1. State of the art SE-SMR kinetics of selected sorbents 

In the modeling of the SE-SMR reactor, the rate equations and ki-
netics data for the SMR process is taken from Xu et al. [26] as shown in 
Appendix A-1. As in the SE-SMR process, the sorbent is added for 
removing the CO2 produced during the reforming process. The reactions 
existent between CO2 and CaO and overall SE-SMR are given as; 

CaO(s) +CO2(g)→CaCO3(s) ∆H0
298K = − 178.8kJmol− 1

CaO (R6)  

CH4(g)+2H2O(g) + CaO(s) ↔CaCO3(s)+4H2(g) ∆H0
298K = − 13.9kJmol− 1

CaO

(R7) 

Many expressions have been published in the literature to explain the 
CO2 capture kinetics of CaO [3,11,19]. The selection of kinetic models 
greatly depends upon the experimental procedures and morphology of 
the sorbents. Johnsen et al. [11] used the shrinking core model (SCM) to 
describe the CaO carbonation kinetics. Nikulshina et al. [27] chose the 
unreacted kinetic model (UKM) to precisely describe the capturing of 
CO2 over CaO. Lee et al. [19] used TGA to examine the carbonation 
conversion data over the temperature range of 923 – 1023K. Rodríguez 
et al. [28] reported a first order carbonation kinetics for the capture of 
CO2 given in Appendix-A2. The sorption of CO2 over LZC is a highly 
exothermic reaction as indicated in R8. 

Li2ZrO3(s) +CO2(g)→Li2CO3(s) +ZrO2(s) ∆H0
298K = − 160kJmol− 1

Li2ZrO3

(R8) 

Ida et al. [29] found the CO2 sorption kinetics in LZC by using double 
shell unreacted core model. Ochoa-Fernández et al. [25] studied the 
properties of CO2 capture over LZC. They used the extent of reaction (x) 
to describe the CO2 capture properties over LZC. Their proposed kinetics 
are used in this work and the rate equations are given in Appendix-A3. 

LZC has the ability to hold water and it also displays increased 
chemisorption kinetics under wet conditions [30]. Steam is also re-
ported to enhance CO2 diffusion through the layer of carbonate formed 
over LZC [30]. However, it does cause a continuous deactivation, 
lowering the capacity of the acceptor due to phase segregation, sintering 
or vaporization of alkali metals after forming hydro-oxides in the pres-
ence of steam. Capture kinetics, regeneration and stability of LZC under 
steam conditions showed that capture kinetics were considerably 
improved with 10% steam concentrations [31]. 

K – HTC shows a chemisorption of CO2 over the fresh sorbent fol-
lowed by reversible and weak physical sorption. The sorption of CO2 

over HTC is slightly exothermic with ∆H0
298K = − 17 kJ mol− 1

K− HTC. 
Ding et al. [24] used Langmuir model to adequately describe the CO2 
sorption kinetics by using both dry and wet feed conditions. The linear 
driving force (LDF) model was found to be feasible for describing the 
intraparticle mass transfer process during carbonation reaction. The 
kinetic model of HTC along with effective mass transfer coefficient, 
Langmuir model parameter, and LDF model is presented in Appen-
dix-A4. The CO2 adsorption capacity in dry condition is always lower 
than in wet condition. This suggests that the presence of water vapors is 
able to further activate adsorption sites, possibly by maintaining the 
hydroxyl concentration of the surface, and/or preventing site poisoning 
through carbonate or coke deposition [32]. 

2.2. Model development and its essential features 

To illustrate the physical and chemical behavior, 1-dimensional het-
erogeneous model is adapted from [13] for the SE-SMR process with the 
different sorbents. To summarize, the original model describes mass and 
energy balance equations that account for both solid and gas phases and is 
formulated dynamically due to the time-dependent nature of sorption 
reaction (R4). The flow of gases in a reactor is assumed essentially ideal 

plug flow in nature while the direction of flow of gases is supposed to be 
only in axial direction. Peclet number Pe = uL/De) is considered to be 
greater than 800, hence, the mixing of gases and variation of temperature 
and concentration across the radial direction of packed bed reactor can be 
neglected. In order to take the advantage of the exothermic nature of the 
sorption reaction (R4), an adiabatic behavior of packed bed reactor is 
assumed. Fernandez et al. [3] suggested that the adiabatic SE-SMR reactor 
gives a shorter pre-breakthrough period as compared to non-adiabatic 
(quasi-isothermal) reactor. The adiabatic process also enhanced the en-
ergy efficiency of the reactor and it eliminated the need for heat transfer 
equipment for SE-SMR process [3]. Only CO2 is considered to be adsorbed 
on the surface of sorbent. Ideal gas behavior of gases, uniform size of the 
catalyst and sorbent throughout the reactor, and constant packed bed 
porosity is also assumed. Fig. 1 shows the essential features of the 
mathematical model. The reforming and carbonation stage of the SE-SMR 
process is limited by mass transfer, in particular diffusion of the inter-
mediary and final products between the catalytic and sorption sites. The 
single combined particle system greatly minimizes the effective diffusion 
distance and prevents dilution of intermediates by the bulk gas, thereby 
promoting improved mass transfer rates and conversion efficiencies [33, 
34]. The mass diffusion fluxes can be described according to the 
Maxwell–Stefan. 

Low temperatures in SE-SMR result in lack of H2 production and it 
favours the Boudouard carbon formation reaction (R9) but at the same 
time elevated temperatures aid in coke oxidation by steam [35]. 

2CO(g) ↔ CO2(g) +C(s) ∆H0
298K = − 172.5 kJ mol− 1

CO (R9) 

Excess supply of steam suppresses the coke formation by shifting R1 
towards more H2 production and also according to Dou et al. [36], the 
Boudouard reaction is not dominant even at the temperature of 500 ◦C 
because of the low ratio of CO/CO2. In one of our recent work [37], we 
have investigated the equilibrium coke formation for SE-SMR and it was 
observed that coke deposition becomes less intense as S/C approaches 1. 
Thus, if a sufficiently high enough S/C ratio is provided then the un-
desired carbon formation can be suppressed. In our present work, S/C of 
3 is chosen, thus coke formation has not been taken into account as an 
equilibrium product to perform the analysis. The parameters and oper-
ating conditions used during the modeling of the SE-SMR reactor are 
tabulated in Table 1. 

Table 2 illustrates the mass and energy balances for component ‘i′

(i = CH4, CO, CO2, H2, and H2O) in both gas and solid phase. Where ‘εb’, 
‘ρg’, ‘Cpg’ and ‘ƞj’ correspond to the bed porosity, density, specific heat of 
gases and effectiveness factor respectively. In the current model, ƞjis 
assumed equal to 1.0 by neglecting diffusion resistance between gas and 
solid phases. Effect of the variation of temperature is also incorporated in 
the heat capacity of gases. The pressure drop in the bed of the reactor is 
modified by using Ergun’s equation. The equations regarding calculations 
of physical properties like thermal conductivities, mass and heat transfer 
coefficient along with the dimensionless numbers are presented in Ap-
pendix-B. To solve these equations, initial and boundary conditions are 
listed in Appendix-C1. At the start of the reactor, initial concentration 
(Ci) should be set to zero, but this will make the SMR rates infinity. To 
avoid this problem, a very small initial concentration is set for H2. 

The model is implemented in gPROMS for the solution of the equa-
tions. To solve partial differential equations included in this model, a 
first order backward finite difference method (BFDM) was used. The 
reactor length (L) was discretized into 100 uniform intervals and results 
were reported after every 10 s 

3. Results and discussion 

3.1. Model validation 

In our previous work [13], the SE-SMR process in an adiabatic 
packed bed reactor using CaO as the sorbent is validated against the 
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outcomes of chemical equilibrium and applications (CEA) software and 
literature data. CEA software is based on minimization of Gibbs free 
energy (G) [38]. To study the performance of SE-SMR process, we used 
the industrial conditions for temperature, pressure and S/C. In the cur-
rent work, we are using the same validated model to understand the 
performance of SE-SMR reactor under the low-pressure conditions (3 – 
11 bar) by using different (CaO, LZC and HTC) sorbents. The extent of 
reaction (x) of CO2 sorption using LZC as the CO2 sorbent is simulated 
and validated against the experimental outcomes of Ochoa-Fernández 
et al. [25]. Fig. 2 shows the dynamic variation in the extent of reaction at 
various partial pressures of CO2 (0.5, 0.7 and 1 bar) and a temperature 
of 848 K. Ochoa-Fernández et al. [25] studied the extent of reaction at 

various partial pressures of CO2 and two temperatures (823 K and 
848 K). Here, validation of model outputs against the literature is per-
formed at 848 K owing to the higher activity of sorbent, which helps it in 
reaching saturation more quickly as compared to 823 K and fast cyclic 
operation can be performed. The values for kinetic parameters (kad, Ead, 
To, and n) are taken from the literature and presented in Appendix A-3 
[25]. At high pCO2 

(1 bar), the LZC sorbent approaches its saturation 
point quickly as compared to low values of pCO2 

because of the CO2 

sorption on LZC is favored under high-pressure conditions. There is an 
excellent agreement observed between the modeling outputs and the 
experimental results available in the literature. 

At 150 s, the simulated extent of reaction (xM) for pCO2
= 1 bar is 

0.673 (uptakeCO2/maximum uptakeCO2), whereas experimental extent 
of reaction (xE) at 150 s is 0.707. Similarly, the experimental and 
modeling data for the extent of reaction at pCO2

= 0.7 bar and 270 s is 
0.670 and 0.671 respectively. At pCO2 

= 0.5 bar, xE and xM curves are 
less sharp and large time is required to saturate the LZC sorbent because 
the kinetics of LZC reported by Ochoa-Fernández et al. [25] is of second 
order. They reported complex mechanism for CO2 sorption on LZC and 
modeling equations that were used to describe the CO2 sorption exper-
imentally indicated a second order reaction. 

The kinetics of HTC (Appendix A-4) used in this study are first 
validated by using the experimental data of Ding et al. [24]. The model 
is validated under both dry and wet feed conditions. The steam is used as 
reactant in the SE-SMR process, hence, only wet feed conditions are 
discussed in this work under the operating conditions of 673 K and 
753 K. Fig. 3 shows the effect of pCO2 (0 – 0.45 bar) on the sorption 

Fig. 1. Essential ingredients of the mathematical model.  

Table 1 
The parameters and operating conditions used in the modeling of SE-SMR 
reactor.  

Reactor bed characteristics and operating conditions Value 

Density of catalyst, ρcat [kg m− 3]  550 
Density of bed, ρbed [kg m− 3]  1625 
Specific heat of bed, Cp,bed [J kg− 1 K− 1]  980 
Average gas viscosity, μ [kg m− 1 s− 1]  1.8 × 10− 4 

Steam to carbon ratio, S/C [-] 3 
Particle diameter, dp [m]  0.01 
Bed porosity, εb [-]  0.5 
Reactor length, L [m] 7 
CaO density, ρads,CaO [kg m− 3]  1125 
LZC density, ρads,LZC [kg m− 3]  596 
HTC density, ρads,HTC [kg m− 3]  1300 
Catalyst/sorbent ratio 0.35  

Table 2 
Effect of temperature on CH4 conversion, H2 yield (wt%), H2 purity and CO2 
capture efficiency at 5 bar, S/C of 3.0 and 0.5 kg m− 2 s− 1 using HTC.  

Temperature 
[K] 

CH4 

conversion 
[XCH4, %]  

H2Yield =
nH2,out

nH2,stoic  

H2 

purity 
[%] 

CO2 

capturing 
efficiency 
[%] 

673 21.60  0.67 45.55 20.03 
693 27.56  0.85 53.38 25.65 
713 33.86  1.04 60.39 31.59 
733 39.94  1.23 66.19 37.17 
753 46.72  1.44 71.78 43.48 
773 55.18  1.69 77.81 51.75 
793 60.83  1.87 81.12 56.50 
813 67.88  2.08 84.90 62.95 
833 74.64  2.29 88.11 69.09 
853 80.86  2.48 90.74 74.71 
873 86.27  2.64 92.82 79.57  

Fig. 2. Comparison of experimental and simulated extent of reaction (x) of CO2 
sorption by using LZC at 848 K and 0.5–1 bar. Dots are the experimental data 
and solid lines represent the outputs of modeling work conducted in this work. 
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capacity of HTC at 673 K and 753 K. The values of parameters like pore 
diffusion coefficient (Dp), reference temperature (To) and heat of sorp-
tion (∆Hads), used in the model were taken from the literature [24]. The 
value of ∆Hads is − 10 kJ mol− 1 and − 17 kJ mol− 1 for the dry and wet 
feed conditions respectively. 

It can be seen in Fig. 3 that both Langmuir isotherm curves show a 
sudden rise for 0 – 0.1 bar, which illustrates that sorption capacity of 
HTC is increased as the pCO2

is increased from 0 to 0.1 bar. At 673 K, 
Langmuir parameter (bCO2 ,ref) is 23.6 bar− 1 and maximum sorption ca-
pacity (0.65 molCO2/kgHTC) is used. At 673 K and 0.2 bar, the modeling 
and experimental value of sorption capacity is 0.536 and 0.539 molCO2/ 
kgHTC respectively. At 753 K and 0.2 bar pCO2

, the modeling and 
experimental value of sorption capacity is 0.460 and 0.458 molCO2/ 
kgHTC respectively. An excellent agreement is observed between the 
modeling and experimental values of sorption isotherm. 

3.2. Methodology of thermodynamic analysis 

An independent equilibrium-based software, CEA by NASA [39,40], 
is used to calculate the thermodynamic equilibrium composition of 
product gases as a function of changes in temperature and pressure. 
These compositions are then employed to calculate CH4 conversion (%), 
H2 purity (%), H2 yield (%) and CO2 capture efficiency (%) at equilib-
rium by using Eqs. (6–9) respectively. The CEA is based on minimization 
of Gibbs free energy. In this study, the chemical equilibrium of the 
SE-SMR process is calculated for CaO and LZC sorbents by specifying the 
different conditions of temperature, pressure, and S/C. The thermody-
namic data (enthalpy, entropy, heat capacity and heat of formation) for 
LZC is taken from the literature [41,42] and are inserted in the CEA 
database. The species CH4, CO, CO2, H2, H2O, N2, CaO, and Ca(OH)2 are 
added in the CEA software for performing the estimations. N2 is essen-
tially incorporated to calculate the total moles at the outlet. The ‘only’ 
command (option integrated into the software suite) is used to specify 
the possible products obtained from the SE-SMR process. The effect of 
temperature and pressure is studied by considering the reactor system at 
isobaric and isothermal conditions respectively with a fixed S/C, while 
the effect of S/C is analyzed at equilibrium by keeping both pressure and 
temperature constant. In this way, optimum values of reactor’s opera-
tional parameters at equilibrium are unveiled. 

3.3. Analysis of temperature profile 

The adsorption of CO2 over sorbents is exothermic. This nature of 
sorption reaction (R4) causes a rise in the temperature of the SE-SMR 
process from its initial (feed) temperature, depending on the quantity 
of heat (∆Hads) released by the sorbent. This rise in temperature will give 

a transient temperature profile inside the reactor for different sorbents.  
Fig. 4 (a–c) shows the transient temperature profiles of the SE-SMR 
process using CaO, LZC and HTC as sorbents. Fig. 4 (a) presents the 
temperature profile, at the exit of the reactor, using CaO as a CO2 sor-
bent at 900 K, 3 bar, S/C of 3.0 and Gs of 3.5 kgm− 2s− 1. During the 
initial stages (t = 0 – 200 s), the temperature profile is almost steady. 
The heat supplied by the exothermic sorption reaction (R4) is fully 
utilized by the endothermic SMR reactions (R1 and R2), hence, a steady 
uniform linear temperature profile is observed. Since the overall SE-SMR 
process, using CaO is slightly exothermic (∆H0

298K = −

13.9 kJ mol− 1
CaO), two peaks can be observed in the temperature pro-

file (Fig. 4 (a)). The first rise in the temperature shows fast sorption at 
t = 200 s. According to the Le Chatelier’s principle, this rapid sorption 
of CO2 enhances the CH4 conversion and produces more H2 and CO2 at 
the outlet of the reactor. The more sorption of CO2 results in continued 
rise in the temperature profile as can be seen from 280 to 690 s (pre- 
breakthrough period). Once the sorbent is fully saturated, a sharp 
decrease in the temperature profile is observed from 690 to 910 s 
(breakthrough period). After the breakthrough period (t > 910 s), the 
SE-SMR process behaves similarly to the SMR process as no CO2 sorption 
is taking place and only the reforming (R1 and R2) and shift (R3) re-
actions are occurring within the reactor. The cut-off for the reactor bed 
should be somewhere in the pre-breakthrough region where the optimal 
CH4 conversion is achieved along with the optimal H2 purity. It is 
actually the tradeoff between the overall CO2 sorbent capacities used 
during the SE-SMR process and the optimal H2 purity and CH4 conver-
sion achieved. Fernandez et al. [3] found the rise in temperature 
(∆Trise = Tmax − Tfeed) during the SE-SMR process to be 32 K. In this 
study, ∆Trise is 17.5 K. The low ∆Trise is because the endothermic SMR 
process favors low pressure as described earlier. As a result, high CH4 
conversion (%) is achieved at low-pressure conditions. CaO is highly 
hydroscopic and below 400 ◦C it undergoes CaO hydration reaction 
(R10) which is a highly exothermic reaction (∆H0

298K = −

218.4 kJ mol− 1
CaO). This reaction further proceed towards Ca(OH)2 

carbonation reaction (R11). The hydration of sorbent occurs well below 
the temperature under consideration in this paper. The regeneration of 
the carbonated sorbent is highly endothermic reaction and occurs at 
high temperature (850–1000 ◦C) under atmospheric pressure. The 
temperature conditions studied in this paper are well below the tem-
perature condition under which calcination or decomposition of CaCO3 
occurs. Therefore, these reactionS (CaO hydration and CaCO3 decom-
position) have not been considered in this work. 

CaO(s) +H2O(g)→Ca(OH)2(s) ∆H0
298K = − 218.4kJmol− 1

CaO (R10)  

Ca(OH)2(s) +CO2(g)→CaCO3(s) +H2O(g) ∆H0
298K = − 64.14kJmol− 1

(R11) 

The temperature profile for LZC and HTC is shown in Fig. 4 (b) and 
(c), respectively. The pre-breakthrough period for LZC (t < 250 s) is 
much shorter than the pre-breakthrough period in case of CaO 
(t < 690 s). This indicates the low sorption capacity of LZC (5.0 molCO2 
kgsorbent

− 1 ) with relation to CaO (16.3 molCO2kgsorbent
− 1 ). The breakthrough 

period for LZC is last by 1870 s, and the ∆Trise for LZC is 20 K as 
compared to 17.5 K in the case of CaO. The temperature profile is 
entirely different when HTC is used to uptake CO2. There was no 
appreciable rise in the temperature observed for the HTC because of its 
low heat of adsorption (∆H0

298K = − 15 kJ mol− 1
K− HTC). The overall SE- 

SMR process using HTC remains endothermic in nature. During the 
period t < 500 s, there is a steady decrease in time-dependent temper-
ature profile at the outlet of the reactor. A sharp decrease in temperature 
of 42 K is observed for the period 500 – 1400 s, which is followed by a 
slight rise of 7 K in temperature during the period 1400–2000 s, and this 
rise is due to the smaller value of heat of sorption for HTC. Fig. 3. The effect of CO2 partial pressure on the sorption capacity (mol kg− 1) of 

HTC under different temperature (673 and 753 K) conditions. Dots are the 
experimental data and solid lines are the outputs of the current modeling work. 
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3.4. Sensitivity analysis 

3.4.1. Effect of temperature 
The conventional SMR process is operated in fertilizer industries 

over the range of 1073 – 1273 K and 20 – 35 bar. Since sorption of CO2 
and SMR are temperature sensitive processes, the variation in 

temperature has a robust influence in the performance of the overall SE- 
SMR process. Fig. 5 illustrates the performance of the reactor in terms of 
CH4 conversion, H2 yield, H2 purity, CO2 capture efficiency with CaO as 
a sorbent. The following equations were used to calculate the CH4 
conversion, H2 purity and CO2 capture efficiency [43] while H2 yield is 
calculated as moles of H2 produced per mole of CH4 [44]. H2 yield can 

Fig. 4. Temperature profiles of (a) CaO at 900 K, 3 bar, S/C of 3.0, and Gs of 3.5 kg m− 2 s− 1, (b) LZC at 950 K, 10 bar, S/C of 3.0 and Gs of 2.5 kg m− 2 s− 1 and (c) 
HTC at 773 K, 5 bar, S/C of 3.0 and Gs of 0.5 kg m− 2 s− 1. 

Fig. 5. The effect of temperature on (a) CH4 conversion (%), (b) H2 yield, (c) H2 purity (%) and (d) CO2 capture efficiency (%) at 3 bar, S/C of 3.0 and 3.5 kg m− 2 s− 1 

by using CaO sorbent. 
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also be defined as moles of H2 produced divided by the stoichiometric 
amount of produced H2 by the reforming reaction, which is 4 moles of 
H2 per mole of CH4 [43]. 

CH4 Conversion [%] =
(nCH4.in − nCH4,out)

nCH4,in
× 100 (6)  

H2 Purity [%] =
nH2,out

(
nH2,out + nCH4,out + nCO,out + nCO2,out

)× 100 (7)  

H2 Yield (wt. % of CH4) =
MWH2 × nH2,out

MWH2 × nCH4,in
× 100 (8a)  

H2 Yield =
nH2,out

nH2,stoic
(8b)  

CO2 Capture [% ] =

(
nCH4.in − nCH4,out − nCO,out − nCO2,out

)

nCH4,in
× 100 (9) 

The effect of temperature on CH4 conversion at 3.5 kgm− 2s− 1, 3 bar 
and with a S/C of 3 is depicted in Fig. 5 (a). At 800 K, the simulated CH4 
conversion (62.1%) is much lower as compared to the equilibrium re-
sults (86.9%) generated via CEA software as the SMR kinetics are not 
favorable at such low temperature (800 K). As, the temperature in-
creases from 800 to 1000 K, the CH4 conversion increases from 62.2% to 
89.8% and 86.9 – 93.6% for the case of simulation and equilibrium 
respectively. 

It is evident from Fig. 5 that at 900 K, the simulation provides values 
of 85% and 55% related with H2 purity and CO2 capture efficiency 
respectively. While the equilibrium values of H2 purity and CO2 uptake 
efficiency under the same temperature are 96.2% and 85.9% respec-
tively. At 1000 K, the simulation results reveal a CH4 conversion of 
89.7% whilst the H2 purity is 80.3% (a slight decrease). This can be 
associated with the very low CO2 capture efficiency (25.4%) experi-
enced at such a high temperature. The low CO2 capture efficiency at 
1000 K is mainly due to the ineffectiveness of the carbonation reaction 
(R6) at such a high temperature and it is explained further in Fig. 6. 

Fig. 6 shows the effect of temperature on the rate of carbonation (rads) 
at 800 – 1000 K using CaO sorbent. The rate of carbonation increases as 
the temperature increases from 800 to 950 K. This shows the increase in 
temperature results in more uptake of CO2 on the active sites of CaO 
sorbent. After 950 K, the rads decreases. At 800 K, the peak value for rads 

is 6.8× 10− 3 mol kg− 1s− 1 as compared to 13.6× 10− 3 and 15.4×

10− 3mol kg− 1s− 1 for 900 and 950 K respectively. The pre- 
breakthrough point at 800 K and 950 K is 780 s and 730 s respec-
tively. This shows that CaO saturates quickly at 950 K than at 800 K. 

Fig. 7 shows the effect of temperature on CH4 conversion, H2 purity, 
H2 yield and CO2 capture efficiency at 10 bar and 3.5 kgm− 2s− 1 by using 

LZC. The CH4 conversion increases with the increase in temperature at 
950 K and S/C of 3, 91.2% and 94% CH4 conversion is achieved in the 
case of modeling and equilibrium results respectively. At 975 K, H2 
purity reaches its maximum value of 95.5% while CO2 capture efficiency 
has its peak value of 86.7%. As temperature increases from 975 to 
1000 K, the H2 purity and CO2 uptake efficiency decrease to 94.75% and 
83.8% respectively. 

Reijers et al. [45] performed the experiments to study the effect of 
temperature on the adsorption capacity of htc-based materials. They 
concluded that the adsorbing capacity decreases as the temperature 
increases beyond 673 K. According to Pérez-Ramírez et al. [46], 
HTC-like compounds follow a two-step decomposition behaviour. The 
first step is the removal of interlayer water molecules at a temperature 
well below 500 K (dehydration step). In the second step, the collapse of 
the positively charged brucite-like layers with interlayer space occupied 
by charge compensating anions and water molecules occurs in the 
temperature range of 500–773 K. In this temperature range, the 
decomposition of CO3

2- in the interlayer occurs and the material is 
dehydrated by the dehydroxylation of the brucite-like sheets, although 
this decomposed material still has the capability of adsorbing CO2 at this 
temperature (dihydroxylation and decarbonation step). Hutson et al. 
[47] observed the transition of the material to a solid solution of mag-
nesium and aluminium oxides at 873 K, which results in the release of 
O2 and final transition to a spinel at 1173 K. Above 873 K, the ability to 
effectively adsorb CO2 is lost and this limits the use of HTC-based ma-
terials in the range 673–873 K. Due to this limitation associated with 
HTC, a temperature range of 673 – 873 K is selected to study the effect of 
temperature on CH4 conversion H2 yield and purity, and CO2 capture 
efficiency. Above 873 K, HTC-based materials are decomposed and no 
longer act as a sorbent but can be used instead as a reforming catalyst 
support. This problem limits the use of HTC-based materials as sorbents 
in a narrow temperature range otherwise they have the potential to give 
excellent results at high temperatures. 

Table 2 illustrates the effect of temperature on CH4 conversion H2 
yield and purity, and CO2 capture efficiency using HTC at 5 bar, Gs of 
0.5 kg m− 2 s− 1 and S/C of 3. CH4 conversion and H2 yield increases 
continuously as the temperature increases from 673 to 873 K. H2 purity 
increases from 45.5% to 92.8% as the temperature increases from 673 K 
to 873 K. The rise in H2 purity is due to the increase in CO2 capture 
efficiency as can be seen in Table 2. 

The selection of an optimum temperature depends upon the overall 
performance of the sorbent in terms of CH4 conversion; H2 yield, H2 
purity and CO2 capture efficiency. Based on the results presented so far 
and due to the decomposition problems associated with HTC at elevated 
temperatures, 773 K is selected as an optimum temperature for HTC 
sorbent, whilst 900 K and 950 K provided the best performance in the 
case of the CaO and LZC sorbents, respectively. 

3.4.2. Effect of pressure 
A lot of work has been done in the literature to investigate the per-

formance of SE-SMR process under the high-pressure conditions 
(20–40 bar) [3,11,13]. Since SMR operation is favorable at low pres-
sures, it could be valuable to test SE-SMR model close to atmospheric 
conditions as high-pressure conditions give rise to low H2 purity and 
CH4 conversion. Kwang et al. [9] tested calcined arctic dolomite at 
low-pressure conditions (1 – 5 bar) and obtained 95% purity of H2 (dry 
basis). The current model of SE-SMR is developed and simulated under 
low-pressure conditions (3 – 11 bar) to find the best operating condi-
tions for CaO, LZC and HTC sorbents. 

In the previous section, optimum temperatures were selected for 
CaO, LZC and HTC. Bearing in mind these optimum temperatures, the 
most favorable pressures in the range of 3–11 bar are investigated. Fig. 8 
presents the performance experienced by CaO, LZC and HTC in terms of 
CH4 conversion, H2 yield, H2 purity and CO2 capture efficiency. Fig. 8 
(a) shows the effect of pressure on the performance of SE-SMR process 
using CaO as sorbent at 900 K, S/C of 3 and Gs of 3.5 kg m− 2s− 1. The 

Fig. 6. The dynamic effect of temperature on the rate of carbonation (molCO2/ 
kgsorbent) of CaO sorbent at 3 bar, 3.5 kg m− 2 s− 1 and S/C of 3.0. 
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pressure has a negative effect on the CH4 conversion and H2 yield, 
whereas the CO2 capture efficiency increases as the pressure increases. 
This is because the carbonation kinetics used in this model is favored at 
relatively high pressures. Using CaO as a sorbent gives 81.98% CH4 

conversion at 3 bar as compared to 71.54% at 10 bar. H2 purity de-
creases from 85.02% to 84.15% as pressure increases from 3 to 4 bar. 
The decrease in H2 purity is due to the decrease in the CH4 conversion 
from 81.98% to 76.56% as pressure increases from 3 to 4 bar. After 

Fig. 7. The effect of temperature on (a) CH4 conversion, (b) H2 yield, (c) H2 purity (%) and (d) CO2 capture efficiency at 10 bar, S/C of 3.0 and 2.5 kg m− 2 s− 1 by 
using LZC as a CO2 sorbent. 

Fig. 8. The effect of pressure on CH4 conversion, H2 yield, H2 purity and CO2 capture efficiency using (a) CaO, (b) LZC and (c) HTC at the optimum temperatures, S/C 
of 3.0 and sorbent/carbon of 1. 
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4 bar, H2 purity almost remains steady due to a slight increase in CO2 
capture efficiency. 

CH4 conversion and H2 yield for LZC and HTC decrease by increasing 
the feed pressure because the kinetics of the SMR process are not 
favorable at high pressure. The decrease in CH4 conversion with the 
increase in pressure results in a decrease in H2 yield. The LZC sorbent 
gives maximum CH4 conversion and H2 yield up to 95.07% and 73.36% 
respectively at 6 bar. H2 purity increases from 86.76% to 95.73% as 
pressure increases from 3 to 8 bar. The increase in H2 purity with the 
increase in pressure is mainly due to the rise in CO2 capture efficiency. 
Fig. 8 (c) shows the effect of pressure on SE-SMR process using HTC as a 
sorbent at 773 K and Gs of 0.5 kgm− 2s− 1. At 3 bar, the CH4 conversion 
and H2 yield has a value of 56.73% and 44.31% respectively. As the 
pressure increases from 3 to 8 bar, the CH4 conversion decreases from 
56.73% to 48.82%. In the case of HTC, a different trend is observed for 
both H2 purity and CO2 capture efficiency, as both approach their peak 
values at 5 bar. The outcomes showed thus far demonstrate that the 
optimum values of pressure for LZC and HTC are 10 bar and 5 bar 
respectively. 

Fig. 9 (a–c) illustrates the effect of pressure on the rate of reforming 
(R1) and carbonation reaction for the three sorbents under consider-
ation. A significant impact of pressure is observed on the CO2 sorption 
because the rate of carbonation is strongly depended upon pressure 
conditions as reported in our previous work [13]. In Fig. 9 (a), the effect 
of pressure on the rate of reforming (rSMR) and carbonation reactions 
(rads) using CaO is presented. Both rads and rSMR decreases as the pressure 
increases from 3 to 6 bar. The rSMR is approximately 4.5 times faster than 
rads at 3 bar. The maximum rads for CaO is found to be 13.6 × 10− 4 

mol kg− 1s− 1. 
In Fig. 9 (b), an entirely different trend is observed for LZC as both 

rads and rSMR increase as the pressure increases from 9 to 12 bar. The 
rSMR for LZC is 2.5 times faster than the rads. In regards to the rads for the 

CaO, is much faster than LZC and HTC at their optimum pressure con-
ditions, which prove very fast kinetics of CaO as compared to LZC and 
HTC sorbents. The rads for HTC is higher at 7 bar than 4 bar, which 
means a superior CO2 capture at 7 bar. The maximum rads for HTC at 
4 bar is observed at 600 s whereas for 7 bar it is seen at 760 s 

3.4.3. Effect of mass flow velocity Gs 
Gs plays a vital role in the performance of the SE-SMR process. The 

value of Gs dictates the selection of the reactor length and cut-off time 
between sorption and desorption process. In theory, high values of Gs are 
favorable for shorter reactor length and fast cycling operations (sorption 
and desorption). Fig. 10 (a–c) shows the effect of Gs on H2 and CO2 
composition (mole %, dry basis) at the outlet of the reactor for CaO, LZC 
and HTC sorbents. 

Fig. 10 (a) shows the variation in CO2 and H2 concentrations during 
SE-SMR process using CaO sorbent at 900 K, 3 bar and S/C of 3. At low 
Gs, (2 kg m− 2 s− 1), longer pre-breakthrough is observed (t = 1150 s). In 
Fig. 10 (b), similar trend is observed using LZC sorbent. With the in-
crease in Gs, pre-breakthrough period decreases with no significant ef-
fect on the molar concentration of H2 and CO2 at the outlet of the 
reactor. In case of CaO as sorbent, the pre-breakthrough period de-
creases from 1150 to 550s as Gs increases from 2 kg m− 2 s− 1 to 4 kg m− 2 

s− 1. The Gs of 3.5 kg m− 2 s− 1 is selected as optimum velocity for CaO 
sorbent and this gives 81.98% and 85.02% CH4 conversion and H2 purity 
respectively. 

Fig. 10 (c) shows a significant change in the pre-breakthrough curve 
for the HTC sorbent. Here, a considerable change is observed in CH4 
conversion and H2 purity by changing the Gs. This change is not 
prominent in the case of CaO as the kinetics of CaO sorbent are fast and 
do not vary much by the changing the Gs. The kinetics of HTC sorbent 
are slow, which means a long residence time is required to achieve high 
CH4 conversion and H2 purity. That is why, the optimum Gs for HTC 

Fig. 9. The effect of pressure on the rate of SMR reaction (R1) and rate of carbonation by using (a) CaO at 900 K, S/C of 3.0 and Gs of 3.5 kg m− 2 s− 1, (b) LZC at 
950 K, S/C of 3.0 and Gs of 2.5 kg m− 2 s− 1 and (c) HTC at 773 K, S/C of 3.0 and Gs of 0.5 kgm− 2s− 1. 
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(0.5 kg m− 2 s− 1) is 7 times smaller than the Gs selected for CaO 
(3.5 kg m− 2 s− 1). 

3.4.4. CH4 conversion enhancement factor (CF) 
The CF factor defines the extent of increase in CH4 conversion when 

the conventional SMR reactor is loaded with CO2 adsorbent along with 
the reforming catalyst, i.e. the comparison of SE-SMR and SMR in terms 
of CH4 conversion. It can be used to compare the performance of the 
various sorbents in terms of fuel conversion. The conversion enhance-
ment CF factor can be quantified by the conversion of methane of 
methane in the presence of adsorbent (XCH4)ad and conversion in the 
absence of adsorbent (XCH4)nad, i.e. 

CF =
(XCH4)ad − (XCH4)nad

(XCH4)nad
× 100 (10) 

The CF decreases as the sorbent bed approaches its saturation point 
and once the adsorbent bed is saturated, CF is zero, which means that the 
SE-SMR reactor is now acting as a SMR reactor. When the conventional 
SMR process is transformed into SE-SMR process by the inclusion of 
sorbent with the catalyst, this results in rise of reformer temperature, 
which in turn favors the endothermic reforming reactions R1 and R2 and 
CF increases. Secondly, the sorbent decreases partial pressure of CO2 by 
removing it from the product gas and this results in shifting the chemical 
equilibrium of reforming reactions R1 and R2 towards more CH4 con-
version. This equilibrium shift results in higher CO partial pressure, thus 
shifting favourably R3, thereby closing a virtual circle of enhancement 
of H2 and CO2 production and thus CF factor improves. 

Table 3 shows the effect of S/C on CF for the three sorbents used in 
this study. CaO gives the value of 40.4% for CF at S/C of 1. By increasing 
S/C from 1 to 2, CF also increases from 40.4% to 71.9%. The sudden 
increase in CF is because the steam is introduced from its sub- 
stoichiometric amount (S/C = 1) of R5 to its stoichiometric amount 
(S/C =2). Further increase in S/C in the 3 – 4 range decreases the CF to 
67.0–52.9%. Since stoichiometric conditions are not favorable for CH4 
conversion and H2 purity, a S/C of 3 is selected in this work as the 

optimum value for all three sorbents. Also, the generation of high S/C 
requires more heat, so the thermal efficiency of the overall process 
would decrease. 

LZC and HTC show a similar trend but they give a CF higher in 
comparison to CaO because they operate at relatively higher pressures. 
The CF of 110.8% and 113.9% are obtained at S/C of 3 using LZC and 
HTC respectively. 

3.5. Comparison of sorbent capacities 

The sorption kinetics are another performance parameter considered 
in the choice of sorbent. The fast kinetics are preferred along with high 
H2 purity and CH4 conversion. Fig. 11 shows the sorption capacity (mol 
kg− 1) of CO2 with time along the length of the reactor using CaO, LZC 
and HTC sorbents. Fig. 11 (a) displays the dynamic profile of CO2 
sorption over CaO. The sorption capacity curve moves along the length 
of the reactor at a rate of 0.013 molCO2 kg− 1 s− 1. The sharp curve at the 
start of the reactor (L = 1 m) shows the rapid sorption of CO2. The time 
rate of change of CO2 sorption over CaO sorbent is almost steady as the 
CO2 passes over the reactor bed length. Fig. 11 (b and c) shows the 
variation of sorption curves along the length of the reactor using LZC 
and HTC respectively. For LZC and HTC, a sharp peak at the start of the 
reactor is observed. This is due to the availability of a high partial 
pressures of CO2 at the start of the reactor. The maximum rate of sorp-
tion at the outlet of the reactor using LZC and HTC are 0.0054 molCO2 

Fig. 10. Effect of Gs on the H2 and CO2 molar concentration (dry basis) by using (a) CaO at 900 K, S/C of 3.0 and 3 bar, (b) LZC at 950 K, S/C of 3.0 and 10 bar and 
(c) HTC at 773 K, S/C of 3.0 and 5 bar. 

Table 3 
The effect of S/C on CF for the different CO2 sorbents.   

CH4 Conversion Enhancement (CF) 

S/C CaO LZC HTC 

1  40.4  71.6  91.2 
2  71.9  118.6  116.1 
3  67.0  110.8  113.9 
4  52.9  83.0  106.3  
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kg− 1 s− 1 and 0.0003 molCO2 kg− 1 s− 1 respectively. The low value of CO2 
sorption on HTC as compared to CaO (9 molCO2 kg− 1 s− 1) and LZC 
(5 molCO2 kg− 1 s− 1) is due to the low sorption capacity (mCO2 
=0.65 molCO2 kg− 1 s− 1) of HTC. The rads of HTC is much slower than the 
rads of CaO at their optimum conditions. 

4. Conclusion 

The performance of the SMR process can be significantly improved 
by using sorbents along with the catalyst during the SMR process. There 
is a wide portfolio of sorbents available for uptake CO2 at high tem-
peratures. The choice of these sorbents normally depends upon the CO2 
capture kinetics, sorption capacity, durability and cost. The present 
mathematical model is capable of predicting the performance of the SE- 
SMR process in terms of CH4 conversion, H2 purity, H2 yield and CO2 
capture efficiency. A rise in temperature during the pre-breakthrough 
period is observed using LZC and CaO sorbents. In addition, HTC 
shows no rise in temperature during the pre-breakthrough period. The 
highly endothermic nature of the SE-SMR process, using HTC (∆H0

298K =

191 kJ mol− 1
CH4), restricts the rise in temperature during the pre- 

breakthrough period. ∆Trise for CaO and LZC is found to be 17.5 K 
and 20 K respectively. This shows the highly exothermic nature of these 
sorbents. A pre-breakthrough period of 690 s, 250 s and 1400 s is 
observed using CaO LZC and HTC respectively. The optimum pressure 
and temperature conditions obtained for CaO is 3 bar and 900 K 
respectively. Temperatures higher than 900 K for CaO causes a decline 
in H2 purity and CO2 capture efficiency whereas, high pressures give low 
CH4 conversion. The choice of S/C depends on the overall operational 
cost of the plant. A S/C higher than 2 would increase the steam pro-
duction cost. Also, high S/C increases CH4 conversion and CO2 capture 
efficiency. Thus, there is always a tradeoff between CH4 conversion and 
overall operational cost of the plant in selecting the S/C. 

In terms of the selection of mass flow velocity Gs, it depends on the 

operational time of the SE-SMR reactor. The optimum S/C and Gs 
selected using CaO is 3.0 and 3.5 kgm− 2s− 1 respectively. The LZC gives 
more CH4 conversion than CaO at 10 bar, 950 K, S/C of 3.0 and 2.5 
kgm− 2s− 1. The CO2 capturing efficiency increases with pressure using 
LZC, but at very high pressures, the CH4 conversion decreases quickly. 
The optimum values for HTC are found to be 773 K, 5 bar, S/C of 3 and 
0.5 kgm− 2s− 1. The conversion enhancement factor (CF) decreases with 
the increase in S/C from 2 to 4. The CF for CaO, LZC and HTC are found 
to be 67%, 110.8% and 113.9% respectively at S/C of 3. Overall, if HTC 
is used at high temperature (>900 K), it would give high CH4 conver-
sion, H2 purity, yield, and CO2 capture efficiency but its chances of 
getting decomposed above 773 K limits its use to lower temperatures in 
comparison to CaO and LZC, which can be used at elevated tempera-
tures. LZC shows good attributes also, however, CaO possesses faster 
CO2 capture kinetics than LZC and HTC. In relation to the capture ca-
pacity, CaO has a markedly higher capacity than LZC (approx. 2 times) 
and HTC (approx. 18 times). 
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Appendix A. SMR and sorbent kinetic data 

A1: The SMR kinetic data along with kinetic rate constants and equilibrium constants; 

R1 =
k1

p2.5
H2

(

pCH4
pH2O −

p3
H2

pCO

KI

)(
1

Ω2

)

(A1–1)  

R2 =
k2

pH2

pCOpH2O −
pH2

pCO2

KIII

(
1

Ω2

)

(A1–2)  

R3 =
k3

p3.5
H2

(

pCH4
p2

H2O −
p4

H2
pCO2

KII

)(
1

Ω2

)

(A1–3) 

R1 is the rate expression for SMR reaction (R1). 
R2 is the rate expression for SMR reaction (R2). 
R3 is the rate expression for WGS reaction (R3). 
k1, k2 and k3 are the reaction rate constants for reactions R1, R2 and R3 respectively 

k1 = k0,1exp
(
− E1

RT

)

= (1.17×1015) exp
(
− 240100

RT

)

(A1–4)  

k2 = k0,2exp
(
− E2

RT

)

= (5.43×105) exp
(
− 67130

RT

)

(A1–5)  

k3 = k0,3exp
(
− E3

RT

)

= (2.83×1014) exp
(
− 243900

RT

)

(A1–6)  

KI = exp
(
− 26830

Ts
+ 30.114

)

(A1–7)  

KII = exp
(

4400
Ts

− 4.036
)

(A1–8)  

KIII = KIKII (A1–9) 

Kj = thermodynamic equilibrium constant for SMR reactions. 

Ω = 1+KCOpCO +KH2 pH2
+KCH4 pCH4

+KH2O
pH2O

pH2

(A1–10)  

Ki = Koiexp
(
− ∆Hi

RgT

)

(A1–11) 

Ki = sorption constant for component gaseous ‘i′. 
A2: Rate equation of CaO sorbent 

dqCO2

dt
= kcarb(Xmax − X)

(
ʋCO2 − ʋCO2,eq

)
× 1000/56 (A2–1)  

Where, qCO2[molCO2/kgsorbent is the molar concentration of CO2 adsorb per kg of sorbent. ʋCO2,eq is the volumetic fraction of CO2 at equilibrium 
conditions. 

Xmax (maximum carbonation conversion) = 0.4. 
kcarb (rate of carbonation) = 0.35 s− 1 

ʋCO2,eq =
(
4.137 × 107)exp

(
− 20474

T

)

(A2–2) 

Maximum carbonation conversion (Xmax) is given as: 

Xmax = 96.34exp
(
− 12171

T

)

4.49exp
(

4790.6
T

)

(A2–3) 

A3: CO2 sorption kinetics of LZC 
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dx
dt

= kcarbCn
CO2

(1 − x) (A3–1) 

Where, x = extent of reaction. It is defined as x =
qCO2

qCO2 ,max
.The maximum uptake of CO2 (qCO2 ,max) experimentally (reported by Fernandez et al.) is 

5.0 molCO2Kg− 1
sorbent. 

kcarb = 4.9 × 10–5 m3n/molns (sorption rate constant). 
n = 0.93 (order of sorption reaction) 

rads =
qCO2 ,max

mCO2

dx
dt

(A3–2)  

kcarb = ko
carbexp[ −

Ead

R

(
1
T
−

1
To

)]

(A3–3) 

Ead (activation energy) = 8.94 × 104 Jmol− 1. 
To = 673 K. 
A4: HTC sorbent kinetic model 

rads =
∂qCO2

∂t
= kcarb(q∗

CO2
− qCO2

) (A4–1)  

Where, ‘qCO2
’ is the equilibrium CO2 concentration on sorbent, (molCO2Kg− 1

sorbent) 

kcarb =
15
r2

p

ϵpDp

ϵp + (1 − ϵp)ρpRT(
∂q∗CO2
∂pCO2

)
(A4–2)  

Where, ‘kCO2 ’ is the sorption constant, 
‘Dp’ is the pore diffusion coefficient, with 1.1 × 10− 6 m2s− 1 

q∗
CO2

=
mCO2 bCO2 pCO2

1 + bCO2 pCO2

(A4–3)  

Where, pCO2 
= Partial pressure of CO2 in the gas phase. 

mCO2 (maximum sorption capacity of HTC) = 0.65 molCO2Kg− 1
sorbent. 

The temperature dependent Langmuir parameter (bCO2 ) is given as; 

bCO2 = bCO2 ,refexp
[

−
∆Hads

R

](
1
T
−

1
To

)

(A4–4)  

Where, ∆Hads (heat of sorption) = − 17kJmol− 1. 
bCO2 ,ref = 23.6 × 10− 2 kPa− 1. 
To (reference temperature for bCO2 ) = 673 K. 

Appendix-B. Empirical correlations 

B1 Empirical correlations 

Dz = 0.73Dm +
0.5usdp

1 + 9.49Dm
usdp

(B1–1)  

Where, Dz is the axial dispersion coefficient, (m2s− 1). 
Dm is the molecular diffusivity, (m2s− 1). 
The thermal conductivity(Wm− 1K− 1) and mass transfer coefficient (m3m− 2s− 1) is given as: 

λf
z

λg
=

λo
z

λg
+ 0.75PrRep (B1–2)  

λo
z

λg
= εb +

1 − εb

0.139εb − 0.0339 +

(

2
3

)

λg

λs

(B1–3)  

kg,i = jD,iReSc
1
3
i
Di

dp
(B1–4)  

εbjD,i = 0.765Re− 0.82 + 0.365Sc− 0.398
i (B1–5) 

Dimensionless numbers used in this study is shown by the following relationships: 
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Re =
ρfusdp

μ ; 0.01 < Re < 1500 (B1–6)  

Sci =
μ

ρfDi
; 0.6 < Sc < 7000, 0.25 < εb < 0.96 (B1–7)  

Pr =
Cpgμg

λg
(B1–8) 

Heat transfer coefficient (hf) with its dimensionless number (jH) is given as: 

hf = jH
CpgGs

Pr2
3

(B1–9)  

jH = 0.91Re− 0.51ψ; 0.01 < Re < 50 (B1–10)  

jH = 0.61Re− 0.41ψ; 50 < Re < 1000 (B1–11)  

Appendix C. SE-SMR modelling and Rate equations for component ‘i′ 

C-1 SE-SMR reactor modelling equations. 
Gas and solid phase material and energy balances; 

εb

(
∂Ci

∂t

)

+
∂(uCi)

∂z
+ kg,iav

(
Ci − Ci,s

)
= εbDz

∂2Ci

∂z2 (C1–1)  

kg,iav
(
Ci − Ci,s

)
= ʋρcatri − (1 − ʋ) ρadsrads (C1–2)  

εbρgCpg

(
∂T
∂t

)

+ uρgCpg
∂(T)
∂z

= hfav(Ts − T)+ λf
z
∂2T
∂z2 (C1–3)  

ρbedCp,bed

(
∂Ts

∂t

)

+ hfav(Ts − T) = ʋρcat

∑
− ∆Hrxn,jƞjRj +(1 − ʋ) ρads

∑
− ∆Hadsrads (C1–4) 

Pressure drop calculations across the reactor bed; 

∆Pgc

L
=

150
d2

p

[
(1 − ε)2

ε3

]

μu+
(

1.75
dp

)(
1 − ε

ε3

)

ρgu2 (C1–5) 

Boundary conditions. 
At the inlet of reactor i.e. z = 0 

Ci = Ci,in; T = Tin;Ts = Ts,in; P = Pin 

At the outlet of reactor i.e. z = L 

∂Ci

∂z
= 0;

∂T
∂z

= 0;
∂Ts

∂z
= 0 

Initial condition 

Ci = Ci,0;T = To;Ts = Ts,o; qCO2 = 0 

C-2 The rate of formation or consumption of component ‘i′ is given as: 

ri =
∑3

j=1
ƞiφijRj i = CH4,CO,CO2,H2 and H2O (C2–1) 

For all component, it is given as; 

rCH4 = − R1 − R2 (C2–2)  

rH2O = − R1 − 2R2 − R3 (C2–3)  

rH2 = 3R1 + 4R2 +R3 (C2–4)  

rCO2 = R2 +R3 (C2–5)  

rCO = R1 − R3 (C2–6)  

where, φij is the stoichiometric coefficient. The value of φij is negative for reactants and positive for products. 
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[44] Pans Castillo, M.Á., et al., Optimization of H2 production with CO2 capture by 
steam reforming of methane integrated with a chemical-looping combustion 
system. 2013. 

[45] H.T.J. Reijers, S.E.A. Valster-Schiermeier, P.D. Cobden, R.W. van den Brink, 
Hydrotalcite as CO2 sorbent for sorption-enhanced steam reforming of methane, 
Ind. Eng. Chem. Res. 45 (8) (2006) 2522–2530. 
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