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Abstract

Kinetic data relevant to steam methane reforming (SMR) are often applied to catalysts and conditions from which
they have not been derived. In this work, kinetic rates for the two SMR and water gas shift reactions were derived for
12 commonly used reforming catalysts based on conversion data obtained from the literature. Subsequently, these
rates were tested in dynamic operation, steady-state, and equilibrium using a 1-D reactor model developed in-house
with gPROMS model builder. Modelling outputs were further validated independently at equilibrium using the
software chemical equilibrium with applications (CEA), and the literature. The effect of variables such as temperature,
pressure, steam to carbon ratio (S/C), and gas mass flux (Gs) on the performance of the SMR process was then studied
in terms of fuel and steam conversion (%), H purity (%), H» yield (wt. % of CHs4) and selectivity of the carbon-based
products. A comparative study was then performed for the 12 catalysts. Some catalysts showed better activity owing
to their fast kinetics when they are tested in mild industrial conditions, while others performed better in more severe

industrial conditions, substantiating that the choice of a catalyst ought to depend on the operating conditions.
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1. Introduction

High energy consumption, finite fossil fuel reserves, and environmental concerns impel the
research community to search for efficient and environment friendly alternatives to meet our
increasing energy demands [1]. Because of their continuous depletion, limited nature, and non-
homogeneous distribution, fossil fuels are getting scarce and their prices are gearing up [2].
Therefore, we are in dire need to shift away from carbon dioxide intensive processes and to switch
to non-fossil fuel energy sources [3]. In this context, hydrogen (H>) emerges as a clean energy
vector and it has received great interest as a green fuel recently [4]. Without polluting the
environment, H> can be used directly to drive the internal combustion (IC) engines or indirectly to
generate electricity using fuel cells [1]. H> has a wide range of applications industrially,
domestically, and in space technology [5]. At present, H» is predominantly employed in petroleum
refining and petrochemicals, fertilizer industry, methanol production, and somewhat to a lesser
extent in metal refining [6]. Primarily, H> is being consumed for ammonia and other nitrogenated
fertilizers synthesis, hydrocracking and hydrotreating processes. It is also used for hydrogenation
of food and hazardous wastes, synthesis of alcohols and ethers, gas to liquid synthesis technology
(GTL), rocket fuel, and also as a potential fuel in IC engines and industrial furnaces [7]. The
combustion of H» only engenders the emission of water vapors without the direct emission of any

greenhouse gas [8]

The processes used for Hz production are conventional thermochemical technologies (gasification,
pyrolysis, reforming, thermochemical cycles), conventional electrochemical technologies
(electrolysis, cold/hot plasma, photo-electrochemical), and biological/biochemical technologies
(photosynthetic and fermentative) [9]. Approximately, 95 % of the worldwide produced H> comes
from fossil fuel-based processes mainly employing natural gas (NG), coal, and crude oil [10]. NG,
naphtha, petroleum coke, coal, and water are common feedstocks used for H> production, but
currently, NG is the dominant Hz source [11]. The various routes available for H> production using
NG include steam methane reforming (SMR), partial oxidation (POx), and autothermal reforming
(ATR). Despite their negative impact on the environment and contribution to global warming
through the emission of greenhouse gases, SMR is at present leading in the production of H2. SMR

now contributes to almost 50% of the world’s H> production [12-14].

The conventional SMR process comprises two main steps: the first step involves the conversion



of CHsto Hz and CO in a reformer where the SMR reaction (R1) occurs at an elevated temperature
(800 — 950 °C ) and mild pressure (20 - 35 atm), followed by the second step at lower temperatures
(200 - 400 "C) where conversion of carbon monoxide (CO) and steam to carbon dioxide (CO>) and
H; via the water-gas shift (WGS) reaction (R2) under medium pressure conditions takes place [15-

17].
CH, (o + H,0ry = CO(y + 3H AH = 206.3 k] molgy ~* (RI)
4(g) 2V = L0 2(g) rxn,298K .3 k] molcy,

COg) + Hy0g = COy + Hygy AH 208k = —41.1 k] molgo ™ (R2)

R1 is strongly endothermic in nature and as such is favored at high temperature, while the mildly
exothermic R2 is thermodynamically favorable under lower temperature conditions, which
explains their physical separation to obtain optimal conversions in the industrial process. The
global reforming reaction (R3) is, as a result, still highly endothermic and thus the combined SMR

process requires external heating. The R3 is given by [18];
CH4_(g) + ZHZO(g) = COZ(g) + 4H2(g) Aern,298K = 1649 k] molCH4_1 (R3)

Although, SMR is a well-established method for large scale hydrogen production but the main
challenge is to reduce the overall environment and energy penalties associated with the CO»
capturing and valorization technologies [19]. Reducing carbon emissions is of vital importance to
tackle the climate changes and to decrease the carbon footprint of modern societies [20]. Both R1
and R2, are equilibrium limited, and it is impossible to achieve complete conversion of the CH4
and CO in a single reactor. However, if the CO> can be removed from the gas phase as it is formed,
the equilibrium can be shifted in forward direction and complete conversion can be closely
approached [21]. In the sorption-enhanced steam reforming of methane (SER) hydrogen
production process, hydrocarbon reforming, water gas shift, and CO; separation reactions occur
simultaneously in a single reaction step over a reforming catalyst mixed with a CO> sorbent.

Carbonation reaction (R4) with CaO as a sorbent is given by [22];
COZ(g) ar CaO(S) = CaCO3(S) ar 4H2(g) Aern,298K =—-178.8 k] molCaO_l (R4)

The overall SE-SMR reaction (RS5) using CaO would become slightly exothermic in nature so that



no supplementary energy is required for the hydrogen production.
CHy(g) + CaOcg) + 2H;0(g) = CaCOss) + 4Hpeg)  AHpxnzosk = —13.7kJmolcao ~  (R5)

A number of studies have been carried by several authors in the literature to describe the benefits
of SER by using various feedstocks and sorbents along with the different flow configurations and

innovative processes combining sorption enhanced and chemical looping [23-36].

The SMR is a quite complex process, and thus, numerous efforts have been made in recent years
aiming at the development of the most suitable catalyst to maximize the production of syngas [37].
In terms of catalytic activity, various authors have reported well-performing catalysts, thus, it has
been very complicated to provide a specific order of performance. However, Jones et al. [38]
proposed the following catalytic activity order: Ruthenium (Ru) > Rhodium (Rh) > Iridium (Ir) >
Platinum (Pt), indicating Pt as the least active metal compared to the others. Although these noble
metals are highly active and have a low presence of carbon deposition, the nickel-based (Ni)
catalysts are so far the best and most used catalysts at the industrial scale for the SMR process
[39]. Ni presents high activity, low attrition, and albeit it is expensive in comparison to other

available choices among transition metals, the cost is minimized by using lower Ni content [40,
41].

The performance of the SMR process and product distribution is influenced by several factors
including operating conditions (temperature, pressure, S/C), catalyst type, and reformer design
features. Various studies have been carried out to investigate the kinetics of SMR reactions. The
first extensive kinetic study was performed using Ni catalysts supported on kieselguhr at
atmospheric pressure and in the temperature range of 335 — 635 ‘C. There was no kinetic
mechanism suggested, but it was concluded that both CO and CO. were primary reaction products
[42]. Numaguchi and Kikuchi [43] determined the intrinsic kinetics of SMR process over a nickel
catalyst at temperatures varying from 674 K to 1160 K, pressure ranging from 1.2 to 25.5 bar, and
feed molar steam to carbon ratio (S/C) between 1.44 and 4.50. They used an integral flow reactor,
which was a fixed-bed model, found that surface reactions were the rate determining steps (RDS)
with only CO as the primary reaction product. Xu and Froment [44] developed a kinetic model of
SMR over a spinel Ni/MgAl,Os catalyst for a temperature window of 500 — 670 "C, and surface

reactions were considered to be the RDS in their proposed mechanism. Soliman et al. [45] studied



the intrinsic kinetics of SMR over a Ni/calcium aluminate catalyst. They proposed a mechanism
comparable to Xu and Froment [44] but with CO- as the primary product that is then converted to
CO through the reverse reaction R2. A kinetic model for the SMR in the temperature range of 500
— 600 ‘C, was proposed by Luna and Becerra [46] over a commercial Ni on alumina-titania catalyst
with a Ni content of 22.9 wt. %. Hou and Hughes [47] also performed experiments to study the
kinetics of SMR and the reverse WGS reaction by using commercial Ni/a-AlLO catalyst with NiO
content of 15-17 wt. % and in the temperature range of 475 — 550 ‘C under conditions of non-

diffusion limitation. The results gave rise to a kinetic model with surface reactions being the RDS.

In the literature, there exist several models developed for SMR reactors ranging from pseudo-
homogeneous to heterogeneous models, operated in a steady state and dynamic way. The SMR
model development began in the 1960s. McGreavy and Newmann [48] proposed a steady-state
SMR model of a top-fired reformer and compared the outputs of their model with real data
(industrial plant). Later, they modified the model for dynamic simulation. Singh and Saraf [49]
developed a 1-D steady-state homogeneous SMR model for a side-fired furnace and modified it
for un-steady state simulation. Xu and Froment [50] used the kinetics that accounted for diffusional
limitations in a 1-D heterogeneous model to simulate a commercial reformer. Soliman et al. [51],
using the kinetic rate expressions obtained by Xu and Froment [44], developed a 1-D
heterogeneous model and the model performance was tested against industrial reformers. Murty
and Murthy [52] formulated a model of a top-fired reformer, this was validated with operating
reformer data, and then, they performed a sensitivity analysis to identify the variables affecting the
performance of SMR reformer. Plehiers and Froment [53] developed a 1-D heterogeneous model
for side-fired SMR reformer, which was validated with industrial results and could predict the
temperature distribution and effluent composition into the furnace. Recently, Yu et al. [54]
performed 1-D pseudo-homogeneous modelling, compared the simulation outputs with the
operating reformer data, and optimized the performance of the reformer. Shayegan et al. [55]
developed a rigorous 2-D mathematical model, investigated the steady-state operation of an
industrial Midrex™ reformer, and compared the outputs of 1-D and 2-D models. They also
explained how the catalyst-loading profile affects the reformer performance. Ebrahimi et al. [56]
validated the model of a top fired NG reformer against the industrial and literature data, and
investigated the effect of important process variables on the performance of SMR reformer.

Olivieri and Veglio [57] used 1-D pseudo-homogeneous model to simulate a side-fired reformer



in a H> plant, optimized the tube skin temperature for maximizing the catalytic tube life, and

optimum fuel distribution among burners was evaluated to achieve the desired conversion.

The selection of the appropriate catalyst for the reforming process plays a vital role in the overall
performance of the SMR process. Although a wide variety of reforming catalysts has been reported
by various authors, their performance for SMR applications have not been studied. To fill this gap,
in the present work, a 1-D heterogeneous reactor model for SMR developed previously [58] with
gPROMS model builder is used to test kinetic data derived from conversion data from this
literature review. The predicted results of the reactor model under the various conditions of
temperature, pressure, and S/C, were compared with experimental results. To find out the optimum
temperature, pressure, S/C, and gas mass flow velocity, a sensitivity analysis of the reactor model
was conducted. The predicted results were further compared at equilibrium with results generated

through an independent equilibrium-based software.
2. Model Development

A 1-D heterogeneous mathematical reactor model developed in our previous work [58] is
employed here to study the performance and behaviour of the SMR process under dynamic and
steady-state conditions by considering the transfer of heat and mass in both fluid and solid phases.
The reactor model incorporates the mass, heat, and momentum balances as a function of time and
axial position along the length of the reactor. The developed model was based on the following

assumptions:

a) The flow pattern is assumed to be a non-ideal plug flow.

b) Ideal gas behavior is applicable.

¢) The operation is adiabatic in nature.

d) Bed porosity is constant, and the size of the catalyst particles is uniform.

e) Radial variations in concentration and temperature gradient have been neglected i.e. heat
and mass flow pattern is only studied in axial direction.

f) The effect of carbon deposition is not considered in this work.

The involvement of several reactions makes SMR a complex process. To minimize the complexity

in the model, only those reactions with appreciable kinetic rates and consequently affecting the



overall process were considered. The rate equations for these reactions are given in Appendix A.
The mathematical equations for mass, energy, and momentum balances to model the SMR process

are given in Table 1.

The inlet and exit boundary conditions to solve the equations of the reactor model are:
At the reactor inlet (z = 0):

Ci=Cop T=Ty Ti=Tse P=F

At the reactor outlet (z = L):

6Ci_0_ 6T_O_ 0T,
oz 90z 0z

Initial conditions:
C = Ci,O; T=T, Ts= Ts,O

Table 1: Summary of mass, energy, and momentum balance equations used in the reactor model

Gas phase mass and energy balance:

i (E) 0z +kgiay (G —Cis) = Eszﬁ

oT o(T) 9T

sbngpg (E) + ungng = hfav(TS -T)+ }\g ﬁ

Solid phase mass and energy balance:

kg,iav(ci - Ci,s =(1- Eb)pcatri

T,
pbedcp,bed (a_ts) + hfav(Ts - T) = (1 - 8b)pcatz _Aern,jrljRj

Pressure drop across the reactor:

APg.
- _KDu — Kvuz
L
150pu(1-¢p)? 1.75(1-¢p)pg
where; Kp = —————; =——=
s 1D dggg ) Vv dpsﬁ

The equilibrium and kinetic rate constants are presented in Appendix A. The empirical correlations

used to determine the physical properties are listed in Appendix B.

Rates for the disappearance and formation of species involved in the reactor system can be written

as follows;



rcy, = ~1 Ry —13R; (1)

g0 = —N1R;y — 2R, — 2n3R; ()
rco = MRy — 2R, (3)
ry, = 301Ry + 2R, +4n3R; “4)
Ico, = N2R; +13R3 (5

To obtain true reaction kinetics, the size of the catalyst must be selected in such a way that it
virtually eliminates the diffusion control limitations. To determine the required size of the particle

in which there are no diffusion effects, the Weisz-Prater (WP) criterion can be used [59, 60]
CWP = np? (6)

L 2
CWP = rA(ODbZ)PcatRP (7)
e“Ag

If CWP << 1, then there are no internal diffusion limitations and ultimately no concentration
gradient exists within the catalyst particle. In order to find out how small the size of the particle
should be to avoid internal diffusion limitations, the Thiele Modulus (¢) and the effectiveness
factor (1) need to be calculated. The effectiveness factor is the measure of how far the reactant
diffuses into the pellet before reacting. The Thiele modulus and the effectiveness factors are related

to each other as;
n@? = 3(@, cothd; — 1) )

The reaction rate will be diffusion-limited if the Thiele Modulus (@) is very large, i.e. if n<1.
Intraparticle transport limitations are primarily influenced by the catalyst particle size, while
external transport limitations are primarily influenced by the fluid flow velocity. In our present
work, we have assumed that the size of the catalyst particles is small enough so that Thiele
Modulus (@) is <1, and thus intraporous mass and energy transport resistances are neglected [61],
L.e., effectiveness factor (7 ) is assumed to be unity for all the reactions involved, as already

reported for various catalysts and reacting systems [44, 62, 63].

The kinetics for different catalysts available in Table 2, 3 and Table 4 were implemented in our

developed model, and the model results were validated and analyzed. CEA, was used to obtain the



equilibrium compositions of species participating in the reforming reactions [64-66], and the

results generated were compared with the outputs of the reactor model.

Table 2: Catalyst and catalyst bed properties for various catalysts

Catalyst | Reference | dp(m) | peat (kg/m’) | poea (kg/m®) | &b
Catalyst-1 [44] 2.00x107 1870 1122 0.4
Catalyst-2 [45] 2.00x1073 2200 1214 0.448
Catalyst-3 [47] 1.50x10 2797 1566 0.44
Catalyst-4 [67] 1.75%1073 3737 2429 0.35
Catalyst-5 [68] 5.60x1073 1687 877 0.48
Catalyst-6 [69] 1.60x1073 1274 726 0.43
Catalyst-7 [70] 3.00x10* 159 9.54 0.4
Catalyst-8 [71] 2.15x10* 2200 1320 0.4
Catalyst-9 [72] 2.00x1073 1870 1122 0.4
Catalyst-10 [72] 2.00x1073 1870 1122 0.4
Catalyst-11 [58] 1.20x1073 1870 1122 0.4
Catalyst-12 [43] 5.4x10° 2355 1154 0.51

Table 3: Arrhenius kinetic parameters of various catalysts

Catalyst | E1 (J/mol) | Ez2 (J/mol) | E3 (J/mol) | ko1 (mol/(Kgcat S)) | Ko,z (mol/(Kgcat 5)) | Ko,3 (mol/(Kgcat S))

Catalyst-1 240,100 67,130 243,900 1.17 x 10" bar?3 5.43 x 10° bar’! 2.83 x 10" bar®3

Catalyst-2 - 32,520 185,592 - 4.08 x 10* bar! 1.19 x 10'? bar®>

Catalyst-3 209,200 15,400 109,400 1.87 x 10" bar®?? 6.03 x 1073 bar 3.46 x 10° bar®%

Catalyst-4 209,500 70,200 211,500 | 9.048 x 10" bar® | 5.43 x 10° bar™! 2.14 x 10° bar?3

Catalyst-5 218,550 73,523 236,850 5.83 x 10! bar?3 2.51 x 10* bar! 4.67 x 10" bar®?

Catalyst-6 217,010 68,200 215,840 5.79 x 10" bar®? 9.33 x 10° bar™! 1.29 x 103 bar®>

Catalyst-7 83,800 15,100 89,200 1.62 x 107 bar®? 2.34 x 107 bar’! 4.55 x 107 bar®?




Catalyst-8 216,722 67,966 227,941 9.78 x 10" bar®? 5.29 x 10° bar™! 2.57 x 10" bar®3
Catalyst-9 240,100 - 209,754 4.13 x 10" bar?? - 8.29 x 10'! bar®3
Catalyst-10 | 247,303 - 265,851 4.88 x 10'* bar?3 - 1.17 x 10" bar®>
Catalyst-11 | 257,010 89,230 236,700 5.19 x 10 bar®? 9.90 x 10° bar! 1.32 x 10"* bar®>
Catalyst-12 | 106780 54531 - 2.62 x 10° bar®*™ | 2.45 x 10? bar™! -




Table 4: Van’t Hoff adsorption parameters of species CHs, CO, H,, H,O, and CO,

Catalysts | Kocn, (bar)™| K, co (bar)™| Ko, (bar)™ | Koy,o (bar)™! | Koo, (bar)™ Aan, | AHeo | AHw, | Ao | AHco,
(J/mol) | (J/mol) | (J/mol) | (J/mol) | (J/mol)
Catalyst-1 | 6.65x10* | 823x10° | 6.12x10° | 1.77x 10° bar ; 138,280 | -70,650 | -82,900 | 88,680 -
Catalyst-2 ; 2.90 ; 6 x 10 bar ; ; 119,813 - 54,340 -
Catalyst-3 . 5.13 % 107! 5'?531‘)01_?9 9.25 bar - - -140,000 | -93,400 | 15,900 ;
Catalyst-4 | 1.995x10° | 811x10° | 7.05x10° | 1.68x 10* bar ; 36,650 | -70,230 | -82,550 | 85,770 -
Catalyst:5 | 6.65x10% | 823x10° | 6.12x10° | 1.77x 10° bar ; 138,280 | -70,650 | -82,900 | 88,680 -
Catalyst-6 | 6.65x10% | 823x10° | 6.12x10° | 1.77x 10° bar ; -38,280 | -70,650 | -82,900 | 88,680 -
Catalyst-7 | 149x10° | 234x10° | 3.88x10° | 291x10°bar | 8.33x10° | -98,800 |-111,200 | -88,200 | 112,300 | -115,600
Catalyst-8 | 9.58x10¢ | 809x105 | 620x10° | 1.68x 10° bar ; 35773 | 70,187 | -82,643 | 87,743 -
Catalyst-9 | 1.09x 10° ; ; 1.04 x 10° bar ; 134,835 - - 98,435 -
Catalyst-10 | 2.82x 10* ; ; 123 x 10° bar ; 44,022 - - 100,208 -
Catalyst-11 | 6.65x10% | 823x10° | 6.12x10° | 1.77x 10° bar - -38,280 | -70,650 | -82,900 | 88,680 -
Catalyst-12 | 6.65x10% | 823x10° | 6.12x10° | 1.77x 10° bar ! -38,280 | -70,650 | -82,900 | 88,680 i




3. Thermodynamic analysis of SMR

The optimal operating conditions for the SMR process can be obtained by performing a sensitivity
analysis that considers all the variables affecting the performance of the SMR process. Although
Xu and Froment [44] explained that the global reaction (R3) is also necessary to represent the
experimental kinetic rate data, this work considered that reaction R1 and R2 are sufficient to

illustrate the thermodynamic equilibrium of the SMR process [73].

A substantial number of studies have been published describing the thermodynamic analysis of
the SMR process [74-76]. The Gibbs free energy minimization and entropy maximization methods
can be used to determine the equilibrium product distribution and equilibrium temperature,
respectively [74]. In this work, our previously developed model [58] was first simulated by using
the widely accepted kinetic model of Xu and Froment [44] and employing the same catalyst over
which these kinetics were developed by the authors. Equilibrium conditions were used to perform
the thermodynamic analysis and for the model validation against equilibrium data obtained from
CEA software. In order to carry out the thermodynamic analysis, the gaseous species CH4, CO,
H,, H,O, CO; and N; were considered in the reaction mixture. To examine the effect of
temperature, both pressure and ratio of feedstock were fixed. The effect of pressure was
investigated by keeping the temperature and feedstock ratio at a constant value. Similarly, the
effect of S/C on the performance of SMR was investigated at a fixed temperature and pressure.
The following equations were used to calculate the fuel conversion, H» yield (wt. % of feed CHa)
and purity:

n in — I
CH4 Conversion [%] — ( CH4.in CH4,out)

x 100 9
NcH4,in

Ny2 out

H, Purity [%] = x 100 10
(nHZ,out + NcH4,0ut T Nco,out T nCOZ,out) (10)

B (mol. weight of H, X nHz'out)

H, Yield [wt. % of CH,] x 100 (11)

B (mol. weight of CH, X ncm,m)



3.1 Effect of temperature, pressure and S/C

Temperature plays an important role towards the sensitivity of the SMR process. At equilibrium,
when the reactor is stimulated by an increase in temperature, a rise of the rate of the SMR reaction
(R1) (according to Le Chatelier’s principle) is observed. In Fig. 1(a-b), the effect of temperature
on feed conversion, H> yield (wt. % of CH4), and H; purity is shown. The mean relative error,
between the results of the proposed model and the results generated using CEA, was 1.95%, which
demonstrated a good correlation. It can be observed from Fig. 1(a) that the temperature has a
positive effect on CH4 conversion. The effect of temperature on H» yield and purity is exhibited in
Fig. 1(b). The results show that the H» purity increases as the temperature rises from 673 to 1023
K, but beyond 1023 K, a minor drop in H» purity is recorded. This H» purity decline is produced
as a result of the reverse R2, although CHs conversion remains still maximum at such high
temperatures. It is evident from Fig. 1(b) that H; yield grows rapidly in the temperature interval of
673 — 923 K and attains a value of 42% at 923 K, whilst from 1073 — 1273 K, the H; yield does
not vary substantially and lastly drops down to 40.8% at 1273 K.

To investigate the effect of pressure on feed (CH4 and H>O) conversion, H> yield and purity, a
temperature condition of 973 K and S/C of 3.0 is used. Fig. 2(a) shows that the low pressure favors
the CH4 conversion. The high pressure shifts the equilibrium towards reactants in the SMR reaction
because of having a larger number of moles on the product side, which in turn, results in low CH4
conversion. In Fig. 2(b), the effect of pressure on H» purity and H> yield is presented. The results

displayed reveal that H yield (wt. % of CH4) and purity, both decrease with an increase in pressure.

The choice of an optimum S/C is of paramount importance owing to its effect on the overall
performance of the SMR process. Higher S/C, which tends to shift R1 in the forward direction,
results in improved production of H» as a result of an increase in overall conversion of CH4. A

comparison between modelling and equilibrium results is presented in Table 4.

Carbon deposition is an inevitable phenomenon in H2 production and it occurs in all catalytic
transformations of hydrocarbons and can cause catalyst deactivation and hence the involved costs
are massive [77]. There are two principal coke formation pathways for steam reforming of
methane: the methane dissociation (R6) and disproportionation of CO by exothermic Boudouard

reaction (R7) which is favored by a lack of hydrogen [78, 79].



CHy = Ce) + 2Hyg  AHpynzosk = 75 kJ molgy, ™ (R6)
2C0() = COg(g) + Cs)  AHpyngosx = —172.5 k] molgp ™" (R7)

The most common type of carbon deposition is called whisker carbon and during SMR it occurs
on the surface of the Ni catalyst. In addition, there are carbon deposits in which carbon is generated
as a core of the feedstock radical called encapsulating polymers. This phenomenon is observed as
the activity of the catalyst gradually decreases. The third carbon deposition is called pyrolytic
carbon, which is generated by the thermal decomposition of hydrocarbons as a feedstock [80].
Many researchers have studied the carbon formation on catalysts, which may be influenced
directly by catalyst manufacture [81-84]. The coke resistance of the Ni-based catalysts can be
escalated by enhancing the adsorption of steam or CO», by increasing the rate of the surface
reaction, or by decreasing the rate and degree of methane activation and dissociation [79]. This
can be achieved by the use of promoters and several reports of alkali or alkaline earth metal
promoted catalysts in the literature have been outlined by Hu and Ruckenstein [85]. The inhibition
of carbon formation can be promoted if CO, adsorption is enhanced and this can be done by using
Ni catalysts that incorporate basic metal oxides [86, 87]. The anti-coke formation performance can
be significantly improved if the catalyst possesses a strong interaction between nickel and the
support or if the Ni precursor is located within a well-defined structure. Many recent attempts have
been made to confine Ni particles in nickel precursors with defined structures and with such
structures, high dispersion of the metal could be achieved with enhanced coke resistance for
reforming reactions [88-91]. As discussed, catalyst preparation is of paramount importance, and
most of the reported studies employed conventional catalyst preparation methods, like
impregnation or sol-gel, followed by calcination and thermal reduction. However, some new
preparation methods have been exploited for the preparation of Ni-based catalysts and methods
include combustion, microwave radiation, supercritical, plasma treatment. The catalysts prepared
this way evinces a high activity and exhibit fuel conversion close to the predicted by

thermodynamic calculations [92-97].

Usually, in a reformer, carbon deposition often occurs on the inlet side of the catalyst layer, and
most of it is whisker carbon. The cause is considered to be due to low S/C at the start of the

reformer, and when carbon is generated, it cannot be removed, and thus the reformer has to be



replaced. Therefore, preventing the formation of unreactive carbon deposits in the first place is of

great importance [98]. The probability of carbon deposition depends not only on the partial

pressures of the reactants but also on the catalyst composition and the process conditions.

Principally, the problem of carbon deposition is a competition between deposition and reforming.

When the rate of reforming outbalances the rate of deposition, catalyst deactivation due to carbon

deposition is prevented [99]. Thus, excess steam not only favors the CH4 conversion but also

enhances the production of H> and reduces the possibility of coke deposition on the surface of the

catalyst. According to the results, high CH4 conversion, H> yield (wt. % of CH4), and purity can

be obtained by using steam in excess although this would impact on the overall operational cost

of the process. Therefore, the optimum S/C is always a compromise between the overall efficiency

and operational cost.
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Fig. 1. Effect of the temperature on a) CH4 and H,O conversion; b) H yield (wt. % of CH4) and H, purity at 1 bar
and S/C of 3.0 (E: Equilibrium and M: Modelling).
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Fig. 2. Effect of pressure on a) CHs and H>O conversion; b) H» yield (wt. % of CHs) and H» purity at 973 K and S/C
of 3.0 (E: Equilibrium and M: Modelling).

Table 5: Effect of S/C on CHs conversion, H; yield (wt. % of CHs4) and H; purity at 973 K and 1 bar (E: Equilibrium
and M: Modelling)

S/C CHj4 Conversion H: Yield H: Purity
[%] [wt. % of CH4] [%]
M: 71.7 M: 28.3 M: 69.2
! E: 76.8 E: 30.0 E: 704
M: 90.9 M: 38.0 M: 75.1
2 E: 94.1 E:39.1 E:75.6
M: 96.6 M: 42.0 M: 76.9
. E: 97.8 E: 424 E: 77.1
M: 98.5 M: 44.1 M: 77.7
! E: 99.0 E: 442 E:77.8
M: 99.3 M: 45.3 M: 78.2
: E: 995 E: 453 E:78.2
M: 99.6 M: 46.1 M: 78.5
6 E: 99.7 E: 46.0 E: 78.5




4. Model validation of SMR using industrial conditions

After validating the reactor model with equilibrium data, validation is conducted with steady-state

industrial data. Non-equilibrium conditions of industrial settings are represented by the gas mass

flow velocity Gs. Gs of 3.5 kg m? s™! is used, producing results close to, but not at equilibrium.

Table 6 shows the comparison of outputs obtained from the proposed reactor model with literature

data [100] and a mean relative error of 5.9% is found, showing that the model outputs are in good

agreement with the literature results. The predicted results of the outlet molar composition of the

reforming product gases are compared with the industrial data [53] presented in Table 7. Table 7

allied with Fig. 3 confirms that the simulation results are in excellent agreement with industrial

data.

Table 6: Comparison of literature data [100] with predicted results in terms of molar fraction of the product gases at

the outlet of the reactor for a temperature range of 773 — 1273 K, 10 bar, and S/C of 2.0.

Molar fraction of the product gases at the reactor outlet

Operating
. Components 773 K 873K 973 K 1073 K 1173 K 1273 K
Conditions
This [100] This [100] This [100] This [100] This [100] This [100]
work work work work work work
CH, 0.263 | 0.260 | 0.209 | 0.203 | 0.142 | 0.126 | 0.075 | 0.050 | 0.028 | 0.015 | 0.007 | 0.004
CcO 0.002 | 0.004 | 0.014 | 0.015 | 0.049 | 0.061 | 0.101 | 0.115 | 0.145 | 0.153 | 0.168 | 0.168
P=10atm
H, 0.167 | 0.174 | 0.285 | 0.300 | 0.410 | 0.434 | 0.518 | 0.563 | 0.588 | 0.610 | 0.615 | 0.625
S/IC=2.0
H,O 0.528 | 0.524 | 0.432 | 0421 | 0.334 | 0314 | 0.252 | 0.222 | 0.201 | 0.184 | 0.182 | 0.176
CO, 0.040 | 0.038 | 0.060 | 0.061 | 0.065 | 0.065 | 0.053 | 0.050 | 0.038 | 0.038 | 0.028 | 0.027




Table 7: SMR industrial operating conditions adopted from the literature [53].

Pressure [P] 29 bar
Gas feed temperature [T] 760 °C
Catalyst temperature [T;] 760 °C

Inlet mole fractions

CH,4 0.2128
H 0.0260
H.O 0.7144
CO; 0.0119
N 0.0350

HLiterature = This work

N2

co2

H2

CcO

CH4

g0 60 40 20 0 20 40 60 g0
Outlet composition on dry basis [%0]

Fig. 3. Comparison of molar composition of the product gases (dry basis) at the outlet of reactor obtained via simulated

results with literature data under the operating conditions tabulated in Table 7.

4.1 Effect of G

The gas mass flow velocity (Gs) is one of the most important operating parameters that affect the
performance of the SMR process. The selection of the optimum Gs depends on the length and
loading of the reformer. To obtain the CH4 conversion near an equilibrium value, a velocity of 1.5

-2m s is used [101]. The performance of the SMR process is evaluated with various values of



G; using the Xu and Froment [44] kinetic model over Ni/MgALO4 catalyst.

In Fig. 4, the dynamic variation of H> and CH4 composition (dry basis) at the outlet of the reactor
under the fixed operating conditions of 973 K, 30 bar, S/C of 3, and various Gs (1 — 5 kg m?2s!) is
presented. The low Gs produce longer residence times and a CH4 conversion closer to the
equilibrium value is achieved. For a Gs of 1 kg m™s’!, the conversion of CHy is 43.7%, which is
comparable to the equilibrium value of 44.3% under the same operating conditions. For higher Gs
values, a decrease in CH4 conversion is observed because of the lower residence time throughout
the reactor. The G value of 3.5 kg m™?s™! produces a CHx conversion and H» purity of 41.5% and
60.7%, respectively corresponding to 44.3% and 62.1% at equilibrium. Therefore, a Gs of 3.5 kg

m?2s!is opted because, at this value, a high CH4 conversion is maintained.

1 kg/(m"2§) ===== 2kg/(m"2§) ===== 3.5kg/(m"2§) ===== 5 kg/(m"2 s)
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Fig. 4. Dynamic profile of CH, and H; composition (dry basis) at the exit of the reactor for various G; values at 973
K, 30 bar, and S/C of 3.0.

5. Performance of SMR process over various catalysts

After the validation of the developed reactor model, the performance of the SMR process is

predicted by implementing the kinetics data available in the literature on the developed reactor



model. For this purpose, a set of 12 different catalysts with available kinetics is selected. Xu and
Froment [44], using a commercial 15 wt. % Ni catalyst supported on magnesium spinel (Catalyst-
1), developed a general intrinsic kinetic model. The rate equations are given in Appendix A (A.1
- A.4). Soliman et al. [45] studied the intrinsic kinetics of SMR over a Ni/calcium aluminate
catalyst (Catalyst-2). Hou and Hughes [47] developed a kinetic model by using a commercial
Ni/ALOs catalyst with NiO content of 15 — 17 wt. % (Catalyst-3). The rate equations are given in
Appendix A (A.5 - A.8). Hoang et al. [67] determined the kinetics of SMR over a Ni sulfide
catalyst with 9.8% Ni on a gamma-alumina support (Catalyst-4). Oliveira et al. [68, 69] determined
the true kinetics of SMR over commercial Ni/Al,O3 catalyst (Catalyst-5) and a pre-commercial

Ni/ALOs catalyst (Catalyst-6) with 15.4 and 10% Ni content, respectively.

Halabi et al. [70] used Rh/Ceo.6Zr0.4O> (Catalyst-7) in an integral fixed-bed reactor to determine
the true kinetics of SMR. The rate equations are shown in Appendix A (A.9 - A13). The kinetics
of SMR over the 10.34 wt. % Ni/Al,O3 (Catalyst-8) sample were determined in an adiabatic fixed-
bed reactor by Kanhari et al. [71]. Obradovi¢ et al. [72] predicted the intrinsic kinetic of SMR on
commercial 11.8 wt. % Ni-based catalyst (Catalyst-9) and on commercial Pt/Ni/Al,O3 (Catalyst-
10). Abbas et al. [58] studied the kinetics of SMR over an 18 wt. % NiO/a-AlLO3 commercial
catalyst (Catalyst-11). Numaguchi and Kikuchi [43] determind the kinetics of SMR in an integral
flow reactor using a Ni-based catalyst with 8.7 wt. % Ni content (Catalyst-12) and the rate
equations are given in Appendix A(A.19 - A.20).

5.1 Comparison in terms of CH4 conversion, H; yield (wt. % of CH4) and H: purity

As seen in section 4.1, the G value plays an important role to achieve equilibrium conditions. In
this section, performance in terms of CH4 conversion, H» yield (wt. % of CH4), and H; purity at
conditions away from the equilibrium is studied. After successful validation of the model, here
comparison of performance of chosen catalysts will be carried out under medium-high pressure
corresponding to industrial SMR conditions. In Fig. 5 (a), the conversion of CH4 at the exit of the
reformer of various catalysts (catalyst 1 — 12) predicted under the operating conditions of 973 K,
30 bar, and S/C of 3.0, is presented. Simulations with catalyst — 8, which is a Ni-based catalyst,
generated the highest CH4 conversion of 42% that was favoured by its very fast kinetics, close to

the equilibrium predicted value of 44.3%.
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Fig. 5. Comparison in terms of a) CH4 conversion; b) Hy yield (wt. % of CHa); c) H» purity over various catalysts at

973 K, 30 bar, S/C of 3.0 and G
high. Therefore, the rate of disappearance of CH4 is much higher for catalyst - 8 compared to the

The activation energy for R1, using catalyst - 8, is low, and thus, the value of the rate constant is

yield, and 62% for H; purity.



other catalysts used in the present work. Fig. 5(b) shows the H» yield (wt. % of feed CH4) during
SMR process using various catalysts. The catalyst - 8 gives 10.2% more H> yield than catalyst —
11 under the same operating conditions of 973 K, 30 bar, and S/C of 3.0. Fig. 5(c) indicates that
there is no abrupt variation in the H» purity as a result of swapping the catalyst. Fig. 6 features the
dynamic profile of the rate of the SMR reaction (R1), of various catalysts at the exit of the reactor
under the operating conditions of 973 K, 30 bar, S/C of 3.0, and G; of 3.5 kg m?s!. The highest
value for the rate of the SMR reaction is observed when the reformer is loaded with the catalyst —
8 contributing to the highest CH4 conversion amongst all the studied catalysts (Fig. 5(a)). The
following catalyst activity order is observed in terms of CH4 conversion: catalyst-8 > catalyst-1 >
catalyst-4 > catalyst-10 > catalyst-12 > catalyst-3 > catalyst-2 > catalyst-9 > catalyst-6 > catalyst-
5 > catalyst-7 > catalyst-11. Catalyst-11 shows the lowest CH4 conversion (37.2%) compared to
the other catalysts. According to the mechanism proposed by Soliman et al. [45], the rate of R1 is
zero for the catalyst-2, and the CO> produced during R3 is converted to CO by reverse R2.
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1.5E-03 1 Catalyst-6
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Rate of Reaction of R1 [mol/kg/s]
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Fig. 6. The dynamics profile of the rate of the SMR reaction R1 at the exit of the reactor of various catalysts studied
at 973 K, 30 bar, S/C 3.0 and Gsof 3.5 kg m?2s!,

Fig. 7 shows the variation of gas temperature at the exit of the reactor under the operating
conditions of 973 K feed temperature, 30 bar, S/C of 3.0, and G of 3.5 kg m™s™!. The SMR process
is highly endothermic and the reactor is operated under adiabatic conditions. In a first instance, the
feed is introduced at 973 K (Fig. 7), and subsequently at 1173 K (Fig. 8) to illustrate the effect of

temperature on the reforming kinetics of the different catalysts. It can be observed in Fig. 7 that



there is no rapid change in temperature of the gas before 750s for almost all catalysts under
analysis, but after 750s, there is a sudden decline in the gas temperature because of the endothermic
SMR (R1). For the period beyond 1500 s, the gas temperature for catalyst - 8 is 907 K showing a

drop of 66 K, which indicates governance of R1.

The choice of 973 K for a pressure of 30 bar is on the lower side for industrial conditions and some
catalysts’ kinetics may overtake others at higher temperatures. Fig. 8 (a-c) shows the comparison
between different reforming catalysts in terms of CH4 conversion, H» yield (wt. % of CH4), and
H: purity at a temperature of 1173 K and 30 bar. It is evident from Fig. 8(a) that catalyst - 3 exhibits
a 112% increase in CH4 conversion as temperature varies from 973 K to 1173 K and at 86.4%, it
attains the highest amongst all catalysts, closest to the equilibrium conversion of 88.6%. It can be
seen from Fig. 8(b) that the maximum increase in H» yield is observed for catalyst - 11, but due to
the fast kinetics at elevated temperatures, catalyst - 3 provides a yield of 36.9% in comparison to
an equilibrium yield of 37.2%. The catalyst-11 displays maximum improvement in its performance
in comparison to all other catalysts at high temperature but catalyst - 3 still proves itself the better
amongst all in terms of H» purity also. The catalyst - 3 gives a H» purity of 74.4% (Fig. 8(c)) which
is close to the equilibrium purity value of 74.6% under identical operating conditions of

temperature, pressure, and fuel to steam ratio.
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Fig. 7. The dynamic profile of the gas temperature over various catalysts at 973 K feed temperature, 30 bar, S/C 3.0,
and G of 3.5 kg m?s.
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5.2 Selectivity of C-based and H-based products

The selectivity of C-based and H-based products in effluent gases is modelled using the following
equations;

n
CO Selectivity (%) = o ﬁ“ The) x 100 (12)
CH, co o,
CO. Selectivity (%) — Nco,
) eect1v1ty(/o)—(r,1 Thoth )><100 (13)
CH, co Co,
n
H, Selectivity (%) = G ’j:ﬁ > 100 (14)
CH, H,

Where, ncy,, Nco, Neo, and ny,correspond to the molar flowrates of CHa, CO, CO> and H> at

the outlet of the reactor.

Fig. 9 (a-b) shows for 973 K feed temperature and 30 bar reformer pressure, the catalysts
comparison in terms of selectivity of C-based products, and Fig. 9 (c) depicts the selectivity of Ho,
when the reformer is allowed to run with identical operating conditions but loaded with different
catalyst. In Fig. 9(a), the selectivity of CO is maximum for catalyst-8 compared to the other
catalysts due to the maximum rate of disappearance for CHs4. Catalyst-3 gives the maximum CO»
selectivity (29.9%) as is displayed in panel (b) of Fig. 9. This high value of selectivity suggests
that COz is the primary product using the catalyst-3, which is then converted to CO via reverse R2.
In Fig. 9(c), the selectivity of Ha is the highest (72.9%) using catalyst-8, while the catalyst-11
shows a value of 69.1 % for H; selectivity under comparable operational conditions of 973 K, 30
bar and S/C of 3.0. The results indicate that the selectivity of carbon-containing products strongly
depends on the thermodynamics of reactions. Thus, the reaction kinetics dictate the primary

product.

Similar to Fig. 9, Fig. 10 (a-c) shows the selectivity of C-based and H-based products, but at a feed
temperature of 1173 K. The maximum increase in CO selectivity is observed for catalyst-3 and
catalyst-11 (Fig. 10(a)) while there is no appreciable change in CO: selectivity (Fig. 10(b)) for any
other catalyst when temperature is increased from 973 K to 1173 K. It can be observed from Fig.
10(c) that the maximum H> selectivity is associated with the catalyst-3 supplying a H» selectivity

of 95.4% while equilibrium would provide a selectivity of 96.3%.
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selectivity respectively.
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5.3 Thermal efficiency

A basic measure of the thermal efficiency of the primary reforming process based on lower heating
value (LHV) as a function of the combined H> and CO yields is given by Eq. 15. The equation
assumes complete subsequent conversion of the primary reformer’s CO output into CO> via

downstream WGS, with concurrent equimolar conversion of the H>O co-feed to H» (see R2).

(LHVH2 X moles osz) + (LHV;o X moles of CO)
LHV¢y, X moles of feed CH,

Thermal efficiency (%) = X 100 (15)

Fig. 11 shows the thermal efficiency (%) of the reformer using various catalysts at 1173 K, 30 bar,
S/C of 3.0 and with Gs of 3.5 kg m?s”'. Under the same operating conditions, the equilibrium
thermal efficiency is 109.4%. The higher the S/C and temperature, the higher the number of moles

of H produced as well as the higher the thermal efficiency.
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Fig. 11. Thermal efficiency of the reformer using various catalysts at 1173 K, 30 bar, S/C of 3.0 and Gsof 3.5 kg m?s'.

Equilibrium yields a value of 109.4% for thermal efficiency under the same operating conditions.

The results presented in Fig. 11 reveal that catalyst-1 is the most thermally efficient catalyst with

thermal efficiency value of 106.5%, closely followed by catalyst-3 with thermal efficiency of



105%. Both surpass all other catalysts in terms of efficiency because of their ability to give higher
H> yield at the aforementioned operating conditions. Thermal efficiency greater than 100 can be

justified by the endothermic nature of the process.

6. Conclusion

A 1-D dimensional heterogeneous mathematical model for an adiabatic fixed-bed reactor was used
to compare the performance of eleven commercial catalysts used in the SMR process. The first
order backward finite difference method was applied to solve the model system of PDAEs through
gPROMS. The sensitivity analysis of the packed bed reactor model helped determine the best-
operating conditions such as temperature, pressure, S/C, and Gs. The modelling results were found
in good agreement with chemical equilibrium outputs based on the minimization of Gibbs free
energy. Later, the modelling results were validated with results derived from industrial reforming
conditions. At a fixed pressure, an increase in temperature produces an increase in CHa
disappearance rate, Ho yield (wt. % of CHa4), and Ha purity, whilst at a fixed temperature, lowering
the pressure results in the improvement of the CHs conversion. At 1 bar, when the temperature is
increased above 973 K, there was no appreciable gain observed in the CH4 conversion. It is
concluded that at atmospheric pressure, 973 K is the optimum operating temperature for the SMR
process although such low-pressure conditions are well known to be prohibitive for practical
reasons (plant size and plant economics). According to the sensitivity of S/C values in the SMR
process, which have an influence on coke deposition and operational cost, S/C of 3.0 was chosen
as the optimum to get high values of CH4 conversion and H purity. The G of 3.5 kg m?s™! was
selected as the optimal value for the SMR process. The sensitivity analysis reveals that the SMR
process confirms the best performance at high temperature, low pressure and at larger values of
S/C. The reactor model was then used for various catalysts to evaluate their performance under
more realistic industrial operating conditions. A pressure of 30 bar, a S/C of 3 and Gsof 3.5 kg m’
25l was used to test the catalysts in two different scenarios of temperature, one in a mild
temperatures of industrial conditions with a temperature of 973 K and the other in more severe
industrial conditions with a temperature of 1173 K, with the anticipation that some catalysts may
overtake others in activity. In regards to the catalysts performance, fast reaction kinetics gave

better results under the set of operating conditions used. Catalyst-8, which is a Ni-based catalyst,

showed superiority over all other catalysts in terms of CH4 conversion, H» yield (wt. % of CHa)



and H: purity with values of 42%, 19.7% and 60.9 % respectively at 973 K, 30 bar, S/C of 3 and
G; of 3.5 kg ms’!. Catalyst - 8 also provided the maximum H, and CO selectivity amongst all
other catalysts due to its fast kinetics being active at 973 K and 30 bar. With the anticipation that
some catalysts might show significant improvement in their performance at higher temperature,
the reformer was simulated again with a different catalyst per run, but a fixed value of temperature
(1173 K) and pressure (30 bar). Catalyst-3, which is also a Ni-based having NiO content of 15 —
17 wt. %, showed dominance over other catalysts by reaching 86.4% CH4 conversion, 36.9% H»
yield (wt. % of CHy), and 74.4% H, purity at 1173 K, 30 bar, S/C of 3, and Gs of 3.5 kg m™s™.
Owing to its slow kinetics at 973 K, Catalyst-11 was dominated by all other catalysts, but when
the temperature was increased to 1173 K, it showed the maximum improvement in its performance
(in terms of CHa4 conversion, H» yield, H> purity, and selectivity of C-based and H-based products)
amongst all other catalysts. Hence, justifying that some catalysts might show different activity at
different operating conditions. Catalyst-1, which is a commercial 15 wt. % Ni catalyst supported
on magnesium spinel, exhibited a slightly better thermal efficiency in comparison to catalyst-3 but
overall catalyst-3 dominated all other catalysts and showed better performance at 1173 K, 30 bar,
and S/C of 3. In the present work, we have not considered the variation of operating variables into
the network of pores of the catalyst. The scope of the proposed model confirms that is worthy of
further development, and thus, it will be extended to simulate concentration and gas temperature

changes intra-particle.

Moreover, plenty of literature exists on simulation studies of steam methane reforming using Xu
and Froment [44] kinetic model; this model cannot be used as a generalized model, and plugging
in that kinetic model to every catalyst might lead to false results and ambiguities. An approach to
determine the kinetics with precision and in an efficient way is to equip a modeler with
experimental tools and allow it to develop its own kinetics. This will automate the workflow of
comparing the model against the experiment, which is currently being done manually, and thus it
1s time-consuming and prone to error. Recently, Gossler et al. [102] used the concept of an open
software tool to analyze and derive the kinetics for the conversion of methane over rhodium
catalysts. To understand the underlying reaction mechanism, the development of an adequate
kinetic model is indispensable. Kinetic modelling remains a challenge because it demands

expertise and the reliable thermodynamic and kinetic data from extensive costly experimentation.



A proper balance is inevitable between the level of details in the model and experimental
information available. Devocht et al. [103] expanded the power-law model of Numaguchi and
Kickuchi [43] over Langmuir—Hinshelwood—Hougen—Watson model to adjust the adsorption
parameters and demonstrated the balance between the information available and the detail
accounted for in the model. Catalysts manufactured for industrial use can strongly vary from
laboratory-developed materials, thus the gap between the research and industrial catalysts must be
exploited and one such effort was made by Mitchell et al [104], discussing the gap and the potential

ways to bridge that gap between research and commercial catalysts.
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Nomenclature

Cp.bed Heat capacity of the catalyst bed
[Jkg' K']

Cpe Heat capacity of gases [J kg! K'']

D; Effective diffusion coefficient [m? s™']

Dn Average molecular diffusivity
[m?s']

P Partial pressure of species i [bar]

D, Axial dispersion coefficient [m? s™']

dp Particle diameter [m]

E; Activation energy of reaction j
[J mol'!]

G Gibbs free energy [J]

LHVy, Lower heating value of H, [J mol™]

LHV¢y, Lower heating value of CH, [J mol™']

P Total gas pressure [bar]

Pr Prandtl number

Ri Rate of formation or consumption of
species i [mol kgea! s71]

R; Rate of reaction j [mol kgea! 5]

R, Ideal gas constant [J mol™! K]

Greek letters

Q Unit less dominator term in the reaction

kinetics

Gs

AH;

ern,j

hr

Jo, JH

SCi

Re

YU

Z

Gas mass flow velocity [kg m? s!]

Heat of adsorption of i species
[J mol'!]

Heat of reaction of j reaction [J mol™']

Gas to solid heat transfer coefficient [W m"
261

Chilton-Colburn factor for mass and heat
transfer

Gas to solid mass transfer coefficient of
component i [m®* m?s]

Kinetic rate constant of reaction j

Reference temperature dependent kinetic
rate constant of reaction j

Thermodynamic equilibrium constant
Adsorption constant of species i
Reference adsorption constant of species i
Gas temperature [K]

Superficial velocity of the gases

[ms]

Schmidt number

Axial dimension [m]

Reynolds number

Effective thermal conductivity

[Wm'! K]



&b Packing bed porosity

ni Effectiveness factor of reaction j

Ae Average gas thermal conductivity
[Wm' K1

s Solid thermal conductivity
[Wm'! K1

Appendix A

Mg

Pbed

Peat

Pt

Average gas viscosity [kg m™ s7!]

density of the catalyst bed [kg m™]

density of the catalyst pellet [kg m~]

Fluid density [kg m™]

The kinetic rate equations and kinetic parameters used in the reactor model:

_k Pi1,Pco) [ 1
Ry = pis L A AGE

| & Pu,Pco) [ 1
R, =— PcoPH,0 — Ky @

k; ph,Pco 1
R, = —2 2 _ PuPco, <_)
3 pgﬁs (pCH4pH20 Ky 02

2

PH,0

Q=14Kcopco + Ku,Pn, + K, Pucn, + Ku,o P
2

. (p e _pﬂzpco><i>
! p%iis Clia TH20 K; pgi;r’o Q?

k; ( PH,Pco 1
R, = —= p pO.S _ 2 2 (_)
2 p‘ﬁii’ €0 FH0 Ky Pgi;r’o Q?

R. = ks _lf"lflzpco2 (i)
3 p%—izs Pen, Pizo0 Kyt Puyo Q2

PH,0

Q=14KcoPco + Ky, pﬂf + Ky,0 ,
2

(A.1)

(A.2)

(A.3)

(A.4)

(A.5)

(A.6)

(A7)

(A.8)
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(A.11)
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(A.13)
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(A.17)

(A.18)
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(A.20)



Appendix B

Physical properties are estimated by using the following empirical correlations:

Effective thermal conductivity is given as [105];

% _% | 075pR
—_— = . rne
}\g )\g P
A2 1-— €p
}\_Z = &p + 2
g 0139, — 0.0339 + (5) /A

Axial mass dispersion coefficient is defined is expressed as [106];

0.5udp

D, = 0.73D
- m ¥ 1+9.49D,,/ud,

The mass transfer coefficient is given by the following relation [107];

1/3 Di

kg,i = jD'iRepSCi d

p
kgi = jpRe, % +0.3655¢ 3%

The dimensionless numbers are given as;

ud
Re, = pgu P 0.01 < Re, < 1500
S¢; = —=—; 0.6 < Sc < 7000,0.25 < g, < 0.96
pgDi

Heat transfer coefficient and its dimensionless numbers are given by the following expressions [107, 108];

C,eG
. pgYs
hf =Ju Pr2/3

ju = 0.91Re,**'y ; 0.01 <Re, < 50

ju = 0.61Re,**"§ ; 50 < Re, < 1000

(B.1)

(B.2)

(B.3)

(B.4)

(B.5)

(B.6)

(B.7)

(B.8)

(B.9)

(B.10)
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