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Abstract:

Synthetic natural gas (methane) production was systematically investigated by optimising
various operating parameters using a three stage (i) biomass pyrolysis (ii) catalytic steam
reforming (ii1) catalytic hydrogenation reactor system. Several operating parameters were
optimized including catalytic steam reforming temperature, steam weight hourly space
velocity (WHSV), catalytic hydrogenation temperature and hydrogen gas space velocity. In
addition, the influence of different metal catalysts (Ni/Al2O3;, Fe/Al,03, Co/AlO3, and
Mo/Al>O3), catalyst calcination temperature, catalyst metal loadings, and different catalyst
support materials (Al203, SiO2, and MCM-41) was carried out specifically to optimize
catalytic hydrogenation in the third stage reactor. The highest methane yield of 13.73 mmoles
g iomass (22.02 g CHs 100 glbiomass) Was obtained with a second stage catalytic steam
reforming temperatureof 800 °C over a 10 wt.% Ni/AlxOs3 catalyst and with a steam WHSV
of 5 mL h™! g'lcays together with a third stage catalytic hydrogenation temperature of 350 °C
over a 10 wt.% Ni/Al,O3 catalyst with added hydrogen gas space velocity of 2400 mL h! g

1
catalyst.
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1. INTRODUCTION.

With increased global energy demand and the associated pollution problems, there is even
greater interest in the development of sustainable routes to manage energy demand without
causing any harm to the environment [1]. Studies have focussed on the substitution of fossil
fuels with lignocellulosic biomass because it is not only abundant in nature but also it is a
renewable source of energy and a carbon-neutral fuel [2]. Of great interest are processes that
can convert biomass into fuels that can directly substitute into the petroleum refining
infrastructure or the natural gas infrastructure rather than trying to develop a new bioenergy
infrastructure. Methane production from biomass is an attractive option because of the
already well developed and organized infrastructure and distribution facilities for natural gas.
Methane production from biomass may be carried out via a thermochemical pathway. To
recover energy from biomass, thermochemical methods such as pyrolysis may be employed
[3, 4]. Pyrolysis is the thermal degradation of biomass in the absence of an oxidizing agent
and results in the formation of solid, liquid and gaseous products. We have reported
previously on the optimisation of a two-stage, pyrolysis-catalytic hydrogenation process for
the production of methane from biomass [19]. This paper progresses that work by the
introduction of an additional reaction stage to produce a three stage (i) pyrolysis (ii) catalytic
steam reforming (iii) catalytic hydrogenation reactor system for the production of methane
from biomass. The aim of this process is to completely convert the oxygenated and non-
oxygenated hydrocarbon produced as the result of biomass pyrolysis (1% stage) into carbon
oxides and hydrogen in a catalytic steam reforming reactor (2" stage) and then to convert this
product gaseous mixture into methane in the presence of added hydrogen in a catalytic
hydrogenation reactor (3™ stage). This process involves the series of reactions as shown in
Table 1. During the pyrolysis of biomass, thermal degradation takes place and results in the

formation of solid char, gaseous products, and oxygenated and non-oxygenated hydrocarbons
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(eq. 1). These gaseous products and oxygenated and non-oxygenated hydrocarbons undergo a
series of reactions in the catalytic steam reforming reactor (eq. 2 to eq. 9). For example,
oxygenated hydrocarbons undergo catalytic cracking reactions and result in the formation of
carbon oxides, hydrogen and non-oxygenated hydrocarbons (eq. 2). Catalytic steam
reforming and dry reforming of oxygenated and non-oxygenated hydrocarbons result in the
formation of carbon monoxide and hydrogen (eq. 3 to eq. 6). Since a significant amount of
carbon monoxide is produced from steam and dry reforming reactions, it reacts with the
added steam and undergoes water gas shift reaction and results in the formation of carbon
dioxide and hydrogen (eq. 7). Also, at higher temperature ranges, there is the possibility of
Boudouard reaction and carbon steam gasification reactions (eq. 8 and eq. 9). The product
gases from the catalytic steam reforming reactor are mainly composed of carbon oxides and
hydrogen. This product gaseous mixture upon entering the catalytic hydrogenation reactor
undergoes methanation reactions and carbon hydrogasification reactions and results in the
formation of methane gas (eq. 10 to eq. 12).

Optimization studies of catalytic steam reforming show that this process takes place at
high temperature ranges (700 - 1000 °C) in the presence of catalysts [5]. Different catalysts
have been studied to enhance the catalytic steam reforming process. Among the different
metal catalysts, noble metals such as Pt, Rh, Ru and Pd showed promising results but because
of their higher costs these metals are not commonly used [6-8]. Ni metal based catalysts
because of their cost-effectiveness and high catalytic activity are used on a commercial scale
[9]. Also, different support materials such as Al>O3, Si02, MCM-41, zeolites, and dolomite
etc. have been reported in the literature to be active for steam reforming reactions [5, 10-13].
However, Al20O3 support material is preferred because of its high stability [14]. Therefore Ni

metal loaded on Al,O3 support has been employed in the catalytic steam reforming process.
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However, catalytic hydrogenation for carbon oxides conversion (methanation
reactions eq 10 - eq 11) takes place at a lower temperature range of around 200 - 500 °C.
Several catalytic studies have been reported to enhance methane yield by carbon oxides
hydrogenation using heterogeneous VIII-B group metals such as Ni, Fe, Co, Ru, Rh, Pt and
Pd over various support materials such as TiO2, SiO2, ZrO», Al>O3, and CeO,. Metals such as
Ru, Rh, and Ni based catalysts have been reported to be active hydrogenation catalysts [15-
18]. But because of the lower cost, high activity and selectivity towards the methanation
reaction, Ni metal based catalysts have received most attention. In addition, among the
different catalytic support materials used, Al,O3; support shows higher stability resulting in
enhanced catalytic activity [15]. Therefore, in this work Ni metal over alumina support
material has been incorporated for the initial optimization of catalytic hydrogenation
operating parameters.

In this article, we report on the optimization of various operating parameters for the
(1) pyrolysis (ii) catalytic steam reforming of biomass to maximize the conversion of higher
molecular weight hydrocarbons derived from biomass pyrolysis into carbon oxides and
hydrogen as feedstock for catalytic hydrogenation. The parameters investigated were,
catalytic steam reforming temperature, steam WHSYV, catalytic hydrogenation temperature,
and hydrogen gas space velocity. This was followed by the investigation of the three stage (i)
pyrolysis (ii) catalytic steam reforming (iii) catalytic hydrogenation reactor system where the
effect of different metal catalysts, influence of catalyst calcination temperature, different

catalyst metal loadings and different support materials was investigated.
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2. MATERIALS AND METHODS.

2.1 Biomass Sample.

The waste biomass feedstock used in the experiments was waste wood sawdust which was
compressed to form wood pellets. The biomass feedstock was obtained from Liverpool Wood
Pellets Ltd., Liverpool, UK. These wood pellets were crushed and sieved to obtain the
particle size of 0.3 to 0.5 mm. The elemental analysis was performed using a Vario Micro
elemental analyser and showed a hydrogen content of 5.4 wt.%, carbon content of 50.1 wt.%,
nitrogen content of 0.1 wt.% and oxygen content of 48.6 wt.%. The proximate analysis of the
biomass was performed using a Shimadzu TGA-50 thermogravimetric analyser and showed
that the biomass feedstock consisted of 93.3 wt.% volatiles, 7.8 wt.% moisture, 0.3 wt.% ash

and 6.7 wt.% fixed carbon.

2.2 Catalyst Preparation.

The catalyst used for the optimization of the (i) pyrolysis (i1) catalytic steam reforming
reactor system for biomass processing was a 10 wt.% Ni loaded on alumina (Al2O3) support
and was prepared by using a wet impregnation method. To prepare the catalyst, 10 wt. % of
Ni using nickel nitrate hexahydrate was dissolved in 25 ml of deionized water with
continuous stirring for 30 min to obtain an aqueous solution. Alumina support was then
added into this aqueous solution, stirred for 30 min, and then heated continuously with 15 °C
rise in temperature after every 30 min until all the water evaporated leaving behind a semi
solid slurry. This semi-solid slurry was then dried overnight at 105 °C in an oven. The dried

sample was then calcined in a furnace at 750 °C with heating rate of 20 °C min™! for 3 h. The
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calcined catalyst was then crushed and sieved to obtain a particle size range of 50-212 pm.
Finally, the sieved catalyst was reduced in a H> atmosphere (5% Hz, and 95 % N») at 800 °C
for 2 h in a reduction furnace.

The catalysts used for catalytic hydrogenation in the three stage (i) pyrolysis (ii)
catalytic steam reforming (iii) catalytic hydrogenation reactor system were each prepared
using the same wet impregnation method described above. Different, metal catalysts (10 wt.
% of Ni, Fe, Co, and Mo) on alumina support were investigated in the catalytic
hydrogenation reactor. Nickel nitrate hexahydrate (Sigma-Aldrich, 99.99 %), cobalt nitrate
hexahydrate (Sigma-Aldrich, 99.99 %), iron (III) nitrate nonahydrate (Sigma-Aldrich, 99.95
%), and ammonium molybdate (para) tetrahydrate (Alfa Aesar, 99. 0%) were used to load the
active metal over the alumina support. All of these catalysts after impregnation were dried,
calcined, crushed and sieved as before to produce the catalyst particle size of 50-212 um then
reduced in the H> atmosphere.

In addition, the influence of catalyst support material was investigated for the
catalytic hydrogenation reactor, using SiO2 and MCM-41 in addition to the Al,O3, all with
nickel as the active catalyst metal. S102 and MCM-41 was added to the aqueous solution of
nickel nitrate hexahydrate to obtain 10 wt.% Ni/S10; and 10 wt.% Ni/MCM-41 in addition to
the prepared Ni/AlOs. For the study of catalyst support material, the prepared aqueous
solution was dried and calcined at 950 °C (rather than 750 °C) for 3h. As before, the calcined
catalysts were crushed and sieved to obtain the particle size of 50-212 pum and reduced under

H> atmosphere at 800 °C for 2 h.
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2.3. Three stage (i) pyrolysis (ii) catalytic steam reforming (iii) catalytic hydrogenation
reactor system.

The three stage (i) pyrolysis (ii) catalytic steam reforming (iii) catalytic hydrogenation
experimental reactor system used for methane production from biomass is shown in Figure 1

as a schematic diagram.

Mass flow
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Figure 1. Schematic diagram of the three stage (i) pyrolysis (ii) catalytic steam reforming

(i11) catalytic hydrogenation reactor system.
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Pyrolysis of the biomass was carried out in the first stage of the reactor which was
constructed of stainless steel having dimensions of 25 cm long x 5 cm diameter and heated
externally by separate electrical furnaces. A biomass sample weight of 1.0 gm was placed in
a crucible and suspended in the centre of the pyrolysis reactor. Evolved pyrolysis volatiles
were transferred directly to the 2" stage catalytic steam reforming reactor where 1.0 gm of 10
wt. % Ni/Al,Os catalyst was held in place using stainless steel mesh and quartz wool. The 2"
stage catalytic steam reforming reactor was constructed of stainless steel having dimensions
of 32 cm long x 2 cm diameter externally heated by an electrical furnace. Hydrocarbon
volatiles and gases from pyrolysis undergo catalytic cracking, gasification reactions and
steam reforming in the presence of added steam in the 2" stage reactor. Product gases
derived from the catalytic steam reforming reactor passed through a condensation system to
remove condensable products (almost entirely water and traces of bio-oil) then transferred to
the 3" stage catalytic hydrogenation reactor which was constructed of stainless steel with
dimensions of 14.5 cm long x 2 cm diameter externally heated by an electrical furnace. Dry
ice condensers were used at the output of the catalytic hydrogenation reactor to condense the
water produced as the result of methanation reaction. The final gaseous product was collected
in 25 L Tedlar gas sample bag. All of the three reactors were temperature controlled and
monitored to the desired temperatures. Nitrogen was used as a carrier gas to purge product
gases through the reactor system. Steam was injected directly into the 2™ stage steam
reforming reactor using a WPI SPLG100 syringe pump. Hydrogen for the 3™ stage catalytic
hydrogenation was produced and supplied using a Packard 9200 H> generator.

The experimental procedure consisted of, pre-heating of the 2" stage catalytic steam
reforming reactor and the 3™ stage catalytic hydrogenation reactor to the desired temperature.
Once the required temperatures were achieved and stabilized, the pyrolysis reactor was then

heated from ambient temperature to 800 °C at a heating rate of 20 °C min™'. Once the
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pyrolysis reactor started heating, steam injection to the reforming reactor and H» addition to
the hydrogenation reactor commenced. Baseline experiments were carried out using quartz
sand for comparison with the catalyst. For accuracy purposes repeatability and reproducibility
tests were performed and negligible difference was observed.

Initial experiments used only the (i) pyrolysis and (ii) catalytic steam reforming of
biomass to investigate the influence of catalytic steam reforming temperature, and steam
WHSYV on the production of carbon oxides and hydrogen. This was then followed by the
investigation of the full three stage (i) pyrolysis (ii) catalytic steam reforming (iii) catalytic
hydrogenation reactor system, concentrating on the influence of metal catalysts, catalyst

calcination temperature, amount of catalyst metal loadings and different support materials.

2.4. Gas analysis

The non-condensable gas product obtained in the Tedlar gas sample bag was analysed
immediately after each experiment using packed column gas chromatography. Hydrocarbon
gases ranging from C; to C4 were analysed using a Varian CP 3380 with flame ionization
detector, 2 m long x 2 mm diameter chromatographic column with 80-100 mesh HayeSep
packing and N> as a carrier gas. Permanent gases, Hz, Oz, N2, and CO were analysed using a
Varian CP 3330 GC having a thermal conductivity detector, a 2 m long x 2 mm diameter
chromatographic column with 60 — 80 mesh HayeSep packing and Ar as gas carrier. CO2 was
analysed by using a Varian CP 3330 GC having thermal conductivity detector, a 2 m long x 2

mm diameter chromatographic column with 80-100 mesh Restek packing.

2.5. Catalyst characterization.
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The metal type and the metal particle size analysis of the prepared catalysts were carried out
using an XPERT X-ray diffractometer having Cu Ka radiation operated at 40kV and 40mA.
Peaks of the catalysts were identified by using a High Score plus software package with built
in program for metallic size calculation using the Scherrer equation. In addition, the
morphology of the catalysts was studied by using an Hitachi SU8230 scanning electron
microscope (SEM) operated at 20kV coupled with energy dispersive X-ray spectroscopy
(EDXS) mapping of metals on the catalyst. Also, to investigate the reducibility of metal oxide
into metals Ho-temperature programmed reducibility tests were performed using a Schimadzu

TGA-50 with a hydrogen atmosphere.

3. RESULTS AND DISCUSSION.

3.1. Two stage (i) pyrolysis (ii) catalytic steam reforming

The initial investigation concerned identifying the optimum conditions for the first two stages
of the three stage system involving only (i) pyrolysis (ii) catalytic steam reforming to
maximize the output of carbon oxides (and hydrogen) for catalytic hydrogenation in the third
stage catalytic hydrogenation reactor. The influence of pyrolysis temperature on the product
yield and pyrolysis gas composition from the pyrolysis of the same biomass wood sawdust
used in this work was presented in our previous article [19]. However, these results may be
summarised as, with the increase in the final pyrolysis temperature from 500 to 800 °C, the
amount of residual char decreased, showing that the biomass continued to thermally
decompose at higher pyrolysis temperatures. The increased biomass degradation resulted in
an increase in the yield of product liquid and a smaller increase in product gas yield. The

increased gas yield reflecting an increase in CHg, Hz, CO, and CO: yield as the final pyrolysis
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temperature was raised from 500 to 800 °C. Therefore, for the current study the biomass
pyrolysis was carried out at the optimized higher final pyrolysis temperature of 800°C. The
influence of the catalytic steam reforming temperature and influence of the input steam
WHSYV were carried out using the 1% stage pyrolysis and 2™ stage steam reforming reactor
system, with the third stage catalytic hydrogenation reactor removed. The catalyst used for

these experiments was 10 wt. % Ni/Al,Os.

3.1.1. Influence of catalyst steam reforming temperature

The influence of the catalytic steam reforming temperature on the product yield and the gas
composition was carried out at temperatures of range of 600 °C,700 °C,800 °C and900 °C.
The biomass was pyrolysed under the temperature regime of ambient temperature to 800 °C
at a heating rate of 20 °C min'[19]. The catalyst used was 10 wt.% Ni/Al,O3 with an input
steam WHSYV of 3 mL h™! g"lcaiyse. Table 2 shows the product yield, gas ratios and volumetric

gas composition (vol.%). In addition, Figure 2 shows the gas yield in mmoles g 'biomass.
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Figure 2 Influence of catalytic steam reforming temperature on gas yield (pyrolysis

temperature 800 °C, Steam WHSV3 mL h'! g'lcatalyst).

The results suggest that with the increase in the catalytic steam reforming temperature from
600 to 900 °C the overall gas yield increased from 42.5 to 73.4 wt.%, with a consequent
decrease in liquid yield from 37.43 to 6.6 wt. %. The liquid was mostly composed of water.
Since, the 1% stage pyrolysis temperature conditions remained the same for each experiment,
the solid char yield remained constant at ~20 wt. %. Table 2 also shows the distribution of
carbon in the gas, and solid products. The carbon distribution in the char was the same for
each experiment at 33.53 %. It can be seen from Table 2 that with the increase in catalytic
reforming temperature percentage of carbon in the gaseous product increased from 25.12 to

45.45 %. The distribution of carbon in the liquid products was not calculated because only a
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trace of bio-oil was present in the liquid product water and it was not possible to separate
using methods such as Karl-Fischer titration. For comparison a blank experiment was
performed using quartz sand in place of the 10 wt.% Ni/Al,O3 catalyst. The sand representing
a hot bed of particulate material, but with no catalyst metal present. It was observed that in
the presence of sand the liquid yield was higher and gas yield was lowered as compared to
when a catalyst was present. This suggests that the catalyst reforming reaction was promoted
over the active metal sites of the catalyst compared to that of sand, where mostly thermal
cracking with some steam reforming would occur.

Figure 2 also shows that with the increase in catalytic steam reforming temperature
from 600 to 900 °C the Hz, CO, and CO; yields showed a continuous increase. The H> yield
increased from 26.8 to 28.94 mmoles g 'biomass together with an increase in CO yield from
4.36 to 9.83 mmoles g 'viomass and CO> yield from 5.41 to 9.06mmoles g 'piomass. The increase
in H2 and CO; yield with the decrease in liquid yield and CH4/CO> gas ratio was due to
cracking and reforming reactions (eqs. 2-6). It was also observed that the H2/CO ratio was
decreased and CO/COz ratio was increased with the increase in catalyst temperature because
of the reverse water gas shift reaction (eq 7). It has been reported by many researchers that
the water gas shift reaction is favourable at lower temperatures, however, at higher
temperatures, equilibrium shift takes place and results in the promotion of the reverse water
gas shift reaction [20, 21]. Another possible reason for the increase in CO/COz ratio was the
Boudouard reaction (eq 8) which is favourable at higher temperature ranges [22]. Luo et al.,
[23] investigated the effect of catalytic steam reforming temperature in the temperature range
of 600 to 900 °C for the production of hydrogen from biomass (palm sawdust). Calcined
dolomite was used as the catalyst with a steam to biomass ratio of 1.2. It was observed that
with the increase in temperature from 600 to 900 °C, H: yield increased from 2.02 to 25.38

mmoles g 'biomass. Gao et al., [24] used pine sawdust as the biomass feedstock in a fixed bed
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reactor to investigate the effect of reforming temperature in the range of 800 to 950 °C on
hydrogen yield. Catalytic steam reforming was carried out over porous ceramic material and
the steam/biomass ratio was kept constant at 1.4. It was observed that with the increase in
reactor temperature from 800 to 950 °C, the H; yield increased from 24.98 to 39.95 mmoles
g 'iomass. They suggested that the increase in H yield was due to the promotion of thermal
cracking and steam reforming reactions. Similarly, Waheed et al., [25] investigated different
biomass feedstocks i.e. rice husk, sugar cane bagasse, and wheat straw for H> production in a
two-stage fixed bed reactor using 10 wt.% Ni/dolomite as catalyst. Catalytic bed temperature
was at 950 °C and steam/biomass ratio was 1.37. The H» yield obtained over rice husk, sugar
cane bagasse, and wheat straw were 23.71, 21.18 and 21.59 mmoles g 'biomass respectively.
Akubo et al., [26] also used a similar two-stage pyrolysis-catalytic steam reforming reactor to
investigate different biomass feedstocks for hydrogen production. The biomass feedstocks
used were rice husk, coconut shell, sugar cane, palm kernel shell, cotton stalk, and wheat
straw. The catalyst used was 10 wt.% Ni/Al,Os at a reforming temperature of 750 °C with a
steam WHSV of 5.7 mL h™! g'cuaysi. They reported that rice husk, coconut shell, sugar cane,
palm kernel shell, cotton stalk, and wheat straw produced 18.22, 22.11, 22.96, 25.35, 20.74
and 16.38 mmoles Ha g'biomass respectively. From the current study, it may be concluded that
high temperatures are favourable for converting the higher molecular weight hydrocarbons

into lower molecular weight gaseous products.

3.1.2. Influence of steam weight hourly space velocity (WHSV).

The influence of input steam WHSV on the product yield from (i) biomass pyrolysis and (i1)

catalytic steam reforming was carried out in the range of 1 to 9 mL h™' g'lcauiyst. The catalyst

used was 10 wt.% Ni/Al203 and catalytic steam reforming temperature were maintained at
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312 Figure 3 Influence of steam WHSVon the gas yield (pyrolysis temperature 800 °C, Catalytic

313 steam reforming temperature 800 °C).

314

315  Table 3 includes the comparison between the sand and the catalyst at the steam WHSV of 3
316  mL h! g'lcuays, the total gas yield increased from 44.83 to 58.5 wt.% when the sand was
317 replaced by the catalyst, suggesting addition of catalyst promoted the catalytic steam
318  reforming and reforming reactions (eqs. 2 — 6). With the increase in steam WHSYV from 1 to 5
319 mL h' g'lcuays, it was observed that the gas yield increased from 55.7 to 73.85 wt.%.

320  However, with the further increase in steam WHSV to 9 mL h™! glcaays the gas yield reduced
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to 60.48 wt.%. The solid char remained at ~20 wt.% because the pyrolysis stage temperature
conditions were the same for each experiment. It can be seen from Table 3 that with the
increase in steam WHSV from 1 to 5 mL h!' g”lcaiyst, the percentage carbon in the gaseous
product increased from 35.34 to 43.41wt.%. However with the further increase in steam
WHSV to 9 mL h™! g'lcuays the percentage carbon in the gas decreased to 41.04 wt.%. It may
be suggested that an optimum steam WHSYV enhances the catalytic tar conversion into low
molecular weight gaseous products and results in the increase of carbon content in the
gaseous output product. However at higher steam WHSV, catalytic hydrocarbon conversion
into low molecular weight gaseous product was reduced therefore resulting in the reduced
carbon content in the gaseous product. The influence of the steam/biomass (S/B) ratio on
carbon conversion has also been reported by Franco et al., [27]. Carbon conversion was
calculated based on the carbon content in the gaseous product in relation to the carbon
content in the feedstock. Gasification of pine waste was carried out in a bench scale fluidized
bed reactor. They reported that with the increase in S/B ratio the gaseous product yield along
with carbon conversion initially increased, which corresponded to the minimum liquid yield.
However, with a further increase in the S/B ration, the carbon conversion was reduced.
Similarly, Quan et al., [28] investigated the influence of S/B ratio on the reforming of bio-oil
in a fixed bed reactor. They also reported that with the initial increase in S/B ratio up to the
optimal ratio, had a positive effect on carbon conversion into gas. This was due to the
promotion of the water gas shift reaction and reforming reaction. But the increase in S/B ratio
higher than the optimal ratio resulted in a reduction in carbon conversion into gas product due

to the suppression of the reforming reaction.

Figure 3 shows that with the increase in steam WHSV from 1 to 5 mL h!' gl caarysi, Ha

and COz yields increased with a corresponding decrease in CH4 and CnHm yields, due to
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steam reforming reactions (Egs. 3-6). However with the further increase in steam WHSV to 9
mL h!' glcaays, H2, CO and CO> yield reduced while CHs and CnHm yield increased. The
highest Hz, and COz yield of 30.68, and 10.93 mmoles g'lbiomass was obtained at the steam
WHSYV of 5 mL h' g'lcuys. The increase in the Hz, and CO, along with the decrease in
CH4/CO; and CH4/CO ratio was associated with the promotion of cracking and reforming
reactions with the increase in steam WHSV up to 5 mL h™! g"caiyst, however with the further
increase in steam WHSV to 9 mL h' g'euays, cracking and reforming reactions were
suppressed and resulted in the formation lower Hz, and CO»> yield. As can be seen from Table
3 the H»/CO ratio increased and CO/COx ratio decreased with the increase in steam WHSV
from 1 to 5 mL h! g'lcuays showing the promotion of the water gas shift reaction (eq 7).
Similar results have been reported by Li et al., [29] when they carried out the steam
gasification of biomass palm-oil waste in a bench scale combined fixed bed reactor at 900 °C
catalyst bed temperature. They reported that with the increase in steam WHSV from O to 0.6
mL h! g'lcaays the Hy yield increased from 25.11 to 61.5 mmoles g 'biomass. However, with
the further increase in steam WHSV to 0.8 mL h™! g”'cyaryse Ha yield reduced to 58.05 mmoles
g liomass. They suggested that the initial increase in hydrogen yield was because of the water
gas and water gas shift reactions while the decrease in the hydrogen yield was observed
because of the decrease in reaction temperature due to excess steam flowing through the

reactor system.

3.2. Three stage (i) pyrolysis (ii) catalytic steam reforming (iii) catalytic hydrogenation

The third stage catalytic hydrogenation reactor was added to the two-stage reactor

configuration to produce the three stage (i) pyrolysis (ii) catalytic steam reforming (iii)

catalytic hydrogenation reactor system (Figure 1). The following sections report on the
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influence of various process parameters particularly targeted at the reactions of the 3™ stage
catalytic hydrogenation process. Consequently, the (i) pyrolysis process parameters and the
(ii) catalytic steam reforming process parameters were kept constant for this series of
experiments; the biomass pyrolysis temperature programme was ambient temperature to 800
°C at a heating rate of 20 °C min’!; catalytic steam reforming involving,10 wt.% Ni/Al,O3
catalyst held at 800 °C and input steam at a WHSV of 5 mL h™! g"lcaayst. The catalyst used in
the catalytic hydrogenation reactor was 10 wt.% Ni/Al2O3 because of its higher catalytic

activity and selectivity towards the methanation reaction [30].

3.2.1. Influence of catalytic hydrogenation temperature

The influence of the 3" stage catalytic hydrogenation reactor temperature was investigated in
the temperature range of 250°C, 300 °C, 350 °C and 400 °C and the results for product yield,
gas ratios and volumetric gas composition (vol.%) are shown in Table 4. Hydrogen gas with a
space velocity of 3600 mL h' glcuys was introduced into the 3™ stage catalytic
hydrogenation reactor [19]. Figure 4 shows the gas yield in relation to the mass of biomass in

-1
mmoles g™ biomass.
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Figure 4 Influence of catalytic hydrogenation temperature on the gas yield (Pyrolysis
temperature 800 °C, Catalytic steam reforming temperature 800 °C, Steam WHSV5 mL h'! g

1
catalyst) .

The gas composition (vol.%) shown in Table 4 shows that the gas product produced
from the three-stage process produces a gas with a high volumetric composition of methane,
the highest being 75 vol.% methane with 25 vol.% carbon dioxide at a catalytic
hydrogenation temperature of 350 °C. The total gas yield including the gas produced from
the biomass as well as added hydrogen decreased from 96.78 to 66.98 wt.% with the increase
in hydrogenation catalyst temperature. Suggesting that at lower temperature, most of the
hydrogen gas passed over the catalyst bed unreacted, which resulted in the increase in the
total gas yield. It was not possible to calculate liquid yield produced from the biomass

because of the addition of steam in the catalytic steam reforming stage of the reactor system.
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But, liquid water produced as the result of the methanation reaction increased from 12 wt.%
to 39 wt.% with the increase in catalytic hydrogenation temperature which showed the
promotion of the methanation reactions (Eqgs. 10-11). Table 4 shows that the percentage
carbon content in the product gases remained roughly the same at all the catalytic
hydrogenation temperatures studied because the carbon from gaseous CO; and CO was
converted into gaseous CH4. Also, the carbon contribution in the char remained at 33.53 wt.%
for all the experimental conditions, because of the fixed biomass pyrolysis temperature
conditions.

Figure 4 shows that the methane yield increased from 5.30 to 12.18 mmoles g 'biomass
with the increase in catalytic hydrogenation temperature from 250 to 350 °C. Also, CO yield
reduced from 2.39 to 0.0 mmoles g 'biomass While CO; yield reduced from 10.34 to 4.07
mmoles g 'biomass. However, with the further increase in hydrogenation catalyst temperature to
400 °C, CH4 yield reduced to 11.27 mmoles g 'biomass along with the formation of some CO at
1.204 mmoles g 'biomass While the CO, yield slightly increased to 4.12 mmoles g 'biomass. The
reason for the initial increase in CHy4 yield and decrease in CO and CO; yields up to 350 °C
was the promotion of the methanation reactions of CO and CO; (Egs. 10 — 11). Table 4
shows that the CH4/CO; ratio increased from 0.51 to 2.99 while CO was completely
converted to methane at a catalyst temperature of 350 °C. While at 400 °C some CO was
detected and the CH4/CO- ratio was reduced to 2.73 showing the decline in the methanation
reaction. The increase in CO yield at 400 °C was due to the promotion of the reverse water
gas shift reaction which is enhanced at elevated temperatures. Lu et al., [31] investigated CO
methanation with a Ni-ZrO; catalyst. They also showed that CO methanation takes place at
lower temperature compared to CO: methanation. They observed the maximum CO
conversion at 350 °C but the methane selectivity was reduced when the catalyst temperature

was increased from 350 to 500 °C. Also, Rahmani et al., [32] carried out CO2 methanation
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over a nickel-alumina catalyst. They reported that the highest methane yield was observed at
350 °C due to the promotion of the methanation reaction but, CHy yield started reducing at
400 °C because of the decomposition of COz> into other side products. According to Zhang et
al., [33], the decrease of CO> conversion to CHs at high temperatures was because of the
promotion of the reverse water gas shift reaction at elevated temperature. The current study
suggests that the optimum hydrogenation temperature of 350 °C is required to maximise

carbon oxides conversion to methane.

3.2.2. Influence of H: space velocity for catalytic hydrogenation

The influence of the amount of added hydrogen into the 3™ stage catalytic hydrogenation
reactor in terms of hydrogen space velocity was studied in the range of 0 to 3600 mL h! g’
Latayst. The catalyst used in the catalytic hydrogenation reactor was 10 wt.% Ni/ALO; at a
catalytic hydrogenation temperature of 350 °C. Table 5 shows the results in terms of
hydrogen space velocity in relation to the product yield, gas ratios and volumetric gas
composition. Figure 5 shows the gas yield in relation to the mass of biomass feedstock in

-1
mmoles g™ biomass.
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Figure 5 Influence of hydrogen space velocity on the gas yield (Pyrolysis temperature 800
°C, Catalytic steam reforming temperature 800 °C, Steam WHSV5 mL h™! g"cyaysi, Catalytic
hydrogenation temperature 350 °C).

Table 5 shows that the gas yield produced from biomass and added hydrogen
increased from 60.78 to 67.95 wt. % with the increase in Hz space velocity from 0 to 3600
mL h™!' g'lcays. Also, a significant increase in water yield derived from the methanation
reactions was observed, rising from 12 to 39 wt.% with the increase in Hz space velocity from
0 to 2400 mL h™' g'lcaayse which showed the enhancement of methanation reactions. Water
produced as the result of methanation reaction decreased to 37 wt.% with the further increase
in Hz space velocity to 3600 mL h™! g"lcuays.. Table 5 also shows the carbon percentage in the
solid, and gaseous products. The percentage carbon content in the char remained the same i.e.
33.53 wt.% at all the Ha space velocity investigated because the final pyrolysis temperature in

all the experiments was fixed at 800 °C. But at the lower hydrogen space velocities, carbon
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deposition over the catalyst was observed which resulted in a slight increase of carbon
content in the solid product to 33.609 and 33.569 at the space velocities of 0 and 1200 mL h!
g lcaatyst Tespectively. However, the percentage carbon in the gaseous products obtained at
different H» space velocities did not show any significant difference. The carbon content of
the liquid bio-oil was not possible to analyse because of the collection of a significant amount
of unreacted steam condensate in the condenser. Table 5 shows that with the increase in
hydrogen space velocity to the higher input hydrogen rates of 2400 and 3600 mL h™' g catayst
the product CH4 volumetric gas concentration increased to ~75 vol.% with the only other gas
being CO;. This showed the promotion of methanation reactions when the hydrogen space
velocity was increased to the higher hydrogen inputs.

Figure 5 shows that with the increase in hydrogen space velocity from O to 2400 mL
h™! glcaalyst, methane yield increased significantly from 4.78 to 12.77 mmoles g biomass. The
CO; yield was reduced from 10.41 to 4.02 mmoles g 'biomass and CO yield reduced to 4.7 to
0.0 mmoles g 'biomass. With the further increase in hydrogen space velocity to 3600 mL h! g
Latalyst, methane yield was reduced slightly with a similar slight increase in CO> yield. This
increase in methane yield together with the decrease in CO and CO; at higher hydrogen space
velocities was because of the promotion of the methanation reaction (Eqgs. 10-11). It is also
evident from Table 5 that with the increase in hydrogen space velocity, the CH4/CO» ratio
increased from 0.45 to 3.17 and the complete conversion of CO was achieved with the
increase in hydrogen space velocity from 0 to 2400 mL h'! g'cauys. While with the further
increase in hydrogen space velocity to 3600 mL h! g'lcuuyst the CH4/CO; ratio decreased to
2.99, because the higher space velocity results in the lower conversion of reactant gases over
the catalyst because of shorter residence time. In addition, an optimum H2:COx ratio is
required to carry out the methanation reaction. Li et al., [34] studied the effect of space

velocity of reactant syngas (H2 and CO) on the methanation reaction over a nickel-alumina
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catalyst in the range of 5000-40,000 h™'. There was a negligible difference observed on CO
conversion and methane selectivity when high space velocities of 5000 h'! and 10,000 h'! was
employed. However, with the increase in space velocity from 10,000-40,000 h! CO
conversion reduced significantly because of the shorter contact time between the catalyst and
reactant gases. Similarly, Pastor-Pérezet al., [35] reported results on the influence of reactant
gas space velocity using Ho/CO> with a ratio of 4:1 balanced in nitrogen in relation to CO;
conversion in the range of 6250 - 25000 mL h' g”'caayst using a Ni-Co/Ce-Zr catalyst. They
also, reported that the decrease in CO2 conversion at higher space velocity and these results
were more significant at higher temperatures. Kang et al., [36] and Aziz et al., [15] showed
that maximum CO and CO: conversion is achievable at the stoichiometric ratio. According to
them, COx conversion was reduced when the H>/CO and H>/CO: ratios were increased above
the stoichiometric ratios. However, some research has reported that the H>:COx ratio
equivalent to, or higher than the stoichiometric ratios are both favourable for methanation
reaction. However, below the stoichiometric ratio, carbon deposition on the catalyst resulting
in lower catalytic activity and selectivity was observed [37, 38]. Therefore, these results
suggest that an optimal hydrogen space velocity is required to enhance the carbon oxides
methanation reaction. Our research suggests that for the reactor system used here, the highest
methane yield was obtained at the higher hydrogen space velocities of 2400 -3600 mL h! g

1
catalyst.
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3.3. Optimisation of the stage three hydrogenation catalyst

A further investigation into the optimisation of the three stage pyrolysis-catalytic steam
reforming-catalytic methanation reaction process involved the development of the catalyst
used in the third stage methanation reactor. The catalyst parameters investigated were the
influence of different catalyst active metals, influence of catalyst calcination temperature,
different catalyst metal loadings and different catalyst support materials. The experiments
were carried out with the optimised process conditions from the previous sections. That is,
pyrolysis of biomass via a heating rate of 20 °C min™' to the final pyrolysis temperature of
800 °C, catalytic steam reforming temperature of 800 °C with the 10 wt.% Ni/Al,O3 catalyst,
steam input to the reforming reactor of WHSV 5 mL h' g'leuys, third stage catalytic
hydrogenation temperature of 350 °C, and input hydrogen space velocity 2400 mL h'! g

1
catalyst.

3.3.1. Influence of metal-Al2O3 catalyst type for catalytic hydrogenation

The influence of the type of metal-alumina catalyst in relation to the production of methane
from the catalytic hydrogenation of biomass using the three stage (i) pyrolysis (ii) catalytic
steam reforming (iii) catalytic hydrogenation reactor system was investigated. The different
metals investigated were Fe, Co, Mo and Ni at 10 wt.% metal concentration i.e., 10 wt.%
Fe/AlO3, 10 wt.% Co/Al203, 10 wt.% Mo/Al2O3, and 10 wt.% Ni/Al,O3 catalysts. The
catalytic hydrogenation reactor was maintained at 350 °C with a hydrogen space velocity of
2400 mL h™' g'cuaryst. The results are shown in Table 6 in terms of the influence of different
metal-alumina catalysts in relation to product yield, gas ratios and volumetric gas

composition. Table 6 also shows the results produced where sand was used in place of the
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metal-alumina catalysts. Figure 6 shows the gas yield results in terms of mmoles g 'biomass. It
can be seen from Table 6 that the highest CH4/CO; ratio was obtained with the 10 wt.%
Ni/Al>,Os3 catalyst and almost all of the CO was converted into methane which illustrates the
effective catalytic activity and selectivity for methane production. The cobalt based catalyst
(10 wt.% Co/Al,03) showed good catalytic activity and selectivity for methane and resulted
in high CH4/CO and CH4/CO; ratios of 7.6 and 2.3 respectively. It can also be seen from
Table 6 that the catalysts which showed the lowest methanation activity resulted in the
highest gas yield with low methanation water formation because most of the H> gas and the
output product gaseous mixture derived from the 2" stage reforming reaction passed over the
catalyst bed unreacted. Similarly, the nickel catalyst showed the highest yield of water
produced as a result of methanation reactions. Table 6 also shows the percentage carbon in
the gaseous product. There was no significant difference observed in the carbon content of

the gaseous products for the different catalysts investigated.
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Figure 6 Influence of 10 wt. % metal- alumina catalysts on gas yield (pyrolysis temperature
800 °C, Catalytic steam reforming temperature 800 °C, Steam WHSVS5 mL h' glcaayst,
Catalytic hydrogenation temperature 350 °C, and Hydrogen space velocity 2400 mL h™' g

1
catalyst) .

The highest volumetric gas composition for methane gas was 76.0 vol.% (Table 6)
obtained over the Ni/Al>O3 catalyst followed by Co/Al2O; catalyst at 64.0 vol.% methane.
However catalytic activity and selectivity for methane production with the Fe/Al2O3 and
Mo/Al>O3 catalysts was significantly lower producing a product gas composition with low
methane content and high CO; and CO content comparable to that of the baseline sand
experiments.

It can be seen from Figure 6 that the highest methane yield in terms of the mass of

biomass was obtained over the Ni/Al,Oj3 catalyst at 12.77 mmoles g 'biomass followed by the
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Co/Al,Os catalyst at 10.89 mmoles g 'biomass. However, the Fe and Mo based catalysts
(Fe/Al,03 and Mo/Al203) showed very low selectivity for methane production. The catalytic
activity in relation to methane production in terms of the metal-alumina catalysts was in the
following order Ni > Co > Sand > Fe > Mo.

Fischer et al., [39] investigated the methanation reaction in relation to the catalytic
activity of various metals and reported that the methanation activity increased in the order;
Ag <Pd < Mo < Fe <Pt < Os < Co < Ni <Rh <Ru. A similar trend of catalytic activities of
the investigated catalysts were observed in the current study. It is evident from Figure 6 that
the catalytic activity of Fe and Mo based catalysts resulted in higher CO yield with some CO>
conversion as compared to the baseline sand. While a negligible change in the CH4 yield was
observed. This suggested that the Fe and Mo based catalysts promoted the reverse water gas
shift reaction instead of methanation reactions. The high water gas shift activity of Fe and Mo
based catalysts has been reported by other researchers [40, 41]. Similarly, when the catalytic
activity of N1 and Co based catalysts were compared with the baseline sand, the higher yield
of CH4 was observed with the lower yields of CO and CO; which reflects the promotion of

methanation reactions.

Other researchers have reported on the influence of different types of metal based
catalysts in relation to carbon monoxide methanation. Konshcheva et al., [42]carried out CO
methanation using Ni, Fe and Co metal catalyst loaded on CeO:> support. They also reported a
higher catalytic activity for the nickel based catalyst for methane production compared to the
cobalt based catalyst. They also reported that the Fe/CeO> catalyst remained inactive during
CO methanation. Takenaka et al., [43] carried out an investigation of different metal/Si0>
catalysts. They also reported the poor activity of the Fe metal based catalyst compared to that

of Ni and Co. Hu et al., [44] studied the effect of Mo-carbide and Co-Mo/carbide for CO
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methanation. They reported that molybdenum alone showed lower -catalytic activity
compared to that when used as a promotor in Co-Mo/carbide catalyst.

The methanation of carbon dioxide has also been investigated by several researchers.
Aziz et al., [45] studied the methanation of CO, with different metal-based catalysts (Ni, Fe,
Rh, Ru, Ir, Cu) loaded on SiO> support. They reported that the activity of the metal-SiO»
catalysts was dependant on the reaction temperature. The highest catalytic activity was
reported over the nickel based catalyst in the temperature range of 473 to 673 K. Similarly,
Alrafei et al., [46] studied the comparison of nickel and cobalt based metal catalysts. They
reported the high selectivity and activity of the cobalt catalyst, but, the Co based catalyst
showed lower catalytic activity in terms of carbon dioxide conversion compared to that of the
nickel based catalyst. Some researchers have also focussed on the use of Fe, Co, Mo as
second promoter metals to enhance the catalytic activity of nickel [47-49]. It has been
reported that the presence of the second metal improves the catalyst stability towards

sintering and results in a synergetic effect which enhances the catalytic activity.

3.3.2. Influence of catalyst calcination temperature for catalytic hydrogenation

The influence of catalyst calcination temperature used in the preparation process of the 10
wt.% Ni/AlO3 catalyst was also investigated to determine the influence on methane
production from biomass using the three stage (i) pyrolysis (ii) catalytic steam reforming (iii)
catalytic hydrogenation reactor system. Our previous work has shown that the calcination
temperature used for catalyst preparation strongly influences the physical properties of
surface area and porosity on the resultant catalysts and thereby also influences the production
of methane from biomass during the catalytic hydrogenation process [19]. The catalyst

calcination temperatures investigated in this work were 650, 750, 850 and 950 °C.
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The prepared catalysts were characterized by wusing hydrogen-temperature
programmed reduction (H>-TPR) via a thermogravimetric analyser to investigate the
reducibility of nickel oxide into metallic nickel. The results of the H>-TPR analysis are shown
in Figure 7. The TGA-TPR thermograms showed that the catalyst calcined at a calcination
temperature of 650 °C showed the highest weight loss followed by those calcined at 750, 850
and 950 °C. The catalyst calcined at 950 °C showed the highest stability and minimum
weight loss. More weight loss was observed for the catalysts calcined at lower calcination
temperatures because the NiO particles are uniformly distributed over the support. It has been
suggested that the support acts as the dispersion media at lower calcination temperature and is
therefore prone to easier reduction to metallic Ni and thereby results in the formation of H>O.
But at higher calcination temperature, Al2O3 reacts with NiO and results in the formation of a
solid solution which decreases the reducibility and enhances the catalyst stability [50]. It can
therefore be concluded, that with the increase in catalyst preparation calcination temperature,
the interaction between metal and support becomes stronger and results in higher catalyst
stability. These results are in good agreement with the results observed by Aljishi et al., [51].
They carried out H>-TPR analysis of a nickel alumina catalyst. They also reported that with
the increase in catalyst calcination temperature the interaction between the nickel and

alumina support increases.
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Figure 7 H> TGA-TPR of 10 wt. % Ni/Al,O3 catalysts calcined at various temperatures

The 10 wt.% Ni/Al2O; catalysts calcined at different calcination temperatures were
used in the catalytic hydrogenation reactor to determine the influence on methane production.
The catalytic hydrogenation reactor temperature was fixed at 350 °C with hydrogen space
velocity of 2400 mL h!' g”'caayst. The reaction conditions in the 1% and 2" stage reactors were
maintained as before. Table 7 shows the results in terms of product yield, gas ratios and
volumetric gas composition. Figure 8 shows the gas yield in relation to the mass of biomass
in mmoles g 'biomass. The results show that there was negligible change in the gas yield
observed with the increase in catalyst preparation temperature (Table 7). The percentage
carbon content in the gaseous product showed negligible difference. It is evident from Table

7 that with the increase in catalyst calcination temperature, the catalytic activity and
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selectivity for methane production was enhanced significantly. Also, the highest CH4/CO»
ratio was observed with the catalyst calcined at 950 °C indicating a high degree of CO2
methanation and the high CH4/CO ratio indicating complete CO methanation, inded at the
higher calcination temperatures, CO was not detected. The volumetric methane composition
in the product gas mixture reached a maximum of 82.4 vol.% at 950 °C catalyst calcination
temperature.

Figure 8 shows the gas yield results in terms of mmoles g !biomass. The highest methane
yield in relation to biomass was obtained with the catalyst calcined at a temperature of 950
°C. The methane yield increased from 12.09 to 13.73 mmoles g 'biomass With the increase in
calcination temperature from 650 to 950 °C. Consequently, the CO and CO: yields were
reduced due to methanation of the carbon oxides from 8.9 to 0.0 mmoles g 'viomass for CO and
4.05 to 2.93 mmoles g 'biomass for CO,. Similar results have been reported by Zhang et al., [52]
for CO2 methanation over a nickel-alumina catalyst. They calcined the alumina support at
600, 800 and 1000 °C before impregnation with nickel metal. They concluded that the
calcination temperature plays an important role in the catalytic activity. They reported the
highest catalytic activity for the alumina support calcined at 1000 °C. Gao et al., [53]
investigated the effect of catalyst calcination temperature on CO methanation in the
calcination temperature range of 600 °C to 1200 °C in relation to nickel-alumina catalysts.
They reported that the highest catalytic activity was shown by the catalyst calcined at a
temperature of 1200 °C. They suggested that the lower activity of the catalyst calcined at 600
°C was due to the presence of metal which was oxidized easily compared to that of catalyst
calcined at 1200 °C because of its lower stability towards oxidation. According to Bukhari et
al., [54] strong interaction between metal and support increases catalytic activity and results

in higher conversion of CO2 to CHa.
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800 °C, Catalytic steam reforming temperature 800 °C, Steam WHSVS5 mL h™! g'lcaayst,
Catalytic hydrogenation temperature 350 °C, and Hydrogen space velocity 2400 mL h

1
catalyst) .

3.3.3. Influence of catalyst nickel loading for catalytic hydrogenation

The influence of the amount of nickel metal loaded onto the alumina support material was
investigated to determine the influence on methane production from biomass using the three
stage (1) pyrolysis (i1) catalytic steam reforming (iii) catalytic hydrogenation reactor system.
The nickel loadings of 5, 10 and 15 wt.% on alumina were prepared and calcined at the
catalyst calcination temperature of 950 °C and then investigated using the catalytic
hydrogenation reactor. The prepared catalysts were characterized using SEM-EDXS mapping

to investigate the morphology and the distribution of metal on the support and XRD analysis
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was performed to investigate the crystallinity and metal size. The results of SEM-EDXS
mapping are shown in Figure 9, which suggests that the nickel metal particles were more
uniformly distributed in the 5 wt.% and 10 wt.% Ni/AlxO3 catalysts. While there is evidence
that sintering and non-uniform distribution could be observed with the 15 wt. % Ni/Al>Os.
The crystal structure and metal particle size were investigated using XRD analysis as
shown in Figure 10. For all the catalysts investigated, diffraction peaks at 2-theta 39.2°,
31.6°, 45.5°, 60.34, and 66.42° represents the alumina phase diffraction peaks while the
diffraction peaks at 2-theta 37.4°, 44.3°,51.68°, and 76.24° represents the metallic nickel
peaks. Figure 10 shows that with the increase in the percentage nickel loading the peak
intensity becomes more intense showing a more crystalline structure. In addition, the
crystallite size of metal was calculated using Scherrer equation and showed that the average
particle size for the 5 wt.%, 10 wt.% and 15 wt.% nickel loadings were 7.0, 10.2 and 12.3
nm. Therefore the increase in metal loading from 5 to 15 wt.% produced an increased nickel
crystallite size and resulted in a less uniform distribution of metal particles on the support.
The Ni/Al,O; catalysts with different nickel metal loadings were used in the 3" stage
catalytic hydrogenation reactor to investigate the influence on methane yield. The catalytic
hydrogenation reactor temperature was fixed at 350 °C with hydrogen space velocity of 2400
mL h' g'cuays. Table 8 shows the results in relation to nickel metal loading in terms of gas
yield, gas ratios and volumetric gas composition. Also, the gas yield in relation to the mass of

biomass in mmoles g !biomass is reported in Figure 11.
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Ni Kal

Figure 9 SEM-EDXS analysis of various nickel loadings on alumina support a) 5 wt.

% Ni1/AL2O3 b) 10 wt. % Ni/Al>Os3 c) 15 wt. % Ni/ALOs.
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Figure 11 Influence of metal loadings on gas yield (Pyrolysis temperature 800 °C, Catalytic
steam reforming temperature 800 °C, Steam WHSV5mL h'! glcuayst, Catalytic hydrogenation
temperature 350 °C, and Hydrogen space velocity 2400 mL h™' gl caayst).

The results in Table 8 in relation to CH4/CO> ratio CH4/CO ratio suggest that the
optimum nickel loading was 10 wt.% of nickel, also, it can be seen that the highest produced
water, suggesting the highest the promotion of the methanation reaction. Table 8 shows there
was insignificant difference observed in percentage carbon content of the gaseous products. It
can be seen that with the increase in metal loading from 5 to 10 wt.% the volumetric methane
concentration in the product gaseous mixture was the highest at 82.47 vol.% for the catalyst
with 10 wt.% nickel.

Figure 11 shows that with increasing the nickel loading from 5 to 10 wt.% methane
yield increased from 10.99 to 13.73 mmoles g 'biomass With the reduction in CO and CO> yield

from 0.925 to 0.0mmoles g 'biomass and 4.95 to 2.93 mmoles g 'biomass respectively. But, at 15
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wt.% of nickel loading on the alumina support the methane yield was reduced to 11.68
mmoles g 'viomass and CO and CO; yield was increased. The results suggest the highest
catalytic activity for methane production was with the 10 wt.% Ni/Al,O; catalyst because of
the optimum amount of nickel with uniform distribution. However, in the case of 5 wt. %
nickel loading, there was not enough metal to carry out methanation of the carbon oxides.
While 15 wt.% of nickel loading showed the sintering and non-uniform distribution of metal
on the support which resulted in lower activity and selectivity towards the methanation
reaction. Lin et al., [55] investigated the effect of the amount of nickel loading of 1, 10, 20
and 30 wt.% over Al;03-ZrO; support material. They reported that the lowest catalytic
activity in terms of CO; conversion was observed over the 1 wt.% Ni catalyst but, increased
as the nickel loading was increased up to 20 wt.%. However, CO> conversion was reduced at
the high nickel loading of 30 wt.%. They attributed the low catalytic activity for the 1 wt.%
Ni-catalyst because of the low amount of active Ni sites for CO2 methanation. But, at 30 wt.
% a declining trend in CO; conversion was observed because of the agglomeration of nickel
particles. Similarly, Rahmani et al., [56] investigated the effect of nickel metal loading (10,
15, 20, and 25 wt. %) on alumina support for CO2 methanation. They concluded that an
optimum metal loading is required to enhance catalytic activity. They reported that with the
increase in nickel loading from 10 to 20 wt.% the catalytic activity was significantly
enhanced. But, with the further increase in nickel loading to 25 wt. % the catalytic activity

declined due to agglomeration of nickel metal on the alumina support.

3.3.4. Influence of support material for catalytic hydrogenation

The influence of the type of catalyst support material in relation to its influence on methane

production from biomass using the three stage (i) pyrolysis (ii) catalytic steam reforming (ii1)
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catalytic hydrogenation reactor system was investigated. The support materials investigated
were Si02, MCM-41 and Al>O3 each having a nickel loading of 10 wt.% and calcined at a
calcination temperature of 950 °C. The prepared catalysts were used in the 3" stage catalytic
hydrogenation reactor. The morphology of the prepared catalysts was investigated using the
SEM-EDXS mapping technique and reported in Figure 12. Also, XRD analysis was carried
out to investigate the crystallite size of the metal loaded on the support for the freshly
prepared catalysts. As shown in Figure 12, the nickel metal particles were more uniformly
distributed over the alumina support compared to the distribution over the MCM-41 and SiO>
supports. Also, sintering of the nickel in the case of MCM-41 and SiOz was also observed as
shown by the crystallite particle size via XRD. The crystallinity and crystal size of the metal
was investigated using XRD. Figure 13 shows that for all the catalysts studied the nickel
peaks were observed at the diffraction angle 2-theta at 37.4°, 44.3°, 51.68° and 76.24°
respectively. In the case of the SiO; support, a silica peak was observed at 25° while MCM-
41 showed a silica peak at 25° and alumina peak at 60.34°. The alumina support showed five
diffraction peaks of alumina at 2-theta 39.2°, 31.6°, 45.5°, 60.34, and 66.42° respectively.
The crystallite size of nickel metal on the different supports for the freshly prepared catalysts
was calculated using the Scherrer equation which showed that Ni/Si02, NI/MCM-41, and
Ni/AlxO3 had the particle sizes of 28.0, 13.7 and 10.2 nm respectively. The extent of the
distribution of the active metal on the support material depends on the interaction between
metal and support. Weak metal support interaction leads to the agglomeration of the metal
particles [57]. Oemar et al., [58] reported that weak interaction exists between Ni and SiO>
supports. This weak interaction results in the formation of weakly bound NiO species which
generally exist in the form of larger active metal particle sizes and can easily agglomerate
during the reduction reaction. In most cases, a strong chemical interaction exits between Ni

and Al20O3; support and exists in the form of nickel aluminate. This results in a uniform
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distribution of Ni particles over the alumina support [57]. However, no such chemical
interaction exists between Ni and SiO» support and an alkaline environment is required to
form nickel silicate [59]. Amin et al., [60] compared the metal support interaction of
Ni/AlO3 and Ni/MCM-41 catalysts. They reported that the stronger metal support interaction
of the Ni/Al>Os catalyst as compared to the Ni/MCM-41 catalyst was because of the presence
of a larger amount of nickel aluminate rather than weakly bound NiO species.

The influence of different catalyst support material on methane yield was carried out
in the three stage reactor system. The catalytic hydrogenation reactor was maintained at 350
°C with hydrogen space velocity at 2400 mL h"! g"lcyayst. The influence of different catalyst
support material on gas composition, product yield and gas ratios are shown in Table 9. In
addition, gas yield in relation to the mass of biomass in mmoles g 'biomass is shown in Figure

14.
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Figure 13 XRD analysis of 10 wt. % Nickel catalyst with different supports.

Table 9 shows that the highest CH4/CO and CH4/CO; gas ratio was shown by the
alumina support. The alumina supported catalyst showed a CH4/CO> ratio of 4.68 with

complete conversion of CO to methane. While CH4/CO2 and CH4/CO ratios produced by
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MCM-41 and SiO> were significantly lower suggesting the promotion of the methanation
reaction for the nickel-alumina catalyst compared to that of MCM-41 and SiO: supported
catalyst. Also, the highest product water as the result of methanation reaction was produced
with the Ni/Al>O3 catalyst. Which shows the promotion of methanation reaction of Ni/Al,Os3
catalyst compared to that of SiO2 and MCM-41 catalysts. There was no significant difference
observed in carbon content of gaseous products of different supports investigated. Table 9
shows that the highest volumetric methane concentration in the output gaseous mixture of
82.4 vol.% was obtained over Al>Os supported catalyst. While MCM-41 and SiO2 supported
catalyst showed much lower methane concentrations of 42.5 and 20.2 vol.% respectively. The
MCM-41 and SiO: supported catalysts also showing much higher CO and CO> suggesting
lower carbon oxide methanation compared to the alumina supported catalyst

The influence of the different supported catalysts, Ni/SiO;, N/MCM-41, and
Ni/Al;0s3 on gas yield is shown in Figure 14. The highest methane yield of 13.73 mmoles g
Lhiomass Was obtained with the alumina supported nickel catalyst followed by MCM-41 at
7.821 mmoles g 'biomass and SiOx at 3.764 mmoles g biomass. The SiO2 and MCM-41 supports
showed significantly higher CO2 and CO yields compared to the low CO2 and CO
yieldsproduced for the alumina support due to the more enhanced carbon oxides
hydrogenation. The CO; and CO conversion to methane via the methanation reaction for the
nickel catalysts with different supports was in the order Al2O3> MCM-41> SiOz. There are
reports that the presence of water markedly reduces the catalytic activity of MCM-41because
of enhanced sintering of the catalyst metal [61-63]. The lower conversion of CO2 and CO
may be attributed to the larger crystallite particle size and non-uniform distribution of Ni
metal over SiOz and particularly the MCM-41 support compared to that of the alumina
support which was evident from SEM-EDXS and XRD results. The used catalysts after

reaction were characterised using XRD analysis and SEM-EDXS.to determine any evidence of
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sintering. The calculated particle size of the used 10 wt. % Ni/Al,O3, 10 wt. % Ni/SiO; and 10 wt. %
Ni/MCM-41 catalysts were 11.1 nm, 26.7 nm and 12.8 nm which compared with the particle size of
the fressh catalysts as 10.2 nm, 28.0, and 13.7 nm respectively. That is, no significant change in the
metal particle size was observed for all the catalyst studied. In addition, no notable change in surface
morphology was observed on reviewing the SEM-EDXS results attained for all catalyst supports. This
suggests that the catalysts were resistant to sintering during the catalytic hydrogenation because of the

high preparation calcination temperature which enhanced the catalyst stability

16
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Catalyst Support Material

Figure 14 Influence of different catalyst supports on gas yield (Pyrolysis temperature 800 °C,
Catalytic steam reforming temperature 800 °C, Steam WHSVS5 mL h' g'cays, Catalytic
hydrogenation temperature 350 °C, and Hydrogen space velocity 2400 mL h'! g'! catalyst).

3.4. Comparison of the two-stage and three stage processes
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Our previous work [19] focussed on methane production from biomass using a two-
stage (i) pyrolysis (ii) catalytic hydrogenation reactor system. This current work has
investigated methane production from biomass using a three stage (i) pyrolysis (ii) catalytic
steam reforming (iii) catalytic hydrogenation reactor system. In the three stage process, the
optimum stage two (ii) catalytic steam reforming temperature was 800 °C steam WHSV of 5
mL h! gcaaryse and optimum stage three (iii) catalytic hydrogenation temperature was 350 °C
with hydrogen space velocity of 2400 mL h!' g'cuays. While for the two-stage process the
optimum stage two (ii) catalytic hydrogenation temperature was 500 °C with hydrogen space

velocity of 3600 mL h™! gl caayst.
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Figure 15 Comparison of the gas yields obtained from the two-stage and three-stage
processes at the optimized conditions.
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As shown in Figure 15, after optimizing operating parameters the stage three process
resulted in a 1.8 fold higher methane yield compared to that of the two stage process because
of the formation and conversion of more CO and CO; during the reforming and methanation
processes. The methane yield obtained from the two-stage pyrolysis-catalytic hydrogenation
reactor system was 7.41 mmoles g 'biomass, ~11.88 g CHa4 100 g 'biomass While the methane yield
obtained using the three stage pyrolysis-catalytic steam reforming-catalytic hydrogenation
system was 13.73 mmoles g 'biomass, representing 22.02 g CHa 100 g 'biomass. A 100 %
conversion of CO was achieved in the three-stage process while for the two-stage process,
CO was obtained in the ouput gaseous mixture. This was because the catalytic hydrogenation
was carried out at higher temperature which favours the reverse water gas shift reaction.
Upon optimization of hydrogen space velocity, the three-stage process resulted in the highest
methane yield of 12.77 mmoles g 'biomass, (20.48 g CHa 100 g 'biomass) at 2400 mL h™! g caaryst,
while the two-stage process yielded a highest methane yield of 5.08 mmoles g 'biomass (8.14 g
CH4 100 g 'biomass) at 3600 mL h™! g”'caaysi. This shows higher input hydrogen space velocity
is required to enhance the methanation reaction in the two-stage process compared to that of
the three-stage process. This was because the three-stage process produced hydrogen during
the catalytic steam reforming process to undertake COx methanation. Therefore it can be

concluded that the three-stage process is an efficient process for methane production.

4.0 CONCLUSIONS

In this work, a detailed study of operating parameters and catalyst characteristics has been
carried out to maximise methane yield from biomass using a three stage (i) pyrolysis (ii)
catalytic steam reforming (iii) catalytic hydrogenation reactor system. The main conclusions

of this study are the following;
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A suitable high catalytic steam reforming temperature is required to convert all the
higher hydrocarbons into low molecular weight gaseous product i.e. CO, CO; and H>. The
conversion of higher molecular weight pyrolysis hydrocarbons into low molecular weight
species was obtained at higher catalyst temperatures (800-900 °C). At lower reforming
temperatures, formation of liquid bio-oil and high molecular weight hydrocarbons occurred.
An optimum steam WHSYV for product pyrolysis gas reforming is also required to enhance
the conversion of higher molecular weight hydrocarbons.

An optimum catalytic hydrogenation reactor temperature is required to convert the
COx into methane. Higher temperatures resulted in the suppression of methanation reactions
because of the promotion of the reverse water gas shift reaction (RWGS). An optimum
hydrogen space velocity is also required to convert COx into methane. Higher hydrogen
space velocity resulted in insufficient contact time between the reactant gases and the catalyst
and resulted in lower conversion of COx. Among different metal catalysts loaded on the
alumina support material, Ni metal showed the highest catalytic activity in terms of COx
conversion. The catalytic activity of various metal catalysts decreased in the following order
Ni > Co > Fe > Mo. Increase in catalyst calcination temperature for the preparation of 10 wt.
% Ni/Al>Os resulted in an increase in COx conversion because of the increase in metal
support interaction. A suitable amount of metal loading is required to enhance catalytic
activity. Low metal loading decreases the COx conversion because of the absence of a
sufficient amount of active metal to carry out methanation. Higher metal loading resulted in
the agglomeration of metal particles which decreased catalytic activity. Among the different
support materials investigated Al2O3 support showed the highest catalytic activity because of
the uniform distribution of metal particles and resistance to sintering. While Si02 and MCM-

41 showed a non-uniform distribution of metal particles and less resistance to sintering. The
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887  catalytic activity of the different supports investigated was in the following order Al,O3>

888  MCM-41 > SiO».
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1079  Main possible reactions of pyrolysis- catalytic steam reforming-catalytic hydrogenation of

1080  biomass.

Reaction

Process (eq. no)

Pyrolysis Process (1% stage reactor)

Biomass - H,0 + H, + CO + CO, + C,H, 0, + C,H,,

+ Char

Biomass pyrolysis (1)

Catalytic Steam Reforming Process (2" stage reactor)

CyHy 0, — Hy0 + Hy + CO + CO, + CHy + CyHy,

CxHy 0, + Hy0 = Hy + CO
C,H,, + H,0 > H, + CO
CxHy, 0, + CO, = CO + H,
C,H,, + CO, - CO + H,
CO + H,0 - CO, + H,
2C0 - C+CO,
C+H,0 > CO+H,

Catalytic tar cracking (2)

Tar steam reforming (3)
Hydrocarbon steam reforming (4)
Tar dry reforming (5)
Hydrocarbon dry reforming (6)
Water gas shift reaction (7)
Boudouard reaction (8)

Carbon steam gasification (9)

Catalytic Hydrogenation Process (3™ stage reactor)

CO, + 4H, —» CH, + 2H,0
CO + 3H, » CH, + 2H,0
C +2H, » CH,

CO, methanation reaction (10)

CO methanation reaction (11)

Carbon hydrogasification reaction (12)
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Influence of catalytic steam reforming temperature on the product yield, gas ratios and gas

composition (Pyrolysis temperature 800 °C, Steam WHSV 3 mL h!' g cataryse.

Catalytic Steam Reforming Temperature (°C)

600 (Sand) 600 700 800 900
Product Yield (wt. %)
Gas 41.5 42.57 47.76 58.5 73.4
Solid (char) 19 19 20 20 20
Liquid (by difference) 38.5 37.43 32.24 21.5 6.6
Gas carbon content (wt.%) 26.66 25.12 29.03 35.74 45.45
Gas ratios
H,/CO 1.37 6.14 4.50 3.79 2.94
H,/CO, 1.22 4.95 4.78 3.7 3.19
CH4/CO 0.47 0.14 0.03 0.04 0.008
CH4/CO» 0.42 0.11 0.03 0.04 0.009
CO/CO, 0.88 0.80 1.06 0.98 1.08
Gas Composition (vol. %)
H, 334 72.0 70 64.8 60.4
CO 243 11.7 15.4 17.1 20.5
CO; 274 14.5 14.5 17.4 18.9
CH4 11.5 1.7 0.5 0.7 0.2
CnHm 33 0.1 0.2 0.1 N.D

*N.D- Not detectable
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Table 3

Influence of catalytic steam reforming temperature on the product yield, gas ratios and gas

composition (Pyrolysis temperature 800 °C, Catalytic steam reforming temperature 800 °C).

Steam Weight Hourly Space Velocity (WHSV) (mL h! g-lcataryst)

1 3 (Sand) 3 5 9
Product Yield (wt. %)
Gas 55.7 44.83 58.5 73.85 60.48
Solid (char) 20 20 20 20 20
Liquid (by difference) 243 35.17 21.5 6.15 19.52
Gas carbon content (wt.%) 35.34 31.29 35.74 43.41 41.04
Gas ratios
H,/CO 2.03 1.39 3.79 4.56 2.92
H,/CO, 3.95 1.514 3.7 2.80 1.88
CH4/CO 0.013 0.039 0.04 0.056 0.47
CH4/CO» 0.02 0.042 0.04 0.034 0.30
CO/CO, 1.93 1.089 0.98 0.614 0.64
Gas Composition (vol. %)
H, 57.2 41.4 64.8 63 48.6
CO 28.0 29.7 17.1 13.8 16.6
CO; 14.4 27.3 17.4 22.4 25.7
CH4 0.4 1.2 0.7 0.8 7.9
CnHm N.D 0.4 0.1 0.1 1.2

*N.D- Not detectable
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Table 4

Influence of catalytic hydrogenation temperature on the product yield, gas ratios and gas
composition (Pyrolysis temperature 800 °C, Catalytic steam reforming temperature 800 °C,

Steam WHSV5 mL h™! g catalyst).

3 Stage Catalytic Hydrogenation Temperature (°C)

250 300 350 400
Gas Yield (wt. %)
Gas (Wt.%) 96.78 79.9 67.95 66.98
Gas carbon content (wt.%) 43.38 40.35 39.02 39.82
Gas ratios
CH./CO 2.21 - - 9.36
CH./CO» 0.51 1.34 2.99 2.73
Gas Composition (vol. %) H; Free Basis
CcO 13.3 N.D N.D 7.3
COs 57.2 42.6 25.0 24.8
CH4 294 57.4 75.0 67.9
CnHm 0.1 N.D N.D N.D
Methanation H,O (wt.%) 12 26 39 39

*N.D- Not detectable
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1105
1106  Table5

1107  Influence of hydrogen space velocity on the product yield, gas ratios and gas composition
1108  (Pyrolysis temperature 800 °C, Catalytic steam reforming temperature 800 °C, Steam
1109  WHSV5 mL h! glcaarys, Catalytic hydrogenation temperature 350 °C).

H, Space Velocity (mL h! g caayst)

0 1200 2400 3600
Gas Yield
Gas (wt.%) 60.78 59.8 61.97 67.95
Gas carbon content (wt.%) 42.82 38.19 41.11 39.02
Gas ratios
CH4/CO 1.79 - - -
CH./CO» 0.45 1.84 3.17 2.99
Gas composition (vol. %)
CcO 14.9 N.D N.D N.D
CO, 58.3 352 24.0 25.0
CH4 26.8 64.8 76.0 75.0
CnHn N.D N.D N.D N.D
Methanation H,O (wt.%) 12 26 39 37

1110  *N.D- Not detectable
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Influence of 10 wt. % metal- alumina catalysts on the product yield, gas ratios and gas

composition (Pyrolysis temperature 800 °C, Catalytic steam reforming temperature 800 °C,

Steam WHSV5 mL h'! g'euys, Catalytic hydrogenation temperature 350 °C, Hydrogen

space velocity 2400 mL h™' g”lcaaryst).

Metal Catalysts

Sand Ni/AlO; Co/AlLO;  Fe/AlLbO;  Mo/AlO3
Gas Yield (wt. %)
Gas (wt.%) 81 61.97 64.7 85.15 77
Gas carbon content (wt.%) 39.01 41.11 40.85 38.7 35.96
Gas Ratios
CH./CO 0.23 - 7.6 0.14 0.12
CH4/CO» 0.19 3.17 2.3 0.20 0.13
Gas Composition (vol. %) H; Free Basis
(60) 40.9 N.D 8.4 53.6 49.3
CO: 48.8 24.0 27.6 38.5 443
CH.4 9.5 76.0 64.0 8.0 6.1
CnHm 0.8 N.D N.D N.D 0.2
Methanation H,O (wt.%) 9 39 24 8 5

*N.D- Not detectable
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Table 7

Influence of catalyst calcination temperature on product yield, gas ratios and gas composition
(Pyrolysis temperature 800 °C, Catalytic steam reforming temperature 800 °C, Steam
WHSV5 mL h! g'lcays, Catalytic hydrogenation temperature 350 °C, and Hydrogen space
velocity 2400 ml h™' g lcaaryst).

Catalyst Calcination Temperature (°C)

650 750 850 950
Gas Yield (wt. %)
Gas (wt.%) 61.05 61.97 59.7 63.58
Gas carbon content (wt.%) 40.89 41.11 40.64 39.99
Gas Ratios
CH4/CO 13.52 - - -
CH4/CO» 2.98 3.17 391 4.68
Gas Composition (vol. %) H; Free Basis
CO 5.2 N.D* N.D N.D
CO, 23.8 24.0 20.3 17.6
CH4 70.9 76.0 79.7 82.4
CnHn N.D N.D N.D N.D
Methanation H,O (wt.%) 37 39 39 39

*N.D- Not detectable
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Influence of metal loadings on product yield, gas ratios and gas composition (Pyrolysis

temperature 800 °C, Catalytic steam reforming temperature 800 °C, Steam WHSVS5 mLh! g

L catalyst, Catalytic hydrogenation temperature 350 °C, and Hydrogen space velocity 2400 mL h°

! g-lcatalyst).
Catalyst Metal Loading (%)

5 10 15
Gas Yield (%)
Gas (wt.%) 65.20 63.58 64.59
Gas carbon content (wt.%) 40.50 39.99 4191
Gas Ratios
CH./CO 11.89 - 9.47
CH4/CO» 221 4.68 2.55
Gas Composition (vol. %) H, Free Basis
CO 55 N.D 7.1
CO, 29.4 17.6 26.2
CH, 65.2 82.4 66.8
CnHn N.D N.D N.D
Methanation H,O (wt.%) 33 39 34

*N.D- Not detectable
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Table 9

Influence of different catalyst supports on product yield, gas ratios and gas composition
(Pyrolysis temperature 800 °C, Catalytic steam reforming temperature 800 °C, Steam
WHSVS5 mL h! glcuays, Catalytic hydrogenation temperature 350 °C, and Hydrogen space
velocity 2400 mL h'! g caaryst).

Support Material

AlLO3 MCM-41 Si02
Gas Yield (%)
Gas (wt.%) 63.58 79 87.88
Gas carbon content (wt.%) 39.99 43.99 44.53
Gas ratios
CH4/CO - 24 0.58
CH4/CO» 4.68 1.06 0.77

Gas Composition (vol. %) H; Free Basis

CcO N.D 17.7 34.7
COs 17.6 39.8 45.0
CH4 82.4 425 20.2
CnHn N.D N.D 0.1
Methanation H,O (wt.%) 39 16 10

*N.D- Not detectable
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FIGURE CAPTIONS

Figure 1. Schematic diagram of the three stage (i) pyrolysis (ii) catalytic steam reforming

(ii1) catalytic hydrogenation reactor system

Figure 2 Influence of catalytic steam reforming temperature on gas yield (Pyrolysis

temperature 800 °C, Steam WHSV3 mL h! g catayso).

Figure 3 Influence of steam WHSVon the gas yield (Pyrolysis temperature 800 °C, Catalytic

steam reforming temperature 800 °C).

Figure 4 Influence of catalytic hydrogenation temperature on the gas yield (Pyrolysis
temperature 800 °C, Catalytic steam reforming temperature 800 °C, Steam WHSVS5
mL h! g_lcatalyst)-

Figure 5 Influence of hydrogen space velocity on the gas yield (Pyrolysis temperature 800
°C, Catalytic steam reforming temperature 800 °C, Steam WHSVS5 mL h!' g'lcauaryst,
Catalytic hydrogenation temperature 350 °C).

Figure 6 Influence of 10 wt. % metal- alumina catalysts on gas yield (Pyrolysis temperature
800 °C, Catalytic steam reforming temperature 800 °C, Steam WHSV5 mL h'! g
Lcatalyst, Catalytic hydrogenation temperature 350 °C, and Hydrogen space velocity

2400 mL h' g catalyst).-
Figure 7 H> TGA-TPR of 10 wt. % Ni/Al>Os3 catalysts calcined at various temperatures

Figure 8 Influence of catalyst calcination temperature on gas yield (Pyrolysis temperature
800 °C, Catalytic steam reforming temperature 800 °C, Steam WHSVS5 mL h'! g
Lcatalyst, Catalytic hydrogenation temperature 350 °C, and Hydrogen space velocity

2400 mL h! caaryse).

Figure 9 SEM-EDXS analysis of various nickel loadings on alumina support a) 5 wt. %

Ni/Al2O3 b) 10 wt. % Ni/Al2Os c) 15 wt. % Ni/Al20s.

Figure 10 XRD analysis of various nickel loadings on alumina support.
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Figure 11 Influence of metal loadings on gas yield (Pyrolysis temperature 800 °C, Catalytic
steam reforming temperature 800 °C, Steam WHSV5mL h' g'leys, Catalytic
hydrogenation temperature 350 °C, and Hydrogen space velocity 2400 mL h'! g

1
catalyst) .

Figure 12 SEM-EDXS analysis of different catalytic supports a) 10 wt. % Ni/SiO2 b) 10 wt.
% Ni/MCM-41 c) 10 wt. % Ni/Al,03

Figure 13 XRD analysis of 10 wt. % Nickel catalyst with different supports.

Figure 14 Influence of different catalyst supports on gas yield (Pyrolysis temperature 800 °C,
Catalytic steam reforming temperature 800 °C, Steam WHSVS mL h'!' g'lcuuays,
Catalytic hydrogenation temperature 350 °C, and Hydrogen space velocity 2400 mL
h'! gl catalyst).

Figure 15. Comparison of the gas yields obtained from the two-stage and three-stage

processes at the optimized conditions.



