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Abstract

Heterogenous hydrogenations of high value chemicals are a widely used class of reaction that
potentially benefit from the advantages continuous processing possesses. Trickle bed reactors offer
a viable alternative to batch manufacture, however further understanding of the interplay between
hydrogen masstransfer and catalytic reaction is required to facilitate the uptake of such

technologies.

To isolate the transport processes, the hydrogenation of styrene was conducted with a single 1%
palladium on carbon pellet was immobilized within glass beads with a liquid feed either hydrogen
saturated or hydrogen free and the liquid flow rate was varied. The transfer rate of hydrogen was
found to be significantly affected by the hydrogen content in the feed. The observations are well
described by a new model in which the pellet film is treated as a plug flow reactor, with mass
transfer from the gas phase to the film modelled as diffusion through a stagnant film, and mass
transfer from the film to the catalyst surface and the subsequent reaction modelled as resistances in

series.

Our findings indicate that the provision of inert mass transfer area to saturate the fluid with

hydrogen can significantly increase the productivity per unit mass of catalyst. In addition by



controlling the ratio of catalytic and inert surface the hydrogen concentration close to the catalyst

surface can be tuned. This could be utilised to adjust both the activity and selectivity of the system

and, therefore, give trickle bed reactors an advantage in chemical manufacturing processes.
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Nomenclature

Ay Surface area of a single glass bead (m?)

Aps Total surface area of the film over the inert glass beads (m?)

Ap Surface area of the catalyst pellet (m?)

Apg Surface area of a palladium nanoparticle (m?)

Cethylpenzene ~ Concentration of ethylbenzene (mol m=)

Cr Average hydrogen concentration of the liquid film flowing over the pellet (mol
m-3)

C_f Characteristic hydrogen concentration of the liquid film flowing over the pellet
(mol m?3)

Cin Hydrogen concentration in the liquid feed (mol m)

Cy Hydrogen concentration in the liquid phase (mol m?)

Cs Hydrogen concentration at the surface of the catalyst (mol m™)

Co Hydrogen concentration in the liquid at the point where the liquid reaches the
pellet in the bed (mol m™3)

c” Equilibrium concentration of hydrogen in the liquid at the conditions
investigated (mol m3)

dps Diameter of a single glass bead (m)

dpg Palladium nanoparticle diameter (m)
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Effective diffusion rate of hydrogen in palladium on carbon catalysts (m? s)
Diffusion coefficient of hydrogen in liquid (m? s?)

Gravitational acceleration (m s?)

Henry’s constant (Pa m® mol?)

Liquid film mass transfer coefficient over the bead section (m s?)

Mass transfer coefficient over the beads at the reference flowrate (m s%)
Observed rate constant per unit area of pellet (m s?)

Observed rate constant within the enriched palladium shell (s2)

Catalyst pellets’ length (m)

Length of palladium unit cell (nm)

Mass transfer flux from the gas liquid interface to the liquid film (mol m=2s?)
Mass transfer flux from the liquid film to the catalyst surface (mol m2s?)
Mass transfer flux from the liquid film to the catalyst surface and subsequent
chemical reaction (mol m?2s?)

Overall mass transfer rate of hydrogen (mol m2s?)

Convective transport of hydrogen flowing onto the pellet (mol m2s?)

Radial transport of hydrogen from the gas phase through the liquid film to the
surface of the catalyst (mol m2s?)

Number of palladium atoms per nm?

Number of glass beads in the bed prior to the pellet

Number of moles of hydrogen consumed per second at the surface of the
catalyst (mol s?)

Number of palladium surface atoms per nanoparticle
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Uresidence pellet

T Temperature (K)

Ve Volume of free space when packed (void volume)

Vi Volume of empty reactor

v, Liquid velocity in the direction of gravitational force, z (m s?)

W, Quantity of palladium in the pellet (g)

Zg Packed bed length (m)

#pdcyre Number of palladium La counts per um? in the interior of the pellet

#pdgn Number of palladium La counts per um? in the enriched shell of the pellet
Greek letters

a Fraction of the liquid film that forms the gas to liquid film transport resistance

Bayn Dynamic liquid holdup (m? liquid - m= voids)

Bst Static liquid holdup (m? liquid - m™ voids)

Y1 Gradient of the effect of flowrate on mass transfer to beads

1% Ratio of liquid film thickness over a pellet in a bed vs liquid film thickness (&) over a

pellet stack

Y3 Liquid bypass factor

o) Liquid film thickness

Sy Liquid film thickness over the glass beads (m)

Partial pressure of hydrogen (MPa)

Fraction of palladium in the enriched layer

Liquid velocity over the glass beads (m s?)

Radius of the catalyst pellet (m)

Rate of hydrogen consumption in terms of the catalyst weight (m3 g s?)
Cross-sectional area of the reactor (m?)

Residence time of the liquid over the pellet (s)



O Depth of palladium enriched shell into pellets’ interior (um)

€p Bed porosity

U Dynamic viscosity (kg m?s?)

T Constant; ratio of a circle’s circumference to its diameter
p Density of liquid (kg m3)

T Liquid residence time in the reactor (s)

) Volumetric liquid flow rate (m3s?)

Oref Reference liquid flow condition (m?®s™)

QO Gas to liquid film transport resistance (s m™)

Qf_s Liquid Film to catalyst surface transport resistance (s m™)
Qp Chemical reaction resistance (s m™)

1 Dimensionless numbers
Re = 3Pz Reynold’s number for a falling film

_ pUpsNpsdps  Reynold’s number of the liquid over the length of the glass beads

Reb =
° u
My Thiele modulus; ratio between the rate of reaction and diffusion in porous
media
e =_F Schmidt number
p - Dy,

2 1 Introduction

3 Heterogeneous hydrogenations are an important class of three phase catalytic reactions, used
4  extensively within the pharmaceutical, agrichemical and other fine chemical industries. In the
5 pharmaceutical industry alone, it has been estimated that twenty percent of all reaction steps are

6  catalytic hydrogenations (1). Moreover, catalytic hydrogenations have been highlighted as a
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potential reaction class that could significantly benefit from moving towards continuous processing
to exploit the following advantages; (i) improved process safety, (ii) increased catalyst utility and (iii)

finer control of hydrogen mass transfer leading to improved selectivity (2).

Trickle bed reactors represent a viable processing technology, whereby a continuous gas phase and
dispersed liquid phase pass concurrently through a stationary bed of catalyst particles. The use of
trickle bed reactors in the manufacture of fine chemicals offers many advantages such as liquid plug
flow behaviour, reduced back mixing leading to unwanted by-products and the ability to manipulate

the liquid flow rate according to heat and mass transfer resistances (3).

There exists however, a complex relationship between the hydrodynamics and kinetics that makes
the physical transport and chemical processes relatively challenging to study, particularly at
laboratory scale. In addition, the space and mass velocities do not scale linearly with geometry,
making both scaling down and up problematic (4). Generally, two approaches to scaling down trickle
bed reactors have been reported in the literature (5). The first being the design of a laboratory scale
reactor that maintains hydrodynamic similarity, of which Medoras et al. presents an extensive
review (3). The second approach is the design of a reactor for the purpose of assessment and
manipulation of specific transport phenomena so as to determine the impact on the reaction. Given
the nature of the work in this study, focus will be on literature in relation to the latter of the two

approaches.

The second approach is illustrated by Satterfield et al. (6) who created a vertical ‘string’ of fourteen
spherical catalyst pellets (d, = 8 mm) to study the hydrogenation of a-methylstyrene . They
compared the experimental hydrogen uptake rates to those predicted by detailed hydrodynamic
models. An alternate concept is that of ‘string reactors’: single channels containing catalyst particles
with sizes similar to the channel dimensions to create ‘strings’ of successive pellets. Bauer and
Hasse used a string reactor (d,, = 1.6 mm) and compared this with a conventional trickle bed

reactor using the hydrogenation of a-methylstyrene (7). The string reactor was shown to outperform



10

11

12

13

14

15

16

17

18

19

20

21

22

23

24

25

26

the trickle bed reactor in terms of production rate per unit mass of catalyst by a factor of up to 2 to-
5. A group from Dresden has looked extensively at the mass transfer characteristics during
hydrogenation of a-methylstyrene in string reactors. Using the same palladium on alumina spherical
catalyst (d,, = 0.8 mm), different ratios of reactor to particle diameter were studied (1.25 (8), 1.76
(9) and 2.5 (10)). These studies show that mass transfer rate of hydrogen increases with superficial
velocities. At high superficial velocities the mass transfer rates increase significantly with the gas
volume fraction. The authors postulate that this is the result of direct transfer from the gas to the
solid and demonstrates the significance of the liquid film mass transfer resistance. Kallinikos and
Papayannakos employed a spiral of cylindrical extrudates rather than a vertical column for the reduction

of benzene (11). They also showed the impact of the gas volume fraction, though in their case reaction

limitation occurred at the higher volume fractions.

There are a relatively small number of reported instances in the literature illustrating the use of a
single catalyst pellet or particle to investigate heterogeneous catalysis. With none found outlining
the use of a single catalyst pellet to isolate or study the mass transport phenomena occurring in
packed beds. Though described as a string pellet reactor, Hipolito et al. hydrogenated a-methylstryene
using a single extrudate immobilised by glass beads in a horizontal pipe (12). It was identified that by
varying the liquid feed rate whilst ensuring a constant liquid hourly space velocity (LHSV that the reaction
was kinetically limited, as varying the feed rate had no impact on the conversion trends. Many other
single pellet studies focus on the internal mass transfer resistances (pore diffusion) in what are
described as diffusion reactors (13-15). All other studies have focussed on the use of single pellets to
further understand heat transfer in packed bed reactors. Adaje and Sheintuch suspended a single 3.2
mm catalyst extrudate onto a thermocouple to monitor the temperature gradients and compared
this to a pellet embedded in a shallow bed of inert extrudates (16). The authors speculate whether
single pellet studies are suitable in determining the behaviour of an actual packed bed reactor.
Watson and Harold also freely suspended a catalyst extrudate via a harness attached to a weighing

balance so that the liquid holdup could be continually monitored (17). The hydrogenation of a-
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methylstyrene and cyclohexane were chosen as model systems and vapourisation of the liquid phase

due to the reaction was studied from the holdup data.

In this study a methodology of scaling a trickle bed reactor down to a single catalyst pellet
immobilised in a vertical bed of glass beads will be presented. With the objective of investigating
diffusion through the liquid film during the hydrogenation of styrene. Styrene was selected as the
model system as the intrinsic chemical reaction is kinetically fast so that the external mass transfer
processes can be studied (12). The aim of the work is to ascertain the limiting mechanism occurring
during hydrogenations in trickle bed reactors by altering the liquid flow rate and liquid feed
conditions. Gas velocity and its effect on the mass transfer of hydrogen will not be considered here.
It is the final intention to develop a model that can describe the convective and radial transport of
hydrogen onto the pellet, and how it affects the concentration in the liquid film close to the catalyst
surface. Knowledge of such transfer mechanisms is essential in controlling the rate of supply of

hydrogen to the catalyst surface, and potentially the selectivity of a reaction independent of scale.

2 Materials and Methods

2.1 Materials and Methods

Styrene 99%, methanol 99.9% and n-decane 99% were purchased from Sigma-Aldrich and used as
the substrate, solvent and internal standard for subsequent gas chromatography (FID) analysis of the
collected samples. 1% palladium on activated carbon extrudates Type 783 (length d5¢ = 3.07 +
0.86 mm, diameter dsy = 1.65 + 0.16 mm) were purchased from Johnson Matthey and the
equivalent non-active carbon support (length dsy = 3.66 + 0.86 mm, diameter d5; = 1.97 +

0.21 mm) was additionally obtained for the liquid thickness experiments. A 5% palladium on
activated carbon paste (Type 87L) was purchased from Johnson Matthey. To create the bed which
the immobilised pellet would be placed, Ballotini solid soda glass beads (diameter 2.85-3.3 mm)
were purchased from Sigmund Lindner GMBH. The aqua regia used in the inductively coupled

plasma mass spectroscopy (ICP-MS) sample preparation was prepared by mixing nitric acid (68 wt %)

8
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and hydrochloric acid (20 wt %), purchased from Fisher Chemical. All reagents and catalysts were

used as received without further purification.

2.2 Palladium percentage loading of catalysts

ICP-MS as used to determine the Pd content of all catalyst materials. To circumvent issues with
digestion of the carbon, the support was first crushed into a fine powder and fully oxidised by
thermal degradation (18). The remaining residual powder was digested in aqua regia overnight
under normal temperature and pressure conditions (21 °C and 1 bara). Ultrapure water (18 mQ) was
added to make up a diluted aqua regia solution (2.5 % v/v) which was subsequently run on a Perkin
Elmer SCIEX - ELAN DRC-e, Axial Field Technology ICP-MS. A series of palladium calibration solutions
were made (between 0.1 — 10 mg L) with aqua regia in water (2.5 % v/v), yielding a linear plot with

an R? coefficient of 0.9999.

2.3 Palladium nanoparticle size distribution

Transmission electron microscopy (TEM) was used to determine the size of the Pd nanoparticles in
the catalyst. The outer layer of the 1% Pd/C pellets were removed using a scalpel and dispersed in
isopropanol (~10 mL) using an ultrasonic bath. After 10 minutes, approximately 1 mL of the
dispersed carbon solution was diluted again in isopropanol (~10 mL) and placed in the ultrasonic
bath for 10 minutes. This solution was spotted onto a lacey carbon coated copper TEM grid mounted
on filter paper until the paper became discoloured and was then left to dry. The 5% Pd/C powder
was prepared is a similar manner except, rather than using a scalpel, 1 mg of the powder was
dispersed in isopropanol before spotting. A 200 kV FEI Tecnai F20 FEGTEM was used to analyse the

nanoparticle distribution of each sample.

2.4 Palladium location on the support

Scanning electron microscopy (SEM), coupled with energy dispersive X-ray analysis (EDX) was
utilised to determine the location of the palladium within the catalyst pellets. A small sample of

both the 1% Pd/C and carbon pellets were collected and each mechanically broken roughly in half

9
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creating two separate stubs to reveal a cross section for analysis. The broken stubs were glued onto
a SEM grid and analysed using a Hitachi SU8230 Scanning electron microscope 15.0 kV beam to
locate the palladium. A series of 1D linescan measurements were made to obtain palladium

distribution as a function of beam displacement into the pellet from the surface.

2.5 Liquid film thickness

The non-active carbon extrudates were used to mimic the 1% Pd/C in the film thickness experiments
due to their pyrophoric nature and therefore, the two materials physical properties were compared
before use. A complete comparison of the pellet size distributions, surface area and pore size

distributions can be found in the supplementary information.

To measure the film thickness during flow, a continued surface of material for the liquid to flow
down was created by forming a vertical stack of carbon pellets (height 425 mm and diameter 1.49
mm) using Araldite Standard 2-part epoxy adhesive to bind the pellets together. Under normal
temperature and pressure conditions (21 °C and 1 bara), a HPLC pump (Knauer 100Smartline) was
used to distribute methanol from a needle tip over the stack. A Veho VMS-004 Discovery Deluxe USB
Microscope filmed the liquid flow over the pellets at the bottom of the stack; this was used as the
measurement area throughout the experiment. Liquid flow rates of 0.2 — 10 mL / min were chosen,
which were identified to be within the laminar flow regime using their respective Reynolds numbers
(0 < Re < 60), no pronounced rippling was visually observed. The methanol continually flowed over
the stack for 5-10 mins before recording began to ensure a constant flow regime had been
established. The liquid film thickness over the pellets was determined by post-processing the
recorded images via the image analysis software Imagel. A schematic of the experimental set-up and

the glued pellet stack is shown in Figure 1.

10



10

11

12

—- T
g
-
=
Needle
Eight pellets
(height 4.25 cm)
Pump
Methanol AT
Measurement -
USB camera
Adhesive

Figure 1: Schematic of the liquid film experimental setup and a picture of the glued pellets forming

the stack before methanol flowed over.

The film thickness was modelled via a momentum balance of a film of uniform thickness § flowing
down over an ideal vertical cylinder (the pellet) of radius r;,. The fluid, is an incompressible fluid with

constant density and viscosity. For fully developed laminar flow profile of thin films where § < r,;

Va _
uoy =@ =x)pg (1)

Where u is the dynamic viscosity of methanol (5.79 x10~* kg m™* s%), p the density of methanol (792
kg m™3), g the gravitational acceleration. Integration of Eq. (1) assuming ‘no slip’ at both the solid-
liquid interface (x = 0) and the air fluid interface x = § gives the velocity profile V,(x). The
volumetric flowrate is calculated by integration of the velocity profile with x, and for a given film
thickness this can be rearranged to give Eq. Error! Reference source not found., the liquid film

thickness § as function of the volumetric flow rate ¢:

11
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Lin and Liu (19) derived general laminar velocity profile for any value of § and r,;

v, = %<(rpz — (1, +0)?) +2(r, + 6)°In (T" i x)) (3)
4u Ty

Integration of Eq. 3 gives the volumetric flow rate;

o= npg(r, + 5)4 (lln <rp + 6> 1 Ty +1 = B E) "
z 2\ n ) 8(n+58)" 2(r,+06)" 8

The film thickness § in Eq. 4 was determined for a given flowrate and pellet diameter using the

Solver functionality in Microsoft Excel.

2.6 Single pellet reactor

Figure 2 illustrates the reactor setup for the single pellet reactor used throughout this work. The
reactor itself was constructed from a glass Pasteur pipette (6.5 mm internal diameter and 104 mm
length) which contained a single 1% Pd/C pellet (1.49 mm diameter, 5 mm length, 0.008 g)
immobilised in a bed of glass beads (2.301 g, 80 mm bed height). The single pellet was situated 30
mm from the bottom of bed. The tip of the pipette was carefully removed to prevent liquid holdup
and subsequent flooding of the bed. Carbon extrudates (0.126 g) were placed on top of the glass
beads to reduce liquid mal-distribution. Cotton wool was used as a frit plate to support the bed in
the pipette. The lower section of the glass pipette was bound in PFTE gas tape and placed inside a
gas condenser to form a seal that forced gas flow through the bed. A needle centred directly above
the bed was used as a liquid distributor and methanol was pumped into the bed with a HPLC pump
(Knauer 100Smartline). Due to the low liquid flow rates required, the feed was pressurised and a
17.2 barg fixed backpressure valve was added. This greatly improved the accuracy of the flow rates
without detrimentally effecting the liquid distribution from the needle tip. The hydrogen gas flow

rate was regulated using a Bronkhorst mass flow meter and kept constant at 300 mL/min (superficial

12
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gas flow rate through the bed 0.15 m/s, 0.012g m2 s?) throughout all experiments. A detachable
pipe, connecting the bottom of the gas condenser to a product collection vessel was used to sample

during operation.

Mass flow
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0. 000 ®
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Parr autoclave ( 1 barg)

\9

Product Samples analysed offline
collected using gas chromatography

Figure 2: A schematic of the single pellet reactor experimental set-up and picture of the 1% Pd/C

pellet immobilized in the bed of glass beads.

2.7 Bed porosity, liquid holdup and residence

The volume draining method (20) was used to determine the total liquid holdup in the reactor
during operation. The total liquid holdup is the ratio of the volume of liquid to the total bed volume,
made up of a dynamic portion of liquid, Bay,n, moving through the bed and a static portion of liquid
retained by the bed, Bst. To obtain the dynamic and static liquid holdup portions, the packed glass
pipette was first weighed before hydrogen gas and methanol were passed through the column
concurrently for 20 minutes to reach steady-state. The flow of gas and liquid was then abruptly shut

off and the liquid that freely drained from the reactor was measured and taken as the dynamic

13
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portion. To calculate the static liquid holdup the reactor was then re-weighed and the increase in
mass was attributed to the portion of liquid remaining within. Bed porosity, €s was determined by
charging the reactor with methanol to calculate the volume of the empty reactor, V, and the

volume of the free space when the reactor is fully packed, Vg;

VE
gB:V_R

(5)

2.8 Hydrogenation of styrene

Assembling the reactor as described in Figure 2, exactly one 1% Pd/C pellet (0.008 mg, dp=1.49
mm, l,, = 5 mm) was placed within the bed of glass beads. The hydrogenation of styrene was
conducted as follows;

Catalyst activation: Methanol was passed through the bed and allowed to flood the bed to above
the pellet to ensure complete wetting; this was repeated three times. After draining, methanol (5
mL/min) and nitrogen were passed through the reactor for fifteen minutes to purge oxygen. The gas
flow was then switched to hydrogen (300 mL mint) at 21°C for a further 20 mins to activate the
catalyst.

Hydrogen free feed: A styrene solution (0.18 M, 55 mmols in 0.3 L methanol with n-decane (0.025 M,
7.4 mmols) as internal standard) was fed at 1 mL / min for 10 minutes before being changed to the
desired flow rate. The product stream was then sampled at 5 minute intervals over a 35 minute
period. The liquid flow rate through the reactor was manually measured every 10 minutes and an
average taken.

Hydrogen saturated feed: Methanol (0.3 L) and n-decane (0.025 M, 7.4 mmols) were charged into a
0.6 L batch stirred autoclave reactor (Parr Instrument Company, USA), and stirred under hydrogen
with a gas entrainment impeller at 1000 rpm to fully saturate with hydrogen (2 bara for 30 minutes).
Once fully saturated, the agitation was switched to 200 rpm and styrene was added to the autoclave
to obtain a styrene solution in methanol (0.18 M, 55 mmols). The saturated solution was then used

in the same manner as the hydrogen free styrene solution.
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Analysis: Samples from both experiments were collected and analysed offline via gas
chromatography on an Agilent HP-5 achiral column using n-decane as an internal standard (chosen

as it was experimentally verified not to adsorb onto the catalyst itself).

3 Two stage mass transfer model

The feed initially flows over a nonreactive portion of the bed, resulting in hydrogen mass transfer
into the liquid over the surface of the non-active beads. The hydrogen concentration in the liquid
will either increase or decrease towards equilibrium (1 bara hydrogen gas pressure) depending on
the initial feed conditions. Once the liquid feed reaches the pellet, reaction will occur at the surface
of the pellet, resulting in depletion of the hydrogen flowing in to the pellet’s film from the bead
section. Additional hydrogen is simultaneously transferred into the film at the gas liquid interface

over the pellets’ surface.

Thus, the system treated as two successive mass transfer sections: (i) a bed consisting of 48 glass
beads in which the hydrogen concentration moves from the inlet concentration C;, to the liquid
concentration at the point where reaches it the pellet C,. Followed by (ii) the cylindrical pellet which

we assume is fully wetted with an averaged film thickness along its length.

(i) Liquid saturation with hydrogen and subsequent uptake

In the section of the bed above the pellet, liquid is held in place between the beads by capillary
forces acting near the bead contact points. This portion of the liquid is referred to as the static
holdup and is treated as a liquid reservoir (where Vi, < Vyeservior) that the hydrogen diffuses to
via a liquid film (of thickness &) flowing over the beads. Here we assume that the film flowing over a
bead can be treated as if it’s flowing over a cylinder with the same diameter as the bead and enough
mixing occurs around the contact points (illustrated in Figure 3). Therefore, the total area of the film
on the beads, Aps, is;

Aps = Nps Ap (6)

15
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Here A, is the surface area of a single glass bead and N, the total number of beads in the reactor
prior to the pellet. If the mass transfer coefficient changes slightly with liquid flow rate, the film mass

transfer coefficient kj, can be linearised around a reference point:

(¢ = @rer)
kp = kprer X [1+ V1—ref (7)
(pref

where y; and ky, ¢ rare fitted parameters. The lowest flow rate was arbitrarily chosen as the

reference condition @,y = 0.2 mL min™.,

. A=0 Cin=0 Cip>C

//////, Pu
. 2

T e e - - - - i -
S
N
Lﬁ

Mixing

_

Liquid
Gas

&%

Figure 3: Schematic showing the method of modelling mass transfer of hydrogen into the liquid film
on the glass beads prior to the catalyst pellet and the concentration profile in the static liquid

referred to as the reservoir.

An expression of the concentration of hydrogen in the liquid, C;, is obtained following a one-

dimensional steady state mass balance over section the surface area in glass beads section:

¢ dC, =k, (C* = C,) dA (8)
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Here C* is the equilibrium concentration of hydrogen in methanol obtained using the Henry’s

constant, H for hydrogen in methanol (21):

1
Py,(MPa) = H C* with In(H) = 122.3 — 4815.6m —17.5In(T) + 1.4x10" 7Py,  (9)

Subject to the boundary condition thatat A = 0, C;, = C;,, and A = A, C;, = C integrating over the
full area of the glass beads gives the hydrogen concentration at the point where the liquid reaches

the pellet C,, where Cj, is the concentration of hydrogen in the liquid feed and

_ kpAps
Co=C"—(C*—Cyp) <e ¢ ) (10)

(ii) Pellet section: Axial hydrogen concentration profile

The pellet section of the bed was modelled as a plug flow reactor, with mass transfer from the gas
phase to the film modelled as diffusion through a stagnant film, and mass transfer from the film to
the catalyst surface and the subsequent reaction modelled by a resistance in series model (22). This
assumes the concentrations at the gas liquid interface to be in equilibrium, and that the flux of
hydrogen from the gas liquid interface to the site of reaction reaches steady state instantaneously.
A schematic of the pellet, the modelling methodology and the hydrogen concentration profiles in
the liquid can be seen in Figure 4.

Having passed over the glass beads above, the liquid encounters the pellet with a characteristic
hydrogen concentration, Cy, depending on the rate at which the liquid flows through the bed. A
fraction, y3, of the liquid passes over the pellet, and is assumed to completely cover its surface. The
remainder flows over the glass beads and the walls adjacent to the pellet. The liquid flow results in
an averaged film thickness, y, 68, across the length of the pellet. The parameter, y,, allows for an
average pellet film thickness that is different, but proportional to the observed thickness as
described by Eq. (2). It is assumed that within the film there is an average film concentration, (¢,

that is achieved some distance, a y, 8, from the gas liquid interface. Thus, a, represents the fraction
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of the liquid film that forms the gas to liquid film transport resistance, where a < 1. Therefore,
diffusion from the gas liquid interface to the film is then:

n 1 * (11)
MTRg_f = a_Qf(C - Cf)

Where ()¢ is the gas to liquid film transport resistance; 1y = 8)/2/]DH2. Transport from the film to
the catalyst surface and subsequent reaction may be described by a mass transfer in series model
with two resistances: (i) diffusion from the film to the surface, Qs_; , and (ii) chemical reaction, Qp
(where Qg =1/ kjps):

MTR/_p = ﬁ Cr with Q¢ = (1—a) Q + Qp (12)
Here the resistance (1 — a) s describes the flux to the catalyst surface at concentration Cg, as

diffusional transport through a liquid film with thickness (1 — a) 8y5:

(13)

MTR; ,=——— (C;—C
f—s (1—0()Qf ( f S)

The hydrogenation of styrene may be described as proceeding via Langmuir adoption of styrene
followed by subsequent hydrogenation on the surface of the palladium (23). As the styrene
conversion is small (~2%) and the process is operated continuously, the reaction rate per unit pellet
area is linearised with respect to the hydrogen concentration so (—R¢') = (—R},’Z) = kjps Cs

(mol / mf,e”et s). The mass transfer in series model assumes the rate of change of the
concentration Cs is small compared to the hydrogen flux so that MTR}'_S=(—R§’) and therefore Eq.
13 then follows by elimination of Cj. Finally, the film concentration Cr can be modelled by a

differential molar balance over the pellet surface, da,, yielding:

dc, = ! (c*—¢f) ! Crld (14)
Yspadly = a0, f o, 7 ap
Integrating Eq. 14 over the area of the pellet where Cr = C, at a,, = 0, gives the fluid concentration

of hydrogen as a function of the pellet area passed by the fluid:
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(iii) Hydrogen uptake rate on the surface of the pellet

The total rate at which hydrogen is consumed by the pellet, Ny,, per unit time (mol/s) is given by

integrating the mass transfer to the surface across the whole pellet area, 4,:

. 1
dNHZ = Q Cf dap (16)

‘f—s
Substituting Eq. 15 into Eq. 16 and integrating from Cr = C, at a,, = 0 gives;
. A A )
NHZZ_p [Coo _[Coo_ Co] -2 <1—€ AU)] (17)
Qf_s Ap
In Eg. 17, the term in the square brackets represents the characteristic hydrogen concentration in

the liquid film:

N 1 _ Col A _Ap
MTR} =—2=_—C; Witth=[1 —[1——0] —"(1—e Ao>]xcw (18)

Ap Qs Col 4y
(REY
Sy
s Y Diffusion from G-Linterface
- o to ay,4;
C, » Pellet 1
: surface MTR,_; = a—ﬂf (c-c¢p)
Hydrogen |, 1
saturated feed A L= Cr| here Q¢ = 8y,/D
| day, Qg o where Q¢ = va/ Hay
Hydrogen . :
free feed s Transfer through reminder of
] c* film (1 — a)y,4 and reaction;
- . MTR) p=——C
. f-R Q[—s f
N~ Qs = Q(1— ) + Qg
S-L G-L
interface interface
A B C

Figure 4: Diagram illustrating (A) the hydrogen concentration profile in the liquid film over the pellet,
(B) a schematic of the pellet and (C) the method in which the hydrogen concentration in the film close

to the surface of the pellet was modelled.
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4 Results and discussions

4.1 Palladium loading, nanoparticle size distribution and location

To accurately compare the rate of reaction from pellet to pellet, the exact percentage loading must
be known. The palladium loading, as measured by ICP-MS, varies from pellet to pellet, with an
average loading of 0.94 + 0.64 wt% over the twenty-six pellets measured. Though the mean value
is close to the percentage value (1 wt%) stated by the supplier, the large loading distribution is
problematic when wanting to compare reaction rates between pellets. It was therefore decided to

use the same pellet throughout the single pellet experiments.

Figure 5 compares the number frequency, percentage weight and available surface atoms of the
nanoparticles of both 1% Pd/C pellets and 5% Pd/C powders used by Stamatiou and Muller (23).
Assuming the nanoparticles are spherical, the number of surface atoms available for reaction per

nanoparticle, N, is defined as;

N, =Ai=2n(dpd) (19)

Here Ngtoms is the number of palladium atoms per nm?, Ap, is the surface area of the nanoparticle,
d,, the diameter of the nanoparticle and [,,,;; the length of a palladium unit cell. The two size
distributions are within the same magnitude but the 1% Pd/C pellet has a slightly larger average and
boarder distribution (ds pellets - 5.35 + 1.99 nm) than the 5% Pd/C paste (dso powder - 4.38 +

1.27 nm).
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Figure 5: SEM image of the catalyst sample (left), TEM image of the palladium nanoparticles (middle)
and the corresponding nanoparticle size distribution (right) of the 1% Pd/C pellets (top row) and 5%
Pd/C (bottom row). The square and triangle trends represent the total surface atoms and weight of

each bin respectively.

SEM images of the pellets and their respective elemental maps are shown in Figure 6. Both images
show the palladium (coloured green) located in high concentration on the surface of the carbon
support. The interior of the pellet on the other hand is overwhelmingly made up of carbon (coloured
red). Pd linescan profiles for a cross section and surface of a 1% Pd/C pellet and the interior of a
non-active carbon pellet is shown in Figure 7. Clearly the surface is strongly enriched in Pd. There is
some variation over the surface scan, but the count is consistent at ~75. The linescan over the cross
section of the pellet shows that the surface concentration is maintained to a depth of §; = 6 um.
Further in to the pellet the Pd concentration drops sharply by a factor 4 to 20 counts, and then more
gradually as you progress further into the pellet interior. Interestingly, it never reaches the

background scatter level that results from the scan of a pellet that is not impregnated with Pd.
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2 Figure 6: SEM images of a 1% Pd/C pellet and the corresponding EDX map showing the palladium

3 (green) distribution over the exterior and interior of the pellet.
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5  Figure 7: SEM images of a 1 wt% Pd carbon pellet. (A) Surface of the pellet, (B) edge of a cross

6  section and (C) centre of a cross section of the interior of an unloaded carbon pellet. Top: overview of
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the pellet with the location were a linescan was taken. Middle: detailed view at the scale of the line
scan and Bottom: the respective Pd count line scan profile. The palladium counts show a significant

enrichment of the palladium count on the surface of the pellet.

The linescan data allows estimation of the fraction of palladium Pdqs in the shell with volume

2mr, 85Ly, vs the fraction of palladium in the core of the pellet (volume m‘szp). It was assumed that
the count intensity remains constant across the diameter of the pellet once past the enriched shell
region. Assuming a linear correlation between count #p,; and concentration Pd:

#Pds + 26

Pdy,s =
’ #Pdshell ) 265 + #PdCore "Tp

(20)

Using Eq. 20 the proportion of palladium in the shell was estimated to be 15.5% suggesting a large

proportion of the palladium metal is located at low concentration within the interior of the pellet.

4.2 Bed porosity, liquid holdup and residence time

The bed porosity, g of the reactor when fully packed was determined to be 39%. The residence
time, t (Figure 8) was calculated using Eq. 21 for liquid superficial velocities up to 0.0025 m s (flow
rates of 0.25 — 4.5 mL min™) (20). Here, ¢ is the volumetric flow rate, zg the bed length and S the
reactor cross-sectional area. Assessing the literature, Dudukovic et al. suggests that generally trickle
bed reactors are operated with a liquid holdup of between 0.05-0.25 and liquid mass velocities of up
to 50 kg m? st (24). From the flow map generated by Sie and Krishna, to operate in the trickling flow
regime liquid superficial mass velocities need to be < 10 kg m? st for the superficial gas flow rate
used (0.15 m s?) (25). Therefore, comparing this to the holdup data obtained, superficial liquid mass

flow rates up to 0.25 kg m? s (0.25 — 1 mL min™!) were investigated.

S (21)

T = €p * [ﬁD;om + ﬁst] % 75 *
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Figure 8: Liquid residence time and holdup in the single pellet reactor at flow rates between 0-10 mL

min, conducted at 21 °C, atmospheric pressure and 300 mLmin™ gas flow rate.

4.3 Liquid film thickness

Figure 9 compares the experimentally measured film thicknesses to those predicted by the thin film
and the general model. Both the thin film and general model fit the asymptotic nature of the
experimental data obtained in this study well, with the thin film approach appearing to be more
suitable at lower flow rates and the general model at higher flow rates. This is consistent with work
for liquid flow on thin wires (26), where the disparity between thin films and films where §~7, was
experimentally observed. For comparison, film thickness predicted for flow over spherical catalysts

using the model proposed by Satterfield et al.(6) is also presented. Film thickness over pellets

12

13

14

15

roughly a factor of two larger then films on spherical particles.

At the liquid flow rates investigated in the single pellet reactor the thin film and general model

converge. For convenience the thin film model (Eq. 2) was therefore used to calculate the film

thickness.
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1 Using the calculated film thicknesses, the liquid residence time on a single pellet, t,¢sigence petier Was

2 estimated using Eq. 22, assuming complete wetting of the pellet and is plotted in Figure 9.

Apb
Uresidence pellet = — — (22)
@
0.40
1 B Experimental - 0.4
0.35 —-—- Slab model
1 ? — — - Cylinderical model
0304 --eee- Satterfield et al. (1969)
4 i ¢t - 0.3
0.25 \ residence time —
— ' d .| T tresidence time (Slab mOdeI) ‘!,:
1 4
E 020 b l e o
S J \_ __.":.__..--‘i -0.2 §
7] \ - —‘:, - @
0454 1 P o 3
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4  Figure 9: Comparison between the experimentally obtained film thicknesses and of those calculated

5  from the slab and cylinder models for liquid flow rates between 0 — 10 mL min™ at 1 bara and 21°C

6 4.4 Determination of the observed rate constant kg,

7  The intrinsic chemical reaction resistance {1y is a function of the observed rate constant, k_j,; and
8  thus a value of the rate constant in the absence of pore resistance is required for proper
9  determination of the overall mass transfer rate. It should be noted that k ;¢ represents the
10  observed reaction rate based on the external area of the pellet and is a function of temperature,
11  styrene and hydrogen concentration. Therefore, we assume that these are essentially constant over
12 the surface of the pellet.
To approximate k.. we use the observed rate constant reported by Stamatiou and Muller who

14 used the same 5% Pd/C powder characterised and discussed in Section 4.1 for the hydrogenation of

25



10

11

12

13

14

15

16

17

18

styrene in an agitated slurry reactor (27). Based on the weight of palladium on the catalyst support

and the hydrogen concentration in the fluid, Cr, an observed rate constant at 32 °C was determined;

m3(fluid)

(—RED)/Cr = kbps = 0.0273 S0P s

(23)
Comparing with the literature, the rate constant is larger than the rate of Nijhuis et al., who reported

m3(fluid)

a rate constant of 0.0086
g(Pd).s

for styrene hydrogenation on Pd/C (28). The lower rate constant

is shown to be a result of active pore diffusion by the activation barrier reported by Nijhuis et al. The

rate is of a similar order of magnitude to the rate reported by Meille et al. for a-methylstyrene

m3(fluid)

hydrogenation using palladium on an alumina oxide support (kggs = 0.0106 7(Pd)s

) (29).

The SEM-EDX linescan of the pellet interior (Figure 7, Column B) shows that the pellets used in this
study have an enriched palladium shell approximately 6 um thick. The reaction rate of hydrogen in
this enriched zone of the catalyst, (—Rf,f) is defined as the moles of hydrogen consumed per

second per gram of palladium present in the volume of enriched shell (A, 8sp¢; ). Thus, the observed

rate constant in the shell, kY3"¢! is defined as;

Pd

k
S 8 &
pYshe

m3(fluid)
m3(shell).s’

Using Eq. 24 the shell rate constant was found to be 2410 Here, Pdo,s is the fraction of

palladium in the shell (Eq. 20), W}, the quantity of palladium in the pellet (grams), &spey is the

thickness of the enriched shell and k2% is the observed rate constant calculated from Eq. 24.Using
the effective diffusion rate in Pd/C catalysts D rr = 2 X 107°m? st determined by Kobayashi and
Katsuzawa, the penetration depth of hydrogen in to the shell in the presence of the liquid phase can
be approximated (30);

1 [Ders/kopy 2
Mr Oshetr
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Using Eq. (25) the penetration depth was found to be ~16% of the enriched film thickness.

Therefore, pore diffusion limits the reaction to a 1 um thick surface layer on the pellet catalyst.

Finally, the reaction rate per unit external pellet area, k3,, results from k25" by multiplication with

the volume (A, 8spe1) Of the shell, and division by the total external interface (4,):

m3(fluid)

(26)
m?(external pellet surface).s

n 1
obs = M_Tkovg? Ssneny = 0.0022

4.5 Two stage mass transfer model

The experimentally determined overall mass transfer rate of hydrogen, MTRy;, , through the film is

calculated from the increase in ethylbenzene concentration detected by offline gas chromatography:

¢ C j
_ ethzlbenzene in mOl/S-mzz)ellet 27)

MTR};,
p

The effect of liquid flow rate on the overall mass transfer rate of hydrogen as a function of the liquid
residence time over the surface of the pellet is illustrated in Figure 10. The absolute values of the
experimental and modelled MTRy;, and the confidence intervals are given in Table 1. In both feed
cases the rate was observed to vary significantly with liquid flow. The feed saturated with hydrogen
gives significantly higher mass transfer rates compared to the hydrogen free feedstock. At the lower
flow rates investigated, both datasets appear to begin moving towards the same asymptotic point.
The decreasing trend observed in the hydrogen free feeds is thought to stem from the increase in
film thickness (Eq. 2; § « %). When the feed is saturated, the diffusional requirement is greatly

reduced and thus the trend differs to that seen when the feed was hydrogen free.
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Figure 10: The effect of liquid flow rate as a function of liquid residence time on the pellet on the

overall mass transfer rate of hydrogen with and without hydrogen saturated feed solutions. The

experimental rates are compared with those predicted by the two stage mass transfer model.

Table 1: Upper and lower 95% confidence limits of the two stage mass transfer model for both

hydrogen free and saturated feed cases.

Pellet film Experimental Modelled Upper 95% Lower 95%

residence time MTRy, MTRy, confidence confidence

tresidence pelter  (X10° molm?s?)  (x10° mol m?s?) interval interval

(s)

0.58 0.94 1.01 1.05 0.97
Hydrogen 0.49 1.15 1.13 1.17 1.09
saturated 0.43 1.28 1.28 1.32 1.23
feed 0.37 1.64 1.48 1.52 1.43

0.34 1.63 1.66 1.70 1.61

0.29 2.02 2.02 2.06 1.97

0.57 0.90 0.81 0.86 0.77

0.50 0.79 0.79 0.83 0.74
Hydrogen 0.42 0.75 0.75 0.79 0.71
free feed 0.38 0.71 0.72 0.76 0.68

0.35 0.65 0.69 0.73 0.65

0.29 0.62 0.62 0.66 0.57
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The results reported here differ from those of Satterfield et al. who studied the atmospheric
hydrogenation of a-methylstyrene with a saturated hydrogen feed in reactor system consisting of 8
mm spherical pellets on a string (6). They observed dependence of the hydrogen consumption rate
on flow rate only at and above 50 °C. We estimate their residence time on a pellet to range from
0.06 to 0.17 s, significantly shorter than for our case. Based on our model it is appears that the film
over the spherical pellets was “flushed out” at low temperatures, and thus the system was reaction
limited. As the reaction rate increases with temperature, the reaction resistance reduces, and the
mass transfer resistances become noticeable. This results in the higher hydrogenation rates

observed by Satterfield et al. at lower liquid velocities and hence thinner liquid films.

The five model parameters @, y1,v2, Ysand ky, ror, Were fitted to the experimental mass transfer

rates of hydrogen by minimising the Sum of Squares Z?:o(yexp.i - ycalc.i)z. The absolute values of
the fitted and calculated parameters used in the two stage model are presented in Table 2. The
model fits both the hydrogen saturated and free feed cases very well, falling within the upper and
lower experimental error limits for all but one point. This suggests that the relative rate of hydrogen
supply by both the liquid (convective) and mass transfer across the pellet surface (radial) are
important factors. The predicted MTR;,’2 from the model also highlights the asymptotic behaviour

the experimental data appears to be moving towards
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Table 2: Values of the fitting and model parameters used in the two stage mass transfer model.

Parameter Value Source / Comment
Bead kprer 4.69x10%m s Mass transfer coefficient over the beads defined
section in Eq. 7.
Y1 -0.156 Gradient of the effect of flowrate on mass
transfer to beads, defined in Eq. 7.
Pellet V> 1.86 Ratio of liquid film thickness over a pelletin a
section bed vs film thickness (&) over a pellet stack.
Y3 65.5 % Fraction of liquid flowing over the pellet (bypass
factor)
a 0.97 Fraction of the liquid film that forms the mass
transfer resistance, defined in Eq. 11
1/ 119 -169x10° m s Gas to film transport resistance Oy = 8y, /Dy,
5w
a g 1/Q5_ 1350 - 1520x10®%m s  Film to catalyst surface transport resistance
c S
5 3 calculated from Eq. 12
w 2
(%] (%]
‘E" g 1/Qp 2200x10® m s Chemical reaction resistance calculated from Eq.
26

Visual observation revealed that liquid was bypassing the pellet and based on the mass transfer data
the liquid bypass factor, y3, was estimated to be 65%. Whereas this number could not be validated,
it is consistent with the observations. The two stage model indicates that the falling film model is not
truly representative of the film thickness around the pellet in the bed, as the thickness
proportionality constant, y,, suggests the film is almost twice as thick as that predicted by the slab
model. It does show, however, that the falling film model gives a reasonable estimate for the
relationship between film thickness and flow. It does not account for the additional liquid holdup
present on the pellet due to the proximity of the beads, nor are differences in the pellet position

considered.

Mass transfer in the bead section: The estimated mass transfer coefficient for the beads section is in
the right order of magnitude and is in good agreement when compared to systems involving gas

absorption with no subsequent chemical reaction. This is evident when comparing the
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experimentally derived Nusselt number with the well-established correlation involving the Reynolds
and Schmidt numbers for a flat plate, both defined in Eq. 28 (31);
_ kb.rebesdbs _ pUbsNbsdbs % (28)

1
Nups = === = 0.664 Re,/2Sc'/3 with Rey, = —, adUp =
2

Where &}, is the liquid film thickness over the surface of the beads (considered here as a cylinder as
illustrated in Figure 3) and is calculated using the cylindrical film thickness model (Eq. 4). The
experimentally derived and correlated Nusselt numbers were determined to be 40 and 52

respectively, with the difference due to the fact the geometries are different.

The mass transfer rate, kj ., is used to determine the hydrogen concentration at the point where
the liquid contacts the pellet, Cy, as a function of flow rate (Eq. 10, Figure 11). At lower flowrates,
more time is available for mass transfer, and the concertation, C,, at the pellet approaches
equilibrium at the reaction conditions (1 bara). At higher flow rates and short liquid residence times,

the system is essentially flushed out and C, approaches the feed concentration.

10
| —=—H,freefeed ~ ------ Cl para
y —A—H, saturated feed - --C,,
l e R
F‘g N /""""A/A
3 i A
=
S S
)
1 =
~
24 .\l
.-..____.
i \"-l
0 y | y | ' T ' T ' T T
0.0 0.2 0.4 0.6 0.8 1.0 1.2
® (mL / min)
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Figure 11: The calculated hydrogen concentration in the liquid when it reaches the pellet, Cy for both
the hydrogen saturated and hydrogen free feed experiments. The dashed and dotted lines represent
the saturated feed concentration and the equilibrium concentration of hydrogen in the liquid

respectively.

Mass transfer to the pellet: The gas to film mass transfer coefficient (1/0) was found to be an order
of magnitude larger than that of the beads. Moreover, gas film mass transport resistance barrier
consists of 97% of the film. The calculated mass transfer coefficient is in the same order of
magnitude but slightly lower than gas-liquid coefficients reported in the literature (32, 33) for trickle
bed reactors investigated at similar superficial liquid flow rates (between 3 — 4 x 107> m s%). The
resistance for hydrogen transport from the film to the surface of the catalyst is thus small as the
distance to diffuse is small. The corresponding mass transfer coefficient (1/{;_;) and the reaction
rate constant, k,},s (= 1/Qg), are both an order of magnitude larger than the mass transfer rate

from the gas phase. This would suggest that mixtures of active and inactive catalyst can convert

more raw material per unit mass of palladium as a result of additional non active mass transfer area.

The concentration gradient over the pellet is shown in Figure 12 for hydrogen free and saturated
feed solutions at the maximum and minimum feed flowrates. As the flow progresses along the
length of the pellet, L,, the hydrogen concentration moves to an asymptotic value. If we consider
the case of having a very large pellet (L, - ) the film concentration reaches Cy, (Eq 15). The film
reaches equilibrium relatively quickly, but the extent to which the liquid is saturated C; still has a

large impact on the overall mass transfer rate as film to catalyst resistance is very small.

When the flowrate increases the film will reach the hydrogen concentration of the feed, and the
term A,/Ap tends to zero. As a result, the hydrogen concentration of the film approaches C,. This
will result in the highest hydrogen conversion rates per unit mass of palladium, but the

concentration of product downstream will reduce.
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Figure 12: Diagram illustrating the change in concentration of hydrogen in the liquid film over the
area of a pellet calculated using Eq 15 for both hydrogen free and saturated feed solutions at the

maximum and minimum feed flowrates. The dotted line highlights the case where A, — oo.

One of the key objectives of this paper is to establish the relative contributions of hydrogen
transport from (i) convective transport of hydrogen with the liquid flowing onto the pellet MTR .,

and (ii) radial mass transfer of hydrogen from the gas phase to the liquid film surrounding the

pellet, MT R, qiai-

The convective transport may be estimated from the concentration difference between the liquid
entering the pellet and the liquid leaving the pellet. The radial mass transfer is then the difference

between the total mass transfer observed, and the contribution of convection:

MTRyqgiar = MTRI,-IIZ — MTRiony with MTRion, = @y3(Co — Cp) (29)

Figure 13 compares the two modes of hydrogen delivery to the pellet for all flowrates and feed
conditions. The overall mass transfer rate is significantly affected by convective transport, evident by

the fact that as the molar flow of hydrogen increases the rate at which hydrogen is consumed
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increases. As illustrated in Figure 12, the film concentration Cf will always eventually reach Co,
irrespective of the feed conditions or flow rates used. Therefore, the differentiator between two

feed conditions is the convective contribution, and it is only at very low flow rates that the

convective and radial contributions for the two feed conditions become comparable.

3.0
—m—MTR", ... (H,free feed)
--0--MTR", .., (H, free feed)
259 _a—wm " mvectve (H, Saturated feed) Prigh
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Figure 13: Comparison between the convective transport of hydrogen into the pellet from the glass
beads and the radial transfer of hydrogen from the gas to the liquid for both feed conditions and all
flow rates investigated. Qy;gn and @y, refer to the velocity of the liquid phase for each feed

condition.

5 Conclusions

The ability to manipulate the average concentration of hydrogen close to the surface of the pellet is
a valuable tool in the manufacture of fine chemicals. Specifically, being able to control the quantity

of hydrogen accessible to a substrate which often results in the improved selectivity of a reaction. A
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scaled down trickle bed reactor consisting of single 1% Pd/C pellet immobilized in glass beads was

used to investigate the overall mass transfer rate of hydrogen during the hydrogenation of styrene.

Experimental observations show a large difference in the transfer rate of hydrogen to the pellet
when operating with feeds free of hydrogen, and feeds saturated with hydrogen. Mass transfer also
changed dramatically with flowrate. A two stage mass transfer model was proposed and fit to the
experimental data to describe and compare the two mechanisms by which hydrogen is supplied to
the pellet: (i) convective transport of hydrogen with the liquid flowing onto the pellet and (ii) radial

mass transfer of hydrogen from the gas phase to the liquid film surrounding the pellet.

The model can reconcile the data from both saturated and hydrogen free feeds and demonstrates
that delivery of hydrogen via radial mass transfer is relatively constant when the convective flux of
hydrogen is low. When the convective flux of hydrogen increases (by super saturation of the feed
and higher flowrates) the rate of hydrogen consumption increases virtually proportional to the
hydrogen flux, indicating that most of the hydrogen transported by convection is consumed. As the
hydrogen concentration in the film on the pellet increases, the radial mass transfer reduces, and

even becomes negative when operating a saturated feed at high flowrates.

The results from this work demonstrate that by controlling the ratio of inactive to catalytically active
surface area in a trickle bed reactor, one can control the hydrogen concentration close to the surface
of the catalyst pellets. This methodology could be readily extended to many other three phase
catalytic processes whereby transport of the gaseous reacting molecules limits the overall rate of
reaction. Involving not only the hydrogenation of fine chemicals but hydrogenolysis reactions during
hydrodesulfurization, catalytic oxygenation of alcohols such as ethanol and even find application in

specific bioreactions such as gas synthesis of methanol from hydrogen and carbon monoxide.

The knowledge of how to better regulate the supply of hydrogen gas to the catalyst and manipulate
the mass transfer characteristics, unlocks the potential of trickle bed reactors, making them an

attractive technology for the manufacture of fine chemicals in the agrochemical and pharmaceutical
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industries. Solving this problem paves the way to further understanding and cracking the complex
scale up and selectivity issues involved in three phase reactions whilst capitalising on the benefits

continuous processing offers.
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